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ABSTRACT

The tubular filter press is a novel tubular configured filter press for the filtration or dewatering
of sludges.

The unique features of the filter press are :

(1) during the cake deposition cycle, cake is deposited on the internal walls of a
self-supporting array of horizontal collapsible porous fabric tubes;

{11) during the cake removal cycle, cake is dislodged from the tube walls by means of a
roller cleaning device and the dislodged flakes of cake are hydraulically transported
out of the tubes by the feed sludge which is simultaneously re-circulated at a high
flow rate through the tubes.

The two main problems experienced on a prototype tubular filter press, which was erected at
a water treatment plant to dewater the sludge from the clarifier underflow, were :

(1) tube blockage problems during the filtration Cycle;
(i1) low cake recoveries (high cake losses) during the cake removal cycle.

The following objectives which were defined for this study, were regarded as fundamental
prerequisites for any solution of the two main problems :

{1) to develop a predictive dead-end internal cylindrical model for compressible cake
filtration inside a porous tube;

{ii} to investigate the cake losses during the cake removal cycle of the tubular filter press;

(i) to develop a predictive unsteady-state internal cylindrical cross-flow microfiltration
model for a non-Newtonian sludge which, when filtered, produces a very compressible
cake. (An alternative to dead-end filtration during the filtration cycle of a tubular
filter press is low axial velocity cross-flow filtration).

On the basis of the objectives the study was divided into three separate investigations,

To date no one has developed a model which incorporates the cylindrical configuration of the
filter medium for dead-end compressible cake filtration inside a porous tube. The most
comprehensive model for dead-end external cylindrical compressible cake filtration is that of

Tiller and Yeh (1985).. This model was adapted for imternal cylindrical compressible cake
filtration.

In essence the model by Tiller and Yeh (1985) requires the solution of a system of two ordinary
differential equations in order to calculate the radial variation of solids compressive. and liquid
pressures in a compressible filter cake deposited externally on a cylindrical surface.  The
relevant equations were derived for internal cylindrical compressible cake filtration and it was
found that one of the differential equations changes from :

dp,  u,Q

dr 2nr K

(externul cylindrical)
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to

dp, _ ,Q

dr 2nr K

(internal cylindrical)

The other differential equation remains unaltered for internal cylindrical compressible cake
filtration.

A batch of waterworks clarifier sludge from the prototype tubular filter press was used for
experiments to evaluate the performance of the internal cylindrical filtration model. The cake
produced by the filtration of this sludge had to be characterized for the model.
Compression-permeability data were obtained over a wide solids compressive pressure range.
A Compression-Permeability {C-P) cell was used for high solids compressive pressures
(10 kPa < p,< 400 kPa) and settling tests were used for low solids compressive pressures
(0,0065 Pa < p < 525,6 Pa). The cake was found to be very compressible (compressibility
coefficient = 0,989). Empirical equations of the formr, K" = Fp;®and (1 -€) = Bp®, were
derived from the C-P cell and settling tests to relate permeability and porosity to solids
compressive pressure. The equations were slightly different to those proposed by Tiller and
Cooper (1962).

The predictions by the internal cylindrical compressible cake filtration model were compared
to the results of constant pressure internal cylindrical filtration experiments, at filtration pressures
of 100 kPa, 200 kPa and 300 kPa, using the waterworks clarifier sludge. The internal diameter
of the filter tube which was used for the experiments was 26,25 mm. The model accurately
described the results of the filtration experiments in terms of volume of filtrate, average cake
dry solids concentration, filtrate flux and internal cake diameter.

The differences between external cylindrical, internal cylindrical and planar compressible cake
filtration were highlighted.

Since the tubular filter press is a novel process, the cake losses during the cake removal cycle
have not been investigated before. An investigation was therefore conducted into the cake
losses which occur during the cake removal cycle.

The same batch of clarifier sludge was also used for the investigation of cake losses during the
cake removal cycle at filtration pressures of 100 kPa and 300 kPa. It was found that significant
cake losses occurred due to :

(1) the shear of the cleaning fluid prior to the action of the rollers (losses varied between
10 % to 20 % of the deposited cake dry solids);

(i) the combined action of the rollers when dislodging the cake and the hydraulic conveyance

of the dislodged flakes of cake (losses varied between 30 % to 40 % of deposited cake
dry solids).

A new shear model, which was developed, accurately predicted the cake losses and increase in
internal cake diameter and average cake dry solids concentration, which occurred due to the
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shear of the cleaning fluid. For the shear model the sludge (cake) rheology was determined
using a capillary-tube viscometer. It was found that the sludges exhibited Bingham plastic
behaviour in the solids concentration range : 3,58 % m/m <c¢,< 16,71 % m/m.

The cake losses due to the action of the rollers and hydraulic conveyance of the dislodged flakes
of cake decreased markedly as filtration pressure and fiftration time were increased, while a
decrease in path fength for hydraulic conveyance of dislodged cake flakes resulted in a mild
decrease in these cake losses.

A literature review revealed that to date only one mathematical model (Pearson and Sherwood,
1988) is available for the unsteady-state cross-flow microfiltration of 2 non-Newtonian sludge
which, when filtered, produces a2 compressible cake. A new unsteady-state internal cylindrical
axial convection shear model (for laminar fiow of the feed sludge) was developed for cross-fiow
microfiltration of a2 Bingham plastic sludge which, when filtered, produces a very compressible
cake. Similar to the approach by Pearson and Sherwood (1988) this model is a combination
of the dead-end internal cylindrical compressible cake fiitration model and the “cleaning fluid”
shear model. The major difference between the new model and the model by Pearson and
Sherwood (1988) is that unlike the convection-diffusion model of Pearson and Sherwood (1988),
diffusive and shear induced diffusive back-mixing of particles were assumed to be negligible.
The existence of a shear plane within the cake forms the basis of the model. Those cake layers
with a yield stress less than the shear stress exerted by the flowing feed sludge at the inner
cake wall are convected along the shear plane. It was assumed that the axial convection of
the solids in the moving cake layer along the shear plane is the sofe mechanism for removal of
solids deposited at the cake surface.

The model was compared to the results of cross-flow microfiltration experiments at one filtration
pressure (300 kPa) and cross-flow flow rates of 0,84 £/min; 1,58 ¢/min; 2,43 £/min and 4,44 ¢/min.
The model accurately described the variation of filtrate flux, internal cake diameter and average
cake dry solids concentration during the unsteady-state time period. The model, however,
had to be "extended" by incorporating empirical equations for changes in permeability and
porosit_y (due to further cake compaction) to obtain a good fit between the model and experimental
results during the pseodo steady-state time period.

The results of all three investigations provide a greater understanding of the cake deposition
process (during both dead-end and cross-flow filtration modes) and the cake removal process
for the tubular filter press. This should assist in finding solutions to the two main problems
which were experienced on the prototype tubular filter press.
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CHAPTER 1
INTRODUCTION

1.1

BACKGROUND TO THE TUBULAR FILTER PRESS PROCESS

The tubular filter press is a novel tubular configured filter press for the filtration
or dewatering of sludges. Before the objectives of this study are defined (see
Chapter 2) it is necessary to give a brief background to and process description of
the tubular filter press process.

The tubular filter press was developed by the Pollution Research Group, University
of Natal, under a Water Research Commission grant (Treffry-Goatley and Buckley,
1987). The unique features of this filter press are :

(i) during the cake deposition stage, sludge is fed under pressure into a
self-supporting array of horizontal collapsible porous fabric tubes. The
cake is deposited on the internal walls of the -tubes;

(i1) during the cake removal stage, sludge is pumped through the array of
tubes at a high velocity and the cake is dislodged from the tube walls by
means of a roller cleaning device which traverses the length of the array
of porous tubes. The dislodged cake, which is in the form of flakes, is
simultaneously hydraulically transported out of the tubes, drained and
conveyed to a collection hopper.

After a joint agreement between the Water Research Commission, University of
Natal and Umgeni Water, a prototype unit was constructed at Umgeni Water’s H.D.
Hill Water Treatment Plant and commissioned in January 1987. The prototype unit
was designed to dewater thickened clarifier waste sludge resulting from the treatment
of surface water at the water treatment plant.

Since the commissioning of the prototype unit, a number of units have been installed
and are currently operating at various water treatment plants, treating clarifier waste
sludge.

A process description of the tubular filter press process is given in section 1.2.

The only other filter press which employs the principle of filtering sludges inside
collapsible porous fabric tubes is the dual functional or Uni-flow filter (Henry et
al., 1976). The difference between the tubular filter press and the Uni-flow filter
is that for the Uni-flow filter the porous tubes are mounted vertically. Also, cake
deposited inside the tubes is dislodged by a shock wave which is generated by the
sudden opening of the bottom valve, instead of a roller cleaning device.

A process description of the Uni-flow filter is given in section 1.3.



1.2

PROCESS DESCRIPTION OF THE TUBULAR FILTER PRESS PROCESS

The process schematic of the tubular filter press process is shown in Figure 1.1. The
process consists of a sludge balancing or collection sump, a feed tank, a filtrate
collection tray, a MONO pressing pump, a tube flushing or cleaning pump, the filter
tube array and cleaning rollers mounted on a carriage.
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FIGURE 1.1 : Process Schematic for Tubular Filter Press Process

The tube array is made up of filter tube curtains. Each tube curtain consists of a
number of filter tubes manifolded in parallel, between an inlet and a reject manifold.
The tubes are flexible and collapsible and are constructed from woven polyester
fabric (Downing and Squires, 1986). (On the prototype unit the length of each of
the tube curtains was [0 m and the internal diameter of the individual tubes was
25 mm. Each tube curtain consisted of 20 tubes. The prototype unjt had two tube
curtains installed.)

The sludge pump supplies thickened sludge on demand from the balancing sump to
the feed tank. The sludge is pumped into the tube array by the pressure pump.
When the cake discharge valve js closed the pressure in the tube array increases and
the filtrate permeates through the tube walls (for operation of "blow-down" valve
and recycle valve see section 2.1.1). The sludge solids are simultaneously deposited
as a cake on the inner walls of the tubes (see Figure 1.2).  All units have been



designed for constant pressure filtration. As the thickness of the cake increases the
fiitrate flow rate decreases. The cake thickness can be estimated from the filtration
rate and is limited to a maximum thickness in order to prevent tube blockages.
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FIGURE 1.2 : Deposition of Cake Layer

When it is estimated that the desired cake thickness has been achieved, the cake
discharge valve is opened, the flush or cleaning pump is started (to pump sludge
from the feed tank through the tube curtains), the rollers are engaged and the cake
is dislodged from the inner tube surface by the action of the rollers moving along
the tube surface (see Figure 1.3). The rollers create a restriction in the tubes. (The
gap between the two large rollers on the prototype unit was set at 3 mm. For more
details of the rollers see Figure 4.8 in Chapter 4.) The high fluid velocity, reduced
pressure and turbulence created at the point of restriction are sufficient to dislodge
the cake from the tube surface. The cake 15 simultaneously hydraulically conveyed
out of the tubes and is separated from the bulk fluid on a perforated conveyor belt.

Not all the deposited cake is recovered during the cake removal phase. Some cake
is re-slurried or re-dispersed by the action of the flowing fluid and the moving
rollers.  This leads to an increase in the solids concentration of the feed sludge in
the feed tank.

The process operation is therefore cyclic. Each cycle consists of a cake deposition
and a cake removal stage. The duration of the cake deposition stage is typically 10
to 60 minutes depending on the feed sludge solids concentration and specific filtration



resistance of the cake, while the duration of the cake removal stage is typically 2 to
3 minutes for a 10 m long curtain. The entire process is micro-processor controlled
and requires a minimum of operator attention.
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FIGURE 1.3 : Dislodging of Cake Layer and Separation of Cake Particles
on a Perforated Conveyor Beli

1.3

The major advantages of the tubular filter press are, that :

(1) no plates and frames are required as for a conventional plate and frame filter
press. This makes the equipment less bulky and decreases costs relative to
a plate and frame filter press;

(ii) the cleaning cycle is short and the cleaning operation relatively simple. The
filter is particularly suitable for sfudges which produce cakes with a high
specific filtration resistance, since the rapid and simple cleaning allows the
deposition and removal of relatively thin cakes. The rapid cyclic operation
leads to significantly higher overall filtration rates;

(iii) the process s modular because of the concept of tube curtains. This facilitates
maintenance and allows for inexpensive and easy upgrading of plant.

PROCESS DESCRIPTION OF THE UNI-FLOW FILTER

A process schematic of the Uni-flow filter (Henry et al., 1976) is shown in Figure |.4.

The Uni-flow filter consists of an array of vertical collapsible porous hoses and a
settling tank or thickener.  Each cycle consists of three phases :



(1) a filtration phase;
(ii) a cake removal or dump phase;

(i11)  a settling phase.
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FIGURE 1.4 : Process Schematic for the Uni-flow Filter

During the filtration phase, sludge is introduced at the top of the tubes and the
valves at the bottom are closed. The filter cake is deposited on the interior walls
of the tubes. Filtrate permeates through the porous walls of the hoses. The cake
thickness 15 limited to a maximum thickness in order to prevent tube blockages.

During the filtration phase, the feed tank can be pressurized by means of compressed
air.

The cake removal or dump phase of the cycle is initiated by closing the feed valve
at the top of a tube and by opening the cake discharge valve. The resulting pressure
shock wave causes the cake and feed slurry in the vertical tube to be dumped to the
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thickener. The heterogeneous material in the thickener is composed of cake and a
thickened sludge; i.e. some of the cake re-disperses into.the interior core of feed
sludge during dumping.

During the third phase of the cycle, the cake is allowed to settle in the thickener.
The thickened sludge in the thickener is decanted and mixed with dilute sludge from
the sludge sump. The solids concentration of the decanted sludge is greater than
that of the sludge from the sludge sump, because of the re-dispersion of a portion
of the filter cake into the inner core of feed sludge during dumping.

Henry et al. (1976) developed a mathematical model for the Uni-flow filter. Unlike
the tubular filter press there is a significant axial pressure gradient along the tubes
of the Uni-flow filter, because of the vertical mounting of the tubes. The model
of Henry et al. (1976) included both the effects of axial variation of the pressure
driving force and filter cake compressibility.

The model accurately predicted the axial variation of cake thickness and filtrate flux
for a neutralized acid mine slurry.

A fundamental assumption of the model was that the cake thickness is thin compared
to the internal diameter of the tube. This allowed the use of standard filtration
equations which are valid for planar filtration configurations. No cylindrical filtration
model was incorporated into the overall model.

Henry et al. (1976) also did not investigate the cake recovery or re-dispersion of
cake in great detail.  They found that there was a decrease in the degree of
re-dispersion of cake as the filtration pressure was increased. They ascribed this
to an increase in cake consolidation as the filtration pressure was increased.

OBJECTIVES OF THIS STUDY

Some of the results which were obtained and the problems which were encountered
on the prototype tubular filter press are discussed in Chapter 2. These results and

problems provided the framework for, and assisted in defining the objectives of,
this study.

These objectives are defined and discussed in Chapter 2.



CHAPTER 2
OBIJECTIVES OF STUDY AND RESULTS ACHIEVED ON
PROTOTYPE TUBULAR FILTER PRESS

2.1

OBJECTIVES OF STUDY

Some of the results achieved and problems encountered on the prototype tubular
filter press are discussed in this chapter. The objectives of this study were defined
on the basis of the results achieved and the two main problems encountered on the
prototype tubular filter press. The two main problems experienced on the prototype
tubular filter press were -

{1) tube blockages during the pressing or filtration cycle;
(i) low cake recoveries (high cake losses) during the cake removal cycle.
The objectives of this study were classified into three categories :

(1) The first objective was to develop a predictive model for dead-end constant
pressure compressible cake filtration inside a horizontal porous tube, since
such an internal cylindrical model is currently not available (see Chapter 3).
As discussed in sections 2.2.1 and 2.2.2.1, such a model is required to predict
the variation of internal cake diameter (in the filter tubes) with filtration
time when the tubular filter press is operated in dead-end mode during the
filtration cycle. This is fundamental to any solution of the tube blockage
problems experienced during the dead-end filtration mode on the tubular
filter press;

{11) The second objective was to investigate the cake recovery (cake losses) during
the cake removal cycle of the tubular filter press process. Since the tubular
filter press 1s a nove! process, the cause of these losses has not been investigated
before;

(iii) As discussed in section 2.2.1, an alternative to dead-end filtration during
the filtration cycle is to operate the tubular filter press in low axial velocity
cross-flow filtration mode during the filtration cycle. The third objective
of the study was therefore to develop a predictive unsteady-state internal
cylindrical cross-flow filtration model for a sludge which has a
non-Newtonian rheology and which, when filtered, produces a very
compressible cake. . As discussed in Chapter 5, no satisfactory model is
currently available,

It must be stressed at the outset that the objective of this study was not to
solve the tube blockage or low cake recovery problems. It was the intention
to provide a greater insight or understanding of the cake deposition process
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2.2.1

(during both dead-end and cross-flow filtration modes) and the cake removal
process. A greater understanding of these processes is essential before these
problems may be solved.

This thesis deviates from the usual thesis layout i.e. Infroduction, Literature Review,
Theory, Experimental. Discussions and Conclusions. Each objective above involved
a "self contained" independent investigation with its own literature review and
experimental procedure. It was therefore decided to present each study (objective)
as a separate chapter.

In the subsequent sections of this chapter, some of the results achieved and the main
problems encountered on the prototype tubular filter press are discussed in greater
detail. These discussions should give greater clarity on the definition of the objectives
of this study, as well as a better assessment of what the contribution of this study
is towards the solution of these problems.

RESULTS ACHIEVED AND PROBLEMS ENCOUNTERED ON
PROTOTYPE TUBULAR FILTER PRESS

Tube Blockages

One of the main problems which was experienced on the prototype tubular filter
press was that of tube blockages. The tube blockage problem was peculiar in that
not all but only some tubes would occasionally be blocked before the cake removal
cycle.  This meant that no fluid could flow through such tubes during the cake
removal cycle and therefore the cake could not be dislodged by the rollers. These
problems were particularly serious because the only way to dislodge such tube
blockages was to disconnect the tubes and to manually force a high pressure water
nozzle down the blocked tubes. This meant lost production time since the process
had to be halted until such blockages were cleared. On average it took approximately
IS minutes to clear a single blocked tube.

An investigation was launched to establish whether there was some form of recurring
pattern in the occurrence of the tube blockages in a tube curtain or whether the
blockages were randomly dispersed between the tubes in a curtain.

The total number of blockages experienced per tube over the period January 1987
to April 1989, is shown in Figures 2.1 and 2.2 for curtains | and 2, respectively, on
the prototype unit. Curtain 2 was only commissioned in September 1988 and therefore
did not have the same number of operating hours as curtain 1. The convention was
adopted to number the tubes in a curtain from the bottom to the top i.e. the bottom
tube was tube number | while the top tube was tube number 20 (see Figure 1.1).
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For curtain 1 the number of blockages in the lower tubes (tubes | to 6) and in the
upper tubes (tubes 16 to 20) was higher than for the centre tubes. For curtain 2
the number of blockages in the lower tubes (tubes 1 to 6) was higher than the number
of blockages in the rest of the tubes.

During some periods the turbidity of the raw water at the water treatment plant was
very low (1 to 3 Nephelometric Turbidity Units (NTU)).  During such periods
sodium bentonite was dosed at the head of the works as a coagulant aid. It was
found that the incidence of tube blockages increased significantly during the periods
when the ratio of the bentonite dose to the concentration of suspended solids in the
raw water was relatively high. The nature of the sludge therefore seemed to affect
the incidence of tube blockages.

In an attempt to solve the tube blockage problem on the prototype unit, it was decided
to introduce a "blow-down" or purge at 5 minute intervals during the filtration or
pressing cycle.

This involved opening of the "blow-down" valve (see Figure I.1) for |5 seconds on
each curtain at 5 minute intervals. During a "blow-down" the pressure inside a
curtain was released suddenly and the full flow of the pressing pump was then passed
through the curtain for the duration of the "blow-down".

The aim of the "blow-down" was to prevent tube blockages by passing a flow through
all the tubes in a curtain at regular intervals. However, the tube blockage problem
persisted even after the introduction of the "blow-down".

In another attempt to solve the tube blockage problem, experiments were done
whereby a small bleed flow was continuously passed through the curtain during the
pressing or filtration cycle. The flow rate of this bleed stream was regulated manually
by a small valve on the "blow-down" line (see Figure 1.1). It was thought that a
small axial flow in a tube would eventually limit cake growth. It is well known
that this occurs in cross-flow filtration processes such as cross-flow microfiltration.
Ideally, if the flow rate in all tubes were identical then the internal cake diameter
would eventually reach an identical equilibrium value in all tubes and theoretically
it would then be impossible for tube blockages to occur.

If on the other hand, the flow rate were too high, cake deposition would be hindered.
This would lead to thickening of the sludge in the feed tank and to reduced efficiency
of the dewatering process. Also, as the axial flow rate is increased, the energy
consumption per unit mass of cake dry solids in the product cake increases.

There were, however, still incidents of tube blockages during these low axial velocity
experiments.

It is well known that under certain conditions an uneven distribution of flow between
tubes can occur in conventional manifold systems with impermeable tubes (Bajura
and Jones, 1976; Datta and Majumdar, 1980). A mathematical model was developed
to determine the effect of manifold configuration in cross-flow microfiltration systems
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(with an array of permeable tubes) (Rencken, 1989) (see section 2.2.4). The model
predicted that manifold configuration had a significant effect on flow distribution
between the various tubes in a cross-flow microfiltration system. This model (see
section 2.2.4) predicted that the tubes which had a high flow rate had a relatively
thin cake, while those with a low flow rate had a thick cake. It was postulated that
such maldistributions of flow could have occurred during the "blow-down" and low
axial velocity experiments on the prototype unit (see section 2.2.5). Such variations
in flow rate could have led to variations in cake thickness throughout the tubes in
a curtain. This could possibly explain why some tubes became blocked while others
remained open.

To summarize, the prototype tubular filter press was thus operated in three different
modes during the pressing or filtration cycle :

(1) dead-end filtration without regular "blow-down";

(i1) dead-end filtration with regular "blow-down";

(i1i) cross-flow filtration with low bleed flow through the tubes.
Tube blockages were experienced during all three modes of operation.

It should be pointed out that the waterworks clarifier sludges, which were dewatered
on the prototype unit, produced very compressible cakes (see Chapter 3) and had
non-Newtonian rheology (see Chapter 4).

The tube blockage problem highlighted the need for models for :
(1) the dead-end filtration of a compressible cake inside a porous tube;

(11) the unsteady-state internal cylindrical cross-flow filtration of a sludge which
has a non-Newtonian rheology and, when filtered, produces a very
compressible cake.

No internal cylindrical model is currently available for dead-end compressible cake
filtration inside a porous tube (see Chapter 3). As discussed in section 2.1, one of
the objectives of this study was to develop a model. Such a model, which is developed
in Chapter 3, allows the accurate prediction of the internal cake diameter at various
filtration times. This is fundamental to any solution of the tube blockage problem
for the dead-end filtration mode. The model used hitherto (see section 2.2.2.1) was
based on conventional planar equations and for the model it was assumed that the
thickness of the cake is thin compared to the internal diameter of a filter tube.

Similarly no satisfactory predictive model is currently available for the unsteady-state
internal cylindrical cross-flow filtration of a non-Newtonian sludge, which (when
filtered) produces a very compressible cake (see Chapter 5), As discussed in
section 2.1, one of the objectives of this study was to develop a model. Such a
model, which is developed in Chapter 5, allows the prediction of the internal cake
diameter at various filtration times. This s fundamental to any solution of the tube
blockage problem for the cross-flow filtration mode.
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Cake Deposition and Recovery

Cake deposition

Cake deposition in the tubular filter press process has been modelled hitherto, by
assuming dead-end filtration and that the cake is thin compared to the internal
diameter of a filter tube, so that the filtration equations for a planar configuration
are valid (see, for example, Rencken et al., 1990). As discussed in Chapter |, Henry
et al. (1976) adopted a similar approach for the modelling of cake deposition in the
Uni-flow filter.

As derived in Appendix G and discussed in Chapter 3, the conventional planar
filtration equation for both a compressible and an incompressible cake is :

dv P

dal T (e Wt Ry (¢19)
where P = applied filtration pressure, (Pa)
R, = resistance of medium, (m-!)
¢ = time, (s)
v = volume of filtrate per unit medium area, (m3/m2)
w,. = total mass of cake dry solids deposited per unit medium area, (kg/m?)
a, = average specific filtration resistance of cake, (m/kg)
w, = viscosity of liquid (filtrate), (Pa.s)

If it is assumed that the resistance of the medium, R, , is negligible compared to

the resistance of the cake (as was true for the fabric used and the cakes obtained on
the prototype unit), equation G.10 can be written as :

dt WyQg, We

& : (2.1)
However :

W, = cv (2.2)
where ¢ = mass of cake dry solids per unit volume of filtrate, (kg/m3)

Substituting equation (2.2) in equation (2.1) gives :

dt WyQg, CV

dav .~ p (2.3)

For constant pressure filtration (which is the current practice on all installed tubular

filter presses) and assuming c is constant (Leu, 1981), equation (2.3) may be integrated
to give :

IJ/ aau cv 2
e (2.4)
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Substituting equation (2.2) in equation {2.4) :

A Hfaauwg (2.5)
¢ 2 Pc

time to deposit cake, (8)

where !,
From equation (2.5) the time to deposit any cake mass, w., for a given value of ¢
may be determined.

The internal radius of the cake for a certain value of w,can be determined from

the following equation :

/ 2w, r,
reom gt [prrj (2:6)

where 7, = nmass fraction of solids in cake, (-)
r, = internal radius of filter medium, (m)
r, = internal radius of cake, (m)
p. = average bulk density of wet cake, (kg/m3)

As has been discussed before, the planar cake deposition model which is presented
above has some severe limitations when it is applied to the filtration of a sludge
inside a porous tube. The model assumes that the cake thickness is thin compared
to the internal diameter of a tube. It therefore cannot be used to accurately predict
the variation of the internal cake diameter with filtration time, except for relatively
thin cakes. The question immediately arises as to the definition of a thin and a
thick cake and as to when the model is valid or not.

As mentioned before, the cake which resulted from the filtration of the waterworks
clarifier sludge on the prototype unit was very compressible (see Chapter 3).

A c¢ylindrical model for the filtration of a compressible cake inside a porous tube,
such as developed in Chapter 3, allows the accurate prediction of the variation of
internal cake diameter with filtration time. From such a model the maximum
filtration time which will still result in a "safe" internal cake diameter, so that there
is no danger of a tube blockage, may be calculated for a specific sludge. This will
be of great assistance in the operation of a tubular filter press (in dead-end mode)
and should minimize the occurrence of tube blockages. As discussed in section 2.1,
one of the objectives of this study was to develop a model for constant pressure
dead-end compressible cake filtration inside a horizontal porous tube.

Cake recovery

As a result of the cake removal and recovery process a fraction of the cake is
re-slurried.
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The fraction of the deposited cake dry solids that is recovered from the filter tubes
is defined as:

R - (2.7)

fraction of deposited cake dry solids recovered from the

filter tubes, (-)
w, = mass of cake dry solids recovered per unit medium area, (kg/m?)

where R

As a result of the re-slurrying of the cake during the cake removal and recovery
process, the average steady-state solids concentration of the sludge fed to the array
of curtains, (x,), 15 greater than the concentration of solids in the feed to the plant
(x,) (see Figure 1.1).

A liquid balance around the feed tank for a tubular filter press in dead-end filtration
mode yields (see Figure 2.3):

Vv, + V. = V, (2.8)
where V. = wvolume of liquid in cake which is not recovered per cycle, (m3)
V', = volume of liquid in feed sludge which is pumped to the
plant per cycle, (m3)
Vi, = volume of liquid in sludge which js filtered during pressing
cycle, (m3)
CAKE WHICH 1S X Ve = x V. (1-R) X 1V FEED SLUDGE
NOT RECQVERED . l FROM SLUDGE SUMP

SLUDGE TO Xg Vg
CURTAINS

FEED TANK

FIGURE 2.3 : Solids Balance Around Feed Tank

From a solids balance around the feed tank (see Figure 2.3) :

x,V, + x V, = x V. (2.9)



where x. = mass of dry solids per unit volume of liquid in cake which is

not recovered, (kg/m3)

x, = mass of dry solids per unit volume of liquid in feed sludge
which is pumped to the plant, (kg/m3)
x, = average steady-state mass of dry solids per unit volume of liquid in

sludge which is filtered during pressing cycle, (kg/m3)
The mass of cake dry solids deposited per cycle is :
W, = x,V, (2.10)
where W. = mass of cake dry solids deposited per cycle, (kg)
The mass of cake dry solids which is returned to the feed tank per cycle is :

(1-R)W, = (1-R)x,V, = x.V (2.11)

Substituting equation (2.11) in equation (2.9) yields :

<V (1L=-RYx,V, = x,V, (2.12)
Therefore :
/
v, - i{;/ (2.13)

If it is assumed that /. is negligible compared to V', , then from equation (2.8) :

Vv, =V

5

and equation (2.13) becomes :
Xy
= ! 2.14
X, A ( )

On the prototype unit over the period January 1987 to October 1990 the value of R
varied between 0 and 0,8. It was found that during those periods when the bentonite
dose into the raw water at the head of the waterworks was high, the values of R
were significantly lower than during periods when the bentonite dose was low or
when no bentonite was dosed.

From equation (2.14) it is evident that low values of R can result in a significantly
increased solids concentration in the feed tank relative to the solids concentration in
the feed to the plant. On the prototype unit it was found that low values of R led
to a very viscous sludge in the feed tank. These sludges are undesirable since they
are difficult to pump and also increase the risk of tube blockages, especially if such
sludges have a significant yield stress. A low value of R can lead to further
complications, as discussed in Chapter 4.
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It is therefore very important that cake recovery during the cake removal cycle be
further investigated. As discussed in section 2.1, one of the objectives of this study
was to investigate the cake recovery during the cake removal cycle.

Process Optimization for Dead-end Filtration

For conventional constant pressure dead-end planar filtration it is possible to show
(Leu, 1981) that, if it is assumed that the resistance of the filter medium is negligible,
the optimum cake dry solids production occurs when :

t, =t (2.15)
where ¢, = time to remove cake during cake removal cycle, (s)

For the tubular filter press process the cake dry solids production rate (J ) may be

calculated from the following equation :

3600 ¢
J. = & (2.16)
* (Lg+ L)
where J, = mass of cake dry solids produced per unit medium area

per hour, (kg/m2.h)

It has been shown (Rencken et al., 1990) that for a constant filtration pressure (P),
fractional cake recovery (R) and cleaning time (¢.) and assuming planar and not
cylindrical filtration the optimum cake dry solids production rate for the tubular
filter press should also occur when : '

ty = t, (2.15)

This was, however, not found to be generally true on the prototype unit. For the
waterworks sludge, cake recovery was not constant, but was found to be a complex
function of the mass of dry solids deposited (w.).  On the prototype unit, cake
recovery was found to increase drastically as w . was increased (see Figure 2.4). For
the specific test shown in Figure 2.4, the optimum cake dry solids production rate
(J)occurred at a value of w of 0,74 kg/m? (see Figure 2.5). For a cleaning time
(t)of 150 s, the optimum ¢, was 700 s :

Le. ty = 4.67t,

The strong variation of & with w_and the use of a planar instead of an internal
cylindrical filtration model were probably the main reasons for a different result on
the prototype unit to that prédicted theoretically by Rencken et al. (1990), for the
optimum cake dry solids production rate. Yeh (1985), who developed a model for
the external cylindrical filtration of a compressible cake on a tube (as in a candle
filter), found that for external cylindrical filtration, the determination of the optimum

cake dry solids production rate was far more complex than the relatively simple
equation (2.15) for the planar case.
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Thus the result achieved on the prototype unit for the optimum cake dry solids
production rate further reinforced the need for an investigation into cake recovery
during the cake removal cycle and for an internal cylindrical filtration model rather
than a simple model based on planar filtration equations. As discussed in section 2.1,
two of the objectives for this study were to investigate cake recovery (cake losses)
during the cake removal process and to develop a predictive model for constant
pressure dead-end compressible cake filtration inside a horizontal porous tube.

THE EFFECT OF MANIFOLD CONFIGURATION AND DESIGN ON
FLOW DISTRIBUTION WITHIN MANIFOLD SYSTEMS

As explained in Chapter |, for the tubular filter press the filter tubes in a tube
curtain are manifolded in parallel between an inlet and an outlet manifold.

As discussed 1n section 2.2.1, it was postulated that uneven flow distributions in the
interconnected filter tubes (manifold systems) on the prototype tubular filter press,
could have been responsible for a variation in cake thickness in the tubes of a curtain
during the pressing cycle. '

Consequently it was decided to investigate the effect of manifold configuration and
design on flow distribution in a manifold system. The initial design of the prototype
unit was such that during the "blow-down", and for the low axial velocity experiments
the manifold configuration was parallel (see section 2.3.1 and Figure 2.8) and during
the cake removal or cleaning cycle the manifold configuration was reverse (see section
2.3.1 and Figure 2.9) (see also Figure 1.]).

Description of Manifold Headers and Coupled Systems

Manifold headers can be classified into two main types :

(i) the dividing flow or "blowing” manifold header for the distribution of a fluid
to multiple laterals (see Figure 2.6}, and;

(i1) the combining ftow or "sucking” manifold header in which fluid is collected
from the laterals (see Figure 2.7).

INLET

_Ill_llI_III_I(I_l‘f_l‘!_IV_III_'III—IKI_I}I—IlI_III_III_I\I—I|!J

FIGURE 2.6 : Dividing or "Blowing” Manifold Header
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FIGURE 2.7 : Combining or "Sucking" Manifold Header

As already discussed, for the tubufar filter press process the dividing and combining
headers are connected through an array of filter tubes. Coupled manifolds can form
either a parallel (also known as a Z) coupled system (see Figure 2.8) or a reverse
(also known as a U) coupled sysiem (see Figure 2.9).
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FIGURE 2.9 : Reverse or U Configuration
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Modelling of Flow Distribution in Conventional Manifold Systems with

Impermeable Laterals

It is not the intention to give a detailed description of the various mathematical
models which are available in the literature for conventional manifold systems with

impermeable laterals.

A comprehensive review of such models has been given elsewhere (Nuijens, 1583
and Rencken, 1989). Two types of mathematical models are found in the literature :

(1) a continuum model;
(i) a discrete model.

A continuum model treat *he manifold as a pipe with uniform porosity and is
applicable to manifolds with closely spaced laterals.

In a discrete model the flow "splits" at individual laterals are considered. A discrete
flow distribution model describes the physical situation better than a continuum
model, because of the discontinuous character of manifold flow.

The main advantage of a continuum model is its relative simplicity, but in most cases
such a model is only an approximation. Moreover, geometric non-uniformities and
larger lateral spacings cannot be dealt with,

The most comprehensive discrete model to date is that of Datta and Majumdar (1980).

The model is a fairly complex iterative finite difference model. A report by Rencken
(1589) gives calculation procedures and computer programs.

The ordinary differential equation (2.17) is the basis of the Datta and Majumdar
(1580) model :

2
Ctp,,vn;% _ _j:’: _ .fpgav:s (2,17
where a, = cross-sectional area of manifold header, (m)
C. = turning loss coefficient, (-)
£ = friction factor, (-)
£, = pressure of fluid along header, (Pa)
S = perimeter of header, (m)
v, = average axial velocity in header, (m/s)
x, = distance along header, (m)
psi = density of fluid, (kg/m3)

Equation (2.17) may be derived by applying Newton's second law of motion to a
fluid element (see Figure 2.10) in the dividing or combining header. There are
three force components :
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(1) since there is a loss of fluid from the dividing header to the laterals, the
fluid velocity decreases as the fluid flows along .the length of the header.
For a combining header there is a gain of fluid as the fluid flows along the
length of the header. This increase or decrease in fluid velocity or change
in momentum results in a net force being exerted on an element of fluid;

(11) there is a frictional force exerted on an element of fiuid which flows along
a header;

(i1i) there is a net pressure force across an element of fluid.

AN p
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FIGURE 2.10 : Various Force Components Acting on an Element of Fluid in a
Manifold Header

The turning loss coefficient was introduced into equation (2.17) by Datta and
Majumdar (1980) to account for changes in pressure due to turning of the fluid
stream at a lateral/header junction. Datta and Majumdar (1980) used the values of
the turning coefficient which were determined by Sherman (1949) and used by Bajura
and Jones (1976) for their manifold experiments. The turning coefficients used by
Datta and Majumdar (1980) were :

C. (for dividing header)

1,05

C. (for combining header) 2.66

[t is-evident from equation (2.17) that if the frictional force component jis small (for
closely spaced laterals, say) the [luid pressure may rise in the direction of fluid flow
along the dividing header, because of deceleration of the fluid.

For the combining header the oppoasite is true. The fluid pressure will decrease in
the direction of the flow along the combining header, because of acceleration of the
fluid. This effect is larger for the combining than the dividing header, because of
the larger turning coefficient, C ., for the combining header (see equation 2.17).
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Figure 2.11 shows the typical pressure distribution in both dividing and combining
headers [or a parallel configuration with 30 laterals, as predicted by the Datta and
Majumdar (1980) model. For the dividing header the static pressure rises steadily
as lateral number increases while for the combining header the opposite is true. Note
that the convention has been adopted that lateral number increases as one moves
away from the inlet point for both parallel and reverse configurations (see Figures 2.8
and 2.9).
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FIGURE 2.11 : Graph Showing Predicted Pressure Distribution in Dividing and
Combining Headers (Parallel Configuration with Impermeable Laterals)

The flow rate in a lateral is governed by the pressure difference between the inlet
and the exit of the lateral. In Figure 2.11 it can be seen that for the parallel
configuration the pressure difference across a lateral increases as the lateral number
increases. Therefore, in general, for the parallel configuration, the flow rate in a
lateral increases as lateral number increases.

For the reverse configuration, the pressure in the dividing header increases in a
similar way as the pressure in the dividing header for the parallel configuration.
However, because of the difference in outlet orientation, the pressure in the combining
header decreases with decreasing lateral number. This is demonstrated in Figure 2.12.
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Since the pressure difference between the dividing and combining headers for the
reverse configuration does not vary as drastically as for the parallel configuration,
the flow distribution is generally better for the reverse configuration. This is
demonstrated in Figure 2.13. The reverse configuration clearly has a better flow
distribution than the parallel configuration, all factors being equal. Normalized
flow rate was defined as the inlet flow rate for a specific lateral divided by the
maximum lateral inlet flow rate in the system.

As shown in Figure 2.13, for the parallel configuration the flow rate in a lateral
generally increases as lateral number increases, while for the reverse configuration
the opposite is true.

There was good agreement between the model of Darta and Majumdar (1980) for
combined manifold systems and the experimental results of Bajura and Jones (1976)
for air.

FIGURE 2.12 : Graph Showing Predicted Pressure Distribution in Dividing and
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2.3.3

The Main Factors Affecting the Flow Distribution in Conventional Manifold

Systems with /mpermeable Lateral

Datta and Majumdar (1980) in common with other researchers such as Bajura and

Jones (1976) found that the following parameters had the greatest effect on lateral
flow distribution :

(1)

(i1)

(iif)

the variation in the lateral flow distribution tncreases as the ratio of the sum
of cross-sectional areas for all the laterals to the header cross-sectional area
increases. This means that for fixed header and lateral giameters, the variation
in the lateral flow distribution increases as the number of laterals increases.
Also for a fixed header diameter and a fixed number of laterals, the variation

in the lateral flow distribution will increase as the diameter of the laterals
increases;

the higher the frictional resistance of the laterals the more even the lateral
flow distribution;

a reverse configuration provides a more uniform flow distribution than a

parallel configuration for an otherwise identical flow and geometric
configuration;
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(iv)  for a parallel configuration, lateral flow rate increases with lateral number,
while for a reverse configuration, lateral flow rate decreases with lateral
number.

Amalgamation of Hunt (1987) Cross-flow Microfiltration Model and Datta
and Majumdar (1980) Manifold Model

A literature survey revealed that to date nobody has modelled the flow or cake
thickness distribution in a manifold system with an array of interconnected filter
tubes. Ina preliminary investigation to model the flow and cake thickness distribution
in a manifold system with cross-flow filtration in an array of interconnected permeable
tubes, the Hunt (1987) model for the turbulent cross-flow microfiltration of a
limestone slurry was amalgamated with the Datta and Majumdar (1980) mode! for
conventional manifold systems with impermeable tubes or laterals. It is not the
intention to give all the details here, but only to mention some of the main findings
of the theoretical study. Hunt (1987) used similar filter tubes for his cross-flow
microfiltration experiments as were used for the prototype tubular filter press and
for this study. Hunt (1987) found that for the cross-flow microfiltration of a
limestone slurry, the slurry flow rate, filtration pressure and the solids concentration
of the slurry had a significant effect on the cake thickness and filtrate flux. Pillay
et al. (1989) numerically integrated Hunt’s model for a differential length of filter
tube, to predict cake thickness, filtrate flux and solids concentration profiles along
a single long filter tube, for the cross-flow microfiltration of a limestone slurry.
In order to model the flow distribution in cross-flow microfiltration manifold systems
(for a limestone slurry), the computer program of Pillay et al. (1989) was used as a
subroutine of the main manifold program. The calculation and computer program
details were given by Rencken (1989).

During the theoretical study, it was found that the variation of cake thickness with
pressure and flow rate was the prime cause of a significant difference between the

flow distribution in a conventional manifold system with impermeable tubes and that
in a manifold system with cross-flow microfiltration.

As shown in Figure 2.14, inlet flow rate has a significant effect on flow distribution.
For the parallel system in Figure 2.14, the greater the flow rate, the worse the flow
distribution. The main reason for this is the decrease in cake thickness (increase
in internal cake diameter) as the flow rate increases (see Figure 2.15 for variation
in cake thickness at the inlet of the tubes). As mentioned in section 233, for a
conventional manifold system with impermeable tubes, the internal diameter of the
laterals has a marked effect on flow distribution; the greater the internal diameter
of the laterals, the worse the flow distribution. Under certain circumstances the
flow distribution in a manifold system with cross-flow filtration may be worse than
for an equivalent conventional system with impermeable tubes. This is shown in
Figure 2.16 for a parallel configuration.



26

=)

Narmalized flow rale in tube

0.9

0.8

0.7

0.8

0.5

Onh =01 m
4 =0025m Ry
Lp = I.5Sm o //
-1 | = 10m Vs
7
Py = 200 %Ps //
Parallel configuration /
Limestone slurry pd
=2 7
Ve
P
7
,/
4 LT /'/
AAAAAAAAAAAAAA e
-~
///
i 3
_____ - RN ¢ TT 0.030 m /s
1 | imeaee 0,, = 0.045 mj/s
0;, = 0.060 m/s
T T T g e e e S — ——T T
b 5 10 15 20 25 30

Tube Number

FIGURE 2.14 : Graph Showing Effect of Inlet Flow Rate (Q,,) on Predicted Flow
Distribution in a Parallel Cross-flow Microfiltration Manifold System

(mm)

Inlet cake thickness (ar tube

2.8

2,6

2.4

2.2

2,0

ot m

v

& 0025 m
Lh = 15m
' =10m
p. = 100 uPo

i
Porailel canfiguration
Limestone ziury

wn =~ 0230 rn"/’.
;0 = 0.045 m3/s
T, = 0.060 /s

............. Q.

15
Tube number

FIGURE 2.15 : Graph Showing Effect of Inlet Flow Rate (Q,) on Predicted Cake
Thickness at Inlet of Filter Tubes for a Parallel Cross-flow Microfiltration Manuifold

System




27

FIGURE 2.16 : Graph Showing Difference in Predictéd Flow Distribution Between a
Manifold System with /mpermeable Laterals and One with Permeable Filter Tubes

1.0
L
|
Nt
0.9 1
o
¥a]
3
e 987
o
s
5 0.7 l—-_|0h o
) 4 = 0025 m
= Lp =1.5m
1 =10 m
o -
© 0.6 Py = 200 KPa
= e Q) = 0,045 m>/s
° | . Parallel contfigurotion
§ 05 4" . Limestone siurry
2 Impermeable Ioterals
[ossanees Permeoble tubgs
Q4 =r—TT7T 7T T T T T T T T T T T I

f 5 10 15 20 25 30
Tube number

235

Pressure also has a significant effect on flow distribution because of its effect on
cake thickness (internal cake diameter). As shown in Figure 2.17, the flow
distribution becomes more even as the pressure is increased. The effect of inlet
pressure on inlet cake thickness for the various tubes is shown in Figure 2.18.

As is the case for conventional manifold systems with impermeable laterals, the
reverse configuration yields a more even flow distribution than the parallel
configuration, for a manifold system with cross-flow microfiltration.

In general, the main factors affecting the flow distribution in a conventional manifold
system with ympermeable laterals (see section 2.3.3) were also found to be valid for
manifold systems with ¢ross-flow microfiltration.

Measurement of Flow Distribution in a Tubular Filter Press Manifold System

After the theoretical study on the distribution of flow in manifold systems was
concluded, and the possibility of a variation of cake thicknesses (internal cake
diameters) in the various tubes was demonstrated for the cross-flow microfiltration
of a limestone slurry, it was decided 10 study the fiow distribution in the manifold
systems of the tubular Dilter press prototype unit. A survey on flow meters indicated
that magnetic induction flow meters were the only suitable type. Unfortunately,
because of their high cost only two could be purchased, 1t was therefore only
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possible to measure the flow rate in two tubes at any given time. Ideally, a flow
meter should have been connected to every tube in the manifold system. The details
of these measurements have been reported (Rencken, 1990).

The measurements were done both with the recycle valve closed (and a "blow-down"
at regular intervals) (see Figure |.1) and with the recycle valve open (and the
"blow-down" valve closed) to give a low axial velocity in the filter tubes during the
pressing cycle.

A typical result with the recycle valve closed and the "blow-down” valve operating,
is shown in Figure 2.19. As already mentioned, the original design of the prototype
unit was such that during the "blow-down" cycle and the low bleed flow experiments,
the manifold system was parallel, while during the cake removal cycle the system
was reverse. For Figure 2.19 one flow meter was connected to tube 1 while the
other was connected to tube 20 (on curtain 2). Tube | was closest to the sludge
entry point of the manifold system (bottom tube on the prototype unit), while tube
20 was furthest from the manifold entry point (top tube on the prototype unit).
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FIGURE 2.17 : Graph Showing Effect of Inlet Pressure (P.,) on Predicted Flow
Distribution In a Parallel Cross-flow Microfiltration Manifold System
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As shown in Figure 2.19, the flow rate in tube 20 first decreased and then increased
steadily during the pressing cycle, while the flow rate in tube | decreased steadily.
During the "blow-down" ¢ycles the flow rate in tube 20 was far higher than in tube 1,
as would be expected for a conventional parallel manifold configuration. For the
cake removal cycle (reverse manifold configuration) the difference between the flow
rates in tubes | and 20 was reduced, as would be expected for a conventional reverse
manifold system.

After these experiments, it was postulated that a significant fraction of the (very
compressible) cake in a tube was probably removed due to the shear of the flowing
sludge during the "blow-down" and cake removal cycles. This would lead to an
increase in internal cake diameter in a tube. Moreover, if the increase in internal
cake diameter were dependent on the flow rate in a tube, then an uneven flow
distribution in a tube curtain during the "blow-down" cycle, would lead to a variation
in internal cake diameters throughout the tube curtain after a "blow-down" cycle.
If this occurred, the maldistribution of flow (and the variation in internal cake
diameters) in the curtain would become worse from one "blow-down" cycle to the
next. This could possibly explain the occurrence of tube blockages and also account
for a portion of the cake losses which were measured on the prototype unit.

Experiments were also done with a continuous low purge or bleed flow through the
curtain during the pressing cycle i.e. with the recycle valve open (see Figure 1.1)
during the pressing cycle and the "blow-down" valve closed. For these experiments
the flow meters were connected at the inlet of tubes 15 and 20 on curtain 1. 1t was
found that the flow distribution became less uniform as the bleed flow rate was
decreased. This trend is shown in Figures 2.20 and 2.21 for an average flow rate
per tube of 5,31 ¢/min and 1,89 ¢/min, respectively. For the experiment with an
average flow rate of 1,89 ¢/min per tube, the flow rate into tube 15 was higher than

that into tube 20. This is contrary to the flow distribution for a conventional parallel
manifold configuration.

After several experiments and sometimes conflicting results, the conclusion was
reached that before any meaningful conclusions could be drawn from any low bleed
flow experiments in a tubular filter press manifold system on the prototype unit, the
low velocity cross-flow filtration for a very compressible cake inside a single tube
had to be investigated. The prediction of internal cake diameter as a function of
axial flow rate for a single tube was particularly important before any modelling of
flow (and therefore cake thickness) distribution in a tube curtain was possible.
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As discussed in section 2.1, one of the objectives of this study was to develop a
predictive unsteady-state cross-flow microfiltration model for a sludge which has a
non-Newtonian rheology and which (when filtered} produces a very compressible
cake. Such a model for a single tube could then be amalgamated with a conventional
manifold model (such as that of Datta and Majumdar (1580)) in a similar manner as
the Hunt (1987) model (see section 2.3.4). Such an amalgamated model could then
be used for predicting the distribution of flow and cake thicknesses in a tube curtain.

THESIS APPROACH AND LAYOUT

In the context of the comprehensive discussion of the resulis achieved and problems
experienced on the prototype unit, the objectives of this study were classified into
three distinct categories, as discussed in section 2.1.

As mentioned in section 2.1, this thesis deviates from the usual thesis layout. Each
of the three objectives defined in section 2.(, involved a "self contained” independent
investigation with its own literature review and experimental procedure. 1t was
therefore decided to present each study (objective) as a separate chapter.

Chapter 3 concerns the development of a model for the dead-end constant pressure
compressible cake filtration inside a horizontal porous tube. The results of
experiments were compared with the predictions of the internal cylindrical filtration
model for a very compressible cake.

In Chapter 4 cake losses during the cake removal cycle are investigated. It was
found that for a very compressible cake there are two sources of cake losses during
the cleaning or cake removal cycle in the tubular filter press process :

(i) cake losses due to the shear of the cleaning {luid prior to the action of the
rollers;
(i1) cake losses due to the action of the rollers and hydraulic conveyance of

dislodged flakes of cake.

A model was developed to predict the cake losses which are due to the shear of the
cleaning fluid only. The combined cake losses due to the action of the rollers and
hydraulic conveyance are far more complex and are very difficult, if not impossible,
to predict accurately. Various parameters were found 1o have a significant effect
on the combined cake losses due to the action of the rollers and hydraulic conveyance
of dislodged flakes of cake.

In Chapter 5 the cross-flow Ffiltration of a sludge, which has a non-Newtonian
(Bingham plastic) rheology and which (when filtered) produces a very compressible
cake, is investigated. An unsteady-state predictive model was developed.

Finally, in Chapter 6, the major findings of the various studies are summarized, and
suggestions for future research are made.
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CHAPTER 3

CONSTANT PRESSURE COMPRESSIBLE CAKE FILTRATION INSIDE

A HORIZONTAL POROUS TUBE

3.1

3.2

3.21

INTRODUCTION

The objectives for this study were defined in Chapter 2. One of the objectives was
to develop a predictive model for dead-end constant pressure compressible cake
filtration inside a horizontal porous tube. Such a model is developed in this chapter.

The most common example of cylindrical or tubular geometry in conventional
dead-end or static cake filtration is the external deposition of cakes on candle filters.
Another example of cylindrical or tubular geometry is the tube press which was
described by Brown (1979). For the tube press external cylindrical filtration is
followed by external cylindrical expression. Although there are numerous examples
in the literature of continuous cross-flow ultrafiltration and microfiltration processes,
in which a cake is deposited internally, in a porous hose or tube, rather than externally,
there are only two examples of internal cylindrical dead-end or static filtration which
have been reported. These are the Uni-flow filter and the tubular filter press
process. Both were described in Chapter |.

Literature related to the modelling of cake filtration has almost exclusively been
devoted to one-dimensional planar filtration. Moreover, most studies in
non-unidimensional filtration have concentrated on incompressible cake filtration.
Very few have considered compressible cake filtration. Except for Henry et al.
(1976) who developed a model for the Uni-flow filter (see Chapter 1), all studies
have only considered external cylindrical filtration.

For internal cylindrical compressible cake filtration, no one to date has developed a
model which incorporates the cylindrical nature of the filter element. As discussed
in Chapter 2, such a model is required for the satisfactory operation of a tubular
filter press in dead-end filtration mode. For this study, the model by Tiller and
Yeh (1985) for external compressible cake filtration was adapted for internal
cylindrical compressible cake filtration. Experiments were conducted to evaluate
the performance of this adapted model.

LITERATURE REVIEW ON CYLINDRICAL CAKE FILTRATION

Cylindrical Incompressible Cake Filtration

Shirato et al. (1968) developed a mathematical mode! for external and internal
cylindrical filtration to relate filtrate flux to applied filtration pressure. This model
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assumed incompressible filter cakes and negligible fiiter medium resistance. The
basis of the model was the definition of an effective filtration area factor, which
was derived as follows.

The conventional Ruth equation (Ruth, 1935) for planar incompressible and
compressible cake filtration, assuming negligible filter medium resistance, is written

as :

%‘!i = u,aLw (3.1)
where P = applied filtration pressure, (Pa)

¢ = time, (5)

v = volume of filtrate per unit medium area, (m3/m2)

W = total mass of cake dry solids deposited per unit medium

area, (kg/m?2)
A, = average specific filtration resistance of cake, (m/kg)
Ly = viscosity of liquid (filtrate), (Pa.s)

Equation (3.1) is derived from equation (G.10) in Appendix G.

The equation developed by Shirato et al. (1968) for external incompressible cake
filtration on a cylindrical element is :-

dv 2(%)7
ar — (3.2)
ln{ 1+ 2(7 ]u, W
where r, = external radius of filter medium, (m)
v, = volume of cake per unit medium area, (m3/m2)

For internal cylindrical filtration the equation according to Shirato et al. (1968) is :

dv ”2[r_.cj P
eV _ _ (3.3)
dt ln{l - 2[r—°)Ju,auuwc

where r, = internal radius of filter medium, {m)

Since the effective filtration area changes with time for both internal and external

cylindrical filtration, equation (3.1) was modified by Shirato et al. (1968) to account
for this :

dv P
ac - U/“‘;
_ P
“ro’ov(;:'(r'i.)
I
(3.4)
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where A = area of filter medium, (m?)
A, = effective filtration area, (m?2)
J = effective filtration area factor defined by
equation (3.4), (-)
W = total mass of dry solids in cake, (kg)

Note that for planar filtration A, is equal to A (equations (3.1) and (3.4)).

A comparison of equations (3.2) and (3.4) shows that the effective filtration area
factor, j , for external cylindrical filtration is :

2()

j = (3.5)

o )

while j for internal radial filtration (from equations (3.3) and (3.4)) is :

. )
1 - 2[7)]

Therefore external and internal incompressible cake filtration on or inside a tubular

(3.6)

element can be modelled fairly easily by using the equations for planar filtration and
incorporating the effective filtration area factor. Shirato et al. (1968) gave examples
of calculations.

Shirato and Kobayashi (1967) and Shirato et al. (1966) found that there was good
correlation between the mathematical model (equations (3.4) and (3.5)) and the results
of external filtration experiments on a cylindrical element using almost incompressible
Filter-cel slurry (compressibility coefficient, n, of cake = 0,03) and slightly
compressible Mitsukuri silica sand (compressibility coefficient, n, of cake = 0,33
(see equation (3.34)).

Yelshin and Tiller (1989) provided a model for optimizing the design and performance
of candle filters. This model was presented for incompressible cakes, although the
authors claim that it could in principle be extended to compressible cakes.

Cvlindrical Compressible Cake Filtration

Only minimal attention has been focused on compressible cake filtration on cylindrical
surfaces. Shirato and Aragaki (1969) presented relationships between solids
compressive and liquid pressures within compreséible filter cakes deposited on
non-unidimensional filtration configurations. The configurations considered were
leaf, spherical and cylindricai filters.

For cylindrical filter tubes they derived the following equation for the radial

relationship between solids compressive and liquid pressures for internal and external
cylindrical filtration ;
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Tl -k,
PPy = P+f (f)p,dr (3.7a)
where £, = coefficient of earth pressure at rest, (-)
D = liquid pressure, (Pa)
D = solids compressive pressure, (Pa)
r = radius, {m)

Equation (3.7a) may be written in differential form as :

ap, dp; Ds
= - Z= -0 3.7b
ar dr vk r ( )
This equation was also derived by Tiller and Yeh (1985), using a far simpler derivation

than that of Shirato and Aragaki (1969). The derivation of Tiller and Yeh (1985)
is shown later in this section.

Aragaki et al, (1989) derived a general relationship between solids compressive and
liquid pressures within a filter cake. This general relationship is valid for any filter
cake of whatever geometry. Aragaki et al. (1989) showed how equation (3.7b) for
external ¢ylindrical filtration may be derived from the general relationship.

Shirato et al. (1973) used equation (3.7b) to develop a model for compressible cake
filtration on a tubular element. They conducted experiments with a slurry which
was a | : 1 mixture of Filter-Cel and Mitsukuri Gairome clay, They used fairly
sophisticated experimental equipment which allowed the measurement of the radial
variation of local liquid pressures within the cake by means of strain gauges. They
also had equipment to measure the radial variation of porosity within the cake.

They obtained good agreement between predicted and measured filtrate fluxes. There
was also good agreement between the predicted and measured radial variation in
liquid pressure and porosity within the cake, The agreement between the predicted
and measured growth of external cake radius with time, was not too good, however,

Tiller and Yeh (1985) developed the most comprehensive model to date for the
external deposition of compressible cakes on c¢ylindrical surfaces.

There are three main differences between external compressible cake filtration on a
cylindrical surface and planar compressible cake filtration.

For a cylindrical element with external cake deposition, flow is directed radially
inward toward the origin as shown in Figure 3.1.

External cylindrical filtration differs from planar filtration in that the liquid velocity
increases as the radius decreases towards the medium.

As the cake grows for external cylindrical filtration, the total force exerted at the

cake/medium. interface for constant pressure filtration, increases as the outer cake
radius increases.



37

FIGURE 3.1 : Schematic Diagram of Forces Acting on a Differential Element of Cake

QIFFERENTIAL LEMENT
OF CAKE

JUTER CAKE PLRIMETER

for External Cylindrical Filtration

Before the derivation by Tiller and Yeh (1985) of equation (3.7b) for external
cylindrical filtration is shown, the relationship between liquid pressure and solids
compressive pressure for planar filtration will be considered very briefly.

In cake filtration, solid particles form a filter cake on the filter medium, and liquid
flows through the interstices of the cake in the direction of decreasing liquid pressure.
Each particle is subjected to frictional drag due to flow of the liquid. The forces
on the partictes are communicated from particle to particle at points of contact,

Since the solid particles are assumed to be in point instead of area contact, the liquid
pressure, p, , 1S effective over the entire cross-sectional area, A (Leu, 1981). The
forces acting on a differential element, d x , of the filter cake are shown in Figure 3.2.
The following equation may be derived from Newton's second law of motion, assuming
that inertial effects and acceleration are negligible in filtration (Tiller et al., 1986) :

dfF, «+ Adp, = O (3.8)
where F = accumulated frictional drag on particles, (N)

The solids compressive pressure is defined as :

p, = = (3.9)



FIGURE 3.2 : Diagram Showlng the Forces Acting on a Differential Element of Cake

far Planar Filtration

where x

rom equation (3.8)
' -
|.'|l.I
P ct. L
(R

= distance From medium for planar Diltration, {(m)

i3 i_l'lr.;,

Equations (3. 10a) and (3100} stace that the frictional dreop ol the hguid is ofTser by

4 ..'l."ifr-."ﬂ-'.-".-\.'lll'lﬂ increase in the solids Compressive pressure

The varmatoa of liguid pressure and solids compressive prodsure is shown in Figure 3.3

for planar fdiration

where o

at cake/sludge interlace
il medium
gi cake/sludge imeriace

at medium

= ligquid pressure at medium., (Pa

=

In Figure 3.3 the following boundary conditlans apply :
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FIGURE 3.3 : Schematlc Diagram of a Filter Cake and its Liquid and Solids
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Compressive Pressure Profiles for Planar Filtration

As already mentioned, for external cylindrical filtration, growth in external cake
surface area leads 1o an increasing total stress at the cake/medium interface. The
stress in the radial direction induces a transverse or lateral stress as shown in Figure 3.1,
In s0il meéchanics, if an element of soil is subjected to a vertical (major principal
streas), & minor principal stress will be induced n a horizontal direction, as shown
in Figure 3.4. The ratio of horizoatal to vertical stress is known as the coefTicient
ol earth pressure at rest, &, (Whitlow, 1983).

As mentioned earler, Tiller and Yeh (1985) also derived equation (3. 7h), describing
ihe relationship between hauid and solids compressive pressure for external cvlindrical
compressible cake filtration. Their derivation was as Tollows.

The forces acting on a small element of cake are shown in Figure 3.1.  The following

equation may be derived from Newton's second law of motion, assuming that inertial
effects and acceleration are negligible in filtration (Tiller et al., 1986) :

dirp)dB+dirp,)de = (p,=k,p,)drsin(de) (3.11)

where 8 = cylindrical co-ordinate in cylindrical filtration, (radians)
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VERTICAL OR MAJOR PRINCIPAL STRESS

HORIZONTAL OR MINOR PRINCIPAL STRESS
= kg (VERTICAL OR MAJOR PRINCIPAL STRESS)

™ ELEMENT OF S0 (CAKE)

FIGURE 3.4 : Diagram to Explain the Coefficient of Earth Pressure at Rest, &k,

For small d6 . d6 = sin(dd), and equation (3.11) reduces to :

d d
Pe _ CP ek B 20 (3.7b)
dr dr r

Therefore, summarizing, equation (3.10b) describes the relationship between liquid
and solids compressive pressure for planar filtration, while equation (3.7b) is valid
for external filtration on a ¢ylindrical element.

Reported values of k, vary from 0,3 to 1,0 (Yeh, 1985). Tiller and Lu (1972)

obtained values for k, of 0,34 and 0,45 for Solkafloc (which is very compressible)
and sand, respectively. Whitlow (1983) quoted values of &, for sand and saturated
clay of 0,5 and 1,0 respectively.

The model of Tiller and Yeh (1985) predicted that for external cylindrical compressible
cake filtration the effect of k, was negligible.

Tiller and Yeh (1985) presented both analytical and numerical solutions for the
ordinary differential equations of their model for constant pressure and constant rate
external cylindrical compressible cake filtrration. However, no experiments were
done to evalvate the performance of the model.

Yeh (1985) demonstrated how the external cylindrical compressible filtration model
may be used to determine the optimum design and performance for compressible
cake filtration on cylindrical elements.

As discussed in Chapter 1, Henry et al. (1676) developed a model for compressible
cake filtratjon inside the porous vertical filter tubes of the uni-flow filter. However,
as already discussed, this model has limitations, since it incorporates the filtration
equations for planar filtration and one of the assumptions for the model is that the
thickness of the cake is thin compared with the internal diameter of a filter tube.
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It should also be mentioned that models have also been developed for external
cylindrical expression as opposed to cake filtration, Murase et al. (1985) modelled
the expression of a compressible cake on a cylindrical element. Good agreement
between predicted and experimental volumes of expressed liquid at various
consolidation times, was achieved. Bomkes and Wagener (1990) compared external
and internal cylindrical expression at pressures up to 15 MPa in a press filter. In
some instances the final water content of the cake for internal expression was lower
than that for external expression. The expression operation is, however, too different
from that of cake filtration, for these models to be applied to cylindrical cake
filtration.

Conclusions of Literature Review on Cylindrical Cake Filtration

The literature review revealed that all the models for cylindrical compressible cake
filtration (except the one by Henry et al. (1976) for the Uni-flow filter) are for an
external cylindrical configuration. Shirato and Aragaki (1969) developed a
relationship between solids compressive and liquid pressures within a filter cake for
external and internal cylindrical compressible cake filtration. However, they did
not develop a model for internal cylindrical compressible cake filtration.

Except for the experiments by Henry et al. (1976) for the Uni-flow filter, all the
experimental studies for cylindrical incompressible and compressible cake filtration
have been for external cylindrical configurations.

For internal cylindrical compressible cake filtration, no one to date has developed a
model which incorporates the cylindrical configuration of the filter element.

For this study, the model by Tiller and Yeh (1985) for external cylindrical compressible
cake filtration was adapted for internal cylindrical compressible cake filtration.
Experiments were conducted to evaluate the performance of this adapted model.

THEORY FOR CONSTANT PRESSURE COMPRESSIBLE CAKE
FILTRATION INSIDE A POROUS TUBE

The theory for compressible cake filtration inside a porous tube, which is presented
in the following sections, is based on and is almost identical to that developed by
Tiller and Yeh (1985) for external cylindrical filtration. Their model has been
adapted for internal cylindrical filtration, where necessary.

For this research project only constant pressure filtration has been considered, since
all the tubular filter presses which are currently installed were designed for constant
pressure filtration. Also, the limited filtration area available on the test rig combined
with the relatively high resistance of the cake, made it almost impossible to locate

a positive displacement slurry pump to accurately pump the small flow rates required
for constant rate filtration (approximately | mé/s).
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Relationship Between p, and p. for Filtration Inside a Porous Tube

As was mentioned in section 3.2.2, Shirato and Aragaki (1969) derived equation (3.7b)
for internal and external cylindrical compressible cake filtration. Equation (3.7b)
will be derived again for internal cylindrical filtration using a derivation which is
similar to that given by Tiller and Yeh (1985) for external cylindrical filtration.

The forces acting on a small element of cake for internal cylindrical compressible
cake filtration are shown in Figure 3.5(a). The effective solids compressive pressure,
k,p, ,acting on both sides of the element of cake, may be resolved into two components
as shown in Figure 3.5(b). The same applies to the liquid pressure, p,, acting on
both sides of the element of cake.

The following equation may be derived from Newton’s second law of motion, assuming
that inertial effects and acceleration are negligible in filtration (Tiller et al., 1986) :

[((p,+dp)(r+dr)y-p,rldé+[(p,+dp,)(r+dr)- p,rlde
do
= 2(pL+kops)drsin[E—] (3.12)
When d6 is small, sin(d6/2) = d6/2, so that equation (3.12) reduces to :

d(rpy | d(rps)
dr dr

(p,*k,p,) = O (3.13)

Equation (3.13) may be re-written to give equation (3.7b) :

dPL + dps
dr dr

+ (l—ko)% = 0 (3.7b)

Relationship Between Liquid Pressure Gradient and Liquid and Solids Velocities

D’Arcy’s law (D’Arcy, 1856) is utilised for the study of the flow of liquids through
porous media. It states that the superficial velocity, u, of the liquid is proportional
to the liquid pressure gradient and inversely proportional to the liquid viscosity, u, .

Therefore, for planar filtration, D’Arcy’s law (D’Arcy, 1856) may be expressed in
spatial co-ordinates as follows :

dp, _ Hgu

ax - K (314
where

= U

y (3.15)

where K = local permeability of cake or sediment, (m2)

Q, = overall volumetric flow rate of liquid (filtrate), (m3/s)

u = superficial velocity of liquid (filtrate), (m/s)

For equation (3.14) the direction of increasing x , is as shown in Figure 3.2.
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FIGURE 3.5 : Schematic Diagram of Forces Acting on a Differentlal Element of Cake
for Internal Cylindrical Filtration
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D'Arcy’s law (D’Arcy, 1856) is frequently expressed in terms of material co-ordinates

in the form ;
dp: - 3.16
T wau (3.16)
where w = mass of cake dry solids per unit medium area deposited in
thickness x from medium (planar filtration), (kg/m?)
a = local specific filtration resistance of cake or
sediment, {m/kg)
Since,
dw = p,(1-e)dx (3.17)

from equations (3.14) and (3.16) :

1

K = —— (3.18)
poa(l-e€)
where ¢ = local porosity of cake or sediment, (-)
o, = solids density, (kg/m3)

D’Arcy’s law (D’Arcy, 1856) may also be written in terms of the average pore or
true velocity of liquid, u, , which for planar filtration is defined as follows :
Q;

Uy = oo (3.19)

where u, = average pore or true velocity of liquid, (m/s)

From equation (3.14), D’Arcy’s law (D’Arcy, 1856) in terms of u, is:

dp, WELy

= -7 3.20
dx K ( )

For an incompressible cake, the solid particles are stationary, and the superficial
velocity of the solids is assumed independent of distance v through the cake. With
compressible ¢akes, the solids move towards the medium as the cake is compressed
and the local porosity changes. Strictly speaking D’Arcy’s law (D’Arcy, 1856) must
be modified to account for the relative velocity of the liquid with respect to the
solids.

The modified D’Arcy equation (D'Arcy, 1856) is known as the D'Arcy-Shirato
equation (Shirato et al., 1969) and is written as ;

dp, €

ax © K W T oud (3.21)

where u, = average solids velocity, (m/s)
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According to Shirato et al. (1969), equation (3.21) should be used for the filtration
of highly concentrated slurries where the rate of growth of cake is rapid and total
filtration time is measured in tens of seconds. In terms of. this definition, the slurry
used during this study was relatively dilute and the solids velocity term was omitted,
from all equations relevant to this study.

For external and internal ¢ylindrical filtration, the average pore or true liquid velocity
at radius, ~, in the cake (see Figures 3.1 and 3.5(a)) 15 :

Q,
Ue = Z2nrle (3.22)
where !/ = length of filter tube, (m)
u, may also be written in terms of Q:
_ @
u, S (3.23)
where
Q
Q= (3.24)
Q = overall volumetric flow rate of liquid (filtrate) per unit length of filter

tube, (m3/m.s)

D’Arcy's law (D'Arcy, 1856) for external cylindrical filtration may be written (Tiller
and Yeh, 1985) as :

dp, - HyEL,
dr K (3.25)

The direction of increasing ~ for equation (3.25) is as defined in Figure 3.1.
For internal cylindrical filtration equation (3.25) becomes :

ap; o _HyEU,
dr K (3.26)

The direction of increasing ~ for equation (3.26) is as shown in Figure 3.5(a).

By combining equation (3.23) with equations (3.25) and (3.26) respectively, D’Arcy’s
equation (D'Arcy, 1856) for external and internal cylindrical filtration may be written
in terms of Q as:

dp, U,rQ
- SHrK . (external) (3.27)
dpe 0

ar SHrK (internal) (3.28)
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For compressible cake filtration, when a thin layer of cake is deposited at the free
surface of the filter cake (cake/sludge interface), the porosity is relatively high. As
fresh layers build up, the previous surface becomes a part of the cake interior, and
its porosity decreases. Liquid which is initially deposited is later partially removed.
This "squeezing" action of the cake will result in an increase in liquid flow rate as
the filter medium is approached. Equations (3.27) and (3.28) assume that Q is
constant throughout the cake thickness.

A general continuity equation for the liquid must include this squeezing action of
the cake. For internal cylindrical filtration, the liquid contained in an internal
portion of the cake between an arbitrary radius ~ and r,, the internal radius of the
porous tube, is given by :

v li id [
olume of liquid _ an crdr (3.29)

Length of tube

The liquid flow rate, Q, at r,, minus the liquid flow rate, Q at r, is equal to the

rate of accumulation of liquid or ;
0 "
Q,-Q = Y, [211[ erdr} : where Q=Q(r:t) and Q,=Q,(t)
"1 e
- 2,1[ “rar (3.30)

where Q,

overall volumetric flow rate of liquid (filtrate) per unit length

of filter tube at r, , (m3/m.s)

Differentiating equation (3.30) with respect to r yields :
P L (3.31)

Equations (3.29) to (3.31) were derived by Tiller and Yeh (1985) for external cylindrical
filtration and have been modified for internal cylindrical filtration.

The porosity at a fixed spatial co-ordinate decreases with time because of cake
compaction; consequently de/ot < O and Q increases as ~ increases from the
internal cake radius r, to r, , for internal cylindrical filtration.

Like Tiller and Yeh (1985), it was assumed for this study that de/dt is small and Q
is independent of ~. The assumption of constant Q throughout the cake at any
time, ¢, leads to ordinary rather than complex partial differential equations and
greatly simplifies the required numerical calculations. Leu (1981) derived the full
partial differential continuity equations for planar compressible cake filtration. He
had difficulty in solving the full equations and had to make various simplifications.
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Empirical Equations Relating Permeability and Porosity to Solids

Compressive Pressure

Equations relating permeability (K) and porosity (e¢) to solids compressive pressure,
are required if the filtration equations for compressible cake filtration are to be

solved.

Tiller and Cooper (1962) proposed the following equations to relate permeability
(K), porosity () and specific filtration resistance (a) tosolids compressive pressure :

K = Fp;® pP: 2 P

K = K, = Fp}} p, < p, (3.32)

(1-€¢) = Bp? p, 2 Py

(l-¢) = BpS p, < p, (3.33)

a = Cp! P, Z D,

a = aqa, Cp: P, < p, (3.34)

where B = empirical constant in set of equations (3.33)

C = empirical constant in set of equations (3.34)

F = empirical constant in set of equations (3.32)

K, = permeability of cake when p, < p,, , (m?)

n = empirical constant in set of equations (3.34) (compressibility
coefficient)

Pa = solids compressive pressure below which permeability, porosity
and specific filtration resistance of cake are assumed constant,
(Pa)

a, = specific filtration resistance of cake when p, < p,, , (m/kg)

R = empirical constant in set of equations (3.33)

6 = empirical constant in set of equations (3.32)

€, =

porosity of cake when p,< p,, , (-)

There is some experimental evidence that permeability, porosity and specific filtration
resistance are constant below some low solids compressive pressure, p. (Tiller and
According to Tiller and Leu (1980) the location of p, is entirely

Leu, 1980).
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empirical and relatively arbitrary, the main problem being that
Compression-Permeability (C-P) cells (see section 3.3.7.1) are not very accurate at
the low solids compressive pressures required to locate p; accurately.

Tiller and Leu (1980) proposed the following set of alternative empirical equations :

-6

K = KD(1+&) (3.35)
Pa
P\
l—e = (1—e£,)(1+—’) (3.36)
Pa
a = a0(1+&] (3.37)
Pa
where K, = permeability of cake when p, =0, (m?)
n, = empirical constant in equation (3.37)
Da = empirical constant, (Pa)
a, = specific filtration resistance of cake when p,=0, (m/kg)
B, = empirical constant in equation (3.36)
6, = empirical constant in equation (3.35)
€, = porosity of cake when p,=0, (-)

Solids Compressive Pressure and Liquid Pressure as a Function of Radius

By combining equations (3.7b) and (3.28) the following equation is obtained :

ddﬁs v _k°)% B _dd? B 2L]11/rQK (3.38)
Equation (3.38) represents a system of two ordinary differential equations :

ddﬁs B 2L;/rQ1< - —k")% (399
and

dp, p,Q

dr ~ 2nrk (3-28)
with initial values :

p(ry) = O (3.40)

p,(r,) = P (3.41)
where r, = internal radius of cake, (m)

For planar filtration the pressure drop across the medium is defined (Leu, 1981) as ;

H/Q/Rm

ZSF)m /_1 (3‘42)
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where Ap, pressure drop across the medium, (Pa)

R, resistance of medium, (m-1)

In the same manner the pressure drop across the medium for internal cylindrical
filtration is :

_ WOQRA (3.43)
BPn 2nr, 1

If the liquid pressure drop across the cake is given by Ap_, then:
P = Ap,+Ap, (3.44)
where Ap, = pressure drop across the cake, (Pa)

The pressure drop across the cake may be obtained by the simultaneous numerical
integration of equations (3.39) and (3.28) with initial value conditions (3.40) and
(3.41), respectively. For the correct filtrate flow rate, Q , the sum of the pressure
drops across the cake and the medium is equal to the filtration pressure, according
to equation (3.44). Since the correct filtrate flow rate, Q , is not known, a priori,
a FORTRAN computer program was written to solve for the correct Q, by using an
interval halving technique. The flowsheet of this program is shown in Appendix E
and this technique is further discussed in section 3.5.7.

Tiller and Yeh (1985) derived analytical solutions for the system of equations (3.28)
and (3.39). For this study it was found to be far easier to resort to numerical
techniques.

Mass Balances

Once the solids compressive pressure profile through the cake has been calculated,

the porosity profile may be obtained by using an empirical equation such as equation
(3.33) or (3.36).

The average porosity is given by :

2nf erdr
€, = —2 3.45
“ T wiorh (5:49)
where €, = average porosity of cake, (-)

Since the solids and liquid are incompressible, a total mass balance on a volumetric
basis gives :

Volume of Volume of Volume of
slurry per unil = cake per unit + filtrate per unit
medium area medium area medium area
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or

Qe o P,y . (3.46)

¢s ( 1 - Eau)
where ¢, - volume fraction of solids in feed sludge, (-)

W, = volume of cake dry solids per unit medium area, (m3/m?)
Also,

- 2 _ -2
w - (1 C{w)(rl rZ) (34?)
¢ 2r,

Solving for v using equations (3.46) and (3.47) gives :

B _ 2 _ .2
. (1 e;u ¢5)(f‘|2r"2) (3.48)
5 1

Time Relationships for Constant Pressure Filtration

In general, in order to obtain filtrate volume or cake volume as a function of time,
the relationship between P and Q as determined by the pumping mechanism must
be known. As already mentioned, only constant pressure filtration was considered
for this study.

For constant pressure filtration, filtration time is calculated from equation (3.49) :

_ f“?‘.@ﬂ (3.49)

where V = volume of filtrate per unit length of tube, (m3/m)

Numerical integration of equation (3.49) requires that Q be known as a function of
V. V may be calculated from equation (3.48) :
(1-€,,~9In(ri-ri)

v - 3.50
v ( )

In order to calculate the filtration time for this study, the corresponding values of
Q were calculated for various values of the internal cake radius, r,, as outitned in
section 3.5.7, Once the values of @ had been found for the various values of r,,
¢t was found by numerical integration of equation (3.49) (see section 3.5.7).

Determination of Compression-permeability Data

For a very compressible cake (like the cake formed from the waterworks clarifier
sludge used in this study) a highly resistant layer or skin is formed near the medium
(Tiller and Green, 1973), while the bulk of the cake is not very well consolidated.
The solids compressive pressure is relatively low in this "sloppy” cake region.
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Therefore, for very compressible cakes, like the cake formed from the waterworks
clarifier sludge used in this study, it is important to have accurate data in the relatively
low solids compressive pressure region.

Although C-P cells have been used down to very low solids compressive pressures,
for example down to 2 kPa by Tiller and Cooper (1962), serious reservations have
been expressed by many authors on the accuracy of the C-P cell data in the low
solids compressive pressure region (e.g. Shirato et al., 1983 and Tiller and Lu, 1972).
The main reason for inaccurate results is friction between the inner wall of the C-P
cell and the compressed cake.

Shirato et al. (1983) proposed a batch settling technique for the determination of
porosity and permeability at very low solids compressive pressures. Shirato et al.
(1983) obtained porosity data for three different sludges (zinc oxide, Mitsukuri
Gairome clay and ferric oxide) for the p, range, 100Pa < p, < 1000 Pa.
Permeability data for the same sludges were determined for the p, range,
0.1Pa < p, £ 100 Pa.

Murase et al. (1989) proposed a centrifuge method for the determination of porosity
data for intermediate solids compressive pressures. Murase et al. (1989) obtained
porosity data for zinc oxide and ferric oxide slurries for the p, range,
103 Pa < p,< 10° Pa.

Since the cake obtained from the waterworks clarifier sludge which was used for
this study, was very compressible, it was decided to use all three methods (i.e. settling
(low p,); centrifuge (intermediate p,) and C-P cell (high p,)) in order to obtain
porosity and permeability data over a wide range of solids compressive pressures.
These three methods are discussed below in greater detail.

Determination of compression-permeability data using a
Compression-Permeability (C-P) cell for high solids

compressive pressures

As can be seen from empirical equations (3.32) to (3.37), a multitude of constants
has to be determined for a particular sample of sludge or cake, before any modelling
can be undertaken. Compression-Permeability (C-P) cells have been employed
extensively to determine the variation of porosity and permeability with solids
compressive pressure for compressible cakes. The C-P cell used in this study is
described in section 3.4.2.1.1.

At a certain solids compressive pressure, the liquid permeability is calculated from
the D’Arcy equation (D'Arcy, 1856) (see equation (3.14)) :

P/Q/A(c
A.0p, (3.51)

where A, area of cake in C-P cell, (m2)
Al

c thickness of cake in C-P cell, (m)
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For equation (3.51) it is assumed that the resistance of the filter paper in the C-P
cell is negligible compared to the resistance of the cake, as was true for the cakes
in this study.

The specific filtration resistance, a , at a certain solids compressive pressure may be

calculated from the permeability by using equation (3.18) :

N S (3.52)

pK(l-€)

The porosity of the cake at the end of a C-P cell test may be calculated from the
final moisture content of the cake from the following equation :

Volume of liquid
Volume of liquid + Volume of solids

- P (3.53)

where =

mass fraction of moisture in cake, (-)

o liquid density, (kg/m3)

Settling method for determining porosity at low solids compressive pressures

The following technique for the determination of porosities at low solids compressive
pressures was developed by Shirato et al. (1983).

When a suspension containing the dry solids volume, w,, per unit area settles in a
cylinder, the final equilibrium height of the sediment is denoted by H., as shown
in Figure 3.6(a). When the initial volume of solids is increased by the volume dw, ,
as shown in Figure 3.6(b), the final height of the sediment will be given by
(H.+dH.). The porosity variation of the suspension AB in Figure 3.6(a) is identical
to that of the suspension A-B- in Figure 3.6(b). Consequently, the total solids
volume (w, * dw,) in the sediment A-C- can be represented by :

wy+rdw, = w,+dH, (1l -¢€) (3.54)

where H.

it

final equilibrium height of sediment, (m)

w,

total volume of dry solids per unit cross-sectional area
of tube or cylinder, (m3/m?2)

Solving for € in equation (3.54) :

dw,

€= 1o (3.55)

w, is related to the solids compressive pressure p, by the relation :

Py = (p,-p)gw, (3.56)



53

where ¢ = constant of gravitational acceleration, (m/s?)
SEDIMENT |
SUPERNATANT LIOUID
CYUNDER ———— Tr
A A l
Wy W, 8
8 B I
8
¢ dw, |z
c i 5
(a) (b)
FIGURE 3.6 : Schematic Diagram Showing the Relationship Between Height of
Sediment and Volume of Dry Solids per Unit Area (w,)

Shirato et al. (1983) found that on the basis of experimental data, #. could be

represented in terms of w, by the following equation ;

H, = aw (3.57)
where « = empirical constant in equation (3.57)
b = empirical constant in equation (3.57)

Substituting equation (3.57) into equation (3.55) and elimjnating w, by means of
equation (3.56), one obtains equation (3.33) :

(1-€¢) = Bp® (3.33)
where

1

B =
abl(p,-p)gl"'™ (3.58a)

and

B = 1-b (3.58b)



3.3.7.3

54

The values of empirical constants « and b may be obtained from a linear regression

using the experimental results of log H. and log w,. From equation (3.57) :
logH. = loga + blogw, (3.59)
The values of B and 3 are calculated from equations (3.58a) and (3.58b), respectively.

The relationship between porosity and solids compressive pressure can be calculated
from equation (3.33).

Settling method for determining permeability at low solids compressive
pressures

The following technique for determining permeability at Jow solids compressive
pressures, was also developed by Shirato et al. (1983).

Michaels and Bolger (1962) investigated the sedimentation behaviour of flocculated
suspensions of kaolin. For their sedimentation model they assumed that for flocculated
suspensions, the basic flow units or settling entities are small clusters of particles or
flocs. For gravity settling the flocs group into clusters of flocs called particle or
floc aggregates. Michaels and E}olger (1962) found that the floc aggregates determine
the sedimentation behaviour of flocculated suspensions. Shirato et al. (1983)
confirmed the results of Michaels and Bolger (1962).

By using zinc oxide, Mitsukuri Gairome clay and ferric oxide slurries, they showed
that sedimentation behaviour may be classified into three general regions according
to the initial porosity of a suspension, €,,, as shown in Figure 3.7,

In the dilute concentration region, €,>¢,, free or hindered settling of individual

particles or aggregates of particles may occur. In the intermediate concentration
region, €, <¢e,, <€, , sedimentation behaviour becomes unstable owing to partial
collapse of particle aggregates. In the higher concentration region, €,<¢€, , the
supernatant liquid/sediment interface subsides slowly due to slow consolidation or
compression of the sediment. In order to describe the sedimentation behaviour in
the dilute concentration region, Michaels and Bolger (1962) modified an equation
which Richardson and Zaki (1954) developed for the hindered settling of uniform,
spherical particles.  According to the modified equation, for dilute suspensions
(e..>€,) of small clusters or aggregates of particles, the initial settling velocity of

the surface of the sediment, v,, can be related to the initial porosity, €, , of the
original suspension :

L { gdi(p.-p.) }"“( ) 3 60
o - €m - e! ’ :
18|Jl(l_€‘/)3.65 / ( )
where d, = mean diameter of particle aggregates, (m)
vV, = Initial settling velocity of surface of sediment, (m/s)
€, = internal porosity of particie aggregates, (-)

€ in = initial porosity of suspension, (-)
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FIGURE 3.7 : Diagram Showing the Various Settling Regimes for a Sludge or Slurry

As shown in Figure 3.7, a straight line is obtained in the dilute region (e,,>€,) in
accordance with equation (3.60).

The technique for measuring porosity {as mentioned in section 3.3.7.2) and
permeability at low solids compressive pressures is only valid for the concentration
region, €,, <&, , where sedimentation occurs due to consolidation of the sediment
(Shirato et al., 1983).

For batch sedimentation of a concentrated suspension inside a cylinder, the liquid
pressure, p, , and the solids compressive pressure, p,, increase towards the bottom
of the cylinder. When a thin layer of the suspension settles due to consolidation,
tiquid has to flow through the thin layer due to the liquid pressure gradient across
the layer as shown in Figure 3.8, The liquid pressure gradient across an element is
caused by the weight of the particles lying above the element.

The D’Arcy equation (D’Arcy, 1856) may be used to describe the liquid flow through
the thin layer :

u = Ko 3.61
’ W, dy (2.60)
where u, = apparent liquid velocity relative to solids, (m/s)
v = distance measured from bottom of cylinder, (m)
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FIGURE 3.8 : Schematic Diagram Showing Up-flow of Liquid Due to Liquid Pressure
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But
dw = (l-€e)dy (3.62)
where w = volume of dry solids per unit cross-sectional area of tube or
cylinder measured from bottom of tube or cylinder, (m3/m2)

Therefore equation (3.61) may be written in terms of w, a5 follows :

K(1-¢)dp,

" Y (3.63)

The forces acting on a differential element, dw, are shown in Figure 3.9. The

following equation may be derived from Newton's second law of motion (assuming
acceleration and inertial effects to be negligible) :

b, , 20
AW 2w

= ={(p,-p)g (3.64)

Wall friction is assumed to be negligible.
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FIGURE 3.9 : Forces Exerted on a Differential Element, dw , In the "Consolidation"
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Since the solids compressive pressure, p,, can be assumed to be constant throughout

the height of the cylinder at the beginning of a settling test when the suspension is
uniform (Shirato et al., 1983), the initial liquid pressure gradient can be obtained
from equation (3.64).

ep,
(M)..o = =(p,-P)G (3.65)

At time, t= 0, u, in equation (3.63) can be considered as a constant which is equal

to the initial settling velocity of the sediment surface, v,. Combining equations
(3.63) and (3.65) :

va'—l/

K =
(. -p(l-emg (3.66)

But from equation (3.18) :

1
psa(l -e,) (3.67)

Therefore,

(P.-pP)yg .
H/PsV, (3.68)
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On the assumption that the 'initial settling velocity depends only on the initial
concentration of a suspension, equations (3.66) and (3.68) in conjunction with batch
sedimentation data permit the calculation of permeabilrty and specific filtration
resistance, respectively.

Shirato et al. (1983) obtained the initial settling velocity, v,, of a suspension by

plotting (H/ H,) versus (t/H,) for different initial heights, /,, in a cylinder (see
Figure B.1 in Appendix B). H is the height of the interface between the supernatant
liquid and the sediment at time, ¢, while A4, is the initial height of the uniform
suspension in the cylinder. For the experimental results of Shirato et al. (1983), the
initial settling velocity of a suspension, v,, was not affected by the initial height of
the uniform suspension in a cylinder, H,.

Centrifuge method for determining porosity in the intermediate solids
compressive pressure range

Shirato et al. (1983) found good agreement between the compression-permeability
results from a C-P cell (at high solids compressive pressure) and those obtained using
the settling technique (at low solids compressive pressure). However, Murase et al.
(1989) did not find good correlation between the porosity results using the settling
technique and those obtained from a C-P cell and a new centrifuge technique. They
ascribed this to friction between the suspension and the inner wall of the cylinder
during batch settling. Murase et al. (1989) gave results of (1 -¢€) versus p, for
zinc oxide and ferric oxide slurries for all three techniques. The results for the
settling tests were in the p, range, 30Pa < p, < 1000Pa, for the centrifuge
tests the results were in the p, range, 10°Pa < p, < 10°Pa, and for the C-P
cell tests the results were in the p, range, 10°Pa < p, < 10’ Pa. They
recommended the centrifuge technique for determining the variation of porosity with
solids compressive pressure in the intermediate p, range.

The theory for the centrifuge technique is outlined below .

Figure 3.10 shows a suspension which has reached an equilibrium thickness in a
rotating centrifuge tube. The forces acting on a thin element of sediment, Ar,,
are shown in Figure 3.10. The following equation may be derived from Newton’s
second law of motion (at equilibrium) :

Frsar)y = F(ry = (p,-p)(d-e)(nrlar)r.0? (3.69)
where F, = solids compressive force, (N)

r, = distance from centre of centrifuge, (m)

r, = radius of centrifuge tube, (m)

Ar, = thickness of differential element of sediment, (m)

Q- = angular velocity, (rad/s)
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FIGURE 3.10 : Forces Acting om Differential Element of Sediment in
Centrifuge Tube

In the limit, as Ar, = 0, equation {3.69) becomes :

i
Pl R RIS TY (3.70)

Integration of equation (3.70) with respect 1o r, vields the lollowing equation for
the solids compressive pressure at the bottom of the tube, p.(F.):

.‘I-
PR = tn.—mn’f (1 =), dr, (3.71)
where &, = distance between centre of centrifuge and bottom of centrifuge
tube, (m)
r = distance from centre of centrifuge to surface of sediment, (m)

IR, » (&=, the variable r, in equation (3.71) can be approximated by - .

Therefore

L2 ‘I
Ptk = o, mp 0t T [ ar,

Rf‘ i
- (T, (3.72)
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where w, = total volume of dry solids per unit cross-sectional area of tube
or cylinder, (m3/m2)
As shown in section 3.3.3, set of equations (3.33) has gen-erally been used to model
the variation of porosity with solids compressive pressure, p;:
(1-¢) = Bpt ps Z P,
(l-¢) = 8p) p, < Py (3.33)

Combining equations (3.70) and (3.33) and integrating equation (3.70) over the entire
sediment layer one obtains :

i ',)t(n\’.}d R,
J‘ dp. + f p; = (pg_p!)nzf redr, (3.73)
o BPE, P B,D, L
Therefore,
(@R (1-8) {1-B)
P P,(Rc) - Ps Q(Rf"'rn)
+ = - Qf—— (R, -t 3.74
- 58 (0,-p) O =R -0 (374)

Combining equations (3.72) and (3.74) yields the following equation :

wgl’a) (R;+ r,) -f
Re-r, = B(1-P) {(p;-p.)Tﬂz}
{NI'B) Rc+ , -1

Murase et al. {198%) found that for their results the second term on the right hand
side of equation (3.75) was negligible. They obtained a good linear correlation when

(R 1))
2

they plotted log (R.-r,) versus log {(ps— P 02} . From such a plot and by

ignoring the second term of equation (3.75), the values of the constants £ and 3
can be determined, The porosity versus p, relationship can then be obtained from
set of equations (3.33).

EXPERIMENTAL STUDY OF COMPRESSIBLE CAKE
FILTRATION INSIDE A POROUS WOVEN T