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SYNOPSIS

Drying is a wunit operation that enjoys wide application in the
chemical processing industry. The drying process itself, however, s
grossly energy-inefficient with typical efficiencies ranging between
20 and 50 %. Superheated-steam drying has been advocated as one of
the means for reducing energy consumption in the drying process, but
only a few results have been reported as to its economic viability.
Without a sound economic basis, however, steam drying will not be

accepted by the processing industry.

The reason for the scarceness of economic data on steam drying is the
lack of suitable equipment for determining drying data in steam and
the lack . of knowledge to use these data in the design of industrial
dryers. In this thesis laboratory drying eguipment and data
interpretation procedures are developed to compare air drying and
steam drying in fluidized beds. Even though such equipment and
procedures are available for air drying, they cannot be applied to

steam drying.

Novel equipment was developed to measure the drying kinetics of
materials in fluidized beds. The drying equipment consists of a
laboratory-scale fluidized bed that rests freely on a balance. The
balance is connected to a data-acquisition system that records the
weight loss of the drying material with time. The tests were carried
out at wvarious inlet temperatures and at varjous mass flow rates of
the drying medium. Two capillary porous materials, namely a weakly

hygroscopic alumina and a highly hygroscopic molecular sieve, were

investigated.

The recorded drying rate curves are used to study the differences in
drying rates between air drying and steam drying. Separate

comparisons are made for the constant and the falling drying rate

periods.
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For the constant drying rate period, literature data indicate the
existence of an inversion temperature. Below this temperature, drying
rates are higher in air than in steam, whereas above it, drying rates
are higher in steam. Even though the inversion temperature was
already found before, no comprehensive explanation was put forward
for its existence. In this thesis, the existence of the inversion
temperature is proved for equilibrium systems and non-equilibrium
systems by mathematical modelling of the drying behaviour in the
constant drying rate period. The results of this modelling ére

verified on own experimental data and on literature data.

For the falling drying rate period, steam drying was found to have a
greater kinetic advantage for the hygroscopic molecular sieve than
for the non-hygroscopic alumina. Due to the higher drying rates
during the falling drying rate period, the total drying time of
molecular sieve in steam was notably shorter than in air, even at

temperatures below the inversion temperature.

For a better comparison of the drying rates in the falling drying
rate period, the drying rates are normalized with respect to the
constant drying conditions at the inlet into the dryer. This
normalization procedure  was introduced by Zabeschek [Z1] for
non-equilibrium systems in air. In the present thesis this procedure
was extended to equilibrium systems in air and in steam. This
normalization procedure makes it possible to record drying rate
curves of a material in fluidized beds and use them in the design of
other drying equipment. The normalized drying rate curve was
described by mathematical modelling. The model avoids the use of
sophisticated computer hardware and software and yet describes the

drying behaviour qualitatiVely well.,
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The recorded drying rate curves are wused as input data for the
economic analysis. The design of the fluidized bed dryer is the first
step of the economic analysis. No design data for steam-operated
fluidized beds could be found in the literature. A design procedure
applicable to both air and steam dryers was developed. The procedure
dimensions the dryer on -the basis of heat transfer expressions as
opposed to mass transfer expressions that are used in conventional

design procedures.

The design method 1is incorporated into a computer program that
dimensions fluidized bed dryers for a given duty and determines the
energy costs and capital costs of the drying system. In steam drying,
energy costs are around 40 % lower than 1in air drying, whereas
capital costs are roughly 20 % higher. The economic advantage of
steam drying 1is, however, more apparent for the hiéhly hygroscopic

molecular sieve than for the weakly hygroscopic alumina.



1. INTRODUCTION

Drying is one of the most important unit operations in the chemical
processing industry. Virtually all products require to be dried
during some stage of their manufacture. In South Africa, about
R300 million 1is spent annually on drying [C5], which makes it the
most expensive operation in the chemical processing industry. In many
industrialized countries, drying competes with distillation for con-
suming the greatest amount of energy. Unlike distillation, however,
drying is often grossly energy-inefficient, with 50 % to 80 % of the
energy supplied being wasted, mainly with the exhaust gas [B11,B12,
M10]. Widespread promotion of energy-efficient dryers is therefore

advocated as a means of realizing significant energy savings.

Several ways of saving energy in drying may be considered [Bl]:

- Heat recovery from the dryer exhaust by means of a heat
exchanger

- Closed-cycle heat pumps

- Open=-cycle heat pumps (superheated-steam drying)

- Better control and instrumentation of dryers

- Optimization of dryer design and operation

- Improved dewatering of dryer feedstocks

- Alternative drying technologies, for example microwave dry-

ing

Of these options, the open-cycle heat pump or superheated-steam dryer
has the highest potential for saving energy. Other advantages of
drying in superheated steam include its inert atmosphere, enhanced
drying rates, improved product quality, and easier drying control
(Al,B2-4,C7-9,F5,G1,H10,K1,K4,L1,M4,M8,P4,R2,57,T2,V6,W3,Y1-2]. Dis-
advantages are limited essentially to the need for a more complex
drying system and cohdensation problems. In particular, temperature-
sensitive materials must be dried under vacuum to prevent degrada-
tion. An excellent review of the merits of superheated-vapour drying

has been presented by Beeby and Potter [B3].
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In practice, cost will be an important factor in selecting a drying
system. Therefore an economic comparison of a superheated-steam dry-
ing system and an air=drying system must be performed. Cost-optimized
drying systems must be designed for air and for steam and the running

and investment costs in the two drying media must be compared.

A dryer can only be designed if drying data on the material to be
dried are available. The most important drying data are the drying
rate curve, which indicates how gquickly a material dries, and the
sorption isotherm, which indicates to what remaining moisture content
a material can be dried. These data cannot be obtained theoretically
but must be determined experimentally for each material. In conven-
tional testing equipment, drying rate curves and sorption isotherms
can only be measured in air. Therefore special equipment must be

designed to determine these data in both air and steam.

With the help of mathematical models, the recorded drying data can
then be extrapolated to conditions different from those used in the
experiment. In general, mathematical drying models are very complex
and are of limited practical interest to the processing industry.
Furthermore, the available models were developed for air drying and
cannot be wused directly for steam drying as the mechanisms of mois-
ture movement are different in these two drying media. Therefore it
is useful to develop a simple model that takes into account the dif-
ferences between moisture movement in air and in steam and that does
not require extensive computer software and hardware for its solu-

tion. This model must then be verified on the experimental drying

rate curves.

Finally, the recorded data and the findings must be incorporated into
an economic study of air and steam drying. The comparison should be
done for optimized drying systems in air and in steam. The influence
of the operating conditions on the running costs and investment costs

of the two systems should be studied.



2. SUPERHEATED-STEAM DRYING

The concept of superheated-steam drying is not new. It dates back to
the beginning of this century [B3,F5] and was arose out of the need
for greater energy efficiency and faster drying. In the following
chapters a literature review of theoretical studies and practical

applications of steam drying is presented and discussed.

2.1 Principle of superheated-steam drying

The principle of steam drying is best understood by comparing it with
conventional air drying. In a conventional air dryer such as that
shown in Figure 1, ambient air is drawn into the system by a blower,
passes through a heater where it is heated up to the inlet tempera-
ture, and then enters the dryer itself. Wet feed is introduced into
the dryer and comes into contact with the hot dry air; dry product

and cold humid air leave the dryer.

Exhaust
—_—r
Feed
—
Dryer
Product

Blower Heater
——{CD}— MJ

Figure 1: Conventional air dryer

In a conventional convective dryer, roughly 50 % of the energy sup-
plied is used for evaporation, and more than 30 % is lost as sensible
heat with the exhaust [B4]. Some of the sensible'heat may be recov-
ered by partial recirculation or by heat exchange with the incoming
air. lLarge, expensive exchangers are required to heat the incoming

“air to a temperature approaching that of the exhaust air. The largest
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energy content in the exhaust gas is the latent heat of the evapo-
rated moisture, and, to recover this, the exhaust has to be cooled
down to below the dew-point (typically below 60 °C). Even then, the

latent heat can never be recovered completely.

A schematic diagram of steam drying is shown in Figure 2. The dryer
operates in a closed cycle. Steam that is circulated by a blower
passes through a heater where it is brought up to the inlet tempera-
ture and then enters the dryer. At the outlet of the dryer, the ex-
haust is split into two streams. The circulating steam is fed back to
the blower, and an amount of steam equivalent to that arising from
the evaporation of the moisture is split off from the system. This
split-off stream consists of pure steam and can be used for heating
purposes either inside or outside the drying system. The energy of
this steam is set free at a low temperature (boiling point} and as
such cannot be used satisfactorily inside the drying system. If the
energy 1is required inside the drying system, expensive equipment is
needed to raise the temperature level at which the energy is set
free. If the split-off steam can be used without raising the tempera-
ture level at which the energy is set free, for instance outside the
drying system to heat water or to preheat process streams, then the

use of expensive heat-exchanging equipment can be avoided. Which

route should be followed is, in the end, a decision based on eco-
nomics.
Circulation steam Exhaust
<3 o>
Feed
—
Oryer
Y
Praduct
T
Blower Heater
A (W\4

. Figure 2: Superheated-steam dryer
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Inside the drying system, the energy of the split-off steam may be
recovered by compressing the exhaust steam and subsequently condens-
ing it. The condensation temperature of the exhaust steam is above
that of the recirculating Steam, so an additional heat source is not
needed. The high—-pressure steam leaving the compressor may be used to
heat the recirculating steam 1in a direct-contact dryer (convective
dryer} as shown in Figure 3, or to heat the wet particies by means of
internal heating elements in an indirect-contact dryer (conductive

dryer} as shown in Figure 4.

In the direct-contact system, all the heat necessary for evaporation
is supplied by the circulating steam. The amount of heat obtainable
from a unit mass of steam is determined by its temperature drop as it
passes through the dryer. The exit temperature cannot be reduced
beiow the condensation point, so the inlet temperature of the steam
has to be high (often above 170 °C) in order to supply adequate heat
at an economical steam flow rate. Consequently the heating steam must
condense at a correspondingly high pressure (800 kPa to 1 000 kPa),

and this places high demands on the compressor.

Circulation steam Evaporation steam
< =
Feed
—
Oryer Compressor
Product
Blower Heater ’ Y
et}
Condensate

Figure 3: Convective superheated-steam dryer with

mechanical vapour compression
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Dryer
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Product ;
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Compressor

Condensate

Figure 4: Conductive superheated-steam dryer with

- mechanical vapour compression

In the indirect-contact system, the heat necessary for evaporation is
supplied by the compressed steam condensing in heating elements in-
side the dryer. High heat transfer coefficients may be obtained, so
low temperature driving forces are acceptable, and the heating steam

may be at a low pressure (200 kPa to 400 kPa).
Because conductive dryers are generally more efficient than convec-

tive dryers and make fewer demands on the compressor, the second

route is to be preferred. The major problems with this route are:

Condensation of the circulating steam in the pipes

Condensation occurs at any cold spots.

Fouling of the heat transfer surfaces inside the dryer

If the dryer is operated with sticky material, the danger of fouling

is increased.
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Steam superheating after compression

The steam leaves the compressor highly superheated. These high
temperatures can damage the compressor and lead to poor heat transfer
coefficients in the heating elements. This is avoided in systems in
which the cooling water is injected directly into the compression

chamber.

In summary, drying in superheated steam provides the opportunity of
recovering both the sensible and the latent heat that is normally

wasted in the exhaust from conventional dryers.

2.2 Applications of steam drying

Superheated-steam drying was first mentioned by Hausbrand [H5] at the
beginning of the century. Industrial applications of this drying
method were confined to the timber industry. Due to unsuitable equip-
ment and lack of knowledge of superheated-steam drying, this drying
method was forgotten and it was only in the 1950s that interest in
superheated-steam drying revived with a series of theoretical investi-
gations [C7-9,M8,T3,W3]. The main objective was to compare the rela-
tive rates of drying in air and in steam. Even though these investiga-
tions shed some light on superheated-steam drying, confusion resulted
from the divergences in the results obtained. In 1970 Yoshida and
Hyodo [Y2] found the explanation for the contradictory results experi-
mentally and introduced the term 'inversion temperature'. Below this
temperature drying is faster in air than in steam; above this tempera-

ture drying is faster in steam than in air.

Up to this time commercial applications had been limited due to the
lack of incentive for more energy-efficient drying methods and for
tighter air pollution control. After the energy crisis of 1973, there
was an ever-increasing interest in superheated-steam drying. This
interest has continued and has resulted in a large number of theoreti-
cal and experimental investigations [B3,C7,C10,C12,F2,F4-5,G1,H8,K4,
K7,M4,P4,57,V6]. Today superheated-steam drying is being applied in a

number of industries. Conventional dryers and newly developed dryers
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have been used with steam. In the following subsections, the applica=-
tions of steam drying are divided into different groups, depending on

the type of dryer that is used.

2.2.1 Kiln dryers

The first kiln dryers employing superheated steam as the drying me-
dium were wused in the timber industry as early as 1908 [M4]. In
general, timber can be dried faster in steam than in humid air. Rosen
[R2] carried out steam-drying tests under pressure on a variety of
timber boards. He found a reduction in drying time for green-yellow
poplar timber (from a moisture content of 110 % down to 10 %) from
five to seven days down to 30 hours, and for red ocak (18 % to 6 %
moisture content) from five to ten days down to 24 hours. The dried
timber showed some discoloration but the structure of the wood was

intact and only a little internal stress was present.

Rosen [R2] found the capital and operating costs of drying in steam
to be lower than those for drying in air. The cost of a pressurized
steam-drying system was 5 % less than that of a conventional dryer.
The heat input into the system (0,82 kWh per kg of water evaporated)

was considerably less than the heat requirements of conventional

dryers.

Miller [M4] evaluated the economics of three drying processes in the

timber industry:
- conventional air drying
- high-temperature air drying, and

- superheated-steam drying with vapour compression.

Theoretical heat balances for drying southern yellow pine from a
moisture content of 105 % to 10 % were made. The heat needed to evapo-
rate moisture is compared with the total energy needed (to raise the

temperature of the wood, raise the temperature of the kiln and compen=-

sate for heat losses) in Table 1.



Table 1: Heat energy requirements in Megajoules for
drying of 29 338 kg of southern yellow pine
from 105 % to 10 % moisture content (dry basis) [M4]

Heat energy | Conventional High-temperature ! Vapour compression
drying drying drying

Energy to 65,3 65,0 63,5

remove

moisture

Total energy 101,5 102,9 39,7

consumption

Efficiency 0,64 0,63 1,6

In the case of the vapour compressor, the steam is compressed to
700 kPa and leaves the compressor highly superheated at 405 °C. This
high temperature requires a specially designed compressor. In addi-
tion, the compressor has to accommodate a varying steam flow rate
while maintaining a constant outlet pressure. The compressed steam is
fed 1into heating coils, condensed and used to heat the circulating
steam inside the drying kiln. The extractives and preservatives from
the timber that are dissolved in the steam may damage the compressor

and foul the heating coils.,

2.2.2 Spray dryvers

Benstead [B4] has presented a mathematical model of a circulating
superheated-steam drying system. The excess steam produced by evapora-
tion is split off and compressed and is then condensed in a heat
exchanger and used to heat the circulating steam. The model can be
used to determine the necessary sizes of the compressor, fan, flash
chamber and heat exchanger. The compression pressure is selected such
that the condensation temperature will exceed the temperature of the
inlet steam. Water injection into the compressor is useful for con-
trolling the degree of superheating and for improving compression
efficiency. The mathematical model shows that the performance of the
dryer is most sensitive to steam leakages, dryer inlet temperature

and compressor efficiency. Leakages should be less than 10 % of the

drying rate.
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Experimental runs were made on a spray dryer with a bone nutrient
product, paracetamol and dairy products [B4]. Some problems arose.
Because of the lower dynamic viscosity of steam, droplets travel 60 %
further in steam than 1in air. Deposition problems on the walls of
spray dryers can occur unless the atomizer is modified. Further, the
high temperature of the droplets in steam drying may lead to degrada-
tion of heat-sensitive products. Difficulties 1in transporting the

product out of the dryer were also experienced.

The lower density of steam results in higher relative velocities in
steam drying, so higher Reynolds numbers are achieved which favours

heat transfer. Benstead estimated a 40 % saving in running costs.

Gauvin and Costin [Gl] developed a mathematical model for dimension-
ing spray dryers. The aim of their study was to compare operating and
capital costs for steam and air drying. Costs were determined for
industrial=-size spray dryers designed to dry solutions of sodium
nitrate in air and in superheated steam. The designs were optimized.
Capital costs for steam drying were 33 % lower and operating costs

21,5 % lower than those for air drying.

2.2.3 Fluidized=bed dryers

In 1962 Basel and Gray [B2] reported on a fluidized-bed dryer in
which polypropylene was dried in a superheated-vapour mixture of
hexane and isopropylalcohol. The evaporated solvent was then recov-
ered from the exhaust by condensation. In conventional propylene
production, an intermediate product is formed that is wet with sol-
vent and alcohol. This material is then washed with water, yielding a
water/alcohol solution that must be fractionated to recover the sol-
vent, and a water-wet product that must be dried. Dryingvof the wet
polymer with the superheated solvent eliminates the water-washing and
fractionaiing step and, in addition, provides an economical drying
system with' considerable heat economy because of the much lower
latent heat of the solvent.

In 1960, a full-scale facility was commissioned. The authors [B2]

report that the system went on stream with a minimum of operational
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difficulties and rapidly reached design capacity. The boiling point
of the solvent vapour is 62 °C, so, compared with superheated steam,

condensation was not a significant problem.

Keogh and Potter [K4] described a drying system for coal using a
fluidized bed with internal heating elements. The system consists of
a battery of multiple-effect dryers. Coal is fed separately into a
high-pressure, a medium-pressure and a low-pressure stage. The dried
coal leaves each dryer at the corresponding pressure. The heating
elements of the high-pressure dryer are operated with steam supplied
from a boiler. The dryer exhaust is split into two parts: one part is
recirculated to the fluidized bed; the other part is fed into the
heating elements of the medium-pressure dryer where it condenses and
releases its latent heat for drying. This pattern is repeated in the
second stage. The condensate from the heating elements of the low-
pressure stage may be used as feed water to the boiler. This system

is designed to be used in a power station.

Potter et al. [P4] used a pilot plant to dry 0,25 t h=1 of brown
coal with a 66 % moisture content. The system worked well, with heat
transfer coefficients of 340 W m=2 K-l being obtained for opera-

tion at atmospheric pressure., Operation at 1 300 kPa was expected to

double this value.

2.2.4 Pneumatic conveying dryers

A superheated-steam dryer based on the principle of pneumatic convey-
ing is described by Svensson [S7] and by Frame et al. [F5]. The
dryer consists of a closed pressurized system, in which the material
to be dried is exposed to indirectly heated steam. Superheated steam
circuiates inside the dryer at a pressure of 300 kPa to 600 kPa and
serves as transport gas for the wet material. This flows through-a
cascade of heat exchangers and conveying pipes. The dried product is
extracted in a cyclone and the steam is recirculated. The heat ex-
changers are heated with high-pressure steam from an external source.
Operating parameters have to be chosen in such a way as to limit
fouling of the heat-exchanging surfaces and to prevent clogging of

the equipment. The heat transfer coefficients were found to be three
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to four times those of air drying (965 Wm =2 K=1 to 1 136 W m=2 K~1),
and the average drying rates were two to three times higher than in

air drying.

This system may be wused for pulp and paper, and for industrial and
agricultural wastes. The first commercial-size steam dryer for 50 00O
metric tons of pulp per year was erected in Sweden in 1981. This

equipment uses 62 % less energy than a conventional flash dryer.

In a later study, Hilmart and Gren [H8] used this equipment success-
fully for the drying of wood residues. They studied specifically the
heat transfer coefficients from the tubes to the material and found
them to be in accordance with theoretically estimated data. Fouling
occurred on the heat-exchanging tubes. By increasing the temperature
of the superheated steam at the inlet into the dryer, fouling was

reduced.

2.2.5 Impingement jet dryers

Steam drying can be applied for the drying of paper [C12] or printed

matter [K7] on an impingement jet dryer.

Cui et al. [Cl12] present a mathematical model for determining the
constant drying rate and the energy requirements of drying in super-
heated steam. They validated their model on an experimental unit.
Energy requirements are predicted to be as low as 640 kJ kg=1 of
water evaporated. Typical energy consumptions in conventional air
dryers are betwéen 5 020 and 7 100 kJ kg~l of water evaporated. The
effect of Jjet pressure, jet temperature and jet velocity on the
energy requirements is discussed. Further tests to evaluate the

product quality more closely are recommended.

Kiemm et al. [K7] investigated the use of an impingement jet dryer
for the drying of heatset inks. In air-drying equipment, the equi-
librium moisture content of the printing paper is strongly reduced
during this drying process. Subsequent interaction with moisture in
the air causes waves in the paper which reduce the optical quality of

the printed products. In steam drying, the equilibrium moisture con-
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tent of the printing paper can be maintained and the formation of
waves in the paper can be prevented. A further advantage of using
superheated steam as the drying medium is the higher evaporation
rates of the solvents that are used for the printing inks. Evapora-
tion rates were found to be 15 to 25 % higher in steam. The solvents
could be recovered by condensing the steam and separating the oily
phase from the water phase. There was only a slight loss in the

glossy quality of the paper due to the steam.

2.2.6 Other types of dryer

Akao et al. [Al] designed a steam dryer for soy sauce cake. Because
of its high protein content, soy sauce cake is an excellent animal
feed and fertilizer mix; however, objectionable odours must be re-
moved before it can be marketed. Superheated-steam drying proved to
be effective for this task. Tests were done on a pilot-plant fluid-
ized-bed dryer. Various problems, including erosion, corrosion and
fires, frequently occurred due to oil condensation and dust accumu-
lation. It was consequently decided to choose an indirectly heated
dryer for commercial application. A cylindrical-tube dryer equipped
with a rotating high-speed agitator, having 30 impellers inside, was
selected. Saturated steam at a temperature of 176 °C was injected
into the heating Jjacket. Superheated steam in the temperature range
200 °C to 250 °C was introduced directly into the dryer. The wet soy
sauce cake at 12 % moisture content was pulverized and then fed into

the dryer. The dried product left at a moisture content below 5 %4. The

2,2 t h=1 commercial plant has been in operation since December 19380,

Theoretical and practical studies were carried out at EDF (Elec-
tricité de France) ([F4,M2] on a steam-drying system incorporating
mechanical vapour compression. The system is applied for the drying
of beetroot pulp and lucerne. The energy performance of the steam-
drying system was compared with that of existing air dryers. For the
conversion of the existing drying systems to steam dryers, a payback
period of between two and three years was found. Pilot plant studies
on a rotating kiln dryer and a belt dryer were successful. Problems

were only experienced at start-up due to decompression of the dryer

when the compressor was switched on.
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An application of superheated-steam drying in the filtration field is
described by Emmett and Dahlstrom [El1]. They found that, by blowing
steam through the filter cake during the filtration operation, the
remaining moisture content of the filter cake could be reduced to
such an extent as to eliminate a possible subsequent drying step
comp]etely.- This system was tried on a pilot-plant basis for iron ore
concentrates with a reduction of the moisture content from 15 to
10 %, for salt with a reduction of 27 % in energy requirements and
for an intermediate organic product with an increase of 67 % in pro-
duction rate. Applications were tested on disk, drum and horizontal

belt filters.

2.2.7 Product quality

The above review of the basic research into superheated-steam drying
has shown that its advantages over conventional air drying include
higher overall drying rates, shorter total drying times and energy
savings. Other advantages can arise with certain materials and when
specific product quality characteristics are required. For example,
oxidizable materials have to be dried in an inert atmosphere. Steam
is non-reactive with many substances, does not contain the pollutants
often present in flue gases, and is generally cheaper than a nitrogen

supply.

Foods are particularly sensitive to oxidation. In experiments with
potato siices, Yoshida and Hyodo [Yl] found that the browning that
occurred in air drying was eliminated by drying in steam. More impor-
tantly, the vitamin C content of the product increased from 3,4 % to
5,5 % when drying in steam as a result of less oxidation of the vita-
min. For these reasons, and because of the absence of pollutants,
steam 1is considered to be an attractive drying medium for the food

industry.

When drying in steam, the final moisture content of the product can
be controlled by selecting a suitable steam temperature. The higher
the degree of superheating, the lower the final equilibrium moisture
content. For example, Potter et al. (P4] found that when drying

Victorian brown coal in steam at 110 °C, the final moisture content
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was 17 % by mass. By increasing the temperature to 170 °C, the mois-
ture content could be decreased to 3 %. These data also indicate that

drying to low moisture contents with steam is feasible.

wWhen drying in air, the final moisture content can also be decreased
by increasing the air temperature. In tests with wood pulp, Svensson
[S7] found that, for the same temperature, the moisture content in
air was Jlower than in steam over the entire temperature range
studied. This was considered a positive attribute because the chances
of overdrying are reduced. The same applies to the drying of heatset
inks described by Klemm et al [K7]. In steam drying the equilibrium
moisture content of printed matter 1is maintained and the optical

quality of the product improved.

The porosity of the product can be affected by the choice of drying
medium, Because boiling occurs internally when drying in steam, in-
creased porosity of non-rigid materials can be obtained [W3]. The
opposite effect may be obtained when solutions are dried. Because the
solution is at a higher temperature when drying in steam, the crystal-
lization period is delayed and the dried product is generally more
compact [M8].

2.3 Theory of drying kinetics in air and in steam

The drying kinetics of a material determine the size of the drying
system needed and are of prime importance for the design of the dry-
er. Drying kinetics are often discussed in terms of the drying rate
curve which gives the rate of drying as a function of the moisture
content of the material. For different materials the drying rate
curve shows different shapes. It is widely accepted practice to sim-
plify the drying rate curve by dividing it into four distinct
regions:

- heating-up period,

- constant drying rate period,

- first falling drying rate period and

- second falling drying rate period.
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Not all materials exhibit all four of these drying regimes, but such
a division is a good basis for discussing the drying behaviour in air

and in steam.

At the start of drying, the material is generally cold. During the
heating-up period, heat is transferred to the material and is used
partly to evaporate moisture and partly to heat up the material., The
témperature of the material increases until a point is reached where
all the heat that is transferred to the material is being used for
evaporating moisture. The temperature of the material does not in-
crease any fhrther but remains constant. This is the beginning of the

constant drying rate period.

During the constant drying rate period, evaporation takes place from
the surface of the solid. The drying rate remains constant for as
long as the moisture in the interior of the solid arrives fast enough
to keep the surface above the maximum hygroscopic moisture content.
The vapour that 1is released must be transported to the bulk of the
drying medium. The drying rate is therefore controlled largely by the
external heat and mass transfer, as governed by the physical proper-

ties of the medium, its velocity and its temperature.

As drying progresses, the mean moisture content of the wet material
drops linearly with time wuntil it reaches a point called the upper
critical moisture content. At this point the rate of moisture trans-
fer from the interior of the solid is no longer sufficient to keep
the surface above the maximum hygroscopic moisture content and the
rate of drying starts to decrease. The value of the upper critical

moisture content depends on the ease of moisture movement through the

solid.

During the first falling drying rate*period, the surface dries out in
patches anq its temperature starts to rise above the wet-bulb tempera-
ture. The drying rate decreases because of the lower temperature
difference between the surface and the medium, and also because part
of the evaporative surface is already dry. Nevertheless, the drying
rate continues to be influenced by the external conditions because
most evaporation takes place from the surface. Eventually, when the

surface of the solid is completely dried out, evaporation begins to
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take place within the pores of the material. This marks the start of
the second falling drying rate period; the moisture content at this

stage is called the lower critical moisture content.

During the second falling drying rate period, the rate of drying is

controlled by the rate of moisture (liquid and vapour) transfer in-
side the solid, and not by external conditions. The surface tempera-
ture continues to rise until it reaches the temperature of the drying

medium (dry=bulb temperature).

Drying stops when the moisture content reaches the equilibrium mois-
ture content, which is the lowest moisture content to which a mate-
rial can be dried under specific conditions of temperature and humid-
ity. At the . equilibrium moisture content, moisture is trapped in
interstices and pores or adsorbed on surfaces and exhibits a vapour

pressure that is lower than that of the pure liquid at the same tem-

perature.

Typical drying rate curves for the drying of clay in steam and in air
[H10] are shown in Figure 5. The curves clearly show a constant drying
rate period and a falling drying rate period for both media. Under the
prevailing conditions (Tg = 300 °C; m=4 500 kg m™2 h~1), the drying
rate in steam 1is higher than that in air except during the last
stages of drying when the moisture content is very low. In addition,
the critical moisture content 1is lower when drying in steam. This
means that the constant drying rate period = during which drying
rates are high - is prolonged. As a consequence the total drying time

in steam is significantly shorter.

The effect of temperature is further illustrated by the data of Trom-
melen and Crosby [T2] who investigated the drying of droplets of
solutions suspended in a gas stream. Their results for a solution of
coffee extract are presented in Figures 6 and 7. The ratio of the
actual to the initial moisture content is recorded as a function of
time. (The results cannot be presented in the form of a drying rate

as a function of time because the decrease of the surface area of the

droplet with time was not recorded.)
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Figure 5: Drying rate curves for clay in air and in steam [H10]

At 145 °C, drying 1in air occurs faster than in steam. The time re-
guired for total drying is 40 % shorter in air. Qualitatively, one
can see that, in this case, drying is faster during the constant
drying rate period. For the later stages of drying, no conclusions
can be drawn from these figures. At a temperature of 250 °C, drying
occurs faster in steam than in air. The total drying time is shorter

by 25 % and the drying rate during the constant drying rate period is

higher in steam.

The above two examples clearly illustrate the dependence of the rela-
tive drying rates in steam and air on the operating conditions. The
data also indicate other differences in behaviour during the constant
and falling drying rate periods. It is therefore useful to investi-

gate the drying characteristics in each drying regime separately.
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Figure 7: Temperature evolution of a droplet of coffee extract

during drying in air and in superheated steam [T21
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2.3.1 Heating=up period

In steam drying, the material is heated up by condensation of steam
on the surface of the material. The amount of condensation depends on
the superheating of the drying steam, on the physical properties of
the material and on its moisture content. The steam that condenses
increases the moisture content of the material and must again be
removed during the course of drying. As condensation occurs on the
surface of the material, it is generally easily removed and is not
seen as a drawback to steam drying. Furthermore the condensation
keeps the surface wet and prevents case hardening, a situation that
often occurs with organic materials and in which the outer surface of
the material closes and so prevents the moisture inside from reaching
the surface. This considerably reduces the kinetics of drying. In
order to prevent excessive condensation in steam, the material must

be preheated.
In air drying, condensation does not occur unless the humidity of the

drying air is close to saturation, a case that does not occur in

practice.

2.3.2 Constant drying rate period

As mentioned before, the drying rate during the constant drying rate
period is governed by external processes of heat and mass transfer,
the mechanisms of which are discussed below. Furthermore, in this
section, literature data from experimentally determined drying rates
are discussed to illustrate important differences in heat and mass
transfer characteristics that must be considered when choosing be-
tween drying in air and drying in superheated steam. Before these
rates of drying are discussed, the data are examined in terms of

semi-empirical correlations of transfer coefficients.

2.3.2.1 Fundamental mechanisms of drying in air and in steam

The fundamental difference between air drying and steam drying during

the constant drying rate period lies in the mechanisms by which these
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drying processes take place. In air, drying takes place by evapora-

tion, whereas in steam, drying takes place by boiling.

Evaporation means that drying can occur at temperatures below the
boiling point. The vapour pressure of the liquid is below the system
pressure. The speed of drying is governed by two driving forces, as
represented in Figure 8. The first one is based on mass transfer from
the evaporative surface to the bulk of the drying medium, and the
second one on heat transfer from the drying medium to the evaporative

surface.

The drying medium of air is unsaturated and hence not in equilibrium
with the evaporating moisture. In its effort to reach equilibrium,

the air absorbs the evaporating moisture and increases its humidity.

Driving force Oriving force
mass transfer heat transfer

"ﬂ__ Lm

z ev qev

LSS e Y LSS

Figure 8: Driving forces in air drying

Heat must be supplied to the liquid moisture to enable it to change
into vapour. This heat is drawn from the drying medium. A kinetic
equilibrium is reached when the heat supplied by the drying medium is
equal to the energy required for evaporation. The driving force for
heat transfer is the temperature difference between the air and the
evaporative surface. The driving force for mass transfer is the dif-
ference in saturation between the evaporative surface and the bulk of

the drying medium. If one assumes that the air at the surface is
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saturated, then its humidity is determined solely by its temperature.
The higher the temperature, the higher the humidity and the greater
the driving force for mass transfer, but the lower the driving force
for heat transfer. For given air conditions (temperature, humidity)
there is one temperature at which kinetic equilibrium is reached.
This is called the wet-bulb temperature and it is dependent on the
humidity and the temperature of the air. The higher the humidity or

the temperature, the higher the wet-bulb temperature.

In Figure 9 temperature and pressure profiles are presented for steam
drying. The vapour pressure of the liquid moisture is equal to the
system pressure and drying occurs by boiling. The drying rate is
governed by one mechanism only, that is heat transfer from the steam
to the drying surface. There is no resistance to mass transfer and
all the heat that is supplied to the surface is used for drying. The
boiling point is independent of the steam conditiohs and is a

function of the system pressure alone.

Oriving force
heat transfer

m
z ev ayv

ian N

Figure 9: Driving forces in steam drying
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2.3.2.2 Convective heat transfer

Drying rates are often determined experimentally by using either pan
dryers or suspended dropliets. In pan drying, the samplie rests in a
pan placed in the centre of a duct through which the drying medium is
blown by a fan. Evaporation can be determined by measuring the mass

loss of the sample or the humidity increase of the drying medium.

In the suspended dropliet dryer, a droplet is produced at the tip of a
tube and 1is dried in a vapour stream. The mass loss of the droplet

and its temperature are recorded as functions of time.

Hyodo and Yoshida [H10] have correlated the data of a number of
authors in terms of the Colburn j=factor. The data are shown in

Figure 10 and the correlations are summarized in Table 2.
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Figure 10: Literature data of Colburn j~factor for heat transfer

in steam as function of Reynolds number
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Table 2: Correlation of drying data in terms of the Colburn j-factor

Author Correlation for j=factor
Wenze! and White [W3] 18,8 Re=0,57
Chu et al. [C8] , 10,5 Re=0,65
Chu et al. [C9] 19,6 Re=0,46
Hyodo and Yoshida [H10] 0,0673 Re=0,2

Published results differ considerably, especially at low Reynolds
numbers. Chu et al. [C9] showed that a long calming section up-
stream of the pan is essential to create laminar or transitional flow
of the drying medium over the pan. In tests without the calming sec-
tion, the experimental results fall on a line that represents an
extension of the turbulent flow line. In tests in which the calming
section was much longer than the length of the pan, a distinct transi-
tion region was found. This shows that if the calming section is too
short, a pseudo-turbulent flow is obtained; even though the Reynolds

number indicates laminar flow, the flow pattern is turbulent.

In forced convective heat transfer, a laminar flow layer is formed at
the beginning of the pan. This layer increases in thickness along the
length of the pan and collapses after a certain length to generate a
turbulent flow layer. For Reynolds numbers lower than the critical
Reynolds number, the laminar layer exists over the whole length of
the pan. For above-critical Reynolds numbers, the laminar layer
exists over the first part of the pan and is then replaced by a turbu-
lent layer. It is impossible to specify the value of the critical
Reynolds number, as this depends strongly on the shape of the pan's
edge, the roughness of the sample being dried and the ratio of the
height of the duct to the depth of the sample [W3]. The effect of the

channel boundaries on the flow of vapour around the pan is shown in
Figure 11,

At turbulent Reynolds numbers, the experimental data do not show such
a wide discrepancy. This indicates that in a turbulent regime the

data are less dependent on the geometry of the experimental system.
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Figure 11: Effect of channel boundaries on flow pattern
through'ducts [W3]

In suspended-droplet investigations, there is better agreement. The
heat transfer coefficients are normally correlated in terms of the
Nusselt number and the Reynolds number. The general equation, called

the Ranz and Marshall equation, may be written as follows:
Nu = C1 + Co Re0,5 pr0,33 (1)

The constant C; represents the Nusselt numher at zero flow and for
spheres has a value of 2. The constant C» is determined experimen=-

tally.

Toei et al. [T1] investigated the evaporation of water drops into
superheated steam and into mixtures of steam and air for flows in the

range 9 < Re < 120. They obtained a value of 0,65 for C».
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Trommelen and Crosby [T2] carried out an extensive study of the evapo-
ration of various aqueous suspensions and solutions into air and

steam. They recommend a value of 0,6 for Co.

In the Reynolds number range for which the above correlations are
valid (9 < Re < 120), the calculated Nusselt numbers for C2 = 0,6
and C» = 0,65 vary by a maximum of 6 %. This variation is within
the 1limits of experimental error, so the difference in the reported

values for C2 is considered to be insignificant.

Lee and Ryley [L2] studied the evaporation of non-spherical droplets
of water into superheated steam. They reported a value of 0,74

for C2. This correlation is applicable only to non-spherical drop-
lets and should not be compared with those for spheres, because the

flow profile around the droplet is different.

In the above examples, heat transfer coefficients and flows have been
represented by dimensionless groups. This practice serves to
eliminate differences in transfer rates resulting from differences in

physical properties and flow geometries. For example, at the same

mass flux h, where
m = pu (2)

the Reynolds numbers (Re = u d »p n‘l) in air and steam are dif-

ferent. We have:

mg = my (3)
or

Ps Us = pa Ua (4)

The ratio of the Reynolds numbers in the two media is then:

Res - (Ps Us,, Na )
Rea Ns '‘Pa Ua
Na

ne (5)
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Because the dynamic viscosity of steam is lower than that of air at
the same temperature and pressure (150 °C; 100 kPa; na/ns = 1,68), the
Reynolds number for steam is higher. It is possible therefore that at
the same mass flux, heat transfer in steam may take place in the tur-

bulent regime, and in air in the laminar regime.

2.3.2.3 Evaporation rates

Several investigators have compared the kinetics of evaporation in
air and in superheated steam for the constant drying rate period.
Flat pans [C8-9,W3], wetted wall columns [Y2] and suspended droplets
[M8,T3] were used. For flat pans and wetted wall columns, higher
drying rates were generally found in superheated steam. Only for low
tempefatures were drying rates higher in air. ‘For suspended droplets,

steam drying rates were higher above 220 °C.

Chu et al. [C9] investigated the drying of sand in several super-
heated-steam/air mixtures. The authors correlated the drying rates
during the constant rate period with the mass flow rate of the gas

over a range of temperatures. At mass flow rates above 1,22 kg m=2 s-1
drying rates for superheated steam were higher than those for air

even at low temperatures (air, 138 °C; steam, 121 °C).

More data were reported by Wenzel and White [W3] who investigated the
drying of sand in pan dryers during the constant drying rate period.
They used superheated steam over a range of temperatures, mass flow
rates and pressures. They compared their results with those for the

evaporation of water.

Evaporation rates for the drying of sand were found to be 20 % higher
than those for evaporation from a pan of water. This was explained in
terms of the roughness of the sand surface which both promotes turbu-
lence and has a larger evaporative interphase compared with a flat
surface. Nevertheless the drying rate curves for evaporation of water
and drying of sand follow the same pattern during the constant rate
period. This 1is to be expected because drying rates during the con-
stant rate period are governed by external conditions of heat and

mass transfer. The temperature of the drying surface is constant and
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equal to the temperature of a liquid surface under the same condi-
tions. It is therefore concluded that evaporation from a liquid sur=-
face can be wused to simulate drying during the constant drying rate

period.

Wenzel and White [W3] found the evaporation of water to be faster in
steam than in air. In both media heat is transferred by convection
from the gas to the water surface and to the outer surface of the
pan. The heat transferred to the water surface is immediately used to
vaporize the water. In steam drying the temperature of the water is
at the boiling point. The heat transferred to the walls of the pan
vaporizes the water close to it. The evaporated water rises in the
form of bubbles. The boiling heat transfer coefficient is very high

and consequently the heat transfer resistance is very low.

In air drying, the water is at the wet-bulb temperature (i.e. below
the boiling point) and the heat that is conducted through the pan
walls must be transferred through the water to the surface before
evaporation can take place. This resistance to heat transfer is not
negligible. The higher evaporation rates in steam can therefore be
attributed to the higher heat transfer through the pan walls. Wenzel
and White ([W3] did additional experiments with well=-insulated pans

but again found higher evaporation rates in steam.

Chu et al. [C8] investigated the evaporation rates of water,
l1-butanol and benzene. The evaporation rates of these liquids into
their superheated vapours were compared with data for the evaporation
of the same liquids into air obtained by other authors. It was again
found that the relative drying rates were temperature-dependent. For
example, the evaporation of water into steam was faster than into air
only for temperatures of the drying medium higher than 125 °C; for
temperatures higher than 100 °C, the evaporation of benzene into its
superheated vapour was faster in steam than in air. The results are

presented in Figures 12 and 13.
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2.3.2.4 Inversion temperature

The experimental studies have indicated that the relative rate of
evaporation in air and in steam is dependent on gas temperature and
velocity. In an attempt to quantify this phenomenon, Yoshida and
Hyodo [Y2] measured the evaporation rate of water into air, humid air
and superheated steam. The tests were done on a wetted wall column in
which the convective heat transferred to the water could easily be
measured and where errors due to radiative and conductive heat trans-
fer were negligible. The inlet temperature, flow rate and humidity of
the gases were varied. The results.are qualitatively presented in

Figure 14.

Dry air /

_______ Humid air, Y, <Y, /

Humid air, Y,>Y, /

Drying rate

Ty Tun2 Ty T,

Temperature

Figure 14: Inversion temperature

The diagram can be divided into two regions. At low temperatures,
evaporation takes place faster in dry air than in superheated steam;
the higher the humidity of the air, the lower the drying rate. As the
temperature is increased, however, the drying rates in steam and in
humid air increase relative to that in dry air. Eventually a tempera-
ture - called the inversion temperature - is reached at which the
drying rates are the same, independent of the humidity. Above the

inversion temperature, drying occurs faster in steam than in air. The
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value of the inversion temperature was found to vary with the flow
rate of the drying medium; the higher the flow rate, the lower the
inversion temperature. Yoshida and Hyodo [Y2] give values of 160 °C

and 176 °C for gas velocities of 15 m s~1 and 5 m s~! respectively.
The inversion point may also be influenced by surface conditions of
the evaporating liquid and 1is dependent on the properties of the

material being dried.

A theoretical explanation of the inversion temperature was not given
in the paper. However, the Ranz and Marshall equation {Egquation 1)
predicts higher heat transfer coefficients in steam than in air,
Another important parameter in determining the evaporation rate is
the driving force for evaporation, that is, the temperature differ-
ence between gas and liquid. At low temperatures, close to the boil-
ing point, the driving force for superheated steam drying is signifi-
cantly lower than for air drying. This is because the temperature of
the drying surface is at the wet-bulb temperature for air drying and
at the boiling point for superheated-steam drying. The higher the
temperature of the drying medium, the smaller the difference in driv-

ing force becomes.

The evaporation rate during the constant rate period can be repre-
sented as the product of the heat transfer coefficient and the temper-

ature driving force:

h AT
Mey =-W (6)

Because the temperature difference between drying medium and product
is lower in steam than in air, the evaporation rate in steam is lower

than indicated by the ratio of heat transfer coefficients.

Danilov and Leonchik [D1] compared the drying rates in air and in
steam on a theoretical basis. He expressed the evaporation rate by
the difference in chemical potential between the evaporative surface
and the bulk of the drying medium. His approach was based entirely on
the mass transfer and did not take into account the heat transfer,
The wet-bulb temperature of air was fixed at 60 °C. Danilov found an

inversion temperature at which the driving force in steam becomes
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greater than the driving force in air. However, for a complete theo-
retical explanation of the inversion temperature, heat and mass trans-
fer must be considered simultaneously, as these processes determine

the wet-bulb temperature.

Nomura [N1] presents a mathematical model to determine the inversion
temperature for the -evaporation from a horizontal plate. If heat
effects due to radiation are neglected, then the locus of the inver-
sion temperature does not change with the mass flow rate of the dry-
ing medium. If radiation is considered, the locus of the inversion
temperature is shifted to lower temperatures when the mass flow rate
is increased. The theoretical resuits were confirmed by experimental

use of a closed=circuit dryer.

[f a dryer 1is operated at temperatures below the inversion tempera-
ture, the rate of recirculation of the humid exhaust air is limited
because the drying rate decreases as the humidity increases [Y2].
This is not a constraint above the inversion temperature, because the

drying rate is then higher in humid air than in dry air.

2.3.3 Critical moisture content

The first {(upper) critical moisture content that marks the end of the
constant drying rate period is not only a function of the drying

material, but also a function of the drying rate during the constant

rate period.

During the constant rate period, liquid transferred through the body
of the material is evaporated from the surface. As long as the sur-
face remains wet, the drying rate stays constant. Because the inter-
nal moisture concentration decreases as drying progresses, the rate
of moisture transfer decreases. At some stage, a point is reached
where the transfer rate is insufficient to keep the surface above the
maximum hygroscopic moisture content. The surface then dries out in

patches and the drying rate decreases.

If drying is slow, the liquid has more time to diffuse to the sur-

face, which remains above the hygroscopic moisture content even when
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the material has a low mean moisture content. If drying is fast, the
surface starts drying out at higher mean moisture contents, and the
critical moisture content is consequently also higher. In other
words, the higher the drying rate, the higher the critical moisture

content.

The mobility of the liquid inside the sample also has an important
effect on the critical moisture content. In superheated-steam drying,
the surface is at the boiling point of water; in air drying it is
close to the wet-bulb temperature. The higher temperature in steam
drying promotes the mobility of the liquid and so the critical mois-
ture content 1is lower [L5]. Therefore the constant rate period is
extended in steam drying, and the total drying time is shorter than

in air.

2.3.4 Falling drying rate period

Not many experimental data suitable for comparing steam and air dry-

ing are available for the falling rate period.

In tests with clay, Yoshida and Hyodo [Y2] found that the second
falling rate period did not occur in steam drying, whereas distinct
first and second falling drying rate periods were detected when dry-
ing in air, A comparison of the rates of drying in steam and in air
can be made with the reported data only for a temperature of 300 °C.
At this temperature, the drying rate during the falling rate period
is distinctly higher in steam drying. This supports the argument that
the higher particle temperature in steam drying promotes the mobility
of moisture inside the materijal. Note that during the second falling
drying rate period, the drying rate is completely governed by the
moisture mobility inside the material. The differences between air
drying and steam drying in the falling drying rate period will be

discussed in more detail in Sections 4.4 to 4.7.

2.3.5 Evaporation of droplets

The evaporation of droplets 1is discussed separately, as there the
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drying circumstances are different from those in the evaporation from

flat surfaces and from wetted wall columns.

2.3.5.1 Droplets of pure water

Trommelen and Crosby [T2] investigated the evaporation of droplets of
water in air and in superheated steam to simulate conditions in a
spray dryer. For both drying media, the evaporation was described as
taking place in two distinct periods:

- an induction period

- a constant temperature period.

The constant temperature period is equivalent to the constant rate
period for particle drying. In the case of droplets, however, the
rate is not constant as the surface area and diameter are continually
changing; this affects both the area available for evaporation and

the transfer characteristics between the droplet and the gas phase.

According to Equation 7, the ratio of the heat transfer coefficients
for droplets of different diameters is equal to the inverse of the

square root of the ratio of the droplet diameters.

h d 0,5
T = () (7)

As the droplet dries, the drying rate (expressed in kg s‘l) dimin-
ishes because the evaporative interface diminishes. However, because
the heat transfer coefficient increases with decreasing diameter, the
specific drying rate (expressed 1in kg m~2 s~l) increases as the
droplet dries. This means that a constant drying rate period does not

occur for the evaporation of droplets.

During the induction period, the temperature of the droplets rose
from the initial temperature to the equilibrium temperature of the
system at which it stayed during the constant temperature period. As
shown in Figure 15, the equilibrium temperature in superheafed steam
corresponds to the boiling point of water at the pressure of the

system. In air drying this temperature 1is close to the wet-bulb



- 35 -

200 T I 1 | ¥ T 1 1 1
Steam T=200 °C
160 +— |
| Aip T=202 °C Alr T=135 °C .
Q
° 10
e Steam T=130 °C
D = i
[1~]
[
(e8]
g 80 —
—_
40 —
0 ! | I | ! | ! | 1 |
0 20 _ 40 60 80 100 120 140
Time, s

Figure 15: Temperature evolution of a droplet of water during

drying in air and in superheated steam [T2]

temperature. The difference between droplet temperature and wet-bulb

temperature results from the radiative and conductive heat transfer

to the droplet.

The evaporation rates increased from their initial value to a maximum
at the beginning of the constant temperature period. As the droplet
dries, it gets smaller and the evaporative surface shrinks. There-
fore, during the constant temperature period the rate of evaporation

continually decreased. The evaporation data are shown in Figure 16.

For both drying media, evaporation increased with the velocity and
temperature of the drying medium. The difference in evaporation rates
between air and steam decreased with increasing temperature. The
highest temperature used in the investigations by Trommelen and

Crosby [T2] was 200 °C. Even at this temperature, the evaporation

rate remained higher for air than for steam.

In the tests by Trommelen and Crosby, the temperature of the drying

medium was kept constant. In a spray dryer, however, the droplet is



- 36 -

1 1 i 1 l 1 l 1 1 T
Steam T=130 °C i
Air T=135 °C
0.8 — Steam T=200 °C ]
- u AiP T=202 °C .
=
& 06— _
-
e _
@ -
a
S 04— —
=
5 o N
0.2 [— —
0 | . | | . | . | . | .
0 20 40 60 80 100 120 140
Time, §

Figure 16: Drying rates of a droplet of water in air

and in superheated steam [T2]

exposed to a descending temperature as it moves through the dryer.
Crowe et al. [C10] developed a mathematical model to study this
phenomenon in air and in steam. They found that for droplets of an
initial diameter of 200 um and an inlet temperature of the drying
medium of 200 °C, drying times were 75 % shorter in air than in
steam. The explanation for this was found by studying the temperature
evolution of both droplet and drying medium during their contact pe-
riod. The temperature of the droplet during the constant drying rate
period is at the boiling point (100 °C at 100 kPa) in steam drying as
compared to the wet-bulb temperature (for most drying operations
around 50 °C) in air drying. The energy for heating the droplets up
and for evaporating +the moisture is delivered by the drying medium.
Due to this thermal coupling, the temperature of the drying medium
decreases. Because the heat capacity of steam is higher ({roughly
double] than that of air, the temperature of the steam decreases less
than that of air for the same mass flux. Crowe et al. calculated
that the temperature of steam would fall to 150 °C and that of air to

90 °C. This means that the temperature difference between drying
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medium and droplet is similar in air drying and in steam drying.
Because of higher heat transfer coefficients in steam, the drying

rates are higher.

In superheated-steam drying, a certain amount of condensation occurs
on the droplet during the induction period. The amount of condensa-
tion depends on the degree of superheating and on the initial tempera-
ture of the droplet. An unsupported droplet initially at 30 °C will
experience a maximum increase in weight of about 12,5 % when exposed
to steam at 150 °C at atmospheric pressure [M8]. This means that the
initial moisture content of the droplet is increased before drying
starts. The steam that condenses on the drop during the induction

period has to be evaporated again during the course of drying.

2.3.5.2 Droplets of solutions

Such evaporation is of interest, as it offers additional insight into

the differences between drying in air and in steam.

In his study of the evaporation of solutions, Moyers [M8] divided the
drying cycle into four parts:

- induction period,

- evaporation period,

- evaporation/crystallization period, and

- heating—-up period.

These periods are discussed in terms of the temperature of the core

of the droplet, as shown in Figure 17.

Induction period

The drying behaviour of the solutions during the induction period is

the same as that of pure water droplets.
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Figure 17: Drying periods for droplets of solution

Evaporation period

Solutions do not exhibit a constant temperature period; instead, the
temperature rises throughout the drying period. This is because as
the droplet dries, the solids concentration increases and the water
vapour pressure decreases. In superheated steam, the temperature rise
is less than in air drying, and is equivalent to the change in the

boiling point elevation as the droplet becomes more concentrated.

Evaporation/crystallization period

A solid crust is formed around the liquid core of the droplet. The

liquid part of the droplet stays at a constant temperature during
this period, becauﬁe its concentration is constant. The crust devel-
ops a resistance to heat and mass transfer and the evaporation rate
decreases. The droplet temperature in steam drying is higher than in

air drying. As solubility generally increases with temperature, the
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crystallization period is retarded and the evaporation period extend-
ed. Although evaporation was normally faster in air during the evapo-
ration period, complete drying was sometimes faster in steam. The
reasons are firstly the extension of the evaporation period, and,
secondly, the greater permeability of the crust when formed in steam.
Around 200 °C and for the same linear velocity of the drying medium,

the evaporation rates are the same.

Heating—-up period

During the heating-up period the particle, now dry, quickly reaches

the gas temperature.

2.3.6 Drying theories

The constant drying rate period can be modelled relatively easily, as
the processes of heat and mass transfer from gases to solids are well
known. A drying model that covers the falling drying rate period as
well is more difficult to develop. Indeed, the mechanisms of heat and
mass transfer inside the porous body must be described by physical
formulas. The inner pore structure of a rigid capillary porous body
consists of a complex net of capillaries that change in diameter and
shape, and are interlinked and very tortuous. Therefore it is under-
standable that the modelling of the flow of heat and mass through

such a matrix is not an easy task.

The moisture transfer inside the porous material can be attributed to

different mechanisms [K3]:

- Vapour diffusion through the inert gas in the pores

- capillarity flow in the liguid phase through the pores

- Flow caused by a pressure gradient in the liquid and vapour
phases

- Flow caused by a vaporization-condensation sequence

- Flow caused by gravity (mainly in coarse-pored particles)

- Flow caused by shrinkage

- Flow caused by an electrical potential (electro-osmosis)

- Flow caused by a temperature gradient (thermodiffusion)
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Although more than one of these mechanisms of flow may be effective

at one time, only one predominates in a solid at any given time dur-

ing drying. However, a different mechanism may predominate at a dif-

ferent time during the drying process. These mechanisms have been

included partially in the drying theories. The drying models can be

divided into several categories according to the principles they are

based on:

- Liquid diffusion theory

- Capillarity theory

- Theory of combined vapour diffusion and liquid capillarity
motion

- Theory embodying the principles of irreversible processes

- Evaporation-condensation theory

- Theory of evaporation from a front withdrawing into the body
Some of the theories may be applied to the whole drying process,

whereas others are applicable only to very distinct periods in the

drying process [K3].

Liquid diffusion theory

This theory was first proposed by Sherwood [S6] who postulated that
the mass transfer rate is proportional to the gradient in moisture
content. The advantage of this assumption is the convenience of em=-
ploying the analogy in heat and mass transfer and the availability of
mathematical solutions for the -equations [C3]. The gravitational
forces and capillary forces are negiected. Unfortunately it was not
possible to fit the theoretically predicted moisture profiles to the
measured values if a constant diffusivity was assumed. The diffusion-
al theory describes the movement of moisture from a high to a low
moisture content. However, it has been shown [C3] that, when the
right differences in pore space exist, moisture can flow from a low
concentration to a high concentration. So it became obvious that if

Sherwood's diffusion theory fits experimental data, this is generally
accidental [B7].
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Capillarity theory

This theory was first proposed by Buckingham in 1907 [B10]. He intro-
duced the concept of capillary potential and postulated the mechanism
of unsaturated capillary flow. Liquid moisture is moved to the evapo-
rative interface by forces based on the surface tension. The model
was of the same form as Darcy's law for fluid flow through porous
media, but the hydraulic conductivity was found to be a function of
the moisture content of the solid [N3]. In the later stages of dry-
ing, when the capillary forces cease to act, this theory fails, un-
less the hydraulic conductivity is changed accordingly. It is however
not useful to describe a phenomenon using wrong assumptions, even

though the end-result may be correct.

Theory of combined vapour diffusion and liquid capillary motion

This theory was introduced independently by Krischer [KS] in engineer-
ing and by Phillip and de Vries [P2] in soil science. Liquid moves by
capillarity through the pores of the solid, while vapour flows by
diffusion through the empty pores. This theory is more plausible than
the simple capillary theory, as in the later stages of drying the
capillary motion of the liquid is strongly reduced and the moisture
movement occurs mainly in the vapour phase. The two phases, liquid
and gas, are treated separately, so that two sets of conductivities
have to be determined. These conductivities depend strongly on the

moisture content, the temperature and the nature of the solid.

Theory embodying the principles of irreversible processes

This theory was developed by Luikov [L5] and is based on the applica-
tion of the methods of the thermodynamics of irreversible processes
to the case of internal heat and moisture transfer during drying.
Liquid and vapour moisture move on the basis of the same driving
forces, namely moisture content gradient, pressure gradient and tem-
perature gradient. Luikov stresses the importance of the influence of
the temperature gradient on the moisture movement and shows that
moisture can flow against the moisture content gradient if the appro-

priate temperature gradient exists.
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Evaporation-condensation theory

In the -evaporation-condensation theory, the migration of moisture
takes place entirely in the gaseous phase. This theory can definitely
only be applied to the later stages of drying, as it excludes the

mechanism of capillary motion [H47.

Theory of evaporation from a front withdrawing into a body

This theory 1is based on the assumption of evaporation from an inter-
nal interface parallel to the surface. The evaporating plane retreats
into the porous material as drying proceeds. The region above this
plane contains dry solids and vapour, whereas the region below con-
tains solid, liquid and vapour. Each region is characterized by an
effective thermal conductivity and molar diffusivity. There is evi-
dence of the existence of such an interphase, even though the limits
of this interphase are not all that strict, but the jump in moisture

content takes place over a limited distance.

As Keey [K3] points out, none of the mechanisms of moisture transfer
can be wused alone in order to describe the drying of porous solids.
Depending on the drying stage, different mechanisms prevail. There-
fore theories that are built on a single mechanism cannot describe
the whole drying cycle, unless the transfer coefficients are allowed
to vary drastically with moisture content. The drying process is then
being described by a mechanism that is not acting and the purpose of

investigating the mechanisms involved in drying is defeated.

The early theories neglected the influence of the heat transfer on
the mass transfer and treated the phenomenon of drying isothermally.
Today, however, it is accepted that the heat transfer cannot be
neglected in the description of the drying process. The inclusion of
the heat transfer phenomenon in the drying model increases the degree

of difficulty of the solution drastically,

Work was and is being done by many researchers to investigate the
influence of a temperature gradient on the mass transfer [C2,K13,L3,

P2,P5]. The difficulty in determining suitable transfer coefficients
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still limits the incorporation of this phenomenon into practical

drying models.

It has also been found that the mechanisms that govern the drying
process depend on the drying conditions. In gentle drying at low
temperatures, the pressure inside the particle can be assumed to be
constant and no pressure gradient exists inside the material. If the
drying process is speeded up, moisture evaporates faster inside the
material than it can be transported to the outer surface. This
creates a pressure buildup, which helps to evacuate the moisture.
This phenomenon is dealt with by Krischer and Kroll [K9] and
Luikov' [L5] but, 1in general, when the drying theories should be
tested on experimental data, this phenomenon was neglected. The
importance of moisture transport on basis of a total pressure

gradient is shown by Moyne and Degiovanni [M9].

In the drying models, little is taken into account about the transfer
of heat through the material. Heat is transferred by conduction, by
convection and by evaporation and condensation sequences. The con-
vective component can generally be neglected, as was shown by
Luikov [L5]. The heat conductivity is strongly dependent on the
moisture content of the body. A study of this was done by Moench
[M6]. In general, the heat conductivity is assumed to be constant

throughout the body or to vary according to an empirical relation.

The development of a drying model that describes the process as
accurately as possible leads to a set of partial differential equa-
tions. These equations are highly non-linear and require sophisti-
cated computer hardware and software. Therefore the solution of such
models was hampered until fairly recently [T4]. In the past, simpli-
fications were made to the models to put them into a solvable form.

Obviously these simplifications also placed a limitation to the

models.

Berger and Pei [B5] investigated Krischer's theory assuming constant
transfer coefficients. It is obvious that this approach cannot lead
to a satisfactory solution, but it gives an indication of the impor=-

tance of the different transfer mechanisms.
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Novak and Coulman [N3] solved their model by taking into account the
temperature and moisture content dependence of the transfer coeffi-
cients. They tested their model on the drying of sand. The movement
of moisture vapour was assumed to take place only by diffusion. As
the drying of sand was carried out at low temperatures, this assump-
tion proved to be satisfactory. A more universal model requires the

inclusion of transfer effects due to total pressure gradients.

Imakoma et al. [I1] developed an isothermal model, in which no
parameters need to be determined by drying experiments. Moisture
moves in the liquid phase on the basis of capillary pressure gra-
dient, total pressure gradient and by surface flow. Most theories
neglect the effect of a total pressure gradient on the flow of liquid
moisture and often try to include the movement of adsorbed water in
the coefficient for capillary motion. Moisture moves in the vapour by
diffusion and by viscous flow. Imakoma et al/. verified their model
by doing drying tests of alumina at relatively low temperatures
(81,5 °C). They found that the moisture transfer in the vapour phase
is only of secondary importance. During the beginning stages of dry-
ing, most of the moisture moves in the liquid phase by capillarity
and during the later stages of drying, the adsorbed water flow is
predominant. This theory is attractive in so far as the transfer
mechanisms are related to fundamental principles of mass transfer.
The major drawback is the exclusion of heat transfer effects and of

moisture movement by temperature gradient.

Moyne and Degiovanni [M9] developed a model taking into account mois-
ture movement on the basis of a temperature gradient. They tested
their model by means of drying tests on a Ytong slab and found that
moisture movement on the basis of temperature gradients was negligi-
ble. The transfer coefficients that were used were determined theoret-
ically. This theory was also extended to drying in superheated steam

by modifying the boundary conditions.

Most of the drying models assume equilibrium between the vapour in
the gas phase and the liquid moisture in the pores. Hadley [H2]
presents a theory that does not need such an assumption. In the

so-called non-equilibrium model, a mass transfer coefficient must be
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determined for the local evaporation of moisture. If the moisture
content of a material falls far below the critical moisture content,

the assumption of equilibrium is no longer valid [B6].

Van Brakel [B7] gives a critical review of the drying models. He
states that basically the same type of description is used in all the
drying models. The differences arise from the transfer mechanisms

that are used to describe the drying process.

The more wuniversal a drying model, the more complex it becomes. As a
result, a large number of parameters have to be determined. Transfer
coefficients can be determined from purely theoretical consider-
ations, theoretical considerations corrected by empirical functions
or from purely empirical functions adapted to measured data. Another
problem that arises from complex models is the difficulty in solving
a system of partial differential equations (PDE). Even though pbwer—
ful computer hardware and software are available, standard procedures
for solving PDEs cannot be used in the solution. The solution pro-
grams have to be 'custom made' and require an extensive mathematical
knowledge of the problem. Even then the processing time of these
models 1is very long and they remain of little practical value. This
does not mean that these models are of no use at all. They further
the knowledge of the mechanisms involved in the drying process and
provide the means for simulating the drying process, so that few

experimental tests are required.

In this thesis, a model is developed to describe the differences in
drying behaviour in air and in steam. The model is based on the prin-
cipal transfer mechanisms that act during drying. These mechanisms
are different in air and in steam. The use of extensive computer

hardware and software for the solution of the model was avoided.
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3. EXPERIMENTAL
Standard equipment for determining drying characteristics in steam is
not available. Therefore new equipment and procedures had to be devel-
oped. These are described below.

3.1 Physical properties of the drying materials

The material used in the experimental drying tests was selected

according to following criteria:

Fasy fluidization

This study focuses on fluidized bed drying. Therefore the experimen-

tal drying material should be easily fluidizable,

Sphericity

The drying rates and gas-to-solid heat transfer coefficients will be
modelled mathematically. In order to test the models on the experimen-
tal data, the external surface of the particles must be determined.
This 1is much easier to do for spherical particles than for angular

particles.

Narrow size distribution

As mentioned, the external surface of the particles must be measured
as accurately as possible. This 1is most easily done for spherical

particles with a narrow size distribution,

Diameter around 2 mm

In this study, the gas-to-solid heat transfer coefficient will be
measured. The method for calculating it is based on the determination

of the temperature profile in the fluidized bed. If the particles are
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too small, the temperature profile cannot be measured accurately. Fur-

thermore, for particles larger than 500 um, a large amount of litera-

ture data is available for comparing with the experimental results.

High moisture absorption and exhibition of

a constant drying rate period

The drying rate curves that will be recorded should cover both the
constant and falling drying rate periods. At the temperatures that
will be used {up to 275 °C), the drying rates are high and consequent-
ly the drying times are short. For the evaluation of the drying data

it is desirable that the drying time should be at least a few
minutes. After a heating-up period the material should exhibit a
constant drying rate period, which 1is necessary to determine the
gas-to-solid heat transfer coefficients. Therefore a material should
be chosen that has a high moisture absorption (to give a reasonable
drying time) and has an adequate hygroscopicity (so that a constant

drying rate period and a falling drying rate period are recorded).

Abrasion resistance and temperature resistance up to 275 °C

For an accurate measurement of the drying rates, the material must

not degrade at operating temperatures.,

Rewettability

If the material is rewettable, the amount that is needed for the

experimental program can be kept small.

Rigidity

The mathematical modelling of the drying process is‘simplified by

choosing a material that does not exhibit any geometric changes dur-
ing drying.
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The selection criteria made it difficult to find suitable materials.
Finally alumina and molecular sieve were selected as the most appro-
priate materials. The physical properties of the materials, as commu-

nicated by the manufacturers and as measured, are given in Table 3.

Table 3: Physical properties of the test materials

Property Alumina Molecular sieve
Particle diameter, mm 1,63 2,2
Particle density, kg m % 640,00 1 240,0
Skeletal density, k? m=3 3 083,00 2 124,0

Pore volume, cm® g~ 0,8137 0,2575
Mean pore diameter, nm 11,9 1,5

*Manufacturer's data

Alumina has fairly large pores and is a non-hygroscopic material. On
the other hand, molecular sieve has fairly narrow pores and is a
hygroscopic material. Hygroscopic and non-hygroscopic materials repre-
sent the two extremes in the shape of the drying rate curves of granu-
lar porous materials. Therefore alumina and molecular sieve are the
ideal materials for comparing the drying kinetics of the different

materials in air and in steam.

3.2 Experimental equipment for measuring drying rate curves
in fluidized beds

In conventional equipment for measuring drying rate curves in fluid-
ized beds, the drying rate is measured indirectly from the humidity
uptake of the drying medium. In steam drying this technique is ob-
viously not applicable. Special equipment had to be developed to

study the drying kinetics in steam drying.

3.2.1 Requirements for the drying equipment

For a meaningful comparison between air and steam drying, the drying
rate curves in steam and in air should be determined in the same

equipment. Furthermore the variation of the drying kinetics with
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drying conditions must be investigated. Therefore the equipment must

operate according to following criteria:

- Drying rate curves must be measurable in air and in steam.

- The inlet tempefature of the drying medium must be variable
over a large temperature range.

- The inlet temperature of the drying medium must be accurate-
ly controllable,

- The flow rate of the drying medium must be able to be
varied,

- A large amount of materials must be able to be processed.

3.2.2 Choice of a fluidized bed for determining

drying rate curves

The design of any type of dryer requires knowledge of the drying
kinetics of the material to be dried. In principle this information

can be obtained in two different ways:

1) Determination of drying rate curves in the type of dryer
that should be designed.

In drying equipment (tray dryer, fixed-bed dryer, etc.) the
state of the drying medium, as well as the state of the
material to be dried, changes with its location in the
dryer. This means that a drying rate curve is linked to the
apparatus in which it is measured. Therefore a drying rate
curve that is recorded in a certain type of egquipment can be
used to. design only this type of equipment; for example, a
drying rate curve recorded in a tray dryer can, strictly

speaking, only be used to design a tray dryer.

2) Determination of the drying characteristics of a representa-
tive sample of the material (slab, single particle, etc.)

under various drying conditions

In this case the drying kinetics of a small sample of the
material are determined. This information cannot be used
directly in the design of the dryer but must be linked to a
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model describing the temperature and humidity profiles of
the material and the drying medium inside the dryer. This
approach is more universal, as any type of dryer can be
designed on the basis of the measured drying characteris-
tics. However, the use of drying models introduces some
degree of inaccuracy, the magnitude of which depends on the

type of dryer to be designed.

The drying rate that is measured in a fluidized bed is the average of
the drying rates of all the particles. Due to the well-mixed behav-
jour of the material in the fluidized bed, the drying rate of a
single particle at the inlet conditions into the dryer can be deter-
mined after some mathematical transformation of the recorded drying
rate of the total bed mass (as will be shown in Section 4.5.2). The
inlet conditions of the drying medium into the dryer (temperature,
flow rate) are kept constant during one experimental run. After
completion of the experimental programme, drying characteristics of a
single particle are available for a number of different drying
conditions. This information can then be used to design other drying
equipment. In addition, fluidized-bed dryers can be designed directly
on the basis of the measured drying rate curves. This is why a

fluidized-bed dryer was chosen for recording the drying rate curves.

3.2.3 Description of the experimental eqguipment

A schematic diagram of the drying rig is shown in Figure 18. The main
part of the rig consists of a fluidized-bed dryer that rests freely
on a balance. The dimensions and shape of the dryer can be seen on
Figure 19. The bed is connected via two flexible diaphragms to the
steam and air supply lines. The incoming gas stream is divided and
enters the base of the dryer horizontally and from opposite sides. In
this way the horizontal components of the impulse forces counterbal=-
ance each other, so that they exert no tilting force on the dryer.
The effect of the change of momentum of the flowing gas and the
change of buoyancy during drying on the balance reading is negligi=-
ble. An in-depth discussion of the influences of the flowing gas on

the balance reading is presented in Appendix K. The effectiveness of

the diaphragms is discussed later in this chapter,
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Either air or steam can be supplied as the drying medium. For air
operation, compressed air flows via a pressure regulator to a dehumid-
ification unit. The dried air is metered in a rotameter and is heated
before it enters the dryer. Temperatures of up to 350 °C can be at-
tained in the electric heater. All pipes downstream of the heater are
wrapped with heating tape and are lagged. The temperatures of the gas
entering the dryer and leaving the dryer are monitored by thermocou-
ples. Furthermore the temperature of the gas at various heights above
the distributor plate is measured. All of these temperatures are
recorded at regular intervals. The ~exhaust gas is blown to atmo-
sphere. For steam operation, moisture is removed in a condensate

collector before the steam is metered and heated.

The dryer is a Dewar jacket consisting of a double-walled Pyrex-glass
vessel that s evacuated and covered with a silver deposit on the
inside. This deposit contains a windoQ 5 mm wide through which the
fluidization can be observed. On top of the dryer is an opening
through which the material can be fed in. This opening can be closed
with  a spring-loaded lid. The inlet and outlet sections of the vessel
are wrapped in heating tape, which is insulated and regulated by an
on/off temperature controller. This design ensures that heat losses
are virtually eliminated and that condensation does not occur within
the bed. The inner diameter of the jacket is 103 mm and its height is
200 mm, allowing operation with a bed height of up to 100 mm. The
upper part of the wvessel 1is conical, so as to eliminate particle
entrainment. A screen, made of a fine wire mesh, is used to prevent
fines that may be present in the bed material from escaping and being
recorded as weight loss. The distributor plate for the fluidized bed

consists of a 6-mm-high layer of small glass beads that are sand-

wiched between two screens,

The balance is a commercial Mettler balance, type PE-16. The maximum

mass that can be measured is 16 kg, and it is accurate to within
0,1 g.

The diaphragms that connect the drying vessel to the supply plumbing
are shown . in Figure 20. Each diaphragm consists of two brass sheets
0,3 mm thick Jjoined with a brass tube. One sheet is fixed to the

rigidly supported supply plumbing, and the other to the fluidized
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Figure 20: Diaphragm assembly

bed. Horizontal and vertical movements of the dryer are dampened by
the flexible brass sheets as shown in Figure 21. The effectiveness of
the diaphragms was tested in preliminary tests. Dry material was
fluidized in the equipment and the balance was tared. Different
weights (100 g, 150 g and 200 g) were put on top of the fluidized
bed. They were measured with an accuracy better than 0,6 %. The dia-
phragms have the added advantage of damping vibrations originating
from the supply plumbing. A bursting test showed that the diaphragms

can withstand an over-pressure of 70 kPa.

3.2.4 Experimental procedure for measuring drying rate curves

Before the experimental run, the material must be wetted. This is
done in a commercial laboratory fluidized bed made by BUCHI. This
fluidized bed 1is equipped with a pneumatic nozzle for spraying
liguids onto the fluidizing material. Distilled water is fed by a
peristaltic pump into the nozzle, where it is atomized by compressed
air and sprayed onto the testing material. A preweighed amount of dry
material, corresponding to one experimental run, is fluidized in the
BUCHI equipment at ambient conditions and wetted with a preweighed
amount of distilled water. The wetting conditions (flow rate of the
fluidizing air) are kept identical for all the wetting tests. This

ensures that the resulting moisture content of the material is always
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the same. The wetted material is removed from the fluidized bed and
is stored in a sealed glass container, where it is kept for 24 hours

before use. This allows the material to absorb the moisture evenly.

For the drying tests, the flow rate and the inlet temperature of the
drying medium are set. The fluidized bed is empty. After the drying
conditions have been reached and have remained constant for 15 min-
utes, the data acquisition program is readied and the actual test can
begin. The flow of drying medium is stopped. The material to be
tested is quickly added to the dryer via the opening in the lid. A
funnel is wused to prevent spillage. After this the opening is closed
with a spring-loaded stopper. The flow of drying medium is switched
on again, the balance is zeroed and the data acquisition program is

started. This operation takes around 15 seconds.

The data that are gathered by the data acquisition system are stored
on floppy disk and are also displayed on the screen of the PC, so
that the drying process can be monitored. Depending on the drying
conditions and the material, the tests last between 15 and 60 min-
utes. The balance reading decreases during drying and when it has
stayed constant for 5 minutes, the drying test is finished and the

data acquisition program is stopped.

The shutdown procedure differs in steam and in air operation. With
steam operation, the steam flow is slowly turned down, while the air
flow is slowly opened. The air flow is used to purge the dryer of all
remaining steam. The procedure is done in such a way that condensa-
tion of the steam 1is prevented. When the steam valve is completely
closed, air is left blowing through the material for a short time
before it is switched off. With air operation, this is not necessary.

After a drying test, the air flow is switched off immediately.

The material is sucked out of the dryer with a small vacuum cleaner.

The operating conditions for the next test can then be set.

In preliminary tests it was shown that the material is completely
dried after a drying test. The material was weighed and dried in a
vacuum oven for 12 hours., The resulting weight loss was negligible.

This is understandable, as temperatures over 100 °C are used.
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3.2.5 Experimental programme

the experimental drying programme. "A'" indicates that

Table 4 shows

the test was performed with air and "S" that the test was performed

with steam.

Table 4 Experimental programme

Mass flow rate of drying medium, kg h-1 i
Temperature Alumina Molecular sieve j
[-] C ‘
16,70 | 19,27 | 22,76 | 21,06 | 24,41 25,96 ‘
75 A A A A A A
100 A A A A A A
125 A/S A/S A/S A/S A/S A/S
150 A/S A/S A/S A/S A/S A/S
175 A/S A/S A/S A/S A/S A/S
200 A/S A/S A/S A/S A/S A/S
225 A/S A/S A/S A/S A/S A/S
250 A/S A/S A/S A/S A/S A/S
275 A/S A/S A/S A/S A/S A/S
| | | o
For each material three mass flow rates of the drying medium were
chosen. The mass flow rates were selected in such a way that when the
material was wet, it still fluidized at the lowest mass flow rate and
when it was dried, it was not entrained at the highest flow rate.
Therefore the selected mass flow rates for alumina and for molecular
sieve are different. For the comparison between air drying and steam
drying, the same mass flow rate of the drying medium was chosen.
Therefore the mass flow rate of the drying medium was the same in air

as in steam.
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The temperatures were varied in 25 °C-steps from 75 to 275 °C. Higher
temperatures could not be used because of the limited conversion
range of the A/D-converter chips. At the two lowest temperatures (75

and 100 °C) steam tests could not be performed for obvious reasons.

The bed height was fixed at 60 mm for all the tests.

3.2.6 Date acquisition and processing

The weight readings of the balance appear on a liquid crystal dis-
play, but can also be read via a digital output on the balance. This
output is fed directly into a microcomputer where it is collected and
processed by a data—acquisition program. [t is subsequently stored on
floppy disk and displayed on the screen of the PC. The frequency of
the data transmission 1is fixed by the hardware to five readings per
second. In preliminary tests it was shown that such a high frequency
is not necessary for the determination of the drying rate curve. As
the data are stored on floppy disks, these would be filled up very
quickly if the high transmission frequency were to be maintained. For
these reasons, the data-acquisition software averages the weight
readings over an interval of 10 seconds (corresponding to 50 read-
ings) for drying tests below 200 °C and over an interval of 5 seconds
{corresponding to 25 readings) for tests above 200 °C. The averaged

value is then stored on floppy disk.

The weight readings are not smooth, but fluctuate. The reason for
this fluctuation can be found in the fluidization process itself.
During fluidization, the level of the fluidizing mass in the dryer is
not stable. This is due to bubbles that are generated at the distribu-
tor plate. These bubbles rise through the bed and 1ift the material
above them. At the surface of the bed, these bubbles burst. The mate-
rial is thrown upwards and then falls back into the bed. The level of
the bed fluctuates around a mean value. When the bed height has
reached its lowest point, the particles are, on average, accelerated
upwards. As the bed height passes through the mean value, the parti=-
cles decelerate in their upwards movement. The bed height then passes
the maximum value and, during the downwards movement, the particles

accelerate again. I[f the positive direction for acceleration is con-
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sidered to be upwards, then the particles experience a negative accel-
eration or a deceleration. After passing through the mean bed height,
the particles decelerate on their downwards movement, which corre-

sponds to an upward-directed acceleration. After that the cycle

begins anew.

In summary, the particles decelerate when the bed height is above the
mean and accelerate when the bed height is below the mean. During
acceleration, a downward-directed reaction force is pushing on the
balance and the balance shows a higher weight than average. During
deceleration, an upward-directed reaction force causes the balance to
show a Jlower weight than average. As the bed height passes through
the average value, the balance indicates the average weight. This
description is based on the assumption that the acceleration and
deceleration forces, as well as the wall friction during acceleration
and deceleration are equal in magnitude. It is however not important
whether the fluctuations occur around a mean value or not, as one is
not interested in the absolute value of the balance reading, but only

in the decrease of the readings with time.

A BASIC program was written for further processing of the data. The
program reads the stored weight readings from the floppy disk into
the internal memory of the PC. The data are then displayed in graphi-

cal form on the screen as is shown in Figure 22.
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Figure 22: Graphical representation of weight readings vs time
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The X-axis represents the number of sample points, which is a measure
for the drying time, and the Y-axis represents the recorded weight.
As the balance is zeroed before the start of the tests and as the
weight of the material decreases during drying, the recorded balance

reading is negative,

The fluctuations in the balance readings are smoothed by using a
filtering technique based on a three-point moving average algofithm.
This technique is widely accepted for the processing of data by com-
puter because of its sfmplicity and its speed [N4]. High-frequency
and low-frequency noises are removed from the drying rate curve. Each

point of the graph is corrected by using following formula:
Wnew,n = 0,25 Woigq n-1 + 0,5 Woig,n + 0,25 Wo1d, n+1 (8]
Where W is the weight reading and n is the n-th point in time.

The smoothing algorithm is applied several times to the curve. After
‘each smoothing the result is displayed in graphical form, so that the
smoothing process can be followed. After 10 to 12 repetitions, the
curve stabilizes and the smoothing process 1is stopped. A typical

result is shown in Figure 23.

The drying rate curve of the material must be determined from this
graph. The drying rate 1is defined as the loss of moisture from the
material per wunit of time. Therefore the slope of the curve deter-
mines the drying rate. The slope is calculated by fitting a straight
line (linear regression) through three consecutive points (e.q.
points 1,2 and 3). The slope of this line then represents the drying
rate at the moisture content of the medium point. After that the
three points are shifted on by one point in time (e.g. to points 2,3
and 4). This procedure is repeated until the whole drying rate curve
has been formed. By a mass balance calculation, the scale represent~
ing the drying time is changed into a scale representing the moisture .
content of the material. The result is again displayed graphically on

the screen and stored on floppy disk. A typical drying rate curve is
presented in Figure 24.
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During the constant drying rate period, the slope of the weight loss
versus time is constant, This slope decreases at the critical mois-
ture content. For an accurate determination of the critical moisture
content, it is necessary that the linear regression be done with the
minimum number of points possible. Indeed, if the number of points
used in the Ilinear regression is too large, the slope of the linear
fit already starts decreasing for moisture contents above the critic-
al moisture content. On the other hand, if the number of points is
too small, the slope fluctuates too widely. It was found that the

best results were obtained using three points.

3.3 Experimental equipment for measuring gas-to-solid

heat transfer coefficients in fluidized beds

The gas-to-solid heat transfer coefficient is an important parameter
in the design of fluidized beds. Furthermore it will be used in this
thesis for transforming the measured drying rate curves into a normal-
ized drying rate curve. No data were found in the literature for
steam fluidized beds and the gas~to-solid heat transfer coefficient

had to be determined experimentally.

3.3.1 Background to the development of the measuring equipment

Two techniques are used for measuring the gas-to-solid heat transfer
coefficient in fluidized beds, namely a steady state technique and an

unsteady state technique.

Steady state technique

In the steady state technique, the temperature of the fluidized bed
is kept constant by either evaporating moisture from the material, by
heat exchange with a surface, or by replacing hot solids with a fresh
cool solid [K12]. By measuring and recording the temperature profile

of the fluidizing gas, the heat transfer coefficient can be deter-
mined.
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The temperature of the fluidizing gas approaches the temperature of
the solids within a very narrow layer (a few mm) above the distribu-
tor plate. Therefore it 1is very difficult to measure this profile
accurately. Even though thermocouples can be made very small, it is
difficult to say at exactly what height above the distributor plate
the temperature was measured. Especially for small particles, in
which temperature equilibrium between gas and solids is reached very

quickly, this technique is not appropriate.

Unsteady state technique

In the unsteady state technique, the temperature of the bed is not
constant but changes with time. The gas-to-solid heat transfer coeffi-
cient is determined from the time-evolution of the exit gas tempera-

ture.

Both techniques require the measurement of gas temperatures and sol-
ids temperatures for the determination of the heat transfer coeffi=-
cient. The inlet and outlet temperatures of the fluidizing gas can be
measured by bare thermocouples. The temperature of the gas inside the
fluidized bed is, however, more difficult to measure. Some investiga=-
tors took it to be the temperature read by a bare thermocouple, and
others took it as that read by a suction thermocouple. It was shown
by Walton et al. [W1] that the suction thermocouple reading is
equal to or higher than the bare thermocouple reading. The reason
lies in the fluidizing behaviour of the material. The fluidizing gas
flows through the fluidized bed in the form of emulsion gas and
bubble gas. The temperature of the emulsion gas is closer to the
solids temperature than is the temperature of the bubble gas. A suc-
tion thermocouple only samples and measures the temperature of the
gas. Therefore the temperature reading of a suction thermocouple lies
between the temperatures of the emulsion gas and the bubble gas.
Furthermore, the temperature of the suction thermocouple varies de-
pending on the sampling velocity, as discussed by Kunii and Leven-
spiel [K12]. If there 1is a large pressure drop over the probe, a
temperature close to the bare thermocouple reading will be measured.
If the pressure drop is small, then a temperature close to that of

the bubble gas will be measured. It is generally accepted that the
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temperature measured by a bare thermocouple lies in between the gas

temperature and the solids temperature [H3].

In the relevant literature, the temperature of the solids was taken
to be the same as either the temperature of the exit gas, or the
temperatufe in the main portion of the bed, or the temperature of the
collapsed bed. If thermal equilibrium is assumed between solids and
gas, the temperature of the solids and of the exit gas will be equal.
It was however found by some investigators [H9] that even for rela-
tively high beds, thermal equilibrium was not reached. One reason for
this can be found in the bubbling behaviour of the bed. Even though
the emulsion gas is in thermal equilibrium with the solids, the
bubble gas is not. This bubble gas then mixes with the emulsion gas
at the exit of the bed and the exit gas temperature will differ from

the solids temperature.

To determine the heat transfer coefficients from the measured tempera-
tures, certain assumptions must be made with regard to the flow of
the gas through the fluidized bed. In early investigations, the fluid-
ized bed was assumed to be a homogeneous system. The flow pattern of
the fluidizing gas was assumed to be plug flow or well-mixed flow.
The influence of bubbles was ignored. In later investigations, Kunii
and Levenspiel [K12] included bubble behaviour in their interpreta-
tion of the measured data. The bubble diameter was assumed to be
constant over the bed height. Kunii and Levenspiel had to choose a
very small bubble diameter to fit the literature data. In practice
the bubble behaviour can also be included by assuming a by-pass mass

flow or by assuming longitudinal mixing of the fluidizing gas [Mi].

Another influence, which is often neglected, is the heat that the par-
ticles exchange with the surfaces of the fluidized bed. Heat exchange
with the walls of the fluidized bed can be minimized by proper insula-
tion. Heat exchange with the distributor plate, however, cannot be
_eliminated as easily. Heertjes et al. [H6] found that the tempera-
ture drop across the distributor plate can be considerable compared
with the temperature drop across the bed. The distributor plate is at
a higher temperature than the solids in the bed and the surface=to-
solids heat exchange in fluidized beds is extremely good, so that the

heat exchange between distributor plate and solids can be consider-
able,
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Most investigations have been done for particle Reynolds numbers
smaller than 100. In this region, the corresponding Nusselt numbers
lie far below the Nusselt number for a single sphere. The reason is
that in this region the assumption of plug flow of the fluidizing
medium is not valid any more and the uneven distribution of the flow
has a negative effect on the heat transfer from gas to solids [S3].
The available literature data show a wide scatter. The proposed
correlations are in very poor agreement, even from a qualitative
point of view [H9]. The reason for this discrepancy lies partly in
the different measurement techniques used, the theoretical assump-

tions made and the filuidization behaviour of the different materials.

For Reynolds numbers higher than 100, better agreement is found in
the experimental data. As shown by Martin [M1], the Nusselt number
can then be determined from the Nusselt number of a single sphere at
free-falling velocity. The Nusselt number for the fluidized-bed sys-
tem does not vary much between minimum fluidization velocity and

entrainment velocity.

3.3.2 Description of the experimental equipment for measuring

heat transfer coefficients in fluidized beds

A steady state technique was chosen to determine the gas-to-solid
heat transfer coefficient., During the constant drying rate period,
the temperature of the material is constant. The temperature profile
of the fluidizing medium is measured by six thermocouples inserted
into the bed at different heights above the distributor plate. A
figure of the experimental assembly is presented in Appendix A.2
together with a discussion of the errors in the determination of the
heat transfer coefficient. The thermocouples are soldered into the
lid of the dryer and are automatically inserted in the fluidized bed
when the 1lid is closed. The thermocouples are of type K and are
protected by a 1/16-inch stainless steel sheath that is open at the
bottom, so that the measuring tip of the thermocouple wires is in
direct contact with the fluidizing medium. The distances above the
distributor plate are 0,5; 2,5; 5; 7,5; 11,5 and 24 mm. With these

distances, the temperature profile can be measured for most drying
conditions.,
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The analog signals of the thermocouples are filtered and sent to an
A/D-converter with built=in cold-junction compensation. The resulting
digital signal is then fed to a microcomputer that stores the tempera=
ture data on floppy disk. These data are stored at the same frequency
as the weight readings, i.e. every 10 seconds for tests below 200 °C

and every- 5 seconds for tests above 200 °C.

A BASIC program was written for further evaluation of the temperature
readings. The program reads the data from the disk into the internal
memory of tke PC and displays them on the screen in graphical form.
The temperatures are displayed on the Y-axis, and the time is dis-
played on the X-axis. There are six curves on the graph, each repre-
senting the temperature evolution with time of one thermocouple.
During the early stages of the test (constant drying rate period),
eachh thermocouple indicates a constant temperature. These data can
then be used for determining the temperature profile over the height

of the dryer.

3.4 Experimental equipment for measuring sorption isotherms

The sorption isotherms of materials are wused in the mathematical
modelling of the drying process. Furthermore, they indicate to what
extent the material can be dried under specific conditions. This is

useful for selecting the correct drying conditions and also for pre-

venting overdrying.

3.4.1 Background to the development of the measuring equipment

The sorption isotherm or moisture isotherm of a material relates the
equilibrium moisture content of this material to the relative humid=-
ity of the drying agent at a fixed temperature. Figure 25 shows sorp-
tion isotherms for various materials. The sorption isotherm is depen-
dent on the nature of the material and is an indication of the
strength of the bonding of the moisture to the solid matrix. Mate-
rials can be divided into non-hygroscopic and hygroscopic. In non-
hygroscopic materials, liguid moisture is not bound to the solid

skeleton and the moisture exerts a vapour pressure equal to the satu-
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ration pressure at the same temperature. In hygroscopic materials,
moisture is bound to the solid skeleton and exerts a vapour pressure

that is lower than the saturation pressure.

The liguid moisture of materials can be divided into free water and

bound water as represented in Figure 26,

The free water is the liquid moisture that exerts a vapour pressure
equal to that of a flat surface of water. This is the water that is
easily removed from the solid. The bonding force can be considered to
be negligible. The free water can then be divided into surface water
and capillary water in the larger pores. The surface water is the
water in a film around the particle. This is the water that is re-
moved during the constant drying rate period. In the larger pores,
the capillary water exerts full vapour pressure, as the curvature of

the liquid surface is not yet pronounced.

The bound moisture is the liquid moisture exerting a vapour pressure
below the vapour pressure of a flat surface of water and is made up
of the condensed capillary water in the smaller pores, the physically

bound or adsorbed water and the chemically bound water,

The condensed capillary water 1in the smaller pores (in general
smaller than 1077 m) exerts a vapour pressure below that of a flat
surface. In order to remove this water, the temperature inside the
body has to be higher than the boiling temperature of a flat surface.

The smaller the pores, the higher the temperature must be.

The physically bound water is adsorbed on the walls of the pores by

physical forces. This water can be removed at higher temperatures,

The chemically bound water is present in the form of hydroxyl ions
and crystal water. The chemical bond is the strongest bond keeping
the liquid moisture bound to the solid matrix. In general chemically

bound water can be removed only at temperatures that are not applied
in drying operations.

The equilibrium moisture content depends on the way in which it is

reached, either by drying (desorption) or by wetting (adsorption). No
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universal explanation has been put forward for this phenomenon of
hysteresis [L5]. In the context of this thesis, the terms sorption

isotherm and desorption isotherm are treated as synonymous.

Sorption isotherms are also strongly temperature-dependent. Data are
available for a large number of materials [K1-2,K9,L5], but are gener-
ally limited to low temperatures (<60 °C). Data for high temperatures
are available for only very few materials (timber, building mate-
rials, paper). In steam drying, temperatures higher than the bpiling
point are reached by the material. It is therefore of spectal in-
terest to know the sorption isotherms of the materials being tested

at these high temperatures.

In principle there are two ways of measuring sorption isotherms,
namely a static method and a dynamic method. In the static method, a
weighed amount of material is exposed to a quiescent air atmosphere
of a certain humidity. This method generally gives very accurate
results, but requires a long time (several days) before the material
is in equilibrium with its surroundings. The humidity of the air is
set by using salt solutions. This method is therefore limited to
lower temperatures. In the dynamic method, air with a set humidity is
blown over a weighed amount of material. Equilibrjum is reached
faster (a matter of hours), but the results are not as accurate. In

this method it 1is difficult to set the humidity of the air accu-
rately.

3.4.2 Description of the experimental egquipment for measuring

sorption isotherms in steam

For this thesis, the static method was chosen because of the simpler
experimental equipment involved. The measuring technique is however
different from standard methods in that the environment of the mate-
rial is not humid air, but pure steam [A2]. The measuring equipment

is shown in Figure 27 and is described below together with the measur-
ing procedure,.

A sample of roughly 300 g of material is wetted with distilled water

using the same wetting procedure as in the drying tests described in
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Figure 27: Measuring equipment for sorption isotherms

Section 3.2.4. The wetted material is then placed in a cylindrical
stainless steel container, referred to as the measuring container.
The material 1is spread in single particle layers onto 15 stacked
glass trays. This provides good contact between the material and the
steam environment and speeds up the achievement of equilibrium. Dis-
tilled water is added at the bottom of the container. The container
is then sealed and placed in a heating jacket. The temperature in the
measuring container s measured with two calibrated thermocouples
inserted at different levels. The pressure inside the measuring con-
tainer is measured by a Bourdon pressure gauge, which is linked via a
water-filled capillary to the measuring container. The heating jacket
is a double-walled, stainless steel cylindrical pot, closed at the
bottom and open at the top. The top can be closed with a 70 mm thick
wooden lid to prevent heat losses. The space in between the double
walls of the container is filled with heating oil. The oil is heated
by a heating tape wrapped around the outside wall of the jacket.
Fibreglass insulation around the jacket prevents heat losses. The

heat 1input into the heating tape is controlled by an on/off tempera-

ture controller. This creates temperature fluctuations of *+ 3 °C on
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the outside wall of the heating jacket. The oil inside the jacket
dampens these fluctuations down to % 0,4 °C on the inside wall of the
heating Jjacket. In the measuring container these fluctuations are
further dampened down to + 0,1 °C by the air surrounding the measur-

ing container.

The measuring container is then heated to the set temperature. When
this temperature is reached, the air inside the measuring container
is sucked out by a water-jet pump. The pressure in the container
falls to 5 kPa. The suction is maintained for half an hour. The dis-
tilled water in the bottom of the measuring container evaporates and
this helps to get rid of all the air inside the container. By weigh-
ing the assembly from time to time, the evaporation process can be
monitored. As evaporation proceeds, the temperature inside the con-
tainer decreases and the rate of evaporation slows down. The evacua-
tion process is then stopped and the container is left to reach the
set temperature again. The evacuation procedure is then repeated
three to four times wuntil all the distilled water in the container
has evaporated. At this point there is no air left in the container.
This can be checked by measuring the temperature and the total pres-
sure in the container. If the pressure is equal to the saturation
pressure at the given temperature, the container is air-free. [f the
pressure is higher than saturation pressure, a certain amount of air
is still present. This may be caused by a leak in the container. If
the pressure Jis equal to saturation pressure then the container is
left at the set temperature for two days. If after that time the

pressure is still the same, the container is well sealed.

To determine the sorption isotherm, the total steam pressure inside

the container and the moisture content of the sample must be measured.

The pressure inside the container is measured by a Bourdon pressure
gauge connected via a capillary to the container. The capillary is
heated at the outlet from the container to prevent condensation. On
the gauge side, the capillary is filled with distilled water, so that

the meniscus lies outside the heated zone on the container side.

The moisture content of the material is measured by weighing the con-

tainer with its contents on a balance. The balance is a commercial
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Mettler balance with an accuracy of 0,1 g. If the weight of the empty
container and of the dry material are known, the moisture content of
the material can be calculated. The weight of the dry material is
determined at the end of the run by drying the sample in a vacuum

oven.

The temperature inside the container is measured by two thermocouples
that are inserted at different heights. It was found that the tempera-

ture over the height of the container is uniform to within 0,6 °C.

In order to record the sorption isotherm of the material, measuring
points must be available at different moisture contents of the mate-
rial. The moisture content of the material is reduced by sucking
steam out of the container for a certain amount of time. The material
is then left to reach equilibrium again. The pressure and the mois-
ture content are recorded twice a day. When these data cease to
change, equilibrium has been reached. This takes two to three days.
In order to control the decline in moisture content of the material,
the container is placed on the balance before the vacuum pump is
connected and the steam atmosphere is evacuated from the container

until a certain weight loss has occurred.

The principle of the pressure measurement will now be explained. As
long as the material is above the critical moisture content, the
pressure that 1is recorded is equal to the saturation pressure of
water at the set temperature. This pressure is also equal to the
pressure at the liquid meniscus in the capillary. When the moisture
content of the material falls below the critical moisture content,
the pressure that is recorded is below the saturation pressure. The
pressure at the liquid surface in the capillary must be equal to the
pressure inside the container. As the capillary is heated at its top
and not at its bottom, a temperature gradient exists along the height
of the capillary. Therefore, if the pressure drops inside the con-
tainer, water 1is evaporated from the liquid column until the level
has dropped to a point where the saturation pressure corresponding to
the temperature of the liquid level in the capillary is equal to the
pressure in the container. The indication on the Bourdon pressure
gauge is determined from the difference between the pressure exerted
on the Bourdon spiral and the ambient pressure. At the beginning of

each run, the =zero point, where equilibrium exists between the out-
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side and inside pressures in the gauge, is recorded together with the
barometric pressure, The pressure inside the Bourdon spiral consists
of the pressure inside the container plus the pressure exerted by the
water column. If the height of the water column decreases, then the
pressure on the inside of the Bourdon tube will decrease. The capil-
lary is therefore rolled into a spiral to lfmit the decrease of the

water level.

Between ten and fifteen measuring points were recorded for one sorp-
tion isotherm. The operating temperature was limited to 95 °C. At
higher temperatures, sealing problems occurred with the valve leading
to the vacuum pump. In principle, however, this measuring technique

can be used at higher temperatures.

In Figures 28 and 29 the sorption isotherms for alumina and molecular
sieve are presented. The symbols represent the measured data and the
continuous lines the curve fitting. The‘data at 20 °C were recorded
according to the standard static method using desiccators and salt
solutions, because the low vapour pressure of water at 20 °C did not
allow an accurate measurement using the previously described method.
The relative pressure is the ratio between the pressure exerted by
the moisture inside the material and the saturation pressure. It is

equivalent to the relative humidity.

For alumina and molecular sieve the sorption isotherm shows the char-
acteristic shape of capillary porous materials. For high moisture
contents, the relative pressure is close to one and continues to
fall, the lower the moisture content becomes. With an increase in
temperature, the sorption isotherm is shifted upwards to higher val-
ues of the relative pressure. For alumina, the slope of the sorption
isotherm is flatter than for molecular sieve and the relative pres-
sure Jis already below one for relatively high moisture contents
(> 0,35 kg kg'l). For molecular sieve, the relative pressure is
unity for all temperatures down to a moisture content 6f
0,2 kg kg'1 and then falls steeply. '

To allow use of the measured sorption isotherm in the mathematical
modelling of the 'drying process, curve fitting had to be undertaken

to put the data into a mathematical form. The curve fitting procedure
is described in Appendix C.
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4. DATA INTERPRETATION

In this chapter, the measured experimental data are evaluated and a
comparison is made between the drying behaviour in air and in steam.
For this comparison, the drying process is divided into the constant
drying rate period and the falling drying rate period. These two

periods are investigated separately.

For the constant drying rate period, the drying kinetics and the heat
transfer coefficients are compared. The drying systems are divided
into two categories:

- non-equilibrium systems and

- equilibrium systems.

In a non-equilibrium system, the drying medium that leaves the dryer
is not in equilibrium with the wet material (Figure 30). There is a
temperature difference and a humidity difference between the evapora-

tive surface and the bulk of the drying medium. In an equilibrium

*
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Figure 30: Temperature and humidity profile in a

non=equilibrium system
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system, however, the temperature and humidity of the drying medium

are in equilibrium with the wet material (Figure 31).

In general, fluidized-bed systems are operated wunder equilibrium
conditions. This is also the case in the experimental fluidized-bed
drying tests that were performed in the context of this thesis. Most
of the dryers that are commonly used in industry (tray dryers, rotary
dryers, belt dryers etc.) fall into the category of non-equilibrium
systems. Therefore, for the sake of completeness, the case of non-
equilibrium systems is presented on a theoretical basis. These theo-

retical results are compared with literature data wherever possible.

The comparison of the drying rates in air and in steam is made for
the same mass flow rates of the drying media. Other possible compari-
sons could be based on the same volumetric flow rate or on the same

Reynolds number. The same mass flow rate was chosen for following

reasons:
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{i) The term 'inversion temperature' was originally introduced
by Yoshida and Hyodo [Y2] for the same mass flow rate of the

drying medium.

{i1) Experimental drying data that are based on the same mass
flow rate of the drying medium are available in the litera-

ture.

{1i1) The present experiments were carried out in a fluidized-bed
system. The lower 1limit for the velocity of the fluidizing
medium is the minimum fluidizing velocity. This is higher in
steam than in air because of the lower density and lower
dynamic viscosity of steam. A further consequence of the
lower density in steam 1is that the material starts fluid-

izing in the two media at roughly the same mass flow rate.

For the falling drying rate period, the drying kinetics are discussed
on basis of the recorded drying rate curves. During this period, the
material properties are important, and separate comparisons are made
for the two types of drying material {hygroscopic molecular sieve and

non-hygroscopic alumina}.

For a better understanding of the drying mechanisms inside the mate-
rial the drying rate curves are normalized with respect to the con-
stant conditions at the inlet into the dryer. By doing this the dry-
ing process is uncoupled from the drying equipment that it is record-
ed. Therefore this normalized drying curve is well suited for the
modelling of the drying process in the inside of the material. In
this thesis a mathematical model was developed based on a shrinking
core model. This model avoids the use of sophisticated computer hard-

ware and software and is used to simulate the drying of the investi-

gated materials.

4.1 Theoretical determination of the inversion temperature

in a non-equilibrium system

In a non-equilibrium system, the inversion temperature is determined
by the kinetics of heat and mass transfer. Theoretical expressions

for the heat and mass transfer rates must be available.
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4,1.1 Mathematical model for the determination of the inversijon

temperature in a non—eguilibrium system

At the inversion temperature, the drying rates in air and in steam

are equal. This can be expressed by Equation 9:

. . .
Mev,a = Mev,s (9)

For both media, the evaporation rate can be determined from an energy

balance:

q = Mgy Ahy (10)

The heat that is brought to the material is used for the evaporation
of moisture. The kinetic expression for the heat transfer can be

written as:

G = h (Tu = Tp) (11)

In steam drying, the particle is at the boiling point Th, and in
ajr drying at the wet-bulb temperature T,p. Given all this informa-

tion, Equation 9 can now be written as follows:

ha (T5 = Typ) = hg (T; = Tp) (12)
AhytT pt AhATp ¥

The temperature that is indicated in the special brackets behind the
evaporation enthalpy, Ah,,, is the temperature at which the evapora-
tion enthalpy must be determined. By rearranging this equation, the

inversion temperature can be expressed by:

_ ha AhytTph
To hg BhytTp} Twb 5
_ hy Bh§Tp} (13)
hg Ahy¥Tup?t

1

The only unknown in this equation is the wet-bulb temperature. For
completely dry air, the wet-bulb temperature is a function of only

the inlet temperature of the drying medium. The relation between
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inlet temperature and wet-bulb temperature can be determined by re-
placing in Equation 10 the heat flux g and the mass flux mg, by

their respective kinetic expressions. This leads to:
ha (Tin = Twp) = Pra Ba (Y**wa* = Yool AhytTyp? (14)

From this equation the wet-bulb temperature <can be determined by
iteration. The heat transfer coefficient h; 1is determined from
standard correlations [V5]. In Appendix E, these correlations are
listed for the various flow regimes (laminar, turbulent, interme=-
diate) and the various geometries of drying equipment and material

(plate, tube, sphere}.

The mass transfer coefficient B, is determined from the similarity

between heat and mass transfer (Lewis's law):

h
B =
a B;‘g;i—[gﬁ (15)

The exponent n of the Lewis number was chosen as 0,66 [S2]. The ex-
pressions for the physical properties of the drying medium are listed

in Appendix B,

Equation 14 establishes a relation between T;, and T,,. The inver-
sion temperature can be determined iteratively from Equation 13
(Ti =Tin)'

Another interesting items of information that can be obtained from
Equation 10 are the evaporation rates in dry air, humid air and pure

steam. From Equations 10 and 11 one gets for dry air and humid air:

. _ ha (TW - wa)
mev,a - AthTWb* (16)

and for steam

. - he [Ty, = Th)
mEV,S - SAhV?be 2 (17)
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In air, the wet-bulb temperature is determined by Equation 14. The
heat and mass transfer coefficients are calculated for the desired
conditions of flow rate, temperature etc. The wet=bulb temperature
depends on the degree of humidity and on the inlet temperature of the

air.

In steam, the boiling point is fixed for a given pressure of the
system. Therefore Equation 17 can be used directly to calculate the
evaporation rate. The heat transfer coefficient hg is determined by
the same correlation as in air, but by using the physical properties

of steam.

Yoshida and Hyodo [Y2] determined experimentally the inversion temper=-
ature and the evaporation rate of water into dry air, humid air and
steam by using a wetted wall column. The information that they gave
on their experimental system was sufficient to allow the author to
simulate their tests. Evaporation rates were calculated for air at
various degrees of humidity by using Equation 16 and for pure steam
by using Equation 17. As Yoshida and Hyodo used a cylindrical device,
heat transfer coefficients were determined according to a correlation
for flow through a tube proposed by the VDI [V5]. This correlation
can be found in Appendix E.

The calculated evaporation rates agreed to within 15 % with the exper-
imental results given by Yoshida. One peculiarity was that the calcu-
lated evaporation rates for dry air always exceeded the measured
ones, whereas the calculated evaporation rates for steam were always
lower. There 1is evidence in the literature that the humidity of the
air influences the heat transfer correlation [C1,C7,K11,V7,W2]. Unfor-
tunately there 1is no agreement on the extent of this influence. It
was however shown experimentally by Wenzel and White [W3] that higher
heat transfer coefficients than predicted by standard heat transfer
correiations are found in steam. One reason for the higher heat trans-
fer coefficients in steam could be the gas radiative heat transfer
from the drying medium to the material. Air is composed of symmetric-
al molecules and has no gas radiative heat transfer component. Steam

is composed of non-symmetrical molecules and can transfer heat by gas
radiation,
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As the air humidity influences the heat transfer and as higher heat
transfer coefficients than are predicted by standard heat transfer
correlations were found in steam, it was proposed to multiply the
heat transfer coefficient in Eguation 16 by a correction function
that is humidity-dependent. For simplicity, a linear correction func-

tion was used.
fo = Cpy+Cp (18)

y is the molar fraction of water vapour in the air expressed in moles
of water vapour per moles of humid air. For dry air, y = 0 and f; = Cp.
For steam y = 1 and f. = C; + C2. The constants C; and Co were deter-
mined by calculating the corrected evaporation rates in air and in
steam and by changing C; and Cp until the calculated results were
close to those obtained by Yoshida. The following values were found

for the correction factors: C; = 0,204 and C» = 0,935.

After correction, the calculated evaporation rates differed by a

maximum of only 7 % from the experimental values obtained by Yoshida.

The calculated evaporation rates using Equations 16 and 17 with cor-
rected heat transfer coefficients and the experimental data of
Yoshida are represented in Figure 32. The calculated data fit the
experimental results well for temperatures below 300 °C. At 300 °C a
difference is found between calculated and experimental data. Tnis
may be due to radiative heat transfer components that normally have

significance at higher temperatures. In the present calculations,

heat transfer by radiation was neglected.

By using Equation 13 to determine the inversion temperature, a temper-
ature of 172,7 °C 1is found. The inversion temperature given by
Yoshida is 170 °C. The difference between predicted inversion tempera-
ture and experimentally determined inversion temperature is very

small and can easily be explained by measuring inaccuracies.
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Figure 32: Theoretical modelling of experimental literature
data [Y2] for evaporation of water into
humid air and steam

4.1.2 Explanation for the existence of the inversion temperature

in a non-equilibrium system

In the previous section it was shown that the evaporation rates in
air and in steam can be predicted by using Equations 16 and 17 and
that the inversion temperature can be predicted by using Equation 13,
The reason 'for the existence of the inversion temperature, however,
has not yet been given. This is done below. The numerical results

have been calculated for the experimental system of Yoshida.

To explain the existence of the inversion temperature, it is neces-
sary to introduce the term of 'normalized evaporation rate'. The
normalized evaporation rate 1is defined as the evaporation rate in

humid air (or in steam) divided by the evaporation rate in dry air at
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the same temperature and mass flow rate of the drying medium. By

using Equations 16 and 17, the normalized evaporation rate for steam

can be written as:

i he (T, = Tp) AhytTyupt
Mey,s - Ns Ul bl AfyTlybT 19
Mev,a ha (T = Twp) AhytTp¥ 119)

If the concept of normalized coefficients is extended to Equation 19,
then the normalized evaporation rate is obtained from the product of
the normalized heat transfer coefficient and the normalized tempera-
ture driving force divided by the normalized latent heat. These nor-

malized coefficients will now be investigated separately.

In Figure 33, the normalized heat transfer coefficients are represent-

ed as a function of the humidity for various temperatures.
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Figure 33: Normalized heat transfer for data of Yoshida [Y2]
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By definition, the normalized heat transfer coefficient for dry air

is unity. For all temperatures the normalized heat transfer coeffi-
cient increases with increasing humidity. At high temperatures, the
normalized heat transfer coefficient increases only slightly more
sharply than at lower temperatures. For steam, the normalized heat

transfer coefficient is between 65 and 70 % higher than for dry air.

The normalized temperature driving force is defined as the tempera-

ture difference between drying medium and particle in wet air (or
steam) divided by the temperature difference between drying medium
and particle in dry air. In Figure 34 the normalized temperature
driving forces are represented as a function of the humidity for

various temperatures.

Again, by definition the normalized temperature driving force for dry
air is unity. It decreases with increasing humidity. The extent of
the decrease becomes smaller with an increase in temperature. For a
temperature of 120 °C, the normalized temperature driving force in
steam is only 22 % of the normalized driving force in air, whereas at

a temperature of 300 °C it is 80 %.
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Figure 34: Normalized temperature difference for data of Yoshida [Y2]
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The normalized latent heat is defined as the latent heat in steam

drying divided by the latent heat in air drying. In air the material
is at the wet-bulb temperature and in steam at the boiling point. As
the latent heat decreases with temperature, the normalized latent
heat is always smaller than unity. For a gas temperature of 100 °C
the normalized latent heat has a value of 0,93 and for a temperature
of 300 °C a value of 0,95. This change with temperature is small and
the influence of the temperature change of the normalized latent heat

on the normalized evaporation rate is therefore neglected.

At temperatures below the inversion temperature, the higher tempera-
ture driving force in air dominates. With an increase in temperature,
this advantage of air is eroded, and the higher heat transfer coeffi-
cient in steam becomes dominant. This means that the root cause of
the inversion temperature is the reduction in the normalized tempera-

ture driving force with increasing temperature.

In Section 4.1.1, a mathematical model was presented to determine the
inversion temperature. This model was tested on the experimental data
of Yoshida and Hyodo [Y2] and the existence of the inversion tempera-
ture was explained on the basis of normalized coefficients. One ques-
tion that remains 1is whether or not the inversion temperature is
unique, 1i.e. independent of the system geometry and the mass flow
rate of the drying medium. A discussion of this topic in the main
part of this thesis would lead too far. Therefore this question is

addressed in Appendix D.

4.2 Theoretical and experimental results for the inversion

temperature in an equilibrium system

In an equilibrium system, the inversion temperature is determined by
a total energy balance around the drying system. The kinetics of heat
and mass transfer play a role only in so far as they determine the
temperature at which the drying medium (air) leaves the drying system
(i.e. the wet-bulb temperature).
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4.2.1 Mathematical model for the inversion temperature

in an equilibrium system

The inversion temperature is determined by expressing the drying rate
in air and in steam over the total energy that the drying medium

transmits to the wet material.

In the case of air, the material is at the wet-bulb temperature.

Therefore the drying rate can be expressed by:

. = My Cpa (Tin = Twb) 0
Mev,a, I AR AT 03 (20)

In the case of steam, the material is at the boiling point and the

drying rate can be written as:

m [ = s Cps (Tip = Tp)
BV, S, Ah+ThH}

(21)

At the inversion temperature, the drying rate in air and in steam is
equal. If, furthermore, air and steam pass at the same mass flow rate
over the material, the inversion temperature can be iteratively deter=-

mined over the following equation:

Cpa AhytTht T

Tp - wb
Ty = s ﬁ:ﬁ%* (22)
1 - Cpa AhytTpt

Cps AhytTyupt

This form of the inversion temperature is formally analogous to the
inversion temperature in the non-equilibrium case (Equation 13). The
heat transfer  coefficients expressing the kinetics of heat transfer
‘have been replaced by the specific heat capacities expressing the

heat storage capacity of the drying media.

The wet~bulb temperature that is used in Equations 20 and 22 needs
still to be determined from the kinetic equilibrium between heat and

mass transfer, analogous to the non-equilibrium case (Equation 14).
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4.2.2 Experimental results for the inversion temperature

in an equilibrium system

The fluidized-bed drying tests were run under conditions at which
equilibrium between the drying wmedium and the material should be
reached. Therefore these drying tests were taken to be indicative of

the inversion temperature in an equilibrium system.

In Figures 35 to 37 the drying rate during the constant drying rate
period 1is plotted for air and for steam as a function of the inlet
temperature into the dryer., The inversion temperature lies betweén
163 °C and 172 °C. For an equilibrium system at a pressure of 87 kPa
(a pressure corresponding to the altitude of Pretoria (1 370 m above
sea level)), Equation 22 predicts an inversion temperature of
154,2 °C. The experimental results gave an inversion temperature

above the theoretically expected inversion temperature.

—o— Alumina, air, m = 16, 70 kg/h

—e— Alumina, steam, m = 16,70 kg/h
—©— Molecular sieve, air, m = 24,06 kg/h
—&— Molecular sieve, steam, m = 21,06 kg/h
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Figure 35: Experimental data for inversion temperature in a
fluidized bed (ﬁg = 16,70 kg h~! for alumina and

ﬁg = 21,06 kg h™! for molecular sieve)
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An explanation for this may be found in the by-pass mass flow rate of
the drying medium in fluidized beds. One part of the drying medium
flows through the dryer in the form of bubbles. These bubbles do not
take part fully in the mass and heat transfer. This phenomenon can be
described by the by-pass volume of drying medium. It has been found
by various authors [P1,Z1] that in a fluidized bed the by-pass volume
is of the order of 5 to 10 %. The exact by-pass volume depends on the
type of distributor plate, on the type of fluidizing material, on the
dimensions and shape of the fluidized bed and on the operating con-
ditions (temperature, mass flow rates, etc.). As a result of this
by-pass flow, the exit temperature from the dryer lies above the
wet=-bulb temperature. Indeed,at the outlet of the dryer, the by-pass
drying medium 1is at conditions close to those of the inlet. After
leaving- the bed, it mixes with the bulk of the drying medium that
took part in the drying process and attained equilibrium with the
material (i.e. 1is at the wet-bulb temperature and saturation humid-
ity). After mixing, the resulting exhaust stream is no longer in
equilibrium with the material. This means that the present fluidized

bed dryer is not an ideal equilibrium system.

In Table 5 the theoretical inversion temperature is presented for

various by-pass mass fractions of air and steam.

Table 5: Inversion temperature of an equilibrium system

as a function of the by-pass mass fraction (fbp)

fbp,aLfbp,s 0,000 @ 0,025 | 0,050 | 0,075
0,000 154,2 | 157,0 | 160,1 | 163,2
0,025 151,7 J 154,2 | 157,0 | 160,1
0,050 149,2 J 151,7 | 154,2 | 157,0
| 0,075 147,0 } 149,2 | 151,7 | 154,2

One can see that it is not the total amount of by-pass mass flow that
determines the inversion temperature, but the difference between the
by-pass flow in air and in steam. The by-paés mass flow in steam must
be more than 7,5 % higher than that in air to explain the results in

Figures 35 to 37. The by-pass mass fractions of air and of steam are
discussed below.
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In order to determine the by-pass mass fraction in air, the differ-

ence between the measured outlet temperature and the theoretical
equilibrium temperature (wet-bulb temperature) is plotted against the

inlet temperature in Figure 38.

The continuous lines represent the theoretically calculated values
for wvarious by-pass mass fractions. The temperature of the exhaust

stream is calculated from the following equation:
Tout = (1=fpp) Twub * fop Tin (23)

Here fbp is the mass fraction of by-pass flow of the drying medium.
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Figure 38: Outlet temperature in a fluidized bed as

function of by=-pass mass flow

The by-pass mass fraction is of the order of 5 %, an amount that has
been found by other authors [P1]. It 1is higher for the higher
temperatures and lower for.the lower temperatures. Furthermore, the
by-pass mass fraction is lower for molecular sieve and higher for
alumina. An explanation for this behaviour may be found in the

difference between the sizes of the bubbles that flow through the
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beds of molecular sieve and alumina. However, these results will not
be investigated in more detail, as an indication of the by-pass mass

fraction is sufficient.

No indication could be obtained for the by-pass mass fraction in

steam, because condensation took place on the thermocouple measuring
the outlet temperature of the steam. As a result, the thermocouple

registered boiling point throughout the constant drying rate period.

The by-pass mass fractions in air and in steam were evaluated theoret-
ically. According to Palancz [P1], the volume fraction of bubbles in

the bed can be calculated from the following ratio:

§ = Y4f = UYmf (28)
Ubc

Here wug is the fluidizing velocity, upf is the minimum fluidizing
velocity and upe 1is the absolute velocity of a crowd of bubbles in
the bed.

Upe is determined from the following formula:

Upe = Uf = Upf *+ Upy (25)

up, 1is the rising velocity of a single bubble relative to the
emulsion phase and can be written, according to Davidson and

Harrison [D2], as:
upe = 0,711 (g dp)9s5 | (26)

Using Equations 24 to 26, the volume fraction of bubbles in the bed
can be calculated for air and for steam for bubbles of different

diameter. The results are presented in Tables 6 and 7.

For the same mass flow rate of drying medium the amount of bubble gas
is always higher 1in steam than in air. This is due to the higher
excess velocity that occurs in steam, the excess velocity being the
difference between the actual fluidizing velocity and the minimum

fluidizing velocity. The bubble gas is, however, not identical to the



- 91 -

Table 6: Bubble volume fraction in air and in steam for alumina

at a mass flow rate of 19,27 kg h-1

(ﬁ Bubble diameter, m

0,01 0,025 0,05

Tins °C Sair Ssteam Sair Ssteam Sair Ssteam

125 0,49 | 0,67 | 0,38 | 0,56 | 0,30 | 0,47
150 0,54 | 0,70 | 0,43 | 0,60 | 0,34 | 0,52
175 0,59 | 0,74 | 0,47 | 0,64 | 0,39 | 0,55
200 0,62 | 0,76 | 0,51 | 0,67 | 0,42 | 0,59
225 0,65 | 0,78 | 0,54 | 0,69 || 0,45 | 0,62
250 0,68 | 0,80 | 0,57 | 0,71 || 0,48 | 0,64
275 0,70 0,81 | 0,59 | 0,74 | 0,51 | 0,66

Table 7: Bubble volume fraction in air and in steam for

molecular sieve at a mass flow rate of 24,41 kg h-1

Bubble diameter, m

0,01 0,025 0,05

-
ins °C Sair Ssteam Sair Ssteam||Sair Ssteam

125 0,59 | 0,74 | 0,48 | 0,64 | 0,39 | 0,56
150 0,64 0,77 | 0,52 | 0,68 | 0,44 | 0,60 |
175 0,67 | 0,79 | 0,5 | 0,71 | 0,47 | 0,63
200 0,70 | 0,81 | 0,59 | 0,73 | 0,51 | 0,66
225 0,72 | 0,82 | 0,62 | 0,75 | 0,54 | 0,69
250 0,75 | 0,83 | 0,65 | 0,77 | 0,56 | 0,71
275 0,76 | 0,84 | 0,67 | 0,78 | 0,59 | 0,72

by-pass gas. The difference is that the bubble gas participates to a
certain extent in the heat and mass transfer, whereas the by-pass gas
is a theoretical concept and does not participate at all in the heat
and mass transfer processes. The amount of bubble gas is, however, an
indication of the amount of by-pass gas. From the results in Tables 6
and 7, one would therefore expect an inversion temperature that is
higher than that of an ideal equilibrium case. This is also what is
found in Figures 35 to 37.
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4.3 Theoretical determination and experimental results of the

gas-to-solid heat transfer coefficient in a fluidized bed

The same tests that are used to determine the drying kinetics are
also used to determine the gas-to-solid heat transfer coefficient in
a fluidized bed. During the constant drying rate period, the tempera-
ture of the material 1is constant. Therefore the steady state tech-
nique is wused to determine the gas-to-solid heat transfer coeffi-

cient.
The experimental data are evaluated using the following assumptions:

- plug fiow for the fluidizing medium, and

- well-mixed flow for the solids.

4.3.1 Theoretical determination of the gas-to-solid heat transfer

coefficient in a fluidized bed

The following evaluation is done for air, but the evaluation for
steam is analogous. The energy balance over a differential volume of

the fluidized bed can be written as follows:

dA .
4z +dgaéd¢ = 0 (27)

The kinetic expression for the differential heat transfer, dq, can be
written as follows:

dg = h (T - Tp) (28)
The enthalpy flow of the fluidizing medium can be written as follows:
H = Ma Cpa Ta + Ma Y Cps Ta [29]

The derivative of the ‘enthalpy with respect to height can then be
expressed as follows: '
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Ei
dz

dH . dT y
_az = Ma (Cpa + Y Cps) d—za + Ma Cps Ta

(30)

The specific heat capacities of the drying medium, Cpa, and of the
vapour, Cps, are considered to be independent of temperature and
are determined at the arithmetic mean temperature between inlet and

outlet of the dryer.

In general, the humidity increase of the drying medium with the
height in the fluidized bed is neglected in the literature. In this
thesis the moisture change of the drying medium with height in the
dryer is taken into account. In Appendix G, the consequences of this

are discussed.

The humidity profile in the bed can be derived by a mass balance. The
mass balance over a differential volume of fluidized bed is written

as follows:

Ma%-dfnevaﬁ = 0 (31]

During the constant drying rate period, all the heat that is
transmitted to the material is used for drying. Therefore the mass

transfer can be expressed by the heat transfer according to following

expression:

dg

dmeV (Ahv + CpS (Ta - Tp)) . (32]

In this expression the superheating of the moisture after evaporation
is taken into account. Because of the well-mixed behaviour of the
particles in the fluidized bed, the particle temperature is constant

over the height of the dryer. The latent heat is calculated at the
particle temperature.

Using Equations 28, 31 and 32, the following expression for the
humidity profile is obtained:
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y &Y _ _h (Ta-Tp)a? (33)
a4z Ahy, + Cps (Ta = Tp)

With Equations 28, 30 and 33, Equation 27 can be written as follows:

y dT cps Ta
Ma (Cpa + Y Cps] EEQ +hat (Ta - Tp)(l + Ah T Cps (Ta — Ts]) 0

(34)

The temperature gradient of the fluidizing medium can then be ex-

pressed by:
(1+-_CposTa — ]

dTa Ahy + Cps (Ta - p)

- = = - 35

dz hat (Ta Tp] Ma (Cpa + Y Cps) ( ]
By separating the variables, one gets following expression:

dTa _ - - - : h ao dz
Ta = Tp) (1 + pS__a My (Cpa + Y ¢
(36)

By integrating Equation 36, the temperature of the drying medium is
determined as a function of the height in the dryer. The integration

of this temperature function is given in full in the Appendix F.

The only unknown is the heat transfer coefficient. In the present
experiments the temperature of the drying medium was measured at five
different levels in the dryer. For each measuring point the heat
transfer coefficient was determined. Only temperature readings that
differed by more than 2 °C from the outlet temperature were con-
sidered, as otherwise the measuring inaccuracies led to erroneous

results. The arithmetic average of the results considered gave the

heat transfer coefficient.

For the steam case, the derivation of Equation 36 is analogous The

expression Ma (Cpa *+ Y Cps) is replaced by the expression Ms Cps -
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4.3.2 Experimental results of the gas-to-solid heat transfer

coefficient in a fluidized bed

In Figure 39 the pbesent data are compared with literature data from
various authors. The data are presented in the form of dimensionless
numbers as Nusselt numbér versus Reynolds number. The Reynolds number
was calculated using the mean diameter of the particles and the free
linear velocity at the inlet into the dryer. The Reynolds number was
not corrected for +the porosity of the bed. The continuous line
represents Equation 37 proposed by Kothari [K14] for heat transfer in
fluidized beds:

Nu = 0,03 Rel,3 (37)

The Reynolds number range that was investigated (42,3 to 155,6) lies
around 100. The literature data [K12,M1,M7] indicate that a Reynolds
number of 100 s critical for the correlation of heat transfer data
in a fluidized bed. The present data are at the high end of the
Reynolds number range and agree well with the data of the other
authors. For higher Reynolds numbers, no heat transfer data that

could be used directly in this figure were found in the literature.

The data for air and for steam are now compared. In Figure 40 the
data are presented for air and in Figure 41 for steam. In both
figures the continuous 1line represents Equation 37. The data for
steam are not as widely scattered and they agree well with
Equation 37. The data for air are more scattered and lie, on average,
above Equation 37. Because of the higher heat capacity of steam, the
temperature profile of steam extends to higher bed heights than the
temperature profile of air. The temperatures T,, that are measured
and used in Equation 36 to calculate the heat transfer coefficient in
steam differ more from the particle temperature than those measured

in air, This gives a higher accuracy of the calculated values.

In summary one can say that the heat transfer correlation given by
Equation 37 can be used to determine the gas-to solid heat transfer

coefficient in a fluidized bed both in air and in steam.
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4.4 Comparison of the experimental drying rate curves

recorded in a fluidized bed in air and in steam

As waé mentioned earlier, the shape of the drying rate curve is
strongly dependent on the material to be dried. The drying rate
curves for alumina and molecular sieve are therefore discussed sepa-

rately.

4.4.1 Drying rate curves for alumina

In Figures 42 to 47 the drying rate curves for alumina in air and in
steam are plotted as a function of the gas inlet temperature into the
dryer. For easier comparison, the x and y-scales are the same in atll
the figures. Between two curves, the inlet temperature of the drying
medium was raised by 25 °C. For air, the lowest temperature is 75 °C
and for steam, 125 °C. For both drying media, the highest temperature
is 275 °C. Not all the measured points are plotted in the figures, as

otherwise they would be overloaded.

The shape of the drying rate curves are similar in air and in steam
and one can clearly see a constant drying rate and a falling drying
rate period. During the constant drying rate period, the drying rate
in steam increases more sharply with an increase in temperature (this
phenomenon was discussed in Section 4.2). The drying rate curves for
steam are therefore more widely spaced. The beginning of the falling
drying rate period is not marked by a sharp decrease, but by a smooth
decline of the drying rate. Therefore the critical moisture content
cannot be <clearly determined from Figures 42 to 47. However, one can
see that the critical moisture content for air and for steam is simi-
lar. The falling drying rate period is convexly shaped outwards.
Because of the high temperatures that were used in the steam tests
and because the air tests were carried out with completely dry air,

the equilibrium moisture content was assumed to be zero.

For a direct comparison, the drying rate curves in air and in steam

are plotted at three different temperatures (125 °C, 175 °C, 225 °C)
in Figure 48.
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Figure 42: Experimental drying rates of alumina in air
at an air flow rate of 16,70 kg h-1

(see Nomenclature for symbols)
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Figure 43: Experimental drying rates of alumina in steam
at a steam flow rate of 16,70 kg h-1
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Figure 44: Experimental drying rates of alumina in air
at an air flow rate of 19,27 kg h-1
(see Nomenclature for symbols)
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Figure 45: Experimental drying rates of alumina in steam
at a steam flow rate of 19,27 kg h-1

(see Nomenclature for symbols)
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Figure 46: Experimental drying rates of alumina in air
at an air flow rate of 22,76 kg h-1
(see Nomenclature for symbols)
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Figure 48: Experimental drying rates of alumina in air
and in steam at various temperatures
(mass flow rate of 19,27 kg h~1l)

At the low temperature (125 °C) the drying rate of steam lies below
the drying rate of air. This is to be expected, as 125 °C lies below
the inversion temperature. One can also clearly see the similarity in
the shape of the drying rate curves. This similarity becomes even
more apparent at the medium temperature of 175 °C. The two curves are
virtually identical, with only a slight advantage on the steam side.
This 1is because the temperature is slightly higher than the inversion
temperature. This kinetic advantage also prevails during the falling
drying rate period. At the high temperature of 225 °C, the drying

rate curve of steam lies far above the drying rate curve of air.

In Figure 49, the drying rates of alumina in air are plotted at dif=
ferent mass flow rates of the drying medium for two temperatures
(125 °C and 200 °C). In Figure 50, the rates are plotted for steam.

One can clearly see the increase in the drying rate with increases in
the mass flow rate.
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Figure 49: Experimental drying rates of alumina in air

at various air flow rates
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Figure 50: Experimental drying rates of alumina in steam

at various steam flow rates
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4.4.2 Drying rate curves for molecular sieve

In Figures 51 to 56 the drying rate curves for molecular sieve in air
and in steam are plotted as a function of the gas inlet temperature

into the dryer.

For both drying media, one can clearly see a constant and a falling
drying rate period. The shape of the drying rate curve however, is
different. In steam the constant drying rate period {s extended and
the critical moisture content is shifted to lower values. This is a
result of the higher particle temperature jn steam and consequently
of the higher moisture mobility inside the material. This difference
was not found for the drying of alumina. The reason is that the pore
structure of molecular sieve is finer than that of alumina, and there=-
fore the resistance to moisture movement inside the solid matrix is
higher and the influence of this resistance on the drying rate more
pronounced. As a consequence, the change in particle temperature (or
moisture mobility) between air and steam has a greater impact on the
drying rate of molecular sieve than on that of alumina. During the
constant drying rate period, the same observations are valid as for
alumina. At the beginning of the falling drying rate period, the
drying rate drops sharply, but then levels then off and approaches
zero. This behaviour can be seen more clearly for air, as here the
falling drying rate period is longer, but this also applies, to a
lesser extent, to steam. The equilibrium moisture content was assumed

to be zero.

For a direct comparison of the drying rate curves in air and in
steam, the drying rate curves of molecular sieve in air and in steam

are plotted for three different temperatures in Figure 57.

During the constant drying rate period, the behaviour is as expected,
with the drying rate in air dominating at low temperatures and the
drying rate in steam dominating at high temperatures. Because of the
extension of the constant drying rate period in steam, molecular

sieve is an interesting material for comparing drying rate curves in
the different media.
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Figure 51: Experimental drying rates of molecular sieve in air
at an air flow rate of 21,06 kg h-1
(see Nomenclature for symbols)
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Figure 52: Experimental drying rates of molecular sieve in steam

at a steam flow rate of 21,06 kg h-1

(see Nomenclature for symbols)
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Figure 53: Experimental drying rates of molecular sieve in air
at an air flow rate of 24,41 kg h-1
(see Nomenclature for symbols)
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Figure 54: Experimental drying rates of molecular sieve in steam

at a steam flow rate of 24,41 kg h-1

(see Nomenclature for symbols)
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Figure 55: Experimental drying rates of molecular sieve in air
at an air flow rate of 25,96 kg h-l
(see Nomenclature for symbois)
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Figure 57: Experimental drying rates of molecular sieve in air
and in steam at various temperatures

(mass flow rate of 24,41 kg h=1)

At the low temperature of 125 °C, an interesting phenomenon occurs.
The drying rate in steam 1is lower during the constant drying rate
period. As the drying rate curve in air starts falling at higher
moisture contents than in steam, there is a cross-over point. Below
this cross-over point, the drying rate in steam is higher than the
drying rate in air. As a consequence, drying conditions can be such
that the total drying time in steam is shorter, even though the dryer
is operated below the inversion temperature. Therefore, from a ki-
netic point of view, steam drying is especially interesting for mate-

rials with a long falling drying rate period.

At the medium temperature of 175 °C, the drying rates during the
constant drying rate period are similar, with a slight advantage for
steam. Because of the extension of the constant drying rate period in

steam, the drying rates during the falling drying rate period are
much higher in steam than in air. ’
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At the high temperature of 225 °C, the drying rate curve in steam

lies far above the drying rate curve in air.

In Figure 58, the drying rates of molecular sieve in air are plotted
for various mass flow rates of the drying medium at two temperatures
(125 °C and 200 °C). In Figure 59, the rates are plotted for steam.
One can clearly see an increase in the drying rate with increases in

the mass flow rate.

4.6 Development of theory necessary for interpreting data
in the falling drying rate period

For a direct comparison of the drying rate curves recorded under
different ‘external drying conditions, the curves are put into a nor-
malized form. With the help of these normalized drying curves, the
drying time of the material can be determined, with certain assump-
tions, for any type of dryer [S4,Z1]. One condition is, however, that
the normalized drying rate curve must be determined for constant
conditions (temperature, humidity, flow rate, etc.) of the drying
medium. In fluidized beds, this condition is not fulfilled. The tem-
perature of the drying medium falls in a very narrow layer above the
distributor plate to the temperature of the particles. Consequently
the particles that are close to the distributor plate are exposed to
a high temperature and experience a high drying rate, while the parti-
cles higher up in the bed are exposed to a lower temperature and
experience a lower drying rate. Above a certain height in the bed,
the temperature of the drying medium and of the particles is equal,
so that no drying occurs. The drying rate that is measured is the
average of the drying rates of all the particles. Therefore the mea-
sured drying rate must first be modified to a theoretical drying rate
under constant conditions of the drying medium., This modification was
first described by Zabeschek [Z1]. He normalized the drying rate
curve with respect to the constant conditions at the inlet into the
drying system. This normalized drying rate is equivalent to the nor-
malized drying rate of a single particle exposed to the constant
drying conditions at the inlet of the dryer. The resulting normalized
drying rate curve is uncoupled from the drying equipment that it is

recorded in and can be used in the design of any type of dryer.
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Figure 58: Experimental drying rates of molecular sieve in air

at various air flow rates
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Zabeschek's derivation is limited to non-equilibrium systems. Further-
more his method cannot be applied to steam drying, as it is based on
the measurement of the humidity change of the drying medium between
inlet and outlet (mass transfer) of the dryer. This measurement can-

not be done in steam.

The fluidized-bed dryer that was used in this thesis was essentially
an equilibrium system and Zabeschek's normalization method could not
be applied. Therefore a new normalization method was developed for
equilibrium systems. This method uses heat transfer expressions for

the normalization in steam.

In Appendix H a review is given of all possible normalization
methods. In general the normalization of drying rate curves is done
with respect to the average drying rate in the constant drying rate
period. In this case, however, the resuliing normalized drying rate
curve is dependent on the drying equipment it was recorded in and
cannot be wused in such a universal way as the normalized drying rate
curve with respect to the constant conditions at the inlet into the
dryer. The dryers are divided into non-equilibrium and equilibrium
systems. The normalization is presented with respect to the averaged
drying rate in the constant drying rate period and with respect to
the constant drying conditions at the inlet into the drying system.
For each case the normalization is presented using mass transfer

expressions and using heat transfer expressions.

4.,5.1 Normalization in a fluidized bed with respect to the

inlet conditions of the drying medium

Firstly the normalization method of Zabeschek for non-equilibrium
systems is presented to understand the principle of the normalization
procedure with respect to the constant conditioﬁs at the inlet into
the dryer. Then this normalization procedure is extended to equilib~-
rium systems. The flow of the drying medium through the bed and the
flow of the particles in the bed must be modelled. In this thesis,
plug flow of the drying medium and well-mixed flow of the fluidized
particles was assumed, in accordance with the assumptions made for

the determination of the gas-to-solid heat transfer coefficient in
Section 4.3.1.



- 112 -
According to Zabeschek [Z1], the normalized drying rate with respect
to the inlet conditions can be determined by integrating the differen-

tial mass balance over the height of the dryer.

The differential mass balance can be written as follows:

) . dz  _ 38
-Mgﬁgdz+dmevA—L-o (38)

The differential evaporation rate can be written as follows:

dﬁ\ev = \)dﬁlev,l (39)

During the constant drying rate period, the differential mass balance

is:

dhey 1 = pg B (Yg = Yg) (40)

With Equations 39 and 40, Equation 38 can be written as follows:

¢ 3y * dz  _ '
-Mga—zgdz+vpge(vp-Yg)A—L-o (41)

By introducing the following dimensionless numbers the equations can
be written in a simpler form. These dimensionless numbers are fre-
guently used in the drying literature [H3,P3,54,Z1]. All of the dimen-
sionless numbers that will be used during this section are introduced

here, even though not all will be used immediately.
The dimensionless numbers are the following:
Dimensionless humidity potential

o _ YR =Yy
F,g - (Y* E Y C.I
p g,in)

(42)

dimensionless humidity potential for the falling drying rate period
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ger = Yo o Yg) (43)
9 [ =Yg, in)

Dimensionless humidity potential of the particles

*
ge = (10 - Yp) (44)
P (Yp - Yg,"n)
and the dimensionless height
= pg.B Az (45)
Mg L

Using the dimensionless humidity potential and the dimensionless
height, the differential mass balance of Equation 41 can be written

as follows:

g o Ly e (46)
&g

If this differential equation 1is integrated over the height of the
bed, this leads to:

_ 1nlbg, out! (47)
Zout

This form represents the normalized drying rate with respect to the
inlet conditions into the bed, i.e. the normalized drying rate of a
single particle exposed to the constant drying conditions at the
inlet to the fluidized-bed dryer. To apply Equation 47, the differ-
ence between the humidity of the gas at the surface of the particles,
YS, and the humidity of the gas leaving the dryer, Yg,outs

must be known as a function of time. Yg,out can be measured by
[R-absorption and YS can be calculated from the temperature

of the material during the constant drying rate period.

Due to the assumption of plug flow, an exponential humidity profile
is developed. In the constant drying rate period the humidity poten-
tial at the outlet of the dryer can be determined by integrating the

differential mass balance (Equation 38) over the height of the dryer.
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The dimensionless form of the integrated equation looks as follows:

£g,out = exP(-Zout) (48)

Equation 48 gives a relation between the humidity potential in the

constant drying rate period and the dimensionless height of the dryer.

In Table 8 the dimensionless humidity potential is given as a function

of the dimensionless height.

Table 8: Dimensionless humidity potential as a function

of the dimensionless height

Eg,0ut Sout
0,9048 0,1
0,6065 0,5
0,3679 1,0
0,04979 3,0
0,00674 5,0
0,000045 10,0
0, 000000002 20,0

Because of the exponential profile, the exhaust humidity can never be
identical to the humidity at the surface of the drying material. For
large values of 3z3yy (i.e. large bed heights, low fluidizing
velocities, small diameter particles}, the humidity potential assumes
very low values. The difference between air humidity at the surface
of the particles and at the outlet of the dryer cannot be determined

by measuring the two values separately, as the required measuring

accuracy cannot be achieved by any instrument.

In  Zabeschek's experiments, g3, t-values around 1 were calcu-
lated and Equation 47 -could be applied to determine the normalized
drying rate. In the present tests, however, Zout—values larger
than 20 were found and Equation 47 could not be used for the deter-
mination of the normalized drying rate, at least not for values of
the moisture content close to the critical moisture content. For
experiments with large za,t-values, the air humidity at the

outlet of the dryer must be be determined theoretically from the air
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humidity at the surface of the particles. The normalization procedure

for this case is presented below.

The normalized drying rate is determined by the total mass balance

around the dryer:

L
. dz
. - X o
Mg (Yg,out = Yg,in) = o v pg B A (Yp = Yg) (49)

The right hand of Equation 49 contains the integral of the differen-
tial evaporative mass transfer over the height of the dryer. The evapo-
rative mass transfer is expressed by the mass transfer in the constant
drying rate period corrected by the normalized drying rate. Little
error is done to the total evaporation rate by assuming that the out-
let humidity of the drying medium is equal to the humidity'on the

surface of the particles:

Yg,out = Yp (50)

With the dimensionless humidity potential of the particles, Equa-

tion 49 can be written as follows:

Zout

g °
1 =
v OI(I_:gggT dzg (51)

The humidity potential, £€g, 1is a function of the dimensionless
height, ;°, and before Equation 51 can be integrated, §§ must
be expressed by z°. For the falling drying rate period, the mass

balance over a differential element of the dryer is as follows:

VIRE-A dz

Yo is the humidity at the surface of the material and*for the fall-
ing drying rate period is different from the saturation humidity
Yp. Yo is a function of the moisture content and the temper-

ature of the particles and therefore not dependent on the bed height.

Rearrangement of Equation 52 leads to:
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d¥g _ Pg B A dz (53)

With the dimensionless humidity potential for the falling drying rate
period, Equation 53 can be written after integration in the dimension-

less form as:
Ep' = exp(-%°) ‘ : (54)

By a mathematical rearrangement, the humidity potential in the falling
drying rate period can be expressed by the humidity potential in the
constant drying rate, 55, and the humidity potential of the
particles, 55:

YE - Yq - Yp + Yp

EQ' = Ys - Yg,in . (55)
9 Y - Yin - Yp + Yp
Yo - Yg,in
= ES_:_éﬁ (56)
1 - E,p
or
Eg = (1 - Ep) &g' *+ &p (57)

With Equation 54 integrated into Equation 57, the dimensionless humid-
ity potential is expressed as a function of the dimensionless height

and the dimensionless humidity potential of the particles:
Eg = (1 - Ep) exp(=3®) + &p (58)

The dimensionless humidity potential of the'particleé is determined
by the humidity at the surface of the particles in the constant dry-
ing rate period, Yg, and in the falling 'drying rate period,

Yp. In the constant drying rate period the humidity at the surface
of the particles is determined solely by the particle .temperature. In
the falling rate period the humidity at the surface of the particles
is determined by measuring the humidity of the drying medium at the

outlet of the dryer (e.g. by IR-absorption).
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Using Equation 58 in Equation 51 and integrating leads to:

(1 -g3)
1 - EB + 55 gé,out - (1 - 55] QXp(_gaut)

(39)

Equation 59 represents the normalized drying rate with respect to the
constant conditions at the inlet of the dryer for an equilibrium
system. In .general fluidized beds can be treated as equilibrium sys-
tems as the drying medium leaves the dryer in moisture and thermal
equilibrium with the particles in the bed. Only when the mass flow
rates of the drying medium are high and the exchanging surface of the
particles is small, will the exiting drying medium not be in equilib-
rium with the particlies. This 1is normally only the case for large A

particles (> 3 mm).

4.5.2 Normalization in a steam-operated fluidized-bed dryer

For steam-operated fluidized beds, Equation 59 cannot be used for the
normalization as the humidity of the drying medium is unity at any
time of the drying process and any location in the dryer. Therefore,
for steam-operated fluidized beds the normalization of the drying

rate must be done by heat transfer expressions.

The total energy balance around the drying system can be written as

follows:

. L
N - . dz oT
Mg cpg (Tg,in = Tg,out) = OI dmey Bhy A —— + My cpp 539 (60)
With
dmev = v dmeV,I (61)

and
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: h (Tq = Tp [)

Equation 60 can be written as follows:

. o 1) 2 4y g 20
- Tg,out) = oﬁ VR ATg = To,1) 7 * Mo cpp

Mg Cpg (Tg,in 3t

(63)

The energy that the drying medium gives to the particles is used for
evaporating moisture and to heat up the particles. The part of the
energy that 1is wused for evaporation is expressed by the heat trans-
ferred to the particles in the constant drying rate period corrected

by the normalized drying rate.

For the equilibrium case, the outlet temperature of the drying medium

is identical to the temperature of the particles.

Tg,out = Tp (64)

At this stage a certain number of dimensionless numbers are intro-
duced. They are the corresponding heat transfer expressions of the
dimensionless numbers for the mass transfer. To illustrate this the
dimensionless number for the heat transfer has the same symbol, only

the superscript ° is blackened °.

Dimensionless temperature potential

g' = (Tq - TD.I)
9 (Tg,in = Tp,1)

(65)

dimensionless temperature potential for the falling drying rate
period

9 7 (Tain-=-T (66)
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dimensionless temperature potential of the particles

£ = (Tp = Tp, 1) (67)
P (Tg,in = Tp, 1!

and the dimensionless height

Mg Cpg L

A new dimensionless number that is introduced here is the dimension-

less time:

T = t ’ (69)
p Cpp

With these dimensionless numbers Equation 63 can be written as

follows:
Zout . .
1 = v —g—g r dg*® - Sout d_gEl (70]
0 1 - Ep dt

The temperature potential must be expressed as a function of the
height before Equation 70 can be integrated. The temperature profile
in the fluidized bed can be determined by integrating the following

differential -equation for the energy transfer from the drying medium

to the particles:

9

' T dz 3T,
Mg cpg 33— @2 + h A (Tg = Tp) =+ My cpp B = 0 (71)

If the temperature change of the particles with time is neglected,

Equation 71 can be written after integration in the dimensionless
form as:

Eg' = exp(-3*) (72)
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With
ger = 207 5D (73)
g . - Ep

the temperature potential can be expressed as follows:
Eg = (1 -¢&p) exp(-z°) + &y (74)

With Equation 74, Equation 70 can be written in the integrated form
as follows:
a L
1= g5+ (1= E) sdyy oo
v = (75)
1 - &5+ &p Bout — (1 - &p) expl-z4yut)

This 1is the normalized form of the drying rate curve in the equilib-
rium system. 55 is determined by measuring the temperature of

the particles as a function of time during the drying process. The
normalization of the drying rate curve using heat transfer expres-
sions is also valid for air drying. Equation 75 was used for all the
normalizations of the drying rate curve presented in this thesis. The
normalization over heat transfer expressions has the advantage that

it is easier to measure a temperature than a humidity.

4.6 Comparison of the normalized drying rate curves in

air and in steam

The drying rates during the falling drying rate period can best be
evaluated in their normalized form. The normalization with respect to
the constant conditions at the inlet into the dryer is used. The
tempefature and the mass flow rate of the drying medium are the same
in air and in steam. Therefore this type of normalization shows the
differences in the drying kinetics resulting from the transfer mecha-
nisms inside the materjal. The results are presented as normalized

drying rate as function of the normalized moisture content. The nor—.
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malized moisture content being the ratio of the actual moisture con-
tent to the critical moisture content. (At the high temperatures that
were used in the experiments, the equilibrium moisture content can be

assumed to be zero).

4.6.1 Normalized drying rate curves for alumina

In Figures 60 to 65, the normalized drying rate for alumina is plot-
ted against the normalized moisture content for different tempera-

tures and mass flow rates.

For air and for steam, the normalized drying rate increases with an
increase in temperature. At low temperatures (75 °C and 125 °C), the
drying rates decrease very quickly below the critical moisture con-
tent and then level off as the material reaches complete dryness.
This results in a concavely shaped normalized drying rate curve. At
high temperatures (275 °C), the normalized drying rates do not drop
that sharply after the critical moisture content and the result is a
convexly shaped normalized drying rate curve. This means that, with
an increase in the external temperature, the moisture transfer inside
the material increases relatively more than the moisture transfer
outside the material. The reason for this may be a strong temperature
dependence of the moisture transfer coefficients inside the material,
or additional moisture transfer mechanisms that become apparent only
at higher temperatures (i.e. moisture movement in the vapour phase

and in the liquid phase on the basis of total pressure gradients,

thermal diffusion etc.).

The shape of the normalized drying rate curves in air and in steam is
similar, and so is their magnitude. This indicates that similar mecha-
nisms must be acting in air and in steam, or that the temperature-

dependence of the mechanisms involved in air drying and steam drying

is similar.

In Figure 66, the normalized drying rates for alumina are plotted for
air and for steam at two temperatures (125 °C and 275 °C). The normal-

ized drying rate in steam lies below the normalized drying rate in
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Figure 60: Normalized drying rates of alumina in air
at an air flow rate of 16,70 kg h-1
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Normalized moisture content
Figure 63: Normalized drying rates of alumina in steam

at a steam flow rate of 19,27 kg h-1

(see Nomenclature for symbols)
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Figure 62: Normalized drying rates of alumina in air
at an air flow rate of 19,27 kg h-l
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Figure 65:

Normalized moisture content
Normalized drying rates of alumina in steam
at a steam flow rate of 22,76 kg h-1

(see Nomenclature for symbols)
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Figure 64: Normalized drying rates of alumina in air
at an air flow rate of 22,76 kg h-!
(see Nomenclature for symbols)
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Figure 66: Normalized drying rates of alumina in air and in steam

at various temperatures (mass flow rate of 19,27 kg h=1)

air. This seems to indicate that the relative kinetics, which are
defined here as the kinetics of the external drying processes com-

pared to the internal ones, are higher in steam than in air.

The difference between the normalized drying rates is higher at the
low temperature and smaller at the high temperature. This means that
with an increase in temperature, the relative kinetics increase
faster in steam than in air. This can be due to an additional inter-
nal transfer mechanism that becomes only active in steam and only at

higher temperatures. One example of such a transfer mechanism is the
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moisture transfer in the liquid phase on basis of a total vapour
pressure gradient. This mechanism can be expected to be more pro-
nounced in steam than in air, because in steam such a total pressure
gradient must exist to evacuate the vapour from the inside of the
material, whereas 1in air vapour can move by diffusion and this move-
ment does not require a total pressure gradient. At the higher temper-
atures, drying is very fast and a high pressure gradient is needed in
steam drying to evacuate the produced vapour. This pressure gradient
helps also the transfer of liquid moisture. This is why the relative
kinetics increase faster in steam than in air with an increase in

temperature.

4.6.2 Normalized drying rate curves for molecular sieve

In Figures 67 to 72, the normalized drying rate for molecular sieve
is plotted against the normalized moisture content for different

temperatures.

In air drying, the normalized drying rates fall sharply down to a
normalized moisture content of about 0,6. From here on, they approach
zero very slowly. The influence of temperature on the normalized
drying rate curve is not as pronounced as for alumina. For normalized
moisture contents above 0,6, no temperature influence is apparent.
For lower normalized moisture contents, the normalized drying rate

increases with an increase in temperature.

In steam drying, the normalized drying rate does not fall as guickly
as in air drying and for normalized moisture contents bigger than 0,6
the normalized drying rates lie higher than in air. For small normal-
ized moisture contents (below 0,4), the normalized drying rate curves
in steam level off and slowly approach zero. Over the whole moisture
range, a temperature-dependence of the normalized drying rate is not

clearly apparent.
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Figure 67: Normalized drying rates of molecular sieve in air
at an air flow rate of 21,06 kg h-!

{see Nomenclature for symbols)
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Figure 68: Normalized drying rates of molecular sieve in steam

at a steam flow rate of 21,06 kg h-1

{see Nomenclature for symbols)
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Figure 69: Normalized drying rates of molecular sieve in air
at an air flow rate of 24,41 kg h-1
(see Nomenclature for symbols)
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Figure 70: Normalized drying rates of molecular sieve in steam

at a steam flow rate of 24,41 kg h-1

(see Nomenclature for symbols)
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Figure 71: Normalized drying rates of molecular sieve in air
at an air flow rate of 25,96 kg h-1
(see Nomenclature for symbols)
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Figure 72: Normalized drying rates of molecular sieve in steam
at a steam flow rate of 25,96 kg h-1

(see Nomenclature for symbols)
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In steam drying, the normalized drying rates are more scattered for
normalized moisture contents higher than 0,6. The reason herefore
lies in the experimental setup. The critical moisture content of the
material was determined by the temperature rise in the fluidized bed.
This temperature rise was indicateu by a thermocouple. In steam, con-
densation took place on the thermocouple, which made it difficult to
determine exactly the <critical moisture content. As a result some
inaccuracy was introduced which explains the slight scatter of the

data in steam.

In Figure 73, the normalized drying rates of molecular sieve are
plotted for air and for steam at two temperatures (125 °C and
275 °C). At 125 °C, the normalized drying rates in steam are higher
than those in air and at 275 °C the opposite is true. The normalized
drying rate curves of molecular sieve are not very temperature-
sensitive and lie close together. Therefore it is difficult to draw

any conclusions from this figure.
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Figure 73: Normalized drying rates of molecular sieve in air
and in steam at various temperatures
(mass flow rate of 24,41 kg h=1)
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4.7 Mathematical model for the drying rate in the
falling drying rate period

The comparison between air drying and steam drying during the falling
drying rate period requires the development of a mathematical drying
model. As stated in Section 2.3.6, mathematical drying models become
very complex if the drying process is to be described accurately and
are of little importance in the practical design of dryers. Therefore
it is more appropriate to develop a simplified model that describes
the major differences between air drying and steam drying. Such a
model must be based on assumptions that neglect certain phenomena and
it is clear that it can never describe the drying process accurately.
In the context of this thesis, it was considered that such a simpli-
fied model would be satisfactory, especially as no temperature or
moisture content profiles inside of the material could be measured,
and so a complex model could anyway not have been verified on experi-

mental data.

The principal mechanisms of moisture movement in the gaseous and in
the liquid phase are discussed in Appendix I together with the differ-

ences in moisture movement in air drying and in steam drying.

4.7.1 Mathematical model for air drying

The mathematical model that was developed to describe the drying of
the testing materials is based on the receding plane model proposed

by Krischer [K9] and extended by Schliinder [H3]. The model is de-
scribed below.

During the constant drying rate period, heat is brought to the sur-
face of the material by convection and is used for evaporation of the
moisture. The mass transfer occurs by diffusion through the boundary
layer around the material. The moisture content of the material de-
creases uniformly over the diameter of the particle, until it reaches

the critical moisture content and the falling drying rate period
starts.
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During the falling drying rate period, the evaporative front with-
draws into the body. Below this evaporative front, the local moisture
content of the material is equal to the critical moisture content.
Above the -evaporative front, the material is considered to be par-
tially wet, contrary to the classical receding plane model where the
material above the -evaporative interface 1is completely dry. The
moisture movement takes place in both the vapour phase and the liquid
phase. To warrant the assumption of liquid moisture flow, a moisture
content gradient must exist in the partially dried layer. At the
outer surface of the material, the local liquid moisture content is
given by the sorption isotherm. Between the evaporative interface and
the surface of the material, the moisture content decreases according
to an arbitrary function. Heat is brought to the outer surface of the
material by convection and then moves to the evaporative interface by

conduction.

The kinetic formulas governing the drying process are presented

below.

During the constant drying rate period, the transfer of moisture is

given by:

r.n = p B In (1 +£ﬂoj{,-—‘y°°) 7
eV’I 1 - yo‘('To')' [ 6]

The kinetic expression for the heat transfer is:

Ahy+T. % c ( - )
= Z2viiof RS o] Q
q h Cos In (1 + hytT ) (77)

During the falling drying rate period, the moisture moves in the

inside of the material by capillarity according to following equa-
tion:

. (X, -
M= xS ; | (78)
(F—l)

and by diffusion through the pores according to following equation:
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(Py,u = Py.q! (79)
R (E -1

my =

M
77 Deff

The mass transfer on the outside of the particle can be written as

lOl IOWS:
. B pe
|le it [pV,() pV,OO] (80)

The heat transfer on the inside of the material is by conduction

according to following equation:

qi = 2o (Ty = To) (81)

and on the outside heat 1is brought to the material by convection

according to following formula:
e = h (Tg = Ty) (82)
The Equations for the mass transfer on the inside and on the outside

of the material can all be written as the product of a transfer coef-

ficient and a driving potential as follows:

mi = Bj (Xy = Xo) (83)
Me = Be (Xg = Xy) (84)
aj = hj (Tg = Ty (85)
dGe = he (T = To) (86)

with following transfer coefficients:

M (Xy = X5)
v p + u 0
T Veff * Adp K
B; = R (Py,y = Py, o)

R (% - 1)

(87)
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_ B pe (88)
Be o
he = — Mdp (89)
i R
he = h (90)

The transfer rates are divided into inner and outer transfer rates.
The amount of moisture that is transported through the inside of the
material to the external surface must be equal to the amount of mois-
ture cérried away from the external surface to the bulk of the drying

medium.
mp = me (91)
The same applies to the transfer of heat. The amount of heat that

reaches the surface of the material must be equal to the amount of

heat conducted through the material to the evaporative interface.
G = §j (92)
The mass transfer on the inside and on the outside of the particle

are set in series. The resulting mass transfer from the evaporative

interface to the bulk of the drying medium, hev’ can be written as
follows:

Mey = 1 1 (PUtTyF = Poo) ‘ (93)
Be By

The resulting heat transfer from the drying medium to the evaporative

interface can be written as follows:

§ o (o= Ty (9)

[q]
>
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Equations 93 and 94 represent the basic equations for heat and mass
transfer. If the drying process is not too fast, then a third equa-
tion is formed by writing that the heat transferred to the evapo-
rative interface is wused for evaporation of moisture {Equation 95).

The heating up of the particle is neglected.
q = mey Ahy (95)

The unknowns in the system are the temperature at the evaporative
interface, as well as the temperature, the moisture content and the

vapour pressure at the surface of the material.

A fourth equation is given by the sorption isotherm determined in
Section 3.3.2, which gives a relation between moisture content, tem-

perature and vapour pressure at the external surface of the material.

The external heat transfer coefficient, hg, is determined from the
Nusselt-type equation for convective heat transfer in fluidized beds

presented in Section 4.3.2.
Nu = 0,03 Rel»3

The external mass transfer coefficient, B, is determined from the

heat transfer coefficient by using the Lewis equation (Equation 15).

The vapour pressure at the evaporative interface is equal to the

saturation pressure at the interface temperature.

The thermal conductivity through the dry skeleton is used for describ=~
ing the heat conduction inside the material. The thermal conductivity

is assumed to be constant (independent of temperature or moisture
content}.

The diffusion coefficient on the inside of the material is calculated
according to Equation 197. The capillary coefficient is calculated
according to Equation 191. The constants a and b are varied until the
calculated normalized drying rates agree with the measured ones. The

same applies for the diffusion resistance factor.
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The 1liquid moisture content profile on the inside of the material was
calculated according to an arbitrary function. This function was
chosen so that a sharp decrease in the moisture occurred at the

interface and has following mathematical form:
u(r) = €1 - Cp rC3 (96)
The constants Cy and C, are determined from the liquid moisture

content at the surface of the material and from the critical moisture

content. The constant C3 was fixed at 0O,1.

4.7.2 Mathematical model for steam drying

The mathematical model for drying in steam 1is, in principle,
analogous to the model for drying in air. However, some alterations,
had to be made. During the constant drying rate period, the heat
transfer alone determines the drying rate, as there is no resistance

to the transfer of moisture on the outside of the material.

. _ ha (Tey = T4)
Mev,1 = —gp—2 (97)

During the falling drying rate period, the moisture moves on the
inside of the material by capillarity according to Equation 80 and by
viscous flow on the basis of a total pressure gradient according to

following Equation:

< Kg (p - )
mg = pS_S_ S.uR Ps,o (98)
s R - 1)
The kinetic expression for mass transfer is:
Moy = Bj (ps,y - Ps,o) (99)

In the case of steam drying, the steam pressure at the surface of the
material is equal to the total pressure in the system. The inner mass

transfer coefficient can be written as:



(Xy = X5)
_§+p K U Q
5. = Ps Ns dp (Ps,y = Ps o) (100)
[ R
R (F»- 1)

The kinetic expression for heat transfer is given by:

q = 1—1 (T = Ty) (101)

+ =
hj

3‘|H

e

The unknowns in this system are the temperature at the surface of the
material and the temperature at the evaporative interface. The mois+
ture content at the surface is calculated over the sorption isotherm
and is dependent only on the temperature of the surface, as the sys-

tem pressure is fixed.

For steam drying, the same form of the moisture content profile was

assumed as in air drying.

4.7.3 Simulation of the drying of alumina

In Figures 74 to 79, the normalized drying rate curves of alumina in
air and in steam are presented. The continuous lines indicate the

model calculations and the symbols represent the measured data.

The following expressions for the capillarity coefficient were used

for alumina (see Appendix [):

Air dryi 5 1079 (1 )*°
ir drying: Kk = 1,510 (§7§) {102)
) T 7,5 x 4
St d : = =11 _°_
eam drying K 8,3 10 { 73) (0,23) (103)

The arithmetic average between the temperatures at the evaporative
interface and the surface of the particle was used in the calculation

of the capillarity coefficient.

The capillarity coefficient in air is independent of moisture content,

whereas in steam drying it is strongly dependent on moisture content.
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Figure 74: Simulation of the normalized drying rates of alumina
in air at an air flow rate of 16,70 kg h-1
(see Nomenclature for symbols)
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Figure 75: Simulation of the normalized drying rates of alumina
in steam at a steam flow rate of 16,70 kg h-1
(see Nomenclature for symbols)
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Figure 76: Simulation of the normalized drying rates of alumina
in air at an air flow rate of 19,27 kg h~!

(see Nomenclature for symbols)
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Figure 77: Simulation of the normalized drying rates of alumina

alumina in steam at a steam flow rate of 19,27 kg h-1
(see Nomenclature for symbols)
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Figure 78: Simulation of the normalized drying rates of alumina
in air at an air flow rate of 22,76 kg h-1
(see Nomenclature for symbols)
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Figure 79: Simulation of the normalized drying rates of alumina
in steam at a steam flow rate of 22,76 kg h-1
(see Nomenclature for symbols)
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The constant in the capillarity of steam is an order of magnitude
lower than the constant in air drying. This would suggest that capil-
larity in air is much higher than in steam. However, the smalier
value of the constant in steam is Somewhat counterbalanced by the

higher exponent in the temperature-dependence.

The resistance factor to vapour diffusion was 2 in air drying and
0,03 in steam drying. A resistance factor smaller than 1 is not
logical and means that the 'real' vapour transfer process is speeded
up compared with the theoretically expected transfer process. This
seems also to indicate, what was said in Section 4.6, that in steam

drying additional moisture transfer mechanisms may be acting.

For air drying the calculated normalized drying rates fit well for the
higher temperatures. For the low temperatures one finds a discrepancy
which is especially pronounced for high normalizZed moisture contents
{i.e. close to the critical moisture content). This can be due to an
overestimation of the capillary water movement at low temperatures.

In general, however, the model fits the experimental data well.

For steam drying, the model does not fit the data as well. Whereas
the experimental normalized drying rate curves are equally spaced for
each temperature rise of 25 °C, the model values increase quickly for
temperature rises at a low temperature level and increase slower at a
high temperature level. This can be attributed to the simplified
model, which uses a fixed moisture content profile inside the mate-
rial. It is conceivable that the moisture content profile in air
drying is different from the moisture content profile in steam. Fur-
thermore the shape of the moisture content profile may change with
the kinetics of the drying process and be different at low tempera-~
tures than at high temperatures. The moisture content profile that
was chosen is very close to the moisture content profile of a
receding plane model. The receding plané model, however, is not
applicable to all materials [H3]. A different moisture content

profile was not tried, as the model simulations were satisfactory.

The thermal conductivity of the material was not measured and an
arbitrary value of Adp = 0,25 W m~1 k=1 was used [H3].
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4.8.4 Simulation of the drying of molecular sieve

In Figures 80 to B85, the normalized drying rate curves of molecular
sieve in aif and in steam are presented. The continuous lines indicate

the model calculations and the symbols represent the measured data.

The following expressions for the capillarity coefficient were used

for molecular sieve (see Appendix I):

5 x 4
(m) (104)

7T 0
Air drying: K 1,0 10-9 (575)

T 0,5( x 0,7

2,5 107 (373) " (508’

Steam drying: K {105)

The constant in the capillérity of steam is higher. The temperature-
dependence is the same in air and in steam. The moisture content in-
fluence 1is more pronounced in air drying. In summary, the capillarity
coefficients are of the same order of magnitude and are higher in

steam than in air.

The resistance factor to vapour movement was 50 in air drying and 18
in steam drying. These are very high resistance factors and indicate

that the moisture moves inside of the material mainly by capillarity.

For air drying the model fits the experimental data better than for
steam drying. For normalized moisture contents bigger than 0,6 the
model calculates normalized drying rates that are wider spaced than
found experimentally. This is especially true for steam drying. For
air drying, the calculated normalized drying rates open further up for
lower normalized moisture contents, whereas for steam drying they

converge for lower normalized moisture contents.

The presented drying model describes the drying behaviour qualitative-
ly well. In the effort to keep the mathematical work in the solution
of a drying model at a minimum, certain simplifying assumptions had to
be made (e.g. fixed shape of the moisture content profile in the in-
side of the material). These simplifying assumptions do not allow the
use of  the model to investigate in detail the different drying mech-
anisms. The model must more be seen as a tool to generally describe
the overall drying behaviour.
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Figure 80: Simulation of the normalized drying rates of molecular
sieve in air at an air flow rate of 21,06 kg h-l

{see Nomenclature for symbols)
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Figure 81: Simulation of the normalized drying rates of molecular
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Figure 82: Simulation of the normalized drying rates of molecular
sieve in air at an air flow rate of 24,41 kg h=1
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Figure 83: Simulation of the normalized drying rates of molecular
sieve in steam at a steam flow rate of 24,41 kg h-1

(see Nomenclature for symbols)
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Figure 84: Simulation of the normalized drying rates of molecular
sieve in air at an air flow rate of 25,96 kg h-1

(see Nomenciature for symbols)
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Figure 85: Simulation of the normalized drying rates of molecular
sieve in steam at a steam flow rate of 25,96 kg h-!

(see Nomenclature for symbols)
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5. ECONOMIC COMPARISON BETWEEN AIR DRYING AND STEAM DRYING
IN A FLUIDIZED BED

An objective economic comparison between air drying and steam drying
must be based on optimized drying systems for air and steam. In this
thesis, only indirectly heated drying systems are considered. The
schematic procedure for the economic analysis is presented in

Figure 86.

The economic analysis 1is based on the running and capital costs of
the drying system. These costs can be determined only once the drying
system has been designed. The drying system consists of a blower, a
heat exchanger, a dryer and a gas cleaning device. All this equipment
is dimensioned according to the heart of the system, which is the
dryer itself. Therefore the dryer must be designed first. For the
design of the dryer, certain drying data on the material must be
available. These data are the drying rate curve, which indicates how
quickly the material dries, and the sorption isotherm, which indi=

cates to what remaining moisture content the material can be dried."

Economic analysis

RN

Running cost Investment cost

N e

Drying system

Dryer
Drying model Dryer model
Drying rate curve Sorption isotherm

Figure 86: Schematic procedure for the economic analysis
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The drying data are recorded at specific conditions (temperature,
pressure, humidity, flow rate, etc.). Therefore a drying model is
required to extrapolate the data recorded at a certain set of condi-
tions to a different set of conditions. If the drying rate curve was
recorded in a dryer of the same type as the dryer to be designed,
then the drying rate curve can be used directly in the design proce-
dure. If the drying rate curve was recorded in a different type of
dryer to the one to be designed, then the recorded drying rate curve
must be modified with the help of a dryer model in order to represent

the expected drying rate curve in the dryer to be designed.

5.1 Design of fluidized-hed dryers

The practical design methods that are normally used by manufacturers
are based on continuous drying tests in pilot plants. However, these
continuous drying tests are time-consuming, require large amounts of
material and are very expensive. Therefore attempts have been made to
develop design methods based on the one hand on batch tests using
smaller equipment and on the other hand on the available knowledge of

the drying mechanisms.

Such a design method was first proposed by Vanecek et al. [(V4]. The

mean moisture content of the product was expressed by:

o]

X = ! E(t) X{(t) dt (106)
0
E(t) 1is the residence time distribution of the particles in the dryer
and X(t) is the moisture content of the particles as a function of

the time. For well mixed fluidized beds, the residence time distribu-

tion of the material can be expressed by [V47]:

1

_ t
E(t) = t—mexp [-t—m] (107)

The moisture loss as a function of time differs between batch tests
and continuous tests. The reason is that in batch tests all the parti-

cles have the same moisture content and are at the same tommow-t-.--
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In continuous tests, however, the particles that have been in the
dryer for a long time are relatively dry and hot, whereas the parti-
cles that have been in the dryer for a short time are still wet and
cold. Therefore heat is exchanged not only between gas and particles,
but also between hot and cold particles [C6,V1-3]. For the same gas
inlet temperature, the moisture loss recorded in continuous dryers is
faster than thé moisture loss recorded in batch dryers. Vanderschuu-
ren [V3] found that for small particles of 0,685 mm, the contribution
of the interparticie heat exchange to the total heat exchange with
the drying particles was in the order of 65 % and for large particles
of 2,145 mm in the order of 15 %. Therefore the moisture loss curve
recorded in a batch test cannot be used directly in the design of a
continuous dryer. Vanecek et al. [V4] devised a recording technique
termed "batch simulated continuous run" (BSC) which simulates the
drying of material in a continuous dryer by performing a batch drying
test.b A weighed amount of wet material is added to a fluidized bed of
dry particles and is dried isothermally. The recorded drying rate
curve is -then put into a mathematical form and used in Equation 106.
The temperature-dependence of the moisture loss curve is also taken

into account.

In Vanecek et al.'s method [V4], the drying kinetics of the mate-
rial have to be determined at a constant bed temperature, which is
experimentally difficult to realize. Reay and Allan [R1] devised a
design procedure based on the results of batch tests recorded at a
constant inlet temperature. The drying curve is then divided into
small segments and each segment is converted to a corresponding seg-
ment of drying curve that would exist in a continuous dryer. This

method was successfully tested for zerolite, iron ore and wheat.

Reay and Allan found that for 2zerolite and iron oxide, the total
amount of water that is evaporated is linearly proportional to the
mass flow rate and independent of the bed height. For wheat, the
total amount of water that is evaporated is dependent on bed height,
but is independent of fluidizing velocity. The explanation for the
different behaviour of the materials can be found in their inner
structure. Iron ore and zerolite present weak resistance to the inter-
nal migration of moisture. As a result the drying medium left the

dryer close to equilibrium with the particles. The drying rate is
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controlled by a total energy balance and the total amount of moisture
removed is independent of the bed height, but proportional to the
mass flow rate. Wheat presents a high resistance to the internal
migration of moisture. The drying medium that leaves the dryer is not
in equilibrium with the material. The drying rate is kinetically
controlled by the heat and mass transfer processes inside the mate-
rial. Therefore the total amount of moisture that is evaporated is
independent of the external mass flow rate of the drying medium, but
depends of the bed height of the material.

In order to convert the recorded drying rate curve to a different
temperature, Reay and Allan made certain assumptions. During the
constant drying rate period, the moisture loss over time is propor-
tional to the driving potential for mass transfer, which is the dif-
ference between the vapour pressure at the surface of the particle
and the vapour pressure of the inlet air. For the falling drying rate
period, this proportionality is corrected by the free moisture con-
tent to take into account the limiting moisture migration mechanism
inside the particle. This method was used equally for materials with

- high internal resistance and with low internal resistance.

Milota [M5] gave an explanation as to why the temperature conversion
method worked for both types of material. The temperature-dependence
of the saturation pressure of water (materials with low internal
resistance) derived from the Clapeyron equation is of the same type
as the temperature-dependence of the coefficient for internal mois-
ture migration (materials with high internal resistance), which for

highly hygroscopic materials can be expressed by an Arrhenius~type
equation (creeping flow).

A criticism of the method given by Reay and Allan is that they used
the difference between vapour pressure at the surface of the material
and vapour pressure in the drying medium at the inlet into the dryer
as the driving potential. In a well-mixed fluidized bed, the parti-
cles are at the same temperature and the same moisture content
throughout the bed. The humidity of the drying medium however, in-
creases as it flows upwards through the dryer. As a consequence, the
driving force for mass transfer decreases with increasing height.

Therefore Reay and Allan should have used the mean vapour pressure of
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the drying medium as the driving force for moisture transfer and not
the vapour pressure at the inlet into the dryer. Why the difference
of the vapour pressure on the surface of the particle and at the
inlet of the dryer is the correct one to be used in the conversion of

the drying rate curve will be explained below.

In the drying of materials with a low resistance to internal migra-
tion, the drying medium leaves the dryer in equilibrium with the
material. The dryer is an equilibrium system. The rate of drying is
not controlled by kinetic effects inside or outside the particle, but
by the tota) mass and energy balance around the dryer. Therefore the
drying rate can be expressed by the moisture uptake of the drying
medium, which is given by the product of the mass flow rate of the
drying medium and the difference in humidity between the outlet
(given by p¥) and inlet of the dryer (given by py,in). As

the drying medium leaves the dryer in equilibrium with the material,
the humidity at the outiet of the dryer is given by the sorption
isotherm. During the constant drying rate period, the humidity is
equal to the saturation humidity and during the falling drying rate
period it 1is equal to the saturation humidity corrected by a factor
smaller than one. If the sorption isotherm is a linear function of
the free moisture content, Reay and Allan's method is valid. It is
however important to note the difference between the vapour pressure
at the surface of the drying material and that in the drying medium
at the inlet, which is used in the conversion by Reay and Allan, does
not result from a kinetic driving force as claimed by Reay and Allan,

but from the total moisture mass balance over the dryer.

For materials with a high internal resistance to moisture migration
the kinetics of the internal moisture transfer can govern the total
drying rate. This can also be the case for materials with low resis-
tance to internal moisture migration in the falling drying rate pe-
riod. The drying kinetics are governed by internal processes of héat
and mass transfer. The internal rate of drying may then decrease so
much that the drying medium cannot be saturated any more as it flows
through the bed, and the assumption of equilibrium at the outlet of
the dryer is no longer valid. This is why Reay and Aflan's conversion

method did not work so well any more for moisture contents deep into
the falling drying rate period.
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Milota [M5] found that the method proposed by Reay and Allan could
not be successfully applied to the drying of wood particles in a
fluidized bed. Milota's explanation was that the mechanisms which
govern the drying of wood are different from those for the drying of
wheat, iron ore or zerolite. Moisture moves inside the timber on the
basis of a combination of pore diffusion, free water movement and
bound water diffusion. Milota adopted the principle of the conversion
method proposed by Reay and Allan, but adapted it to the drying of
wood particles. He divided the mechanisms governing the drying rate
into external and internal moisture movement. Then he developed a
function describing the temperature-dependence of these mechanisms
and calculated the relative importance of these mechanisms by forming
the Biot number for each segment of the drying curve. After that he
converted the segments using the weighted influences of the internal

and external mechanisms.

From the works of Reay and Alian and of Milota, one can conclude that
the batch tests used to determine the moisture content evolution with

time in a fluidized bed can be divided into three major groups:
1) equilibrium systems {iron ore, zerolite),

2) non-equilibrium systems with kinetic control of both the

outside and inside of the material (timber), and

3) non-equilibrium systems with kinetic control inside of the

material {wheat).

To which category the test belongs is determined by the mass flow
rate of the drying medium, the nature of the material and the drying
rate period of the drying process. It is important to know into which

category the drying test falls, as the conversion method must be

chosen accordingly.

Lately, efforts have been made to incorporate the bubbling behaviour
of fluidized beds into design models [H9,P1]. These studies are of
interest for the determination of the drying mechanisms involved in

fluidized-bed drying, but are much more complex and hence of less
practical value.
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It must, however, be emphasized that the bubbling behaviour influenc-
es the heat and mass transfer processes in a fluidized bed. In small-
scale beds the bubbling behaviour is different than in large-scale
beds. In small-diameter beds, the bubbles coalesce on their rise
through the fluidized mass and can reach diameters that equal the
diameter of the experimental equipment. As a consegence slugging
occurs, which presents different heat and mass transfer characteris-
tics than a bubbling fluidized bed. In the present experimental equip-
ment slugging could not be observed. However, because the experimen-
tal particles are large and the experimental equipment small, the
scale-up must be treated with care. In any case it is always safer to

perform pilot-plant tests before commissioning an industrial unit.

5.2 Design method for steam fluidized-bed dryers

No design procedure is available in the literature for steam-operated
fluidized-bed dryers. Therefore a new design method had to be devel-

oped.

The basic principle of the design method by Reay and Allan was used.
Batch drying rate curves are recorded, transformed and used for the
design of steam-operated fluidized beds. In the original method by
Reay and Allan, the transformation of the drying rate curve is done
over the mass transfer and the correction factor is formed by the
difference in saturation pressure and vapour pressure at the inlet
into the dryer. In steam drying, the vapour pressure is equal to the
total pressure and is constant over the height of the dryer. There-

fore the transformation cannot be done over the mass transfer.

For steam dryers, the transformation is done over the heat transfer
to the material. During the constant drying rate period the moisture

that is evaporated can be expressed by following energy balance:

. Me Coe (Te in = T )
m = s “ps $,1n s,out
ev,I AhV‘-Tp, I‘)' (108)

During the falling drying rate period, the evaporation rate is cor-

rected by the free moisture content.
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The conversion technique that is used for steam dryers is described

below.

1) The moisture loss of the material is recorded with time in a
batch test performed at constant inlet temperature and gas

flow.

2) The inlet temperature into the dryer, the bed temperature
and the outlet temperature are recorded as functions of

time.

3) The drying curve is divided into segments of 15 seconds. The
mean moisture content and the mean temperature of the drying

material are determined for these segments.

4) The segments. are corrected to the fluidizing velocity, bed
height and bed temperature that will be used in the continu-
ous dryer., The time interval needed for drying the material
by a certain amount is converted to the design conditions.
This conversion 1is described in Appendix J. The physical
properties that are needed for the conversion are determined
at the arithmetic mean temperature during the test interval.
Finally, taking all the effects into consideration, the
drying time ir the isothermal inlet test can be related to
the drying time in the isothermal bed dryer. This conversion

is also described in Appendix J.

5) The converted drying rate curve is then inserted into Equa-

tion 106 and the mean product moisture content is deter-

mined.

This design method was put into a computer program used for the eco-

nomic analysis. The algorithm is presented in Figure 87.

First the duty of the dryer and the material properties have to be
defined. The dryer duty is given by the mass flow rate and the inlet

and outlet moisture contents of the material:

Mev = Mp (Xp,in = Xp,out) (109)
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Figure 87: Algorithm for the economic analysis

The physical properties of the material are needed to calculate the
minimum fluidizing velocity and the bulk density of the fluidized
bed. According to Khokhar and Mujumdar [K6], the operating fluidizing
velocity is between two to five times the minimum fluidizing veloci-

ty. In this thesis, a multiplication factor of 4 was chosen.

In general, the most economical temperature to use is the highest
tempefature possible that does th damage the material. Therefore the
inlet temperature into the dryer was specified. The outlet tempera-
ture of the dryer was then calculated by making an energy balance
around the dryer. The heat that is given off by the drying medium is
used to evaborate moisture from the material, to heat the material up

to bed temperature and to superheat the evaporated moisture.
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For the energy balance, the diameter of the dryer must be known.
Therefore a first approximation of the dryer diameter was specified.
Once the bed temperature is known, the recorded batch curve can be
converted to the given conditions of velocity, bed height and bed
temperature. The batch drying curve recorded at 225 °C was used in
all the conversions. The mean product moisture content was calculated
according to Equation 106. The mean residence time was varied until
the mean product moisture content was equal to the specified product
moisture content. From the mean residence time and the mass flow rate
of material, the volume of the dryer was determined. As the bed
height is fixed, the bed diameter can be calculated. This calculated
bed diameter is then compared with the initially guessed bed diam-
eter. If the difference between these diameters is below a certain
error, the fluidized-bed design is completed. Otherwise, the guessed
diameter is changed and the whole procedure fs repeated until the

calculated and guessed values are close enough.

Once the dryer has been designed, the flow rate of the drying medium,
the inlet and outlet temperatures of the drying medium and the ther-
mal energy requirements of the dryer are known. The drying system

that is considered is presented in Figure 88.

Exhaust
[ 4%=%
IT
Cyclone
Recycle
L
Heater Fluidized
Blower ‘ ' bed dryer

Figure 88: Drying system for the economic analysis
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In the air case, ambient air is sucked into the system by a blower
and pushed through a heat exchanger. The drying medium is brought to
the required inlet temperature into the dryer. After passing through
the dryer, the drying medium 1is cleaned in a cyclone before being
discharged to the atmosphere. In the steam case, the equipment used
is the same, except that the loop is closed and part of the steam
leaving the cleaning equipment enters the blower again. The inlet
temperature into the blower is then higher than the boiling point and

special care must be taken of this part of the equipment.

Once the drying system has been designed, the running costs and capi-
tal costs can be calculated. In this thesis, the running costs are
made up of only the energy costs. The reason is that no information
was available for the maintenance costs of steam drying. The economic
analysis should be seen as a comparative study. Therefore this compar-
ison should be based on data that are verifiable and not falsified by
speculative assumptions. The energy costs consist of the electrical
costs for the blower and the thermal energy costs for the heat ex-
changer. Energy prices are based on 1986 prices on the Witwatersrand

for large industries,

Energy requirements for the blower were determined by the volume flow
rate of the drying medium and the pressure increase needed to over-
come the pressure drop in the system. The total efficiency of the
blower was taken as 75 %, whereas the efficiency of the electric
drive was taken as 90 %. These efficiencies are conservative. The
thermal energy requirements of the system were determined from the
flow rate of drying medium and the temperature increase in the heat
exchanger. No economic value was attributed to the purged steam from
the closed system. Consideration of the purged steam would drastical-
ly reduce the running costs of steam drying and increase its economic
attractiveness. However, as the purged steam is at a low pressure,

there may be no wuse for it in the factory. It is therefore omitted
from this study.

The capital costs of the drying equipment are calculated according

to data obtained from manufacturers and according to literature
data [F3].
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5.3 Results of the economic analysis

The results of the economic analysis are now presented. In particular
the changes in capital and running costs as a function of the inlet
temperature into the dryer, as a function of the product moisture
content and as a function of the production rate are investigated.
The base data for the economic analysis are a production rate of dry
particles of 2 000 kg h'l, a product moisture content of 7 %, an
inlet temperature into the dryer of 275 °C and a bed height of 0,2 m.

In Figures 89 and 90, the capital costs of the air and steam drying
systems are presented as a function of temperature for alumina and

molecular sieve.

An increase in temperature produces an increase in the drying kinet-
ics. The residence time of the particles in the dryer is reduced and
the dryer becomes smaller. Therefore the capital costs of the drying
systems decrease with an increase in temperature. The capital costs
of the steam-drying system are higher than the capital costs of the
air=drying system. At lower temperatures, the advantage of air drying
is more pronounced. At the boiling point, the drying rate in steam is
nil, as there 1is no driving force for the transfer of heat. Conse-
quently, the drying equipment must be infinitely large to fulfil the
drying duty. Therefore the capital costs of the drying system in
steam become infinity. With increasing temperature, however, the

capital costs decrease rapidly and approach those for air drying.

For the drying of alumina, the advantage of air drying is more pro-
nounced than it is for the drying of molecular sieve. The reason lies
in the different drying behaviour of these materials. Alumina exhib-
its a relatively short falling drying rate period, both in air and in
steam. Molecular sieve, however, exhibits a long falling drying rate
period in air and a short one in steam. Therefore steam has a larger

kinetic advantage for drying molecular sieve.
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In Figures 91 and 92, the running costs for the drying system are
given for alumina and molecular sieve. The evolution of the drying
costs differs for the drying of the two materials. For alumina, the
drying costs decrease in both drying media with an increase in temper-
ature. For molecular sieve, drying costs first increase in air and
then decrease at higher temperatures and in steam they increase for

the whole temperature range.

The running costs of the drying system are made up mainly of the
thermal energy input into the heat exchanger. This energy input de-
pends on two factors, namely the amount of exhaust gas and the temper-
ature of the exhaust. In a well-mixed fluidized-bed dryer, the mois-
ture content of the product particles is widely spread due to the
wide residence time distribution. Some particles remain in the dryer
for a very short time and are still in the constant drying rate pe-
riod. Others are in the dryer for a long time and are deep into the
falling drying rate period. On the one hand, an increase in the gas
inlet temperature increases the temperature of the particles that are
in the falling drying rate period. As a result, the temperature of
the exhaust gas increases as well. On the other hand, an increase in
inlet temperature increases the drying kinetics. The residence time
of the particles can then be shortened and the diameter of the dryer
reduced. In a fluidized bed, the velocity of the drying medium must
be above the minimum fluidizing velocity and is fixed in this analy-
sis to four times the minimum fluidizing velocity. A reduction in the
dryer diameter therefore reduces the amount of drying medium that is
needed and hence the amount of energy that must be put into the sys-
tem by means of the heat exchanger. These two mechanisms, a change in
energy input into the system (due to a change in mass flow of drying
medium) and a change in energy loss of the system (due to a change of

exhaust temperature), determine the shape of the curve for the run-

ning costs.

There 1is a difference in the energy loss from the system in air dry-
ing and in steam drying. In air drying, the total amount of drying
medium is blown off to atmosphere and the energy loss is made up of
the amount of drying medium and the temperature of the exhaust. In
steam drying, only an amount of steam equal to the evaporated mois-

ture is purged from the system. This amount is fixed by the drying
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duty. Therefore the energy loss of the steam system depends only on

the temperature at which this steam is purged.

As was said earlier, alumina exhibits a short falling drying rate
period in air and in steam. A relatively large amount of the parti-
cles are in the constant drying rate period, where the particle tem—
perature is not affected by an increase in the inlet temperature. As
a result, the exhaust temperature is not increased much by an in=
crease in the inlet temperature. The drying kinetics, however, are
heavily affected by an increase in temperature. Therefore the de-
crease in energy input outweighs the increase in energy loss, and the

running costs decrease with increasing temperature.

Molecular sieve exhibits a long falling drying rate period in air.
A relatively large amount of particles are in the falling drying rate

period. Therefore, the exhaust temperature is very sensitive to chang-
es in the 1inlet temperature. At low temperatures, the increase in
energy loss outweighs the decrease in energy input, and the running
costs increase with increasing inlet temperature. At higher tempera-
tures, the increase in exhaust temperature is no longer so pronounced
and the decrease in energy input is larger than the increase in en-

ergy loss,

For steam drying, the increase 1in energy loss is larger than the
decrease in energy input for the whole of the temperature range. The
reason is that the particles that are in the constant drying rate
period are more sensitive to temperature changes in the drying me-
dium, whereas the particles that are in the falling drying rate
period exhibit a drying rate that 1is governed mainly by internal
processes and is not so sensitive to external temperature changes. In
air, the energy loss decreases as a result of the decrease in the
amount of exhaust. In steam, only the temperature of the purged steam
determines the energy loss. This is why the running costs in steam
increase over the whole temperature range, whereas in air they de-

crease for higher temperatures.

In Figures 93 and 94, the normalized drying costs, that is the ratio
of costs in steam to the costs in air, are given as a function of the
temperature. This figure does not give any new information, but the

percentage decrease in running costs and increase in capital costs

can be more easily seen.
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In Figures 95 and 96, the capital costs of the drying systems for the
two materials are presented as a function of the product moisture

content.

The capital costs of the drying system decrease sharply with an in-
crease in the product moisture content. The residence time distribu-
tion in a well-mixed fluidized-bed dryer is widely spread. Some parti-
cles are removed from the dryer after very short residence times. The
moisture content of such particles is close to the moisture content
of the feed. For -each such particle that by-passes the drying pro-
cess, relatively many particles must leave the dryer at very low
moisture contents (below the specified product moisture content). The
lower this specified product moisture content, the more product parti-
cles must be very dry for each particle that is very wet. As the
particle becomes dryer, the drying kinetics are reduced and the re-
quired mean residence time of the particles is drastically increased.
This explains why the capital costs decrease sharply with an increase

in product moisture content.

The capital costs for air drying are lower over the whole range of
product moisture contents. The advantage of air is more pronounced

for alumina than for molecular sieve.

In Figures 97 and 98, the running costs are presented as a function
of the product moisture content. The running costs decrease sharply
with an increase in the product moisture content for both materials.
[f the product moisture content is decreased, then the exhaust temper-
ature is increased, because relatively more particles must be in the
falling drying rate period. On top of that, the required residence
time of the material is increased drastically. This means that both
the energy loss and the energy input increase and therefore the run-

ning costs increase sharpiy. Steam drying has the gréatest advantage

for molecular sieve.

In Figures 99 and 100, the normalized costs are presented as a func-
tion of the product moisture content. The normalized capital costs
for alumina and for molecular sieve are not very sensitive to changes

in the remaining moisture content. For the drying of alumina, a

" steam-drying system is around 25 % more expensive than an air-drying
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system. For the drying of molecular sieve, this percentage decreases
to around 17 %. The normalized running costs for alumina and molecu-
lar sieve increase with an increase in product moisture content. This
means. that steam drying has a greater advantage if products have to
be dried to a low remaining moisture content. On average, over the
range investigated, the running costs in steam are 30 % lower for the

drying of alumina and 40 % lower for the drying of molecular sieve.

In Figures 101 and 102, the capital costs of the drying systems for
the two materials are presented as a function of the mass flow rate

of dry feed.

The capital costs for steam lie above those for air and both increase
with an increase in production rate, as is to be expected. At low
production rates, the system capital costs increase more sharply
because of the greater increase in the capital costs of the dryer.
Indeed, for a small fluidized bed, the entrainment disengaging height
is a function of the diameter of the dryer, whereas for a large fluid-
ized bed, the entrainment disengaging height is a constant and there-

fore independent of the bed diameter.

In Figures 103 and 104, the running costs are presented as a function
of the production rate. For both materials, the running costs in-

crease linearly with the production rate.

In Figures 105 and 106, the normalized costs for the drying of alu-
mina and molecular sieve are presented as a function of the produc~
tion rate. Both the normalized capital and normalized running costs
are independent of the mass flow rate. For alumina, the capital costs
of a steam-drying system are around 25 % higher than for an
air-drying' system. For molecular sieve this difference is reduced to
14 %. The running costs of a steam-drying system are 34 % lower for

the drying of alumina and 47 % lower for the drying of molecular
sieve.
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6. CONCLUSIONS

Superheated-steam drying has been advocated as an attractive alterna-
tive to conventional air drying. However, the market-penetration of
steam dryers has been low. The reason herefore is the lack of under-
standing of steam drying and the absence of sound economic data.
Until today, an economic analysis of steam-operated fluidized bed
dryers was not possible. In the present thesis a method and equipment
was developed that enable the engineer to gather the necessary infor-
mation to make an objective choice between air drying and steam

drying.

In particular, novel drying equipment was developed to determine the
drying kinetics in a steam—operated fluidized bed. The measuring
principle consists in recording the weight loss of the equipment with
time. Experimental problems resulting from the weight fluctuations
that are inherent to fluidization were solved by applying software
filtering techniques. The measured data are converted into drying
rate curves of the material. This technique is the only one available
for measuring drying rate curves in steam fluidized beds without

taking samples of the material.

Drying tests were carried out on two materials exhibiting different
drying behaviour, namely a weakly hygroscopic alumina and a highly
hygroscopic molecular sieve. Both materials show a distinct constant
drying rate period and falling drying rate period in air and in
steam. However, alumina exhibits a short falling drying rate period
in air and in steam, whereas molecular sieve shows a long falling

drying rate period in air and a short falling drying rate period in
steam.

For the constant drying rate period, the existence of an inversion
temperature was confirmed. Below the inversion temperature, drying
rates are higher in air than in steam, and above it drying rates are
higher in steam than in air. The existence of the inversion tempera-
ture was shown theoretically for a non~equilibrium system and both
experimentally and theoretically for an equilibrium system. In a
non-equilibrium system, the inversion temperature is determined by
the kinetics of the heat transfer to the wet material. In an equilib-
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rium system, the inversion temperature is determined by a total ener-
gy balance around the system. The reason for the existence of the
inversion temperature is basically the same for the two systems and
lies in the increase of the wet-bulb temperature with increasing
drying temperature. For a fluidized-bed dryer {which is normally
operated as an eduilibrium system), the theoretical inversion tempera-
ture has a value of 154 °C for a pressure of 87 kPa (pressure in

Pretoria).

It is experimentally shown that the air~to-solid and the steam-to-
solid heat transfer coefficients in a fluidized bed can be described
by an equation proposed by Kothari [K14]. However, attention must be
paid to the evaluation of the experimental results. [t was found that
in steady state experiments using the evaporation of liquids to keep
the temperature of the fluidizing material constant, the gas-to-solid
heat transfer coefficient must be evaluated by taking into account
the humidity increase of the drying medium over the height of the

dryer.

For the falling drying rate period, the drying rate curves for
alumina have a similar shape in air and in steam, whereas the drying
rate curves for molecular sieve are different in the two drying me-
dia. For both materials, the critical moisture content is shifted to
lower values in steam drying., However, this shift is much more pro-
nounced for molecular sieve than for alumina. As a result the total
drying time of molecular sieve was notably shorter in steam even for

temperatures below the inversion temperature.

In order to investigate more deeply the different drying behaviour in
the falling drying rate period, a mathematical model was developed.
This model takes into account the main moisture transfer mechanisms
in air and in steam. The model avoids the use of complicated computer
hardware and software and yet describes the drying behaviour of the
investigated materials qualitatively well. The model can, however,
not be used for a detailed study of the individual moisture transfer
mechanisms, as simplifying assumptions led to erroneous physical

results (e.g. transfer resistances < 1).
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The recorded drying rate curves are used as input data for an eco-
nomic analysis. Investment costs and running costs are determined
after the dryer has been designed. Conventional design methods cannot
be used to dimension fluidized-bed dryers operated with steam. There-
fore a new design method based on the principle of the design method
by Reay and Allan [R1] was developed. The dgsign method uses heat
transfer expressions and is the only existing method for designing

steam-operated fluidized bed dryers.

To make more universal use of the drying rate curve recorded in the
fluidized bed, this one is normalized with respect to the constant
conditions at the inlet into the dryer. This normalized drying rate
curve is equivalent to the normalized drying rate curve of a single
particle and can be used to design any type of dryer (provided a
model describing the contacting between drying medium and material is
available). The Aprinciple of this normalization technique was first
introduced by Zabeschek [Z1] for non-equilibrium drying systems in
air. In the present thesis this technique is extended to equilibrium

systems and newly developed for steam—operated dryers,

The economic study of the fluidized bed system shows that the advan-
tages of steam drying are more apparent for the highly hygroscopic
molecular sieve which exhibits a long falling drying rate period in

air than for the weakly hygroscopic alumina.

The capital costs of a steam system are higher than those for an air
system. The amount by which the steam system is more expensive de-
pends on the operating conditions and on the drying characteristics
of the feed material, mainly operating temperature, required remain-
ing product moisture content and extent of the falling drying rate
period. The base conditions that were chosen for the economic anal-
ysis were a mass flow rate of dry particles of 2 000 kg h=1, a
product moisture content of 7 %, a bed height of the material of
0,2 m and a temperature of the drying medium of 275 °C. The differ-
ence in capital costs decreases with an increase in temperature, with
a decrease of the remaining moisture content of the product and with
an increase of the falling drying rate period of the feed material.

For alumina the capital costs for a steam drying system were between
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20 and 35 % higher than the capital costs for an air drying system

and for molecular sieve this difference was between 10 % and 24 %.

The running costs of a steam system are lower than the running costs
of an air system. The running costs do not depend as much on the
temperature as do the capital costs. In steam the running costs in-
crease with an increase in the operating temperature because of an
increase in heat losses through the exhaust. In air the running costs
decrease at higher temperatures because of an increase in the drying
kinetics. This means that for the running costs, the economic advan-
tage of steam is reduced by increasing the temperature of the drying
system, whereas for the capital costs the economic advantage is in-
creased. At the base conditions and a temperature of 200 °C, the
running costs in steam were 37 % lower for alumina and 48 % lower for
molecular sieve. Another factor that influences greatly the differ-
ence in running costs between air drying and steam drying is the
remaining product moisture content. With a decrease in product mois-
ture content, the difference in running costs increases. At the base
conditions and a product moisture content of 15 %, the running costs
in steam were 20 % lower for alumina and 33 % lower for molecular
sieve. By decreasing the product moisture content to 4 %, the running

costs in steam were 40 % lower for alumina and 53 % for molecular

sieve.
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7. RECOMMENDATIONS

(i) Building of a pilot-scale fluidized-bed dryer that can be

operated with air or with steam

Industrial applications of steam drying are still limited. The major
reasons are lack of knowledge about steam drying, misunderstanding
about the steam-drying process and a general resistance to 'new',
unestablished processes. Therefore it is of vital importance to build
a pilot-scale fluidized-bed dryer that can be opeiated with air or

with steam. Such a unit would serve many purposes.

First of all it should be used as a demonstration unit to prove to

industry the practical feasibility of steam drying.

Secondly, it would assist in investigating practical operating prob-
lems, such as feeding material into the dryer, product removal from
the dryer, condensation on cold spots, corrosion and erosion of the
construction materials, fouling of the heat exchanger, product degra-

dation and requirements for the blower.

Thirdly, it would be used to verify the design procedure that has
been developed in this thesis and it would yield important data for

the scale-up of dryers.

Fourthly, it would yield operating data that would make the economic
comparison between air drying and steam drying more realistic, as the
study would then be based on actual measured data. Such data are the

energy requirements and the maintenance costs of the system.

{ii) Changes to the experimental equipment

The changes on the experimental equipment should make it more univer-
sal. To limit the effects of material loss, the experimental drying
section should be followed by an entrainment disengaging section and,
before leaving the dryer, the drying medium should be screened by a
fine wire mesh. For materials that exhibit a high material loss by

entrainment, blockage of the wire mesh and subsequent pressure build=-
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up inside the dryer can occur. Therefore it is recommended that both
the height and the diameter of the entrainment disengaging section be
increased. Furthermore the filtering action of the screens can be
improved and the danger of blockage can be reduced by using a series

of increasingly finer screens.

(ii1) Develbpment of a mathematical drying model for steam drying

A simplified drying model is always based on assumptions that do not
reflect the real situation during the drying process, but that approx-
imate it. As a consequence, the applicability of such models is lim-
ited and empirical functions may have to be used to describe the
measured results. Therefore it is of interest to develop a rigorous
drying model, based on the underlying fundamental mechanisms of heat
and mass tfansfer, and which describes the drying process realistical-
ly. This will be of scientific interest, as will further the under-
standing of the transfer mechanisms involved in drying in general,
and in steam drying in particular. Some of these complex models are
available for air drying but cannot be used directly for steam dry-
ing. Therefore they must be modified and applied to the steam-drying

process.

(1v) Performance of drying tests on more materials and on differ=-

ent sizes

It is recommended that drying tests be performed on various sizes of
a hygroscopic material. These data can then be used to test the de-
sign procedure for the various sizes. This is of interest, especially
for small-diameter particles in which the intérparticle heat transfer

may play an impoftant role in the design of a continuous fluidized-
bed dryer.
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(v) Investigation of pressure or vacuum operation for steam—-

operated fluidized beds

It was suggested that an incrgase in pressure could drastically re-
duce the size of the drying equipment. In steam drying, the system
must in any case be very well sealed off from the environment. There~
fore it may be advantageous to operate the steam system under pres-
sure. It 1is recommended that a rough paper study be performed on the
economic implications of a pressure increase of the steam system
before embarking on the development of experimental equipment to
record drying curves in steam under pressure. By increasing the pres-
sure of the system, the danger of degradation of the material is

increased, as the material temperature will increase.

The major limitation of steam drying is the heat-sensitivity of the
material. By reducing the pressure in the system to below atmospher-
ic, the material temperature can be reduced as well. Therefore, steam
drying can theoretically be applied to materials that under normal
pressure would be degraded in steam. Again it is recommended that a
rough paper study be carried out first on vacuum-operated steam dry-

ers before experimental equipment is developed.

(vi) Investigation of the economic viability of steam compression
drying

In countries where heat-recovery systems are subsidized by the govern-
ment or where electricity is relatively cheap compared with coal,
steam compression drying may be of interest. In these countries,
electricity is produced by nuclear or hydroelectric power stations
and is therefore not dependent on the coal price. The application of
steam compression drying leads to an increase in capital costs, which
may be partially carried by the government, and to a further reduc-
tion in running costs. Therefore the option of steam drying should be

kept in mind, because the economic environment may change.
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APPENDICES

APPENDIX A: MEASUREMENT ERRORS
Al. Measurement errors in the sorption isotherm

- Determination of the pressure in the container

Measurement errors in the relative pressure may originate in the
measuring inaccuracy of the Bourdon gauge and/or in a temperature

measurement error.

The measuring accuracy of the Bourdon pressure gauge is 0,5 % of the
measured pressure. The pressure can be read with an accuracy of
+0,25 kPa. The relative error is highest for low pressures. In the
experiments, the lowest pressure that was used was 2,37 kPa. This
leads to a maximum relative error of 10,6 %. Most of the data were
measured at pressures higher than 9,5 kPa. This means that the rela-

tive error for most of the data is lower than 2,6 %.

Pressure readings may be falsified by a shift in the zero point. This
shift may be due to a fluctuation in the height of the water column
in the capillary connecting the gauge to the container. These varia-
tions are less than 5 mm. This height corresponds to an absolute
error of 0,05 kPa, which leads to a relative error of 0,5 % for most

of the measuring points.

The temperatures were measured with two calibrated thermocouples.
They did not differ by more than 0,6 °C. The arithmetic average of
these two measurements was taken as the temperature in the container.
One can assume that the total error in the temperature readings was
less than 0,6 °C. Such a temperature difference leads to a maximum
change in saturation pressure of 1,1 kPa. As a result, the relative

pressure will be falsified by a relative error of 2,4 %.

Air leaking into the system can increase the total pressure that is
measured. As no evidence of such a leakage was found, the error intro-

duced by this source was not investigated.
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In summary, the maximum relative error in the measurement of the

pressure in the container is 5,5 %.

- Determination of the moisture content

The error that is introduced in the measurement of the moisture con-
tent of the material inside the sorption isotherm container is due to
the resolution of the balance and to convective air currents acting

on the equipment.

Convective air currents are created around the measuring container
due to the temperature difference with the surrounding air. The influ-
ence of these convective air currents is difficult to quantify. It
was, however, found that the difference in balance reading between
the hot <container and the cold container was in the order of 8 g. As
the moisture content measurements were all carried out at the same
temperature of the container, the absolute error was considered to be
less than 0,5 g. The mass of dry material in the container was rough-
ly 300 g. At moisture contents higher than 2,5 %, the relative error

introduced by the convective currents was then less than 6,7 %.

The resolution in the balance reading was 0,1 g. Therefore the error
introduced by this source was less than 1,3 % for moisture contents

higher than 2,5 %.

This leads to a maximum relative error in the measurement of the

moisture content of the material of 8 %.

A2 Measurement errors in the heat transfer coefficient

- Height of the thermocouples

The temperature profile of the drying medium in the fluidized bed is
measured with a series of bare thermocouples inserted at different
heights in the bed (see Figure 107). The heights above the distribu-
tor plate are 0,5; 2,5; 5,0; 7,5; 11,5 and 24 mm. The thermocouple
wires are soldered together and the measuring tip is formed by a more
or less spherical piece of solder of 0,25 mm diameter (see Figure

108). Even though the height of the tip of the thermocouple above the
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distributor plate is known, the actual measuring place is difficult
to define and is somewhere inside the piece of solder. Furthermore it
is difficult to define the temperature that is measured. The drying
medium cools down very rapidly as it flows through the bed. Even
though the piece of solder is kept small (<0,25 mm}), the temperature
of the drying medium changes over the height of this piece.

According to Equation 160, the local heat transfer coefficient is
determined by:

M. (c +Y che) T, - T
= -2 '~“pa * ' ~ps’ _Z__—J%-
h za?d In (Tin - p)

[f one assumes that the height of the measuring tip can be determined
to within 0,25 mm, then the relative error, RE, in the measurement of

the heat transfer coefficient is given by:

RE =1 - EIE%_K_ (111)
z

For a height of 3 mm this leads to a relative error of 7,7 %.

The error becomes less important with increasing height in the bed

and for a height of 15 mm is only 1,6 %.

- Determination of the temperature of the drying medium

The gas temperature is measured by bare calibrated thermocouples that
are inserted into the fluidized bed. The tip of a thermocouple is
represented in Figure 108. The stainless steel sheath of the
thermocouple has a diameter of 1,6 mm. The spherical measuring tip
protrudes into the gas stream. The thermocouple wires are embedded in
an insulating mass that fills the stainless steel sheath and prevents

the thermocouple wires from touching the walls of the sheath or each
other,

The tip of the thermocouple is exposed to various heat sources and

heat sinks that can falsify the temperature measurement. These are:
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1) Heat transfer by conduction to the cold particles.

2) Heat exchange by radiation between the tip of the thermocou-
ple and the fluidized mass

3) Heat exchange by radiation between the tip of the thermocou-
ple and the distributor plate.

4) Heat transfer by conduction through the thermocouple wire.

5) Heat transfer by gas radiation to the tip of the thermocou-

ple (only applicable in steam drying)

Of these influences, the most important one is the heat transfer to
the wet, cold particles during the impact between particles and mea-
suring tip. In the constant drying-rate period, in which the measure-
ment of the heat transfer coefficients is realized, the particles are
at the wet-bulb temperature in air and at boiling temperature in
steam. On impact with the measuring tip, heat is transferred by con-
duction from the measuring tip through the dividing'gas film to the
wet particles. The fluidized particles that are used in the tests are
much larger than the measuring tip. Therefore the heat transfer can
be described by the heat transfer between a sphere and a flat sur-
face. Schlinder [S8] determined the heat transfer coefficient that is
obtained for short-contact times (<0,01 s) between a sphere and a

flat surface:

Il
E Y
1Q>
~
+
—

d¢ -
he nizE+ 1) - 1) (112)

with

20

2
40 (5-1) (113)

Here Y is the accommodation coefficient which describes the incom-
plete energy exchange between gas molecule and the heat exchanging
surface, and dy is the diameter of the thermocouple tip. According

to VDI [V5], the accommodation coefficient can be determined by Equa-
tion 114,

1
log(s = 1) =0,6-——qC— (114)
a
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The constant C,; has a value 2,8 for air and 3,62 for steam. The

temperature Tg must be expressed in K.

A is the mean free path of the gas molecules and can be determined by

Equation 115,

A= 22 n (115)

According to Martin [M1] the contact time between a sphere and a flat
surface is proportional to the flying time of one particle diameter.
In our case, the diameter of the tip must be used, as this is the

smallest.

t, = 4 dy (116)

Martin determined the constant Cy as 3 for glass beads of various
diameters. The velocity of the particles Wp can be determined by

following equation [Ml]:

- (¥ - ¥)
Yo = 9% ET oy (1 - (117}

Here V¥, is the voidage of the bed at incipient fluidization and

¥ is the voidage of the bed at fluidizing conditions.

These values result in a contact time between the particles and the

thermocouple tip of 5 1073 s.

The radiative heat transfer coefficient between the tip of the thermo-

couple and the fluidized mass can be described by the following equa-
tion [M1]: '

he = 4¢eCg Tps {1+ (Tl‘i‘Tp’ ) (118)

Here Ty is the mean temperature between tip and particle,

Ty is the temperature of the tip of the thermocouple,
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Tp is the temperature of the particles,
€ is an effective emissivity number and
Cs is the Stefan-Boltzman constant and has the value

5,67 1078 W m™2 k4.

The radiative heat transfer is then described by:

Qp = hy Ap (T = Tp) (119)

The radiative heat transfer between the distributor plate and the tip

can be described by:

Op g =8 €1 €2 Ag G (T4 = To%) (120)

Here ¢ 1is the radiation number,
€1 is the emissivity of the distributor plate,
€p is the emissivity of the tip,
P is the projection surface of the tip,
Tq is the temperature of the distributor plate, and
T, is the temperature of the tip.

The conductive heat transfer through the two thermocouple wires can

be described by:

A
Qed = T2 Ay (Ty ~To) (121]

Here AY is the conductivity of the thermocouple wire,
1 is the length of the thermocouple,
2 is a factor that takes into account the number of thermocou-
ple wires,
A, is the cross section of one wire, and

Te 15 the ambient temperature.

The gas radiative heat transfer in the case of steam drying may be
neglected because of the low temperature level and the low tempera-

ture difference between the gas and the measuring tip.
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For the lowest thermocouple (distance between the thermocouple tip
and the distributor is 0,5 mm) the particles cannot impact onto the
tip because of their large diameter (alumina 1,6 mm, molecular sieve
2,2 mm). The tip is exposed only to the radiative heat transfer from
the distributor plate, the radiative heat transfer from the fluidized
particles and the heat sink due to the conductive heat transfer

through the thermocouple wires.

The remaining thermocouples are exposed to the conductive heat trans-
fer to the particles, the radiative heat transfer from the fluidized
particles and the heat sink due to the conductive heat transfer
through the thermocouple wires. The thermocouple tips are shielded by
the fluidized particles from the radiative influence of the distribu-
tor plate. The radiative heat transfer from the distributor plate to
the tip 1is therefore neglected for these thermocouples. The contact
time between particles and thermocouple tip was evaluated at 5 milli-
seconds. During this contact time the thermocouple tip transfers heat
by conduction to the fluidized particle and by radiation to the fluid-
ized mass. In the evaluation of the influence of the heat sinks and
sources on the heat transfer coefficient it was assumed that the time
between two impacts is a multiple of the contact time. For a flat
surface the time between two impacté can be related to the voidage of
the bed. If a row of particles passes the thermocouple tip at the
velocity Wy determined by Equation 117, then the multiplication
factor for the time between two impacts is given by the ratio of tip
diameter and the diameter of the particle minus the tip diameter. For
alumina this leads to a multiplication factor of 5,4 and for molecu-
lar sieve of 7,8. The voidage fraction of the fluidized bed increases
this factor, so that in the calculation a multiplication factor of 10
was assumed for both alumina and molecular sieve. Between two impacts
the tip 1is exposed to the convective heat transfer by the fluidizing

medium and the radiative heat transfer to the fluidized mass.

The relative error in the heat transfer, resulting from an error in

the temperature reading, is calculated below:

Ah T, =Tg _ i T, +AT, =T . T, - T
e {ln _T?;_:—¥ In ZTin -ZTp R } : 1In (T?——:—g— ) (122)

p




T, =T AT )
= 1 - " (T?n — 1n ) iinz‘ Tp (123)
n ()

With following assumption:
T, = Tp + K (Tijp = Tp] {124)

the relative error is given by
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For large values of K, i.e. low heights of the thermocouple or small
differences between the gas inlet temperature and the particle temper-
ature, the relative error is highest. The results of the calculations

are presented in Table 9.

In Table 9 the error in the determination of the heat transfer is
calculated for the five lowest thermocouples (under the test condi-
tions the temperature difference between gas and particles was too
low to use the sixth thermocouple reading in the determination of the
heat transfer coefficient). The error is calculated for alumina at an
inlet temperature of 275 °C in air and in steam and at an inlet tem-
perature of 200 °C in air, as well as at an air inlet temperature of
275 °C for molecular sieve. The individual error diminishes with
increasing thermocouple height. The average value between the five
thermocouple readings is taken in the determination of the heat trans-
fer coefficient. This lowers the error and for all the cases the
error lies around 9 %. The multiplication factor for the time between
two impacts was increased to 20 to study its influence. The average

error dropped to 5,3 %.

- Determination of the mass flow rate of the drying medium

The volumetric flow rate of the drying medium is measured by a rotame-

ter with an accuracy of 1,5 %. This rate is multiplied by the density
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Table 9 Error in the heat transfer coefficients by

ignoring measurement errors in the gas temperature

(7Tin Mult| Gas | Mat | hgp T T¢n | Error [Average
°C mm °8 °C error,%

R

275 | 10 | Air | A1 | 0,5 |248,9 248,3
2,5 |171,5/155,3| 2
5,0 |115,6/106,8| 1
7,5 85,5 80,7
1,5

2,4
0,3

0,3 | 8,9
7,0
63,4 61,5 4,7

275 | 10 |Steam| Al | 0,5 |257,0 256,5 3,2
2,5 (201,4/190,1| 19,2
5,0 (158,1/151,3| 9,7 | 8,6
7,5 |132,5/128,5 6,6
1,5 [111,7/109,9 4,5

200 | 10 | Air | A} | 0,5 |181,8(181,4
2,5 [127,8|116,2| 2
5,0 | 88,6 82,3 1
7,5 | 67,4] 63,9
1,5

2,5
0,7

0,5 | 9,1
7,1
51,7|.50,4| 4,7

275 | 10 | Air | MS | 0,5 |252,1|251,6
2,5 181,7|166,3| 2
5,0 |127,2|118,0| 1
7,5 | 95,2| 89,8
1,5

2,4
0,7
0,5 | 9,1
7,1

69,3| 67,0/ 4,7

275 | 20 | Air | AV | 0,5 [248,9|248,3] 2,4
2,5 [171,5(162,6| 11,4
5,0 |115,6/110,8 5,8 | 5,3
7,5 | 85,5/ 82,8 4,0
1,5 | 63,4 62,3 2,7

of the drying medium to get the mass flow rate. The density is
determined over the ideal gas law. The temperature of the drying
medium is measured by a calibrated thermocouple. The error resulting
from the deviation from the ideal gas law is neglected. The error
resulting from the effect of an inaccurate temperature measurement on

the density is less than 0,03 % and can be neglected as well.

The relative error in the determination of the mass flow rate is then

the same as that for the measurement of the volumetric flow rate,
which is 1,5 %.
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- Determination of the surface area of the particles

The surface area of the particles is determined over the bulk density
of the fluidized mass and the mean diameter of the particles. It is
difficult to determine the bulk density of the fluidized mass accu-
rately. In this thesis it was taken as the bulk density of the mate-
rial poured with a free fall into a measuring cylinder. The mean
diameter of the material could not be determined by a sieve analysis,
as the size distribution was very narrow. Therefore the mean diameter

of a sample of 300 particles was determined with a micrometer.

If the relative error in the surface area determination is 10 %, then
the relative error in the determination of the heat transfer coeffi-

cient is 9,1 %.

- Determination of the particle temperature

The temperature profile of the drying medium is determined by means
of several thermocouples. The lowest temperature recorded is then

taken as the particle temperature,

If the accuracy of the measured particle temperature is 0,1 °C, then

the relative error in the heat transfer coefficient is below 1 % .

A3 Measurement errors in the determination of the

normalized drying rate

The absolute error that is introduced in the evaluation of the drying

kinetics by using the temperature normalization procedure is dis=-

cussed below.

The temperature of the particles is measured by a thermocouple insert-
ed into the bed. The thermocouple needs a certain relaxation time
before it can follow the temperature change. Therefore the tempera-
ture that is recorded by the thermocouple lags behind the true temper-
ature. As a consequence, the normalized drying rate that is calculat-
ed overestimates the actual drying rate. At high inlet temperatures,

the drying rates are fast and so are the changes in particle tempera-

ture. Here the error is largest.
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As was mentioned in Section 2.3.2.2, the temperature recorded by a
bare thermocouple lies in between the temperature of the material and
the temperature of the drying medium. Because the particle tempera-
ture is measured in the upper layers of the bed where equilibrium
between drying medium and material has been reached, this influence

is neglected.

In the normalization procedure, heat losses from the drying medium to
the environment are neglected. Even though these heat losses can
never be eliminated completely, special care was taken in the design
of the experimental equipment to limit these losses to a minimum.
Again, the error introduced by neglecting the heat losses is largest
at high temperatures and tends to overestimate the normalized drying

rate.

In the later stages of drying, the moisture content of the material
is locally lower than the critical moisture content given by the
sorption isotherm. Therefore the energy needed to change liquid mois-
ture into wvapour 1is given by the sorption energy, which is higher
than the latent energy. In the normalization procedure presented,
only the latent heat was considered. Therefore the normalized drying

rates are overestimated.

In Figure 109, the normalized drying rate curves with respect to the
average drying rate during the constant drying rate period are plot-
ted for the normalization over the mass transfer and the normaliza-

tion over the heat transfer.

Ad Measurement errors in the drying rates

In the data acquisition, 25 respectively 50 weight readings are aver-
aged and recorded as 1 point. This averaged value is taken as the
weight reading at the time of the last point (25th respectively
50th). A more accurate recording would be to position the averaged
weight at the middle point. However, one is only interested in the
drying rate, i.e. the loss of weight with moisture content, it is not
important where the averaged weight is positioned as long as the dry-

ing rate and the moisture content correspond.
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Figure 109: Comparison of the normalized drying rate curves with
respect to the averaged drying rate with normal-

ization over mass transfer and over heat transfer

A further error in the drying rate curves may be introduced by the
smoothing technique that 1is used to evaluate the recorded weight
readings. In general, smoothing techniques tend to stabilize the
curve and no signs of distortion of the original curve could be found

in this thesis.

Several curve fittings were tried to describe the smoothed curve of
the weight readings vs time. Fittings using simple equations such as
third=-order polynomial or exponentials were not satisfactory at all.
More complex fittings, wusing up to eight free parameters were more
useful. The free parameters were determined by computer using an
optimization procedure. The computing time was, however, excessively
long (up to 12 hours) and it was decided to determine the drying rate
by dividing the curve into small linearized segments as described in
Section 3.2.6. Some error is introduced by this linearization close
to the critical moisture content, where the change in the slope of

the recorded weight curve is greatest, but the extent of this error
is neglected.
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APPENDIX B: PHYSICAL PROPERTIES OF THE DRYING MEDIA
AND OF THE MOISTURE

The physical properties of the drying media and of the moisture are

described by the following equations [H3]:

Specific heat in Jd kg"1 K-1:

cpa = 1006 (1 + 5 1077 (T - 273,15)2) (126)
Cps = 1880 (1 + 2,2 1074 (T - 273,15)) (127)
Col = 4178 +9 1076 (T - 308,15)2 (128)

- (Y cps * Cpal
Cowa = (?s+ YTpa (129)

Dynamic viscosity in kg m~l s:

- -6 T 0,7
Na 17,2 10 (273,15) ; (130)
- -6 (1 1,25
Ns 8,1 10 (273’15) ) (131)
Nwa = Y ng * (1 =Y)n, (132)

Latent heat in J kg'lz

AhytTy = Bhy$273,15% = (cpy = cps) (T - 273,15) (133)

The temperature is given in Kelvin for all of these equations.
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APPENDIX C: CURVE FITTING FOR THE SORPTION ISOTHERM

For molecular sieve, Henderson's equation [K3] was used as the
basis for the development of an empirical equation to describe the
sorption isotherm. The vapour pressure exerted by the moisture is

expressed by the following equation:
py = [1 - exp(-C; T xC2)7 p} (134)

. * . .
py s the vapour pressure, pg is the saturation pressure

and Cq and Co are constants.

It was found that too—-high values of the relative pressure were ob-
tained for moisture contents higher than 0,16 kg/kg, if Henderson's
equation was wused without modifications. Therefore Equation 134 was
corrected by an arbitrary empirical function. This correction func-
tion was modified until the graphical representation of the resulting
function was visually judged to be in satisfactory agreement with the
measured data. The final equation used to describe the sorption iso-

therm of molecular sieve reads as follows:

py = [1 - exp(-60000 (X + f+T$)2:3) -
0,08 exp(=(25 (X - 0,16 ~ f4T})2)] (135)

For alumina, Langmuir's equation for the adsorption of a monomolecu-

lar layer onto the solid skeleton was used as the basis for the devel-

opment of an equation to describe the sorption isotherm.

Cc

c is a constant and A is the amount of vapour necessary for a com-

plete monomolecular layer of adsorbed moisture.

With this equation, the vapour pressure can be expressed by:

1 X
T W ) (137)
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This equation was then modified by an empirical equation so as to

describe the sorption isotherm of alumina as accurately as possible,

The final equation is written as:

X - 9tT%

Pvo = T T X - ofTy

{138)

The functions f4T}, g+T¥ and htT}+ were determined by fitting the
equation to the isotherms recorded at three different temperatures.
Equation 137 was used as the starting point and, by trial and error,
empirical equations were superimposed on the basic equation until the

resulting curve agreed with the measured data.

f4T+ = INT1 + X - 0,0454 + 0,000262 T+
0,0567 - 0,000333 T
1+~ s -0,007627 [139)
gtT+ = 0,0454 - 0000262 T (140)
h#T}+ = 0,0567 - 0,000333 T (141)
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APPENDIX D: INFLUENCE OF THE SYSTEM GEOMETRY AND
THE MASS FLOW RATE OF THE DRYING MEDIUM
ON THE LOCUS OF THE INVERSION TEMPERATURE

The system geometries that are considered are a plate, a tube and a
sphere. The model described in Section 4.1.1 is used to determine the
inversion temperature for the various system geometries and mass flow
rates. The results are presented in Figures 110 to 112. The evapora-
tion rate in dry air and in pure steam is plotted against the inlet
temperature of the drying mediuh for various mass flow rates of the
drying medium. The length of the plate was taken as 0,2 m, because
experimental equipment of this length can easily be built for experi-
mental verification of the calculations. The dimensions of the tube
were taken as being identical to those of the tube used by Yoshida.
The sphere was considered to have a diameter of 1 mm, as this is in
the size range that was used by Trommelen and Crosby [T2] in their
tests. The mass flow rates that were used corresponded to linear
velocities of air of 1 ms™l to 64 m s'l, a range that covers the

velocities used in the various types of dryer.

5 I 1 | | 1 I ’/ f J
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4= - Superheated steam —
v B
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o
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c _
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0 : .
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Temperature, °C

Figure 110: Inversion temperature for a plate (1 = 0,2 m)
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The inversion temperature depends on the system geometry. For a
plate, an inversion temperature of 210 °C is found. For a tube it
lies between 170 and 185 °C, and for a sphere between 210 and 245 °C.
With the plate, the inversion temperature is independent of the mass
flow rate of the drying medium, whereas with the tube and the sphere,

it decreases with increasing mass flow rate.

For a given set of drying conditions (temperature, humidity and mass
flow rate of the drying medium), the normalized temperature driving
force and the normalized latent heat are identical for all configura-
tions. The normalized heat transfer coefficient, however, varies from

one configuration to another.

The heat transfer correlations used to determine the heat transfer

coefficients in Equations 16 and 17 are listed in Appendix E.

In Figure 113 the normalized heat transfer coefficient of steam is
plotted for the different configurations as a function of the tempera-

ture. The coefficient increases slightly with increasing temperature

c
]
-
3
w

Normalized heat transfer coefficient
wn
l

1 1 | ! | \ ! | . | | | !
50 100 150 200 250 300 350 400
Temperature, °C

Figure 113: Normalized heat transfer coefficient for various

configurations
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for all geometries and is highest for the tube and lowest for the
sphere. This means that the inversion temperature is also lowest for
the tube and highest for the sphere, which is in accordance with the

results shown in Figures 110 to 112.

The influence of the mass flow rate of the drying medium on the nor-
malized heat transfer coefficient is investigated below for the var-

ious system geometries.

Plate

In Figure 114 the normalized heat transfer coefficient of steam for
flow over a plate is plotted against the temperature for various mass
flow rates. The coefficient 1is seen to be independent of the mass
flow rate. This explains the constant inversion temperature of 210 °C
found in Figure 110. For all the velocities that are considered, the

flow is in the laminar regime.
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Figure 114: Normalized heat transfer coefficient of a plate as

function of temperature for various mass flow rates
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Tube

In Figure 115 the normalized heat transfer coefficient of steam for
flow through a tube is plotted against the temperature for various
mass flow rates. The coefficient varies considerably with the mass
flow rate of the drying'medium. Each line of constant mass flow rate
is labelled with the linear velocity (u) of completely dry air

through the empty tube at the given conditions.

For low flow rates (u; to wug), air flow and steam flow are both
in the laminar regime over the whole temperature range. The normal-
ized heat transfer coefficient increases with increasing flow rate

and increasing temperature.

For medium flow rates (ugq to wug), the air flow is in the laminar
regime, but the steam flow is in the turbulent regime for low tempera-
tures and in the laminar regime for high temperatures. Heat transfer
coefficients are higher in the turbulent regime than in the taminar
regime. The normalized heat transfer coefficient of steam

decreases with increasing temperature, but continues increasing with

increasing flow rate.

At flow rate ug the normalized heat transfer coefficient again
increases with increasing temperature. The reason is that the steam
flow 1is turbulent over the whole temperature range, whereas the air
flow 1is laminar. At this point, the normalized heat transfer coeffi-

cient reaches its maximum, and the inversion temperature is at its

minimum.

At high flow rates (uy to ug), the normalized heat transfer coef-
ficient decreases with an increase in mass flow rate. The air flow

now enters the turbulent regime, and the advantage of steam begins to

decrease.

At very high flow rates (ug), air and steam are both in the turbu-
lent regime over ‘the whole temperature range, and the normalized heat

transfer coefficient again increases with an increase in the mass
flow rate.
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Figure 115: Normalized heat transfer coefficient of a tube as

function of temperature for various mass flow rates

This behaviour shows the important effect of the flow regime on the

inversion temperature.

Sphere

In Figure 116 the normalized heat transfer coefficient of steam for
flow over a sphere 1is plotted against the temperature for various
mass flow rates. The coefficient increases with both increasing tem-

perature and increasing mass flow rate. In this case the flow was in

the laminar regime for both drying media.

For all configurations, plate, tube and sphere, there is a change in

the normalized heat transfer coefficients with temperature. This

change can be explained by the change in the physical properties of

the drying media.
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For the sake of simplicity, the heat transfer correlation can be

written as a function of the Reynolds number and the Prandtl number

in following form:

Nu = Cj Ret2 prC3 (142)

From this correlation the relative heat transfer coefficient of steam

can be written as a function of the physical properties of the drying

medium as follows:

(1-C3)

)

3"0.3'
%)
1]
—_
>»Ln>
o

(Bi)(CS-CZ)(Epi]C3

na (143)

Cpa
In  Table 10 the normalized physical

properties are listed as
functions of the temperature,.
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The change in the normalized heat transfer coefficient with mass flow
rate cannot be explained by the use of Equation 142, as the depen-
dence on mass flow rate is cancelled when the relative heat transfer
coefficient 1is formed. For a plate, the heat transfer correlation
that was wused (see Appendix E) has the basic form of Equation 142,
Therefore, for a plate, the normalized heat transfer coefficient is
independent of the mass flow rate. For a tube or a sphere, the heat
transfer correlation has a more complex form and the mass flow
dependence is not cancelled when the normalized heat transfer

coefficient is formed.

Table 10: Normalized physical properties for various temperatures

Temperature Ag/Aa Cps/Cpa ns/Na
- UC

125 0,8526 1,9084 0,5638
150 0,8507 1,9104 0,5706
175 0,8498 1,9123 0,5769
200 0,8495 1,9139 0,5838
225 0,8504 1,9154 0,5907
250 0,8515 1,9167 0,5972
275 | 0,8537 1,9178 0,6032

% change 0,13 0,49 6,99

In the example of flow through a tube, it was found that the flow
regime of the drying medium 1is important for the normalized heat
transfer coefficient. At the same mass flow rate, the Reynolds num-
bers are higher for steam than for air. The normalized Reynolds num=-

ber can be expressed by the normalized dynamic viscosity :

R -1
ﬁz_j - (%i) (134)

In Table 10 the relative dynamic viscosity is given for various
temperatures. The mean value of the relative viscosity is 0,5837.
This means that the Reynolds number for steam is, on average,
1,71 times (1/0,5837) higher than the Reynolds. number for air. As a
consequence, the steam 1is in the transition or turbulent regime,
while the air flow is still in the laminar regime. The heat transfer
characteristics are more favourable in the turbulent regime.

Therefore, for the same mass flow rate, steam has a kinetic advantage

AVvaYy ailw
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APPENDIX E: HEAT TRANSFER CORRELATIONS FOR
VARIOUS GEOMETRICAL CONFIGURATIONS

Configuration Reynolds number Heat transfer correlation
Plate 0 < Re < 500000 Ny = 2:064 VRe Pr
pri/6
X Re Pr

Re > 500000 Nu =

(1 + 12,7 X (Pr9,66 - 1))

X = 0,037 Re 0,2
Cylinder Nu = max (Nuy, Nup, Nuz)
Nuiy = (49,03 + 4,25 Gz)0,33

0,664 Gz '
—prl7r6

Nu, =
X

{-g (Re - 1000) Pr (1 + ()0%%) !
Nuz = 3

{} + 12,7\{§K(Pr0366 - 1) Re™0,1 )
X = (0,7904 In(Re) - 1,64)"2

_
Sphere Nu = 2 +\(Nujap + Nugyrpl

Nujam = 0,664 Pr0,33 ge0,5

0,037 Re©,8 py
(1 + 2,44 (pPr0,66 _ 1) Re=0,1,

Nutyrp=
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APPENDIX F: SOLUTION OF DIFFERENTIAL EQUATION 36
FOR THE HEAT TRANSFER COEFFICIENT

The differential Equation 36 for the temperature profile in a drying

fluidized bed can be written as:

dTa hat

= - dz
(Tag = Tp) (Ahy + cps Tg = Cps Tp + Cps Ta) My (Cpa + ¥ Cps)
Ah,, + Cps Ta - Cps Tp p Y
{145)
After development, the left side of this equation can be written as:
+ -
. Cps Ta * (Ahy = cps Tp) dT, (146)
2 Cps T§ + (Ahy, = 3 Cps Tp] Ty - Tp (Ah,, - Cps Tp]
This temperature differential is of the form:
cp Ta + Co
R ER TR 1147
with : ¢y = Cps
c3 = 2 cpg (149)
cq = Ahy - 3 Cps Tp {150)
cg = = Tp (bhy - Cps Tp) (151)
Equation 146 can be transformed to:
T 1
( ¢y ” a + cp ) dT, {152)
€3 T§ + ¢4 Ty + cg 3 TE +cq Ty + cq

With following abbreviations :

X =c3 TS +cy Ta * Cg (153)
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" and

3 2
A =4 c3cg cy (154)
the integrated form of the equation is as follows [B9]:
1 _ C1 €4 1 2 c3 Ty +cy -‘Q—A
2c3 "W Tl re ) it LT e ey ) (159
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APPENDIX G: COMPARISON OF THE GAS-TO-SOLID HEAT TRANSFER COEFFICIENT
IN A FLUIDIZED BED EVALUATED WITH AND WITHOUT DRYING

The gas-to-solid heat transfer 1in a drying fluidized bed can be

evaluated in two ways:

1) by assuming no drying of the material (i.e. no change in the

humidity of the fluidizing medium with height), and

2) by assuming drying of the material (i.e. a change in the

humidity of the fluidizing medium with height).

In Section 4.3.1 the evaluation of the heat transfer coefficient with
drying of the material was presented. For the evaluation without dry-
ing, Equations 27 to 29 are valid. Equation 30 of the derivative of
the enthalpy with height in the dryer, is reduced to:

aH dT,
EE - Ma (Cpa + Y Cps) EE_ (156)

The humidity of the air is considered to be independent of the height
of the fluidized bed and the arithmetic humidity average between
outlet and inlet is wused in Equation 156. The specific heat of the
air and of the steam are determined at the arithmetic average
temperature between outlet and inlet. By placing Equations 28 and 156
in the energy balance (Equation 27), an expression for the

temperature gradient is obtaijned.

' dT
Ma (Cpa + Y cps) R+ had (T,-Tg) = 0 (157)

By separating the variables, following expression is obtained:

dT - . hat
(Ta = Tp) Ma (Cpa + Y Cps)

dz (158)

Because of the well-mixed behaviour of the particles in the fluidized

bed the particle temperature is constant over the height of the
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dryer. Integration of Eguation 158 leads to the temperature of the
drying medium at any height z in the bed:

(Taz = Tp)  _ exp (_ hat z) (159)
(Tin = Tp) Mg (cpa * Y Cps)

If the temperature Ty, and the height z are known, then the heat

transfer coefficient can be determined by:

- Ma (Cpa * Y cps)y (Taz = Tp 160
ha,z = 2 In (Tin : ) (160}

In the case of steam, Equation 160 is also valid. Instead of the ex-

pression Ma (Cpa + Y cps], the expression Ms Cps is used.

The gas-to=solid heat transfer coefficients were evaluated, based on
the assumption of no humidity increase of the drying medium with
height in the dryer in this Appendix and with humidity increase of
the drying medium with height in the dryer in Section 4.3.1. The
results are plotted in Figures 117 and 118. For all tests, the data
with drying are closer to Equation 37 and those without drying lie
below. For the same Reynoids number, the difference in Nusselt number
using the two evaluation methods lies between 26 and 44 %, with an
arithmetic average of 32,9 %. This shows that data gathered from an
experiment in which the temperature of the bed is kept constant by
evaporation of moisture cannot be evaluated in the same way as data
gathered from an experiment in which no evaporation takes place and
the bed temperature is kept constant by some other means (cooling,

feeding of cold material, etc.). This fact may explain some of the

divergent results of other authors.
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Figure 117: Heat transfer coefficient in a fluidized bed

evaluated without drying
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evaluated with drying
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APPENDIX H: NORMALIZATION METHODS

Two types of normalization method are investigated below, as repre-
sented in Figure 119. The first is the normalization with respect to
the average drying rate during the constant drying rate beriod.'This
is used in systems where the conditions of the drying medium do not
change during their flow through the material (e.g. single particles,
a monolayer of particles, high flow rates, etc). The second method is
the normalization with respect to the constant conditions at the
inlet into the dryer. It is used if the state of the drying medium
changes over the length of the dryer.

Both normalization procedures will be presented for both equilibrium
and non-equilibrium systems. For each normalization procedure and
each drying system, the normalization is presented using mass trans-

fer and heat transfer equations.

For all normalizations, the moisture content is normalized with re-

spect to the critical moisture content.

Normalization methods

Normalization with respect to Normalization with respect to
the average drying rate in the the constant conditions at the
constant drying rate period intet into the dryer

Equilibrium Non—-equilibrium Equilibrium Non-equilibrium
system system system system

Mass Heat Mass
transfer transfer transfer

Heat Mass Heat

transfer| |transfer| |transfer| |transfe transfer

Mass Heat
r

Figure 119: Normalization methods
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H.1 Normalization with respect to the averaged drying rate

during the constant drying rate period

A. Equilibrium system

{a) Mass transfer

The graphical representation of a measured drying rate curve gives
the drying rate of the material as a function of the moisture con-
tent. The <constant drying rate and the critical moisture content can
be read off directly from the diagram and the normalized drying rate

curve can be determined.

If the inlet and outlet humidities, as well as the mass flow rates of
the drying medium, are known, then the drying rates can be determined

from the mass balance over the dryer according to following formula:

My (Vg outttt = Yq ip)
A

rhev (161)

The drying rate during the constant drying rate period is determined

from:

) Mg (Y - Yq s
Moy 1 = g q‘oxt.l g,in) {162)

The normalized drying rate v can then be written as:

(Yg, outtt® - Ygq,in)
(Yq,out,1 = Yg,in]

(163)

(b) Heat transfer

For the constant drying rate period, the total energy balance can be

written as:

Mg Cpg (Tg,in = Tg,out,1) = r"‘ev,r Ahy, A (164)
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For the falling drying rate period, the drying rate can be written as:

. dTO
= mgy Ahy A ¥ My cpp o (155)

Mg cpg (Tg,in = Tg,outlt))

In the equilibrium case, the temperature of the exhaust is equal to

the temperature of the particles, i.e. Tq ou¢tts = Tpttt.

Using the dimensionless numbers defined in Section 4.5, the normal-

1zed drying rate can be written as follows:

d [ ]
Vo= 18 gl oop (166)
B. Non-equilibrium system
{a) Mass transfer

The normalization by mass transfer in the non-equilibrium system is

done analogous to the normalization in the equilibrium system.

(b) Heat transfer

Equations 164 and 165 are also vaiid for the non-equilibrium systenm.
The outlet temperature Tg,outftfa however, is not equal to the
particle temperature Tp+t+. The normalized drying rate can then be

written, using the previously defined dimensionless numbers, as:

[ ] . aE’Q.
1 - gg,out T %out Fge
Vo= (167)

1 "gé,out,l

This is the general equation for the normalized drying rate by heat
transfer, Indeed, in the equilibrium case, gé out.] = O and
? ?

£3,0ut = & and Equation 167 becomes identical with
Equation 166. '
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H.2 Normalization with respect to the inlet conditions

of the drying medium

This normalization procedure is partly described in Section 4.5. In
the following the main steps of this normalization are repeated for

the sake of completeness.

A. Non—-equilibrium system

(a) Mass transfer

The normalized drying rate with respect to the inlet conditions can
be determined by integrating the differential mass balance over the

height of the dryer.

The differential mass balance can be written as follows:

oY ’ dz
_Mga—z—g'dz + dmev A——L = O (168]

The differential evaporation rate can be written as follows:

digy = v pg B (YptTp 1+ = Yg) (169)

In dimensionless form the differential mass balance can be written as

follows:

d a
7%% = - v dg’ (170)
g

If this differential equation 1is integrated over the height of the
bed, this leads to:

1 Q
- _ﬂé§g+guil (171)
out

This form represents the normalized drying rate with respect to the
inlet conditicns into the bed, i.e. the normalized drying rate of a

single particle exposed to the constant drying conditions at the
inlet to the fluidized-bed dryer.



- 212 -

(b) Heat transfer

In this case the normalized drying rate can be determined by integrat-
ing the differential energy balance over the height of the fluidized
bed.

The differential energy balance for the drying medium is :

y oT . dz 9T
R ¢ R
Mg Cpg §Eg dz + dmg, Ah, A + Mp op 5% 0 (172)

The differential evaporation rate during the falling drying rate

period can be written as follows:

dilgy = v dmgy - (173)

The drying rate during the constant drying rate period can be ex-

pressed as follows:

. h (T =T dz
dmeV,I = ( Ahv D‘I-) T {174)

With Equations 173 and 174, Equation 172 can be written in the dimen-

sionless form as follows:

diq e« . 985 _
EE% + v gg + 5;9 = 0 (175)

Integration over the bed height leads to

. 9
V &g, out * g%
In

Ve %5
_ 9T
v o= = {176)

Zout

The normalized drying rate can then be determined by iteration,.

If the dimensionless temperature change of the particles with time is
small compared with the dimensionless temperature at the outlet, then

Equation 176 can be written as follows:
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- _ \n(§§,out) (177)
Sout

This equation is the direct eguivalent equivalent to Equation 171 for

the normalization by mass transfer.

B. Equilibrium case

(a) Mass transfer

The normalized drying rate 1is determined by the total mass balance

around the dryer:

L
y * dz
Mg (Yq,out = Yg,in) = 0 v pg B A (Yp = Yg) (178)

The outlet humidity of the drying medium is equal to the saturation

humidity on the surface of the particles:

Yg,out = Yp (179)

The dimensionless form of Equation 178 is as follows:

Sout .
1= v [ 5a g (180)
ol 17 %p

Before integration, the humidity potential must be expressed as a
function of the dimensionless height. For the falling drying rate
period, the mass halance over a differential element of the dryer is

as follows:

oY dz
- Mg 559 dz + pg B (Yo = Yg) A - = 0 (181)

Yp is the humidity at the surface of the material. It is a function
of the moisture content and the temperature of the particles and

therefore not dependent on the bed height. Rearrangement leads to:
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d¥q pg B A dz

e i o2

p = Yg! g

The integration of Equation 182 can be written in the dimensionless

form as follows:
£g' = exp(-z°) (183)
From Equation 62 following equation is derived:
§°g = (1 - &p) &g' * Ep (184)

With Equation 183 into Equation 184, the dimensioniess humidity poten=-

tial is expressed as a function of the dimensionless height:
£g = (1 = 8&p) expl(=g”) + &p (185)
Using Equation 176 in Equation 180 and integrating leads to:

(1 - £3)
T = Ep * &p Zout - (L - Ep) exp(-5gyt)

'\) =

(186)

(b) Heat transfer

The total energy balance around the drying system can be written as

follows:
N L dz aT

(187)

The energy that the drying medium gives to the particles is used for
evaporating moisture and to heat up the particles. The part of the
energy that 1is wused for evaporation is expressed by the heat trans-

ferred to the particles in the constant drying rate period corrected

by the normalized drying rate.
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Equation 187 can be written in the dimensionless form as follows:

Zout o
B e e :
N ko (188)
0 P

The temperature potential as a function of the height is as follows:
Eg = (1 - &p) exp(-5") + &p (189)

The normalized drying rate can then be expressed by:

a L]

D= gp+ (1= 6) 5oy o8

- 190

v L= &p + Ep gyt — (1 = E5) expl=z5y¢) 130)

H.3 Summary of the normalization methods

Normalization with respect to the average drying rate

in the constant drying rate period:

Equilibrium system

Mass Transfer

(Yg,outttt = Yg ip)
[Yg,out,I - Yg,in)

Heat transfer

dg;

v o= 1 -85 58t 5?9

Non-equilibrium system

Mass transfer

Ng,outtty - vq i)

(Yg,OUt,I - Yg,in)
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Heat transfer

. e . 9&p
1 - &g,0ut = %out 3¢

1 "géut,l

Normalization with respect to the inlet conditions into the dryer

Equilibrium system

Mass transfer

(1 - &p)
1 - &p + &p tout — (1 = &p) expl-zg,¢)

Heat transfer

a.
=gy + (1= B)) saur ook

1 - &p + &5 5oyt - (1 - Ep) expl-zgy¢)

Non-equilibrium system

Mass transfer

- l”(éé,guz]
out

AV} =

Heat transfer
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APPENDIX I: MATHEMATICAL DESCRIPTION OF THE HEAT AND MASS TRANSFER
MECHANISMS IN CAPILLARY PORQOUS BODIES

For a thorough analysis of the normalized drying rate curves in air
and in steam, the heat and mass transfer processes inside the mate-
rial must be described by the physical principles from which they
originate. The differences in the internal transfer processes between
air and steam can then be used to explain the differences in the

falling drying rate periods.

I.1 Moisture flow in the liquid phase

The strength and nature of the bonding of the liquid to the material
determines the mobility of the liquid phase. The various categories

of liquid moisture were discussed in Section 3.3.1.

In the easrly stages of drying, the moisture evaporates from the
outside of the particle and the rate of drying is not influenced by
the moisture mobility inside the material. Therefore the bonding of
the surface water is negligible. At the other extreme, the chemically
bound water is so strongly fixed to the solid that its mobility can
be neglected. The capillary water and the adsorbed water must be

considered in a mathematical drying model.

Phenomenologically, the capillary water moves on the basis of a
gradient in liquid pressure (capillary flow) [K9] and on the basis of
the gravity field, whereas the adsorbed water moves on the basis of a

gradient in adsorbed water content (surface flow) [I1].

To describe the capillary water movement by a physical formula,
Krischer [K9] chose a gradient in liquid moisture content as the
driving force. This is phenomenologically wrong [B8], but was proved
to be an acceptable assumption, especially as it simplifies the
drying problem from a mathematical point of view. The transfer
coefficient is not a constant, but depends on the liquid moisture

content and on the temperature. It must be determined experimentally.
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The temperature gradient as the driving force for the capillary water
movement was introduced by Luikov [L5]. In his model, the influence
of the temperature gradient on the moisture movement originates in
the Sorret effect. Other authors [I1,H1+2] derive this influence from
the temperature-dependence of the capillary pressure. In recent publi-
cations [C2,K13], the influence of the temperature gradient on the
moisture movement is discussed. This effect is often included in the
general development of drying models but is then omitted from the
actual solution of the model. The major difficulty is determining a
thermal mass transfer coefficient for the moisture movement. In the
present  model, the influence of the temperature gradient is

neglected.

The adsorbed water is relatively strongly bound to the solid and its
mobility is very limited. 1In the early stages of drying, capillary
water movement is dominant and the adsorbed water flow can be neglect-
ed. In the later stages of drying, however, the adsorbed water flow

can outweigh the capillary water movement,

The driving force for the flow of adsorbed water is the liquid mois-
ture content [I1]. It is therefore convenient to include this flow in
the mathematical expression for the capillary water flow as this is
also assumed to move on the basis of a liquid moisture content. As
the capillary transfer coefficient is determined over semi-empirical

correlations, this approach is valid.

Gravitational effects on the wmovement of the liquid moisture are
neglected in the present model, as small particles with narrow pores

were used in the experiments.

In general, the liquid water flow can be influenced by a gradient in
total vapour pressure. Imakoma et al. [I1] estimated fhe contribution
of the total vapour pressure gradient to the movement of the capil-
lary water. They concluded that the contribution of the capillary
pressure gradient far exceeds the contribution of the total pressure

gradient. Therefore this effect is neglected.

[t can be concluded from the above that, the transfer coefficient for

the liquid moisture movement (moisture conductivity) that is used in
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the present model is a strong function of moisture content and temper-
ature. Haertling [H3] groups these influences into two separate func-

tions. A general form of the moisture conductivity can be written ac:

T .,b
K = K (%01’"[701 (191

The constants a and b must be determined experimentally.

The moisture conductivity for capillary movement is proportional to
the ratio of the surface tension to the dynamic viscosity [K9]. If
the temperature-dependences of the surface tension and the dynamic
viscosity are taken into account, then "a" lies between 6,5 and 7,5.

For "b" Haertling chose a value of 0,5.

The liquid moisture moves in the inside of the material according to

following equation:

ax
mo= = pdp K 37 (192)

[.2 Moisture flow in the vapour phase in air drying

The flow of moisture in the vapour phase can be divided into diffu-
sive flow and viscous flow. In the isothermal case, the diffusive
flow occurs on the basis of a concentration gradient or partial pres-
sure gradient, while the viscous flow occurs on the basis of a total
pressure gradient. In the non-isothermal case, the vapour moisture is
also moved by a temperature gradient. For the same reasons that the
influence of the temperature gradient was neglected in the discussion

of the capillary water movement, this influence is also neglected in

the vapour movement.

The diffusion of vapour or gas through a network of capillaries can

occur by two limiting diffusion mechanisms [E2,S57:

1) Knudsen diffusion and

2) normal or Fickian diffusion
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In Knudsen diffusion, the limiting mechanism is the cotlision of the
molecules with the walls of the solid matrix. The mean free path of
the molecules exceeds the djameter of the pores. The collision of
molecules with each other is of minor importance. Therefore the diffu-
sion of each species through the porous medium is independent of all

other species in the gas phase.

In nofmal or Fickian diffusion the limiting factor is the collision
of the molecules with each other. The mean free path of the moiecules
is smaller than the pore diameter. The diffusion of one species de-

pends on the other species in the gas phase.

Obviously there s an interim regime in which the collisions between
molecules and with the wall are both important. This regime is called

the intermediate diffusion regime.

As the criterion for determining which diffusion regime applies, the
ratio of pore diameter to mean free path of the molecules is used.

This ratio is called the Knudsen number (Kn).

For Kn > 10 Normal or Fickian diffusion occurs
For 0,1 < Kn ¢ 10 Interim diffusion occurs

For Kn < 0,1 Knudsen diffusion occurs

For most gases at ordinary temperatures and pressures, the interme-
diate diffusion regime extends from pore diameters of 5 1079 m up
to 5 1077 m. This diameter occurs in a number of materials and is

of practical interest [S5].

Diffusion through porous media is formally analogous to diffusion
through tubes [S5].

. - ) ay.
mi = = pj Desf 5ot (193)

The effective diffusion coefficient can be expressed by the diffusion
coefficient divided by a diffusion resistance factor. The diffusion
resistance factor may be divided into two barts [K9]. The first part,

9, represents the ratio of the length of a straight tube with equiva
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lent diameter having the same pressure drop as the material, to the
thickness of the materijal. This part includes the detours a molecule
must take compared with a straight path, as well as the geometry of
the pores [dilatation, contraction, sharp edges, etc.). The second
part, ¥, is the ratio of the free area to the total area of the mate-

rial.
v
= (194)
¥ q

For normal diffusion, the diffusion coefficient of water vapour in

air can be expressed by the following empirical correlation [S1]:

T 1,81

Dpo = 2,263 1075 (22) () (195)
p To -

For Knudsen diffusion, the diffusion coefficient can be described by

the following equation [L4].

0,5
97 T ’
Dkpy = — { } door (196)

In the intermediate diffusion regime, the diffusion coefficient may

be determined by the Bosanquet interpolation formula [E2]:
D=1 = (Dpo)t + (Dgp)7! (197)

In the normal diffusion regime, the diffusion coefficient is inverse-
ly proportional to the pressure, whereas for Knudsen diffusion it is

independent of pressure.

If there s a total pressure gradient in the porous medium, vapour

moves by viscous flow, expressed by Darcy's law:

ap

mio= = pi 8o | (198)

F

Wheeler [S5] showed that there must be appreciable total pressure
gradients in pores of 10 to 1 000 R if Poiseuille flow is of impor-

tance for the mass transfer. The pore sizes of the materials that are
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used in this thesis fall in this region. Therefore in air drying, the

diffusion mechanism is the prevalent mode of vapour transport.

.At the beginning of drying, the pores are filled with water. The free
diameter of the pores is small and Knudsen diffusion should prevail.
At the end of drying, it will depend on the pore geometry as to which
diffusion type prevails. In the early period, mass transfer based on
vapour diffusion 1is small compared with mass transfer in the liquid
phase. Therefore the real pore diameter (as opposed to the free pore

diameter) can be chosen to determine the type of diffusion.

I.3 Moisture flow in the vapour phase in steam drying

In steam drying, diffusion does not exist. Steam moves through the
pores of the medium under the influence of a total pressure gradient.
In principle the flow of steam can occur in the laminar or turbulent

regime,
For laminar flow, the vapour flux can be expressed by Darcy's law:

. Kg 9
P = = pg £3 3P (199)

Applied to a tube and assuming the Hagen-Poisseuille velocity distri-

bution, the following expressions for the steam flux are obtained:

. dg op
= -, Y9por 9P
Ms Ps 33 ng 32 (200)
or
noo= - d8or 3p
S 32 vy 9z (201)

For gases, v increases only slightly with temperature. Therefore the
mass flux is influenced mainly by the pressure gradient. Analogous to
the diffusion transfer coefficient, the permeability can be corrected

by a resistance factor including the tortuosity.
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For turbulent flow, Darcy's law 1is not applicable. [n the drying
processes of porous media, only small Reynolds numbers are expected.
The laminar region extends up to Reynolds numbers of 2 300. At
100 kPa, the viscosity of steam is 1,2 1075 Pa s and the density
0,6 kg m~3. This means that for pores smaller than 1073 m, the
steam velocity has to be higher than 46 m sl to reach turbulent
flow. Therefore we can assume that in capillary porous bodies laminar

flow exists.
Another possibility of movement is the molecular flow [L4], which is

analogous to the Knudsen diffusion and occurs in very narrow pores.

In this case, the transfer coefficient can be expressed by:

97 T 1 3p

2 " 1000 Mg p 9z
[.4 Heat transfer in capillary porous bodies

Heat is transferred through wet porous materials by conduction
through the different phases [solid, liquid, gas), by convection in

the mobile phases (liquid, gas) and by radiation.

Luikov [L5] defines an equivalent thermal conductivity that incorpo-

rates all these effects.

Krischer and Kroll [K9] include a mechanism based on evaporation=-
condensation sequences in his description of the heat transfer. Al-
though the thermal conductivity of the solid, liquid and gas phases
varies only slightly with temperature, the thermal conductivity due

to evaporation-condensation increases exponentially with temperature.

By dividing the wet body into two regions, the first containing the
previously mentioned manners of heat transfer in parallel, and the
second containing them in series, Krischer was able to determine the

thermal conductivity of bricks as a function of temperature and mois-

ture content.
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At low temperatures, the -evaporation-condensation mechanism can be
neglected and the thermal conductivity of the wet body falls between
the thermal conductivities of the completely wet and completely dry
bodies. As temperatures increase, the evaporation-condensation mecha-
nism gains in importance and the thermal conductivity of the wet body
first increases with decreasing moisture content and then decreases
to the thermal conductivity of the completely dry body. At higher
temperatures (>80 °C), the influence of the temperature on the ther-
mal conductivity increases considerably. Although Krischer attributes
this to the increased activity of the evaporation-condensation mecha-
nism, Luikov [L5] attributes it to the increasing importance of the

radiative heat transfer.

The convective component of heat transfer is small in comparison with
the conductive component, provided that the equivalent Reynolds num-
ber is smaller than 20 [L5]. In most cases of mass transfer in capil-
lary porous bodies, Reeq << 1. Therefore the convective heat trans-
fer is neglected compared with the conductive heat transfer. If the
pore diameter is small (d < 1072 mm), the radiative component may
be neglected as well [L5]. Therefore we can assume that in the mate-

rials being tested here, heat transfer occurs mainly by conduction.

At the early stages of drying, the material is very wet and the heat
conductivity is high. The rate-limiting step for drying is the exter-
nal heat and mass transfer. In the later stages of drying, the heat
conductivity through the dried material is the limiting factor. There-
fore, according to Krischer [K3], it is not necessary to know the

exact thermal conductivity through partially wet materials as this is

never the limiting step.

In summary, the heat conducted through the wet skeleton can be de-

scribed by Fourier's law:

. T
4 = = Reff 53 (203)

Aeff 1s the effective heat conductivity of the wet material and

depends on the temperature and strongly on the moisture content.
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I.5 Comparison of the transfer coefficients in air and in steam

The magnitude of the transfer coefficients in air and in steam is
compared below. It is assumed that vapour moisture moves on the basis
of a partial pressure gradient in air (diffusion) and of a total
pressure ~gradient in steam ({molar flow). Diffusion is divided into
normal diffusion and Knudsen diffusion, whereas molar flow is divided
into viscous flow and molecular flow. The liguid moisture moves in

both media on the basis of a moisture content gradient.

In Table 11, the transfer coefficients are presented as functions of
the temperature and the pore diameter. The density of the moving
species 1s included in these transfer coefficients, so that they only
need to be multiplied by the driving force to give the mass transfer

rate. This simplifies the comparison.

The transfer coefficients for air are determined at the wet-bulb
temperature, whereas the transfer coefficients for steam are deter-
mined at the boiling point. During the constant drying rate period,
these temperatures will be the particle temperatures. Even though the
internal moisture movement is not the Ilimiting mechanism at that
stage, it still determines the critical moisture content and is there-

fore of importance.

The boiling point is only a function of the pressure in the system
and does not change with the temperature of the drying medium. This

is why the transfer coefficients in steam do not change with an in-

crease in external temperature.

For the first two pore diameters (15 and 100 K], diffusion occurs in
the intermediate regime, whereas for the last one (1000 &), normal
diffusion prevails. Therefore the Knudsen diffusion term and the

molecular flow term are not valid at the high diameter.

The Knudsen diffusion and molecular diffusion terms decrease with
increasing temperature. The reason is that the transfer coefficients
in this regime are proportional to the square root of the tempera-
ture. As, in this comparison, the transfer coefficients were multi=-
plied by the density, which is inversely proportional to the tempera-~

ture, the resulting term decreases with an increase in temperature.



Table 11: Comparison of the transfer coefficients in air and in steam
Temperature Pore Normal Viscous Knudsen Molecu- Capillary
dia~ diffu- flow diffu- lar flow
Particle meter sion sion flow
Gas
Air |Steam Air Steam Air Steam Air Steam
°C °C °C nm s 10t10 | s 10t10 | 5 1010 | 5 10110 | kg/(ms) | kg/(ms)
100 | 28,5| 96 15 2,191 0,003 0,214 0,193 2,78 10~8 11,4 10~8
100 2,191 0,135 1,425 1,288 2,78 10~8 11,4 10-8
1000 2,191 13,509 14,251 12,885 2,78 10~8 11,4 10-8
150 | 36,0/ 96 15 2,236 0,003 0,211 0,193 3,31 10-8 11,4 10-8
100 2,236 0,135 1,407 1,288 3,31 10°811,4 10-8
1000 2,236 13,509 14,075 12,885 3,31 10~8 11,4 10~8
200 | 42,3 96 15 2,272 0,003 0,209 0,193 3,80 10-8 11,4 10-8
100 2,272 0,135 1,393 1,288 3,80 10°811,4 10-8
1000 2,272 13,509 13,935 12,885 3,80 1078 11,4 10-8
250 | 47,7 96 15 2,304 0,003 0,207 0,193 4,29 10-8 11,4 10~8
100 | 2,304 0,135 1,382 1,288 |4,29 10°8/11,4 1078
1000 2,304 13,509 13,817 12,885 4,29 10~8 11,4 10-8
300 | 52,6| 96 15 2,332 0,003 0,206 0,193 4,76 10~8 11,4 10-8
100 2,332 0,135 1,371 1,288 4,76 10°811,4 10~8
1000 2,332 13,509 13,713 12,885 4,76 10-8 11,4 10-8

- 92¢ -
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A similar temperature effect is expected for the viscous flow. As the
temperature for determining the coefficients in steam was fixed (boil-
ing point), the temperature-dependence of this term cannot be seen.
The viscous flow coefficient is inversely proportional to the dynamic
viscosity. With increasing temperature, the dynamic viscosity of
gases increases and the viscous flow coefficient decreases. In addi-
tion, a temperature increase results in a density decrease. The densi-
ty decrease is however weakened, as an increase in temperature would
also induce an increase in the total pressure (at least above the
critical moisture content), which would counter the decreasing influ-

ence of the temperature.

One error that was made in Table 11 is that the normal diffusion
coefficient was wused instead of the effective diffusion coefficient,
which is corrected for the influence of the inner structure of the
material on the transfer of moisture. Therefore it appears that the
effective normal diffusion term is independent of the pore diameter,
which it is not. In general, the diffusion resistance is determined

experimentally, therefore it was not included in these calculations.

The term for wviscous flow is proportional to the square of the pore
diameter. This explains the large variation with the pore diameter.

For large pore diameters, the normal diffusion term is smaller than

the viscous flow term.

In the Knudsen diffusion regime, the molecular flow is smaller than

the Knudsen diffusion term. This is a result of the higher tempera-

ture in steam.

The term for capillary movement of moisture is much higher in steam
than in air and it can be expected that it is this influence, that

increases the drying rate and also reduces the critical moisture

content in steam drying.
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APPENDIX J: CONVERSION OF EXPERIMENTALLY RECORDED
DRYING RATE CURVES TO DESIGN CONDITIONS

{1) Influence of the fluidizing velocity

The fluidizing medium transfers heat to the particles only in a shal-
low layer <close to the distributor plate. If the fluidizing velocity
is increased, then the size of this layer increases, but the outlet
temperature of the fluidizing medium remains the same. The amount of
heat transferred to the particles, and hence the drying rate, is
therefore proportional to the fluidizing velocity. The drying curve
is recorded as moisture content versus time. The curve recorded at a
given fluidizing velocity ug can be converted to a different fluid-
izing velocity wuj; by multiplying the time scale by the factor
ug/uy.

{(ii) Influence of the bed height

The fluidizing medium transfers the same amount of heat to the mate-
rial irrespective of the bed height. Therefore the rate of drying in
unit mass per time is constant. As the surface area of the particles
is proportional to the height of the bed, the drying rate in unit
masss per time is inversely proportional to the bed height. Therefore
the drying rate curve recorded at a bed height Ho can be converted
to a bed height H; by multiplying the time scale by the factor
Hi/Hg-

{iii) Influence of the bed temperature

As was mentioned earlier, the fluidizing medium transfers all its
heat to the particles in a shallow layer close to the distributor
plate. At the outlet of the bed, the drying medium is in thermal and

mass equilibrium with the material.

In steam drying, the drying rate is determined from the heat trans-
fer. The temperature of the steam at the outlet of the dryer is equal

to the temperature of the material. During the constant drying rate
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period, this temperature is equal to the boiling point. All the heat
transferred to the material is used for drying. During the falling
drying rate period, the temperature of the material is higher than
the boiling point. The heat lost by the steam is then used only
partially for drying.

Analogous to the method by Reay and Allan, it is assumed that the
amount of heat used for evaporation is proportional to the free mois-
ture content of the material. For the whole drying cycle in steam,

the drying rate is proportional to the following ratio:

(Tin = Tout)1 (X = Xg)1 (Ahy)o 208)
(Tin = Tout)2 (X = Xgl2 (Bhy)y

Tin 1is the inlet temperature of the steam into the dryer, Tout 18
the outlet temperature of the steam and Ah, is the heat of evapora-.
tion. This ratio is wused to multiply the time scale on the drying

rate curve,

{iv) Conversion from batch data to data for continuous operation

In a continuous operation, the bed temperature is constant. In a
batch operation, the bed temperature is constant only during the
constant drying rate period; it increases during the falling drying
rate period. If the temperature increase of the bed with time is
known, the batch data can be converted to continuous data. For this,
the batch drying curve is divided into small time increments. It is
assumed that during an incremental time step ty the bed temperature
in the batch test is constant and equal to the arithmetic mean temper-
ature. Then, for each incremental time step, the batch curve is con-

verted in the manner described in the previous paragraph.

{v) Determination of the mean moisture content of the product
in a fluidized=bed dryer

In a continuous fluidized-bed dryer, the bed temperature remains
constant. The residence time of the individual particles in a well-

mixed fludized bed is different for each particle.
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As the residence time of individual particles varies, the moisture
content varies as well. The particles that remain in the bed for a
short time are still wet and the particles that remain in the bed for
a long time are drier than average. It is reasonable to expect that
such particies will have different temperatures. Particles with a
moisture content higher than the critical moisture content are at the
wet-bulb temperature and particles with a moisture content lower than
the critical moisture content are at a higher temperature, as deter-

mined by their free moisture content according to:

X Xep = X)
T=Tw 7;; + Tout LLH%(___ (205)

Twp 1S the wet-bulb temperature which is equal to the particle
temperature during the constant drying rate period, and X, is the

critical moisture content.

The bed temperature of the dryer is preset. The inlet temperature of
the drying medium is then determined from an energy balance around
the dryer. The recorded drying rate curve is converted to the given

bed temperature.

The mean residence time of the material is increased until the mean
moisture content determined by Equation 106 is lower than the speci-

fied remaining moisture content of the material.

In Figures 120 and 121, the conversions with respect to temperature
are shown for the moisture content evolution for the drying of molecu-

lar sieve in air and in steam.

In the constant drying rate period (i.e. low drying times), the con-
version works very well and the data for the three temperatures fall
together. In the falling drying rate period, there is a slight dis-
crepancy. For the two low temperatures (125 and 200 °C), there is
agreement, but for the high temperature, the drying time is underesti-
mated. The reason herefore is probably the calculation of the drying
time over the energy balance, where no consideration of the sorption
energy is taken., The same pattern can be seen for air and for steam,

but it is more apparent for air. As basis for the conversion, the
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drying rate at 225 °C was taken. The extrapolation from this tempera-
ture stretches over 100 °C. For such a high conversion range, the

agreement between the calculated data is extremely good.

In Figures 122 and 123, the conversions with respect to flow rate of
the drying medium are shown for the moisture content evolution for

the drying of molecular sieve in air and in steam,

Again, for steam the conversion data agree better than for air. The
conversion with respect to mass flow rate does however not produce
such good results as the conversion for temperature. The reason may
be the inaccuracies in the mass flow rate measurement or the increase

in the by-pass flow rate with increasing temperature,

In general, however, the conversion method using the heat transfer is

a satisfactory basis for an economic analysis.
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APPENDIX K:

In this appendix, the forces acting on the fluidized bed dryer during
a drying test are discussed. For a better understanding, the dryer is
divided into 3 parts and for each part the forces that act on the
flow of gas are marked as shown in Figure 124. The walls of the

reactor are not included in this description.

The first part comprises the bottom section of the dryer, the second
part the distributor plate and the fluidized bed and the third part
the top section of the dryer.

The forces that act in the vertical direction on the gas in the top
and in the bottom sections are:
- the impulse forces Fi,l and Fi,2 and

- the pressure forces Fp,l and Fp,2°

Figure 124: Forces acting on the flow of gas in a fluidized bed
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In the top section and the bottom section, the friction forces from
the walls of the reactor and the weight of the gas volume are

neglected.

The impulse forces can be written as the product of the mass flow

rate of gas and the velocity:
Fi = r;li Uj (206)

The pressure forces can be written as the product of the pressure and

the area:

An equal amount of gas enters or leaves the dryer from opposite
sides. As a result the horizontal components of the acting forces

counterbalance.

In the bottom part, a downwards directed force pushes onto the flow-
ing gas. This force 1is equal to the sum of the pressure force Fp,l
and the impulse force Fi,1~ The impulse force does not change
during a drying test, as the mass flow rate and the velocity are kept

constant. The pressure force varies as drying proceeds.

In the top section of the dryer, an upwards directed force acts on
the flowing gas. This force is equal to the sum of the pressure force
Fp,2 and the impulse force Fi,2~ The impulse force changes during
drying, as the mass flow of gas changes with a change in drying rate,
The pressure force, Fp, changes only slightly during drying due to
a change in friction force in the top section of the dryer with a

change in mass flow rate.

In the middle section of the fluidized bed, the forces that act on

the top and bottom surfaces are the impulse forces, F;y 1 and
)

Fi,2» the pressure forces Fp,l and Fp,2- Due to the friction

force Fr,d that the distributor plate exerts onto the flow of gas,

a pressure drop is recorded over the distributor plate.

Above the distributor plate the flow of gas fluidizes the particles.

The forces that act on the mixture of gas and solids are:
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- the weight of the wet particles Gp,

- the weight of the gas Gg,

- the buoyancy of the particles Bp,

- the friction forces of the walls of the dryer onto the flow
of gas, F,.,g and the moving solids Fr,pa

- the acceleration force, F,, that accelerates the evapo-
rated moisture to the velocity of the main gas stream, and

- the deceleration force, Fq4, that decelerates the volume

flow of gas.

The phenomenon of friction force Fy , of the walls onto the parti-
cles is a very complex one. Small bubbles are created at the distribu-
tor plate. On their way upwards through the bed they coalesce to
bigger bubbles and burst at the surface. As a consequence of the
bubbling of the bed, the bed height is not constant and fluctuates
around an average value. At one time there are therefore more parti-
cles flowing upwards than downwards and at the next time the opposite
holds. Therefore the friction force of the walls of the dryer onto
the particles 1is not constant over time. It is however reasonable to
assume that this force fluctuates around an average value which is

Zero.

The evaporated moisture is accelerated to the velocity of the main
gas stream. This 1is done by the acceleration force F,. As drying

proceeds, F; changes with a change in evaporation rate.

On its flow through the bed of particles, the fluidizing medium cools
down. As a result the volume flow is decelerated. This is taken into

account by the deceleration force Fq-

In this discussion the pressure loss due to turbulence is neglected.
[f one assumes that this pressure loss is constant during the drying

test, then it does not influence the drying rate measurement.
The momentum equation around the fluidized bed can be written as:

p1A1+m1u1+Bp-p2A2—m2u2—Gp-Gg

“Frd-Frg-Fa+tFg=0 (208)
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In Figure 125 the forces that act in the vertical direction on the

fluidized bed dryer itself are marked.

On the bottom and top surfaces of the dryer act the pressure forces
Fo,b and Fp ¢ and the impulse forces F;jp and Fj . On the
walls of the dryer act the friction forces F,.’g and on the
distributor plate the forces F, 4. The friction forces that the
gas exerts onto the dryer walls and the distributor plate are equal
and opposite to the friction forces of the dryer walls and distribu-
tor plate onto the gas. On the outside of the dryer acts the atmo-
spheric pressure force, Fp,a- Obviously the weight of the dryer,

Gy, pushes also onto the balance.

I 777 7 7T r 7 17 7 7 7

ﬁa 7::
5 F £, ]
D,t‘ I,f r

v/
N F /]
% "9
V1

/
V Fnd

y
V1
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Figure 125: Forces acting on the fluidized bed
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The sum of these forces is counterbalanced by the reaction force of

the balance.

written by Equation 209:

Gy + Pp Ap + Mp Up = Pt Ay = My Ut = Fr g = Fr g  (209)

Thjs can be
R =

Here R 1is the
Gd is the
Pp is the
pt is the
Ap is the
Ay is the
m, is the
my is the
up is the
uy is the

resultant force acting on the balance

weight of the dryer and the distributor plate
over=-pressure on the bottom of the dryer
over-pressure on the top of the dryer

area of the bottom of the dryer

area of the top of the dryer

mass flow rate of gas at the bottom of the dryer

mass flow rate of gas at the top of the dryer
gas velocity at the bottom of the dryer
gas velocity at the top of the dryer

Fr,d is the friction force onto the distributor plate

Fr,§ is -the friction force onto the walls of the dryer

With Equation

208 where subscript 1 means the bottom and subscript 2

means the top of the dryer, Equation 209 can be simplified to:

R

= Gg + Gp + Gg - Bp + Fy - Fy (210)

The acceleration force can be written as :

Fa

Mey Ut | (211)

The deceleration force can be written as :

Fd

My Up = My ug _ (212)

The difference

between the acceleration force and the deceleration

force is equal to the change of momentum of the flowing gas.
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The reaction force of the balance can then be written as:

R = Gy + Gp+ Gg = Bp + iy up ~ My ug (213)

In the evaluation of the experimental drying tests the change'of the
reaction force with time was taken as the drying rate. From Equation
213 it becomes apparent that an error is introduced in the drying
rate by making this assumption. In the following, this error is evalu-

ated.

During the constant drying rate period, the only force that changes
as function of time is the weight of the particles Gp and the dry-
ing rate is equal to the change in the balance reading with time.
During the falling drying rate period, all the forces, except the
weight of the dryer Gy, change with time. In order to evaluate the
effect of this change oﬁ the drying rate, the various forces are
evaluated in Table 12 for alumina and molecular sieve at the highest
mass flow rate and the highest temperature used in the experiments.
Under these conditions the changes are highest. The forces are given
in gp ({(gramme-power) at the beginning of the falling drying rate
period (subscript O) and at the end of drying (subscript f). The
difference between impulse force on the bottom and on the top is

marked by d(ﬁ uj.

Table 12 Evaluation of the time variable forces at the
beginning and at the end of a drying test

(forces in gramme-power)

Test Gg,0 | Gg,f | Bp,0 | Bp,f |d(m u)O|d(m u)f
Alumina 4,152 | 2,594 | 0,351 | 0,207 | 0,233 | 0,000
Air, 275°C
Alumina 2,284 | 1,610 | 0,191 | 0,128 | 0,114 | 0,000
Steam,275°C

Mol. sieve | 4,230 | 2,640 | 0,273 | 0,161 | 0,319 | 0,000
Air, 275°C

Mol. sieve | 2,326 | 1,639 | 0,148 | 0,100 | 0,151 0,000
Steam,275°C
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The change in the weight of the gas with time results in the change
of the temperature drop between inlet and outlet of the dryer. At the
start of the falling drying rate period, the temperature falls from
the inlet temperature to the wet-bulb temperature in air or the boil-
ing temperature in steam. At the end of drying, there is virtually no

temperature difference between inlet and outlet of the dryer.

The change of buoyancy with time results from the change of the den-
sity of the drying medium in the fluidized bed with a change in tem-

perature and, for air, also in humidity.

The change of the impulse force with time results in the change of

the drying rate and of the temperature drop over the dryer.

The change of buoyancy or of impulse force is small compared to the

change in gas weight.

Table 13 Error in the drying rate due to
the change of gas weight with time

Constant Moisture Error
Test dr. rate content
g s-~1 % %
Alumina 0,745 27,5 1,1
Air, 275°C 6,5 2,3
1,5 4,6
0,2 11,6
Alumina 1,069 27,5 0,3
Steam,275°C 6,0 0,7
1,3 1,4
0,2 3,5
Mol. sieve 0,770 27,5 1,1
Air, 275°C 13,0 2,3
7,5 4,6
1,0 11,5
Mol. sieve 1,290 25,0 0,5
Steam,275°C 9,0 1,0
5,0 2,0
1,0 4,9
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If the change of gas weight is spread evenly over three minutes (the
duration of the falling drying rate period at the test conditions},
then the influence of this change on the drying rate can be evalu~
ated. The error in the drying rate due to the change of gas weight is
given in Table 13 for the drying of alumina and molecular sieve in

air and in steam.

The relative error increases as drying proceeds. For alumina the
error is relatively small (<4,6 %) until very low (1 %) moisture
contents. For the largest part of the falling drying rate period
{until 6 % moisture content) the error is less than 2 % in air drying

and less than 1 % in steam drying. This error can be neglected.

For molecular sieve the error is higher. But still, in steam drying
of molecular sieve the error is less than 2 % until moisture contents
of 5 %. In air drying of molecular sieve the error is less than 4,6 %
until moisture contents of 7,5 %. The falling drying rate period
starts at 27,5 % moisture content, so that it is only for the last
quarter of this period that higher errors occur. However, during this
quarter the drying rates are small and it is doubtful whether more
information can be gained by converting the drying rates for this

period.

In the economic analysis between air drying and steam drying, record-
ed drying rate curves at the temperature of 225 °C were used for the
dimensioning of the dryer. The errors resulting from the use of these

curves are roughly halve the ones presented in Table 13.
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