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Abstract 

 

Dehydration is a crucial step in the processing of raw natural gas. Water, which is naturally found in 

natural gas deposits, causes a significant problem during transportation, as it forms clathrate hydrates 

within the gas pipelines. To inhibit this formation, methanol is added to the extracted gas before piping 

to dehydration facilities where 2,2′-[ethane-1,2-diylbis(oxy)]di(ethan-1-ol) (triethylene glycol (TEG)) 

is commonly used to remove water from the natural gas. The presence of the methanol inhibitor in the 

gas affects the water/gas separation using TEG. This effect is not well understood due to the lack of 

description of the phase behaviour of the relevant multicomponent mixtures in the literature, which is 

required to design and optimise the gas dehydration process. This can result in ill-conditioned and 

inaccurate simulations for natural gas process plants, as predictions from binary VLE data alone have 

been shown to yield inaccurate descriptions of the separation behaviour. 

 

This study aims to further the available knowledge in natural gas processing by conducting high-

pressure phase equilibrium measurements, particularly, Pressure-liquid composition x, on novel 

systems of interest to the Gas Processing Association. This was performed for multicomponent mixtures 

commonly found in gas dehydration plants, with the measured data modelled using suitable 

thermodynamic models. The device employed for the vapour-liquid equilibrium measurements was a 

variable volume high-pressure sapphire cell apparatus. Measurements were conducted for the systems 

of CH4 (1) + CH3OH (2) and CO2 (1) + TEG (2) + water (2) to test the experimental equipment and 

method. Novel data were measured for the quaternary system of CH4 (1) + CH3OH (2) + TEG (3) + 

water (4) and the senary system of CH4 (1) + C2H6 (2) + C3H8 (3) + CH3OH (4) + TEG (5) + water (6) 

at 303.15 K, 313.15 K and 323.15 K. 

 

The verification test measurements were found to correlate well with literature data at similar conditions 

within the experimental expanded uncertainties of 0.06 K for temperature, 0.04 MPa for pressure, and 

composition uncertainty of 0.03 for the liquid phase composition. The phase behaviour showed a 

general proportional relationship between the pressure and light hydro-carbon composition except with 

the quaternary system, indicating higher solubility at higher pressures.  

 

 The data were modelled using the Cubic Plus Association (CPA) equation of state, the Perturbed Chain 

Statistical Association Fluid Theory model (PC-SAFT) and the Peng and Robinson equation of state 

(PR). For the quaternary system, the CPA model performed the best, followed by the PC-SAFT and PR 

models. The absolute average relative deviation (AARD) and absolute average deviation (AAD) for the 

simultaneous regression of all three isotherms using the CPA model were 6.56%, 3.47% and 6.02% for 

the AARD values and 0.405 MPa, 0.325 MPa and 0.341 MPa for the AAD(P) values. For the senary 
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system, the PC-SAFT model performed the best, followed by the CPA and PR models. The AARD and 

AAD for the simultaneous regression of all three isotherms using the PC-SAFT model were 2.46%, 

3.43% and 4.24% for the AARD values and 0.043 MPa, 0.075 MPa and 0.106 MPa for the AAD(P) 

values. The CPA model exhibited the best performance when considering all measured systems and 

individual isotherms. 

  

The result of this study contributes toward design improvements and optimization of natural gas 

dehydration plants using TEG and methanol. Its purpose is to fill the gap currently existing in the 

available phase equilibrium data of fluid mixtures containing the chemicals investigated in this work.  
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Chapter 1: Introduction  

 

Natural gas has increasingly become the premier fossil fuel used for energy and heating needs (Moore 

et al., 2014). This move to prominence is due to its lower carbon dioxide emission compared to coal 

and other liquefied petroleum-based products per unit of energy produced (McJeon et al., 2014). In 

addition, new extraction and refining methods, such as fracking have been developed, leading to 

previously ignored or unexplored gas reserves becoming viable. Alongside this growth, other industries 

are making strides within the energy sector. Partially within South Africa the hydrogen economy has 

seen significant growth alongside other renewables (Mukelabai et al.,  2022). Despite this, natural gas 

remains an economical and reliable energy resource within South Africa through the natural gas 

pipelines that feed into the country from Mozambique. (Bildirici and Bakirtas, 2014) and similarly, 

internationally.  

 To maximise the heating value of natural gas and minimise the emission of other greenhouse gases 

such as methane, nitrous oxide and fluorinated gases, raw natural gas is subjected to several processing 

steps to remove the inherent impurities including water to allow for a more effective and cleaner burn 

by the end-users (Kidnay et al.,  2019). In addition to improving the quality of the gas, removing 

impurities, such as water, makes transportation easier and safer as it prevents clathrate hydrate 

formation, which can become a process hazard if allowed to accumulate in gas pipelines (Kidnay et al.,  

2019).  

The composition and quality of natural gas is significantly dependent on the extraction area and the 

extraction method used for its recovery. However, natural gas typically consists of hydrocarbons and 

non-hydrocarbons. The hydrocarbons mainly include methane, ethane, propane and other alkanes. The 

non-hydrocarbons are the impurities which are typically removed, such as hydrogen sulphide, carbon 

dioxide, water vapour and other minor components (Wu et al., 2017). The hydrocarbons are 

combustible, giving heat as a by-product of the reaction. This burn is more effective when the 

concentrations of these hydrocarbons are highest, increasing the heating value per unit volume of the 

gas. In terms of the impurities, some, such as nitrogen gas and water vapour, are non-toxic but rather 

have the effect of lowering the heating value of the natural gas (Faramawy et al., 2016). 

Water vapour content in natural gas is of particular concern as it is almost always present in natural gas 

sources. Water vapour is found in the rock layers alongside natural gas and is sometimes also introduced 

when extraction methods such as fracking are employed. The presence of water vapour results in the 

formation of a hard substance known as “dirty ice” (clathrate hydrates) within gas pipelines, which 

occurs when water molecules encapsulate the hydrocarbons, forming cage-like solid clusters resembling 

ice. These clathrates form at low temperatures and high pressures and are typically a problem during 

cold winters where the low temperatures promote the process (O’Brien, Mejorada and PE, 2016).  
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If these clathrate clusters become sufficiently large, they can lead to restrictions or even blockages in 

the gas pipelines. In addition, when large pieces break off the pipe wall, they become projectiles within 

the pipelines, which can cause internal damage and possible pipeline rupture. These clathrates form 

within minutes, provided concentrations of saturated water are high and environmental conditions are 

favourable (Kidnay, Parrish and McCartney, 2019). These formations can lead to serious shutdown and 

production issues in addition to serious safety risks (Gipson, 2015). Thus, prevention of these clathrate 

formations is far more efficient than managing the consequences.  

Dehydrating natural gas limits the degree of clathrate formations and prevents the above-mentioned 

issues. Several techniques and treatments are used to dehydrate the natural gas before it is transported 

to facilities for further processing. In addition, a carrier inhibitor is usually added during the 

transportation phase of the gas, which further inhibits the formation of clathrates. It is imperative that 

the dehydration process is able to reduce the amount of water vapour below the dew point of any 

expected temperatures, as this minimal intervention prevents the formation of clathrates.  

The two most prominent chemicals/classes used in the dehydration and clathrate inhibiting processes 

are methanol and diols (glycols) (Kidnay, Parrish and McCartney, 2019). Methanol acts as an inhibitor 

by reducing the formation of hydrates by altering the clathrate formation point. Methanol is widely used 

throughout the gas industry, primarily in areas where weather or environmental locations make it 

challenging to dehydrate natural gas sufficiently, such as on ocean oil/gas rigs (Samie, 2016). There 

are, however, drawbacks to the use of methanol. Methanol has a higher vaporisation rate than glycols. 

This benefits the system by causing better solvent interaction but leads to a higher cost for solvent 

replacement due to vaporisation losses (Kontogeorgis and Folas, 2010). Additionally, the remaining 

methanol in the gas streams acts as a contaminant and must be removed before the final gas product 

can be sold. Environmental, health, and safety issues are also a concern, as released methanol can cause 

environmental contamination and is toxic to humans. Methanol additionally increases the corrosion 

rates within pipelines and adds to the dangers already associated with natural gas due to its high 

flammability. Glycols are also widely used in the gas industry to treat high water vapour concentrations 

in natural gas. Tri-ethylene glycol (TEG) is a common glycol; however, other glycols can be used under 

specific circumstances, such as for special temperature conditions, viscosity or property requirements. 

For instance, di-ethylene glycol is typically used when extremely low temperatures are present as it has 

a lower viscosity than TEG (Kidnay, Parrish and McCartney, 2019). Similar to methanol, glycols can 

be used as inhibitors in natural gas pipelines; however, they also have the added use of being a 

dehydration absorbent. These glycols are often hygroscopic and, thus are typically used in natural gas 

dehydration plants. 

 The use of glycols also has disadvantages. Due to the relatively high boiling points, glycols do not 

vaporise as easily as methanol; this simplifies recovery but decreases hydrate inhibition's effectiveness. 
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The viscosity of glycols also makes it challenging to work with at lower temperatures and, thus, in some 

instances, requires constant heating (Kidnay, Parrish and McCartney, 2019). Similarly, to employing 

methanol, all glycols have common environmental, health, and safety impacts and concerns. Using a 

combination of these two chemicals as a co-solvent/inhibitor is common in the gas industry. TEG is 

used to dehydrate the raw natural gas, and methanol is used as a further inhibitor. However, methanol 

is still more widely used as an inhibitor (Teixeira et al., 2018). This is simply due to the relative costs 

of implementing each method while meeting the minimal quality and safety specifications. The 

suitability of the methods used for mitigating clathrate formation also depends on the quality of the 

natural gas source, the water content, and the process conditions. In some cases, the cost of designing, 

building and operating a complicated dehydration plant outweighs the benefit (Kidnay, Parrish and 

McCartney, 2019). Additionally, the necessary phase equilibria data to characterise the separation 

behaviour of methanol-TEG-water-natural gas systems is limited in the literature, which affects the 

design of alternate process pathways.  

Accurate thermodynamic data to describe these multicomponent chemical systems are imperative for 

designing and optimising process and transportation units. These process designs are costly and time-

consuming endeavours, and the process can run the risk of underperforming when simulated using 

inaccurate modelling methods. In particular, the available data under the operating conditions for some 

gas industry processes (which is usually at high pressures exceeding 50 bar and temperatures exceeding 

ambient temperature) are rarely available due to the relative difficulty of obtaining this data, and 

predictions based on binary data alone have been shown to yield poor representations of the phase 

behaviour of the multicomponent systems (Zvawanda, 2021c). However, with the improvement in 

computer hardware, software and more accurate and rigorous simulations, the need for HPVLE (High-

Pressure Vapour -Liquid Equilibrium) data can be addressed (Raal and Mühlbauer, 1997). This has 

sparked new interest in obtaining this data by developing more reliable experimental techniques. 
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1.1. Aims and objectives.  

This project aimed to measure and model high-pressure vapour-liquid equilibrium (HPVLE) data for 

novel systems containing typical natural gas dehydration mixtures.  

This would improve industry knowledge and allow for better design and optimisation of dehydration 

plants. The lack of high-pressure vapour-liquid equilibrium (HPVLE) data for multicomponent 

methanol, TEG, water and gas systems such as methane reveals a gap in industry knowledge. Current 

predictive thermodynamic models can be improved when regressed to accurate HPVLE data. 

The objectives comprised:  

1) To perform and measure verification systems to validate the performance of the available 

equipment and the testing methods. 

2)  To perform and measure HPVLE (P-x) data for the following novel systems at typical 

dehydration process temperatures:   

Methane (1) + 2,2′-[ethane-1,2-diylbis(oxy)] di(ethan-1-ol) (TEG) (2) + water (3) + 

methanol (4) at 303.15 K, 313.15 K and 323.15 K 

Methane (1) + ethane (2) + propane (3) + 2,2′-[ethane-1,2-diylbis(oxy)] di(ethan-1-ol) 

(TEG) (4) + water (5) + methanol (6) at 303.15 K, 313.15 K and 323.15 K 

 

3) To perform thermodynamic modelling on the test and novel system data using the Cubic-Plus 

Association, Perturbed Chain-SAFT and Peng-Robinson models.  

 

To achieve the aim and objectives, HPVLE experiments were proposed with the execution of Aspen 

Plus modelling simulations. The gaps in the literature and the call from the Gas Processing Association 

for expansion in this area guided the direction of this research. This study is an extension of the work 

conducted by Dr Paul Zvawanda during his publications (Zvawanda et al., 2022 a) and (Zvawanda et 

al., 2022 b) and  PhD study  (Zvawanda, 2022 c). 
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1.2. Thesis overview 

This dissertation is comprised of six chapters with three appendices that outline the purpose and results 

of this study. The chapters are summarised below:  

 

Chapter one presents the introduction to this study. This chapter details the importance of natural gas 

dehydration and the background for the chemical species used. The aims and objectives, which include 

the chemical systems to be investigated, are presented.  

 

Chapter two presents the literature review of this study. The chapter reviews the available literature and 

background for the chemical species used, similar systems' phase equilibrium, and the models 

presented. Included in this review is an evaluation of the types of HPVLE equipment available and 

studies that have used these types of equipment.  

 

Chapter three presents the experimental equipment and methodology used in this study. The chapter 

details the equipment used to conduct the calibrations, validation steps for the chemical species and 

HPVLE measurements.  

 

Chapter four presents the results and discussion of this study. The chapter details the validation of 

chemical species, calibrations and test and novel systems. In addition, the chapter describes the 

modelling conducted on the experimental data using the CPA, PC-SAFT and PR EoS.   

 

Chapters five and six present the conclusions and recommendations, respectively.  

 

Appendices A, B, and C include additional literature; model parameters with raw data, and uncertainty 

calculations. 
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Chapter 2: Literature Review 

This chapter summarises relevant information to HPVLE data measurement and modelling, namely the 

experimental methods and modelling approach applied in the literature to the data associated with 

natural gas processing method for water dehydration as investigated in this study. The dehydration 

process for natural gas, thermodynamic principles applied in the molecular interactions, phase 

equilibrium literature and modelling, followed by suitable equipment considerations, are further 

presented.  

2.1. Methanol and TEG removal in natural gas processing 

This section of the review details natural gas dehydration and adds greater context and relevance to the 

topic studied and the experimental results obtained.  

Natural gas dehydration is essential in ensuring a final product that is safe and has a high caloric value. 

The compositions of natural gas can vary depending on the source location and the depth of extraction. 

Still, the constituents of the gas are usually similar (hydrocarbons, water, non-hydrocarbon impurities) 

but with varying relative quantities (Faramawy, Zaki and Sakr, 2016). Thus, the purification steps are 

generally uniform, entailing removing the non-hydrocarbons from the valuable hydrocarbons. The 

focus of this project is however natural gas dehydration, and greater detail on other natural gas 

purification steps can be found in Appendix A. 

2.2. Error! Reference source not found.Natural gas dehydration  

Saturated water vapour causes several problems within natural gas processing, such as hydrate 

formation, corrosion, and gas quality problems. Gas hydrates (clathrates) are the main concern and form 

through the interactions of water and hydrocarbons at high pressures and low temperatures. In addition, 

the presence of water vapour reduces the caloric value of gas per unit of volume. Thus, natural gas 

needs to be treated before long-term transportation and sale to end users. The natural gas must be treated 

to meet the dew point specifications, which is most commonly done using absorption through liquid 

glycols to remove water (Kidnay, Parrish and McCartney, 2019). The most commonly used glycol for 

this purpose is tri-ethylene glycol (TEG) (2,2′-[ethane-1,2-diylbis(oxy)]di(ethan-1-ol) due to a number 

of factors. Namely, TEG is hydrophilic, will not absorb heavy hydrocarbons easily and has an extensive 

operating range in terms of temperature (Mokhatab, Poe, William and Mak, 2015).  
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Figure 2.1 Natural Gas dehydration plant. Redrawn by R Raghunanan (Mokhatab et al., 2015) 

Figure 2.1 depicts a typical TEG dehydration plant. The wet natural gas entering the plant is filtered 

through a separator, preventing any liquid or pipe scales from entering the scrubber. This prevents the 

plugging of the columns and contamination of the TEG (Mokhatab et al.,2015). Within the scrubber, 

wet natural gas moves up the column while lean TEG moves down. The water vapour is removed from 

the natural gas through absorption and the dried natural gas leaves the top of the column. The newly 

enriched TEG goes through a regenerator that removes the absorbed water, allowing the recycled lean 

TEG back to the scrubber. This is the most conventional TEG dehydration process, however, glycol 

injections have been preferred in more moderate-temperature regions as it is a cheaper and relatively 

simple process (Fan et al., 2006).  

2.2.1. Methanol injections  

Methanol injections are used as an alternative to TEG dehydration, while in some cases, it is used in 

conjunction with dehydration. When natural gas is injected with methanol, the formation point for gas 

hydrates shifts to make it less likely to form at the given process conditions. The use of methanol is 

usually limited to specific conditions, such as extremely low temperatures and offshore natural gas 

extraction (Mokhatab et al., 2015). TEG at very low temperatures becomes too viscous to handle 

efficiently; thus, methanol becomes a useful alternative for inhibition. In addition, methanol is more 
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volatile than TEG, allowing for more effective interactions between itself and natural gas components. 

For offshore natural gas operations, limited space makes the ability to dehydrate natural gas 

immediately after extraction difficult. Hence, methanol injections are implemented to prevent the 

formation of gas hydrates while the gas is transported to a suitable facility for dehydration (Kidnay et 

al., 2019). However, methanol must be removed before the final natural gas is sent to the end users. 

Due to methanol's relatively high volatility, it remains vaporized within the natural gas after the 

injection process. This acts as a contaminant and must be removed; otherwise, the final natural gas may 

not reach the required specifications. In addition, methanol can have detrimental effects on the 

equipment, such as poisoning catalysts in petrochemical plants and damaging molecular sieves 

(Teixeira et al., 2018). Hence, methanol impurities are encountered in the subsequent conventional TEG 

dehydration steps. Fortunately, TEG can act as an agent for the removal of methanol as well as water 

vapour from natural gas. This is due to TEG and methanol being soluble with each other. This rational 

for typically encountered TEG-methanol-water mixtures in the natural gas dehydration process forms 

the basis of this study.  

2.3. Chemical Species of interest  

This study focused on the two main components, namely methanol and tri-ethylene glycol and their 

interactions with water and light hydrocarbons. This section will briefly review these components and 

their potential interactions as well as expected phase interactions as reported in the literature. There are 

a number of intermolecular forces that can occur between the respective molecules found in a 

dehydration process. These are broken up into three main types of forces, namely dispersion, 

dipolar/polar and hydrogen bonding forces. Dispersion forces, or London forces, are the weakest 

intermolecular forces represented. These forces only occur when an induced dipole occurs in non-polar 

molecules. Dipolar forces represent the attraction experienced by polar molecules which have a dipole. 

These forces are stronger than dispersion forces but weaker than hydrogen bonding. Hydrogen bonding 

is the final type of intermolecular force, only occurring between molecules with hydrogen bonded to an 

oxygen, nitrogen or fluorine atom. Hydrogen bonding is the strongest of the three main types of 

intermolecular forces. More details on the specific intermolecular interactions between the studies 

components can be found in Appendix A. 

2.3.1. Methanol 

Methanol is one of the most thermodynamically effective inhibitors for preventing the formation of gas 

hydrates (Miroshnichenko et al., 2022). It is a colourless, volatile and light aliphatic alcohol. Methanol 

remains a liquid from 175.55 K to 338.15 K, making it a highly versatile solvent for low and moderate 

temperatures (Goodwin, 1987). The methanol molecule itself is polar due to its asymmetric shape and 

the high electronegativity of the oxygen atom. Figure 2.2 depicts the two methanol molecules, showing 
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how the negative oxygen atoms attract the positive hydrogen atoms, resulting in the potential for 

hydrogen bonding/polar interactions.  

 

 

 

 

 

 

Figure 2.2 Two methanol atoms depicting hydrogen bonding. Drawn by R Raghunanan 

 

2.3.2. Tri-ethylene glycol (TEG) (2,2′-[Ethane-1,2-diylbis(oxy)] di(ethan-1-ol) 

Tri-ethylene glycol is a dihydroxy alcohol which has a transparent, colourless appearance. The 

compound has a high viscosity and is completely miscible with water and is hygroscopic. TEG remains 

a liquid from -7 ⁰C – 285 ⁰C making it a high boiling point solvent (Sun and Teja, 2003). The TEG 

molecule is polar due to its high electronegativity difference between the oxygen and hydrogen 

molecules. Figure 2.3 depicts the TEG molecule, where it can be seen that there are a number of oxygen 

and hydrogen molecules which causes multiple potential sites for hydrogen bonding.  

 

 

 

 

Figure 2.3 TEG molecule. Drawn by R Raghunanan 

In Table 2.1 the dominant interactions expected between TEG/methanol and the proposed natural gas 

mixture constituents are shown.  
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Table 2.1 Interactions encountered in chemical mixture combinations. 

Type of force  Dispersion 

forces  

Dipolar 

forces  

Hydrogen 

bonding 

Dispersion 

forces  

Dipolar 

forces  

Hydrogen 

bonding 

Component TEG Methanol 

Methane 🗸 X X 🗸 X X 

Ethane 🗸 X X 🗸 X X 

Propane  🗸 X X 🗸 X X 

Water 🗸 🗸 🗸 🗸 🗸 🗸 

TEG  🗸 🗸 🗸 🗸 🗸 🗸 

Methanol 🗸 🗸 🗸 🗸 🗸 🗸 

 

For this study, hydrogen bonding features prominently in the mixtures studied since many components, 

such as water, TEG and methanol, are known as oxygenated molecules. These molecules can self-

associate, which is a type of hydrogen bonding that occurs when a molecule, such as diols, alcohols, 

and acids, can behave as an electron acceptor and donor (Soo, 2011). Additionally, molecules cross-

associate when they hydrogen bond with molecules that are either electron acceptors or donors, typical 

of ketones and aldehydes (Soo, 2011). In this study, molecule combinations such as water-TEG, water-

methanol and methanol-TEG would cross-associate.  

2.4. High-Pressure VLE Measurements 

The design and commissioning of specialised equipment for high-pressure vapour-liquid equilibrium 

(HPVLE) measurements is a complex process and is covered in great length by (Mühlbauer and Raal, 

1993), (Nelson et al., 2021), (Ebrahiminejadhasanabadi et al., 2018) and (Zvawanda, 2022 c) to which 

the reader is referred for more detail. For equilibrium to be established, the system must be acceptably 

isolated and maintained at thermal, mechanical and chemical equilibrium. The state variables of 

temperature, pressure and composition of the liquid or liquid and vapor phase must then be measured 

accurately (in the analytical method), while composition can be determined by accurate mass balancing 

in the static-synthetic method. There are several difficulties that must be overcome when conducting 

high-pressure VLE experiments (Raal and Mühlbauer, 1997):  

 Degassing the liquid components completely before loading into the equilibrium cell.  

 Maintaining isothermal equilibrium conditions within the equilibrium cell.  

 Estimating the contents of the equilibrium cell have reached equilibrium.  

 Accurately measuring the temperature and pressure.  
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The following challenges are associated specifically when analytical methods are used: 

 Withdrawing samples without disturbing the phase equilibrium created from both the liquid 

and vapour samples.  

 Analysing the withdrawn samples accurately. The difficulty comes from properly calibrating 

the gas chromatograph and analysing the samples.  

 

2.4.1. Methods reported for HPVLE  

There are two commonly used methods for HPVLE measurements: The dynamic and static methods. 

In the dynamic method, a phase pass is induced, where a single vapour or the liquid and vapour phase 

travels through the equilibrium cell and then through an analysis network while equilibrium is achieved 

(Zvawanda, 2022 c). The other method that can be employed is the static method which is broken up 

into several subtypes. This study employed the static synthetic method. Figure 2.4 depicts the different 

types of methods employed in VLE research.  

 

Figure 2.4 Experimental methods used for HPVLE measurements. extracted from (Reddy, 2006). 
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2.4.1.1. Static methods 

 The static method is the more widely employed method and can be broken into three main categories: 

analytical, synthetic, and combined methods. The static analytical and synthetic methods are fairly 

similar in the loading and equilibration procedures. The methods involve charging a mixture of 

components into a fixed-volume equilibrium system (Knock, 2010). Generally, some form of agitation 

is incorporated to allow the system to reach and maintain equilibrium more effectively. Usually, 

magnetic (non-invasive) stirring is employed. The analytical method requires a degree of sampling from 

the HPVLE mixture during equilibrium. This can be either the liquid or vapour phase or both. This 

method allows for the gathering of Pxy data and accurate measurements for the liquid and vapour 

phases. The drawback of this method is the difficulty in ensuring accurate composition measurement 

results. The calibration of analytical components can be very technical and time-consuming (Fonseca, 

2010). Thus, when accurate composition measurement is not available or deemed too complex/beyond 

operational limits, the synthetic method is used. The synthetic method does not require any sampling 

and analysis, instead, it uses other indicators to determine equilibrium, such as the visual and breaking 

point pressures. The phase compositions at equilibrium are established by a mass balance on the vapour 

and liquid phases within the cell, as the charged mixture composition is established precisely when 

loading the cell. The weakness of this method is that it is not simple to establish the composition of the 

vapour or liquid phase in the system when both the vapour and liquid phase is present. Thus, only the 

dew and bubble point can be determined easily for a given system. It should be noted that numerous 

combinations of the static, dynamic and derivatives of each of the methods have been employed in other 

works and modification of these methods is possible (Tshibangu, 2010). 

 

2.4.1.1.1. The static-synthetic method  

The static-synthetic method was used to obtain the results found in this paper. As previously stated, the 

method does not require any sampling and analysis, allowing for a greater degree of simplicity in design 

and operation. However, it requires the components' composition to be accurately known to produce 

reliable results. The method can be used to determine the isothermal or isochoric values for a known 

composition mixture. A major drawback of this method is that multiple components are used as only 

limited information from either the dew or bubble points can be determined. Additionally, the method 

is very slow for testing as only one composition can be tested at a time, usually with long measurement 

periods for HPVLE. Despite these disadvantages, the method is still widely used due to the low cost 

and simplicity of the apparatus. In Table 2.2 the following studies used the static synthetic method and 

most of the studies showed a wide range of pressures and temperatures applicable to the static synthetic 

method. 
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The static-synthetic method has been applied in the following studies: 

Table 2.2 Studies using the Static Synthetic method. 

Authors  Operating range 

Pressure (MPa) Temperature (K) 

(Fischer and Gmehling, 1994) 0 – 12  303.15 - 423.15  

(Raeissi and Peters, 2005) 5 – 14  293 - 349   

(Kühne et al., 2008) 0 – 14  278 - 368 

(Raal et al., 2011) 0 - 2  313.17 - 352.68  

(Ferreira, 2018) 8 – 16.4 308 – 348  

 

2.4.1.2. Combined methods 

The combined method uses a combination of the static and dynamic method. The following studies 

have employed this method. 

 (Grigiante et al., 2008) used a static VLE apparatus using a total pressure cell which measured VLLE 

for ternary mixtures. The apparatus has a ROLSI ® sampler injector for analysis. Similar apparatus are 

found in the following studies (Lhoták and Wichterle, 1981), (Silva-Olive et al., 2006), (Paiva et al., 

2008), (Gardeler et al., 2002; Chapoy et al., 2003), (Laugier and Richon, 1986), (Fourie et al., 2008) 

however mechanical stirring (invasive) with good sealing has also been reported in (Pfohl et al., 1997), 

(Chylinski et al., 2002) and (Yoon et al., 1993). 

In all HPVLE measurements, the temperature and pressure are monitored with one of these variables 

made constant. In this study, the fixed variable was the temperature as measurements were conducted 

isothermally. In addition, a variable volume cell was used to enable an increase and decrease in pressure. 

The equipment used in this work is detailed in Chapter 3. 
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2.5.  Published phase equilibrium data for natural systems related to this study 

2.5.1. Binary Systems  

2.5.1.1. TEG + methane 

The phase equilibrium data available for methane + TEG are presented in Table 2.3 There is limited 

phase equilibrium data for methane and TEG binary systems in the open literature. Only three sources 

(Jou et al., 1987), (Jerinić et al., 2008) and (Zvawanda, 2022 c) provide Px isothermal data. The data 

found by (Jou et al., 1987) and modelled with the Peng-Robinson (PR) EoS determined that it was a 

poor model when applied to systems comprised of associating molecules. The study by (Jerinić et 

al.,2008) aimed to measure the solubility of TEG in super critical methane. The study modelled the data 

using the Peng-Robinson (PR) and Soave-Redlich-Kwong (SRK) EoS and determined the mean 

logarithmic deviation for TEG solubility. This study found that the SRK EoS performed better and there 

was a need for more methane-TEG data to comprehensively describe the system behaviour. Finally 

(Zvawanda, 2022c)  measured the system using the same apparatus as  used in this study for the purposes 

of using the data as a test system. 

Table 2.3 Phase equilibrium PTx sources for methane + TEG binary system. 

Reference Temperature 

range (K) 

Pressure 

(MPa) 

Methane molar 

composition range (x1) 

Number of 

data points 

(Jou et al., 

1987) 

298.15; 323.15; 

348.15; 373.15; 

398.15 

0.11 - 20.20 0.0006 - 0.0638 51 

(Jerinić et al., 

2008) 

298.15;316.75 0.16 - 8.61 ±0.01 - ±0.062 12 

(Zvawanda, 

2022 c) 

298.15; 323.15 1.41 - 11.29 0.0047 - 0.0460 6 
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2.5.1.2. Ethane + TEG 

The available phase equilibrium data for ethane + TEG are presented in Table 2.4 There is only one 

literature source for phase equilibrium data (Px isothermal data). This source (Jou et al., 1987) employed 

the same technique and modelling methodology described above by the same authors.  

Table 2.4 Phase equilibrium sources for ethane + TEG binary system. 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Ethane molar 

Composition range (x1) 

Number of 

data points 

(Jou et al., 

1987) 

298.15; 323.15; 

348.15; 373.15; 

398.15 

0.11 - 20.48 0.0016 - 0.1482 59 

 

2.5.1.3. Propane + TEG  

The available phase equilibrium data for propane + TEG are presented in Table 2.5 Again, there is only 

one literature source for phase equilibrium data for a propane + TEG binary system that provides Px 

isothermal data. This source (Jou et al., 1987) employed the same technique and modelling 

methodology as mentioned above.  

Table 2.5 Phase equilibrium sources for propane + TEG binary system. 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Propane molar 

Composition range (x1) 

Number of 

data points 

(Jou et al., 

1987) 

298.15; 323.15; 

348.15; 373.15; 

398.15 

0.159 - 6.35 0.0007 - 0.1043 40 
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2.5.1.4. Water + TEG  

The phase equilibrium data for water + TEG are presented in Table 2.6 There are limited literature 

sources for this system, with the only available data being isobaric data measured at low pressures. 

These sources are (Aniya et al., 2015) and (Mostafazadeh et al., 2009). The study by (Aniya et al., 2015) 

measured and modelled the data using the NRTL and Wilson models. The study concluded the Wilson 

model performed better than the NRTL model. The data in (Mostafazadeh et al.,2009) was modelled 

using the UNIQUAC, NRTL and Van Laar models. The study concluded that the Van Laar activity 

coefficient model performed the best.  

Table 2.6 Phase equilibrium sources for water + TEG binary system. 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Water molar 

Composition range 

(x1) 

Number of 

data points 

(Aniya et al., 2015) 356.16 - 559.01 0.05 - 0.10 0 - 1 60 

(Mostafazadeh et 

al., 2009) 

371.55 - 421.25 0.09 0.117 - 0.410 18 

 

2.5.1.5. TEG + methanol 

There is currently no available data in the open literature for the methanol + TEG binary system to the 

author’s knowledge. This highlights the need for such measurements as binary or constituent 

multicomponent systems, as these interactions are required to characterize system behaviours in natural 

gas dehydration plants. Due to equipment limitations this system could not be measured in this work as 

very low vapour pressures and high viscosities would be expected. The equipment required would need 

to operate at close to vacuum conditions. The equipment used to liquid vapour pressure measurements 

can be found in Chapter 3.3.2  
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2.5.1.6. Methane + methanol  

The methane + methanol binary system has an abundance of literature available for Px isothermal data. 

Methanol is a widely used chemical solvent in several processes, including the cleaning of sour gas 

(Mokhatab et al., 2015). A selection of the relevant literature available is presented in Table 2.7.  

Table 2.7 Phase equilibrium sources for methane + methanol binary system. 

Reference Temperature range 

(K) 

Pressure 

range (MPa) 

Methane molar 

composition range 

(x1) 

Number of 

data points 

(Yarym-Agaev 

et al., 1985) 

298.14; 313.14; 

338.13 

2.50 - 12.50 - 15 

(Vetere, 1986) 213.2; 233.2; 273.2 1.08 - 6.97 0.0025 - 0.0900 16 

(Brunner et al., 

1987) 

298.15; 323.15; 

373.15 

5.45 - 100 0.0392 - 0.6378 71 

(Hong et 

al.,1987) 

200; 220; 250; 

273.15; 290; 310; 

330 

1.34 - 41.37 0.0095 – 0.2575 83 

(Schlichting et 

al., 1993) 

242.60; 262.00; 

282.70 

2.00 - 10.00 - 17 

(Ukai et 

al.,2002) 

280.15 2.11 - 11.41 0.017 - 0.051 9 

(Wang et al., 

2003) 

283.2; 293.2; 303.2 5.05 - 40.05 0.0015 - 0.0041 24 

(Frost et al.,  

2014) 

298.87 5.24 - 18.01 0.0041 - 0.1348 9 

(Frost et al., 

2015) 

298 3.72 - 15.51 0.0293 - 0.1221 5 

(Kapateh et 

al.,2016) 

273.15 1.71 - 46.99 0.0017 - 0.2578 10 

(Zvawanda, 

2022 c) 

298.15; 303.15 2.63 - 10.68 0.0087 - 0.1025 5 

 

Sources such as, (Brunner et al., 1987), (Wang et al., 2003) and (Frost et al., 2015) conducted 

measurements above the critical pressure of methane, while the rest typically operated across this 

pressure (4.595 MPa). (Schlichting et al., 1993); (Frost et al.,  2014) and (Kapateh et al., 2016) modelled 

the data obtained using a variety of models, including the CPA and Redlich-Kwong-Soave EOS. Finally 
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(Zvawanda, 2022c) measured data for this system as a verification system using the same apparatus 

used in this study. The modelled using the PR, SRK, PRWS, CPA, and the PC-SAFT EoS, showed that 

the PR, SRK and PRWS models were poor in describing the system behaviour, with poor extension to 

the multicomponent systems. Furthermore, the choice of mixing rule had little effect on the description 

of the system behaviour. This study along with the two publications (Zvawanda et al., 2022 a) and 

(Zvawanda et al., 2022 b) are reference points for the measurements conducted in this work.  

 

2.5.1.7. Ethane + methanol   

There are a number of literature reported sources available for the ethane + methanol binary mixture 

for Px isothermal data. The study by (Ma and Kohn, 1964) was not publicly accessible, but data is 

available. The other studies found in Table 2.8 are available and were conducted for a number of 

reasons. The study by (Ohgaki et al., 1976) measured data which was modelled using the Redlich-

Kwong EoS to determine the activity and fugacity coefficients for the liquid and vapour phases. The 

study by (Zeck and Knapp, 1986) used a vapour recirculation cell to investigate the VLE and VLLE for 

binary and ternary systems, including methanol and ethane. The study concluded the data obtained 

would be useful for methanol absorption units. (Ishihara et al., 1998) used a static circulation-type 

system to investigate the phase equilibrium properties of ethane and methanol at 298.15 K. The authors 

reported difficulty in correlating the data using conventional EoS due to the complex phase separation 

behaviours. The study by (Wang et al., 2003) investigated the solubility of a number of gas mixtures in 

a water-alcohol mixture. The study concluded that the data obtained would be used to improve 

thermodynamic modelling and prove a direct relationship between gas solubility and inhibitor 

concentration in the aqueous phase.  

Table 2.8 Phase equilibrium sources for ethane + methanol binary system. 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Ethane molar 

composition range 

(x1) 

Number of 

data points 

(Ma and Kohn, 

1964) 

298;323;348;373 0.02 - 6.08 - 42 

(Ohgaki et al., 1976) 298.14 1.09 - 4.12 0.0403-0.3511 5 

(Zeck and Knapp, 

1986) 

240; 260; 273; 

298 

0.40 - 4.20 0.0279-1 39 

(Ishihara et al., 1998) 298.15 0.96 - 4.19 0.053-1 10 

(Wang et al., 2003) 283.2 0.5 - 3 0.0008-0.003  
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2.5.1.8. Propane + methanol  

The phase equilibrium data for propane + methanol can be found in Table 2.9. Only a few literature 

sources are available that provide Px isothermal data. The study by (Galivel-Solastiouk et al., 1986) 

presents data for a propane + methanol binary system using two static analytic and a static synthetic 

apparatus. The study by (Lev, et al., 1992) investigated a propane + methanol system at 310.7 K, 352.2 

K, 393 K, 474.3 K. The study employed a variable-volume sapphire cylinder and concluded that the 

results obtained match those of other studies. Finally, the study by (Joung et al., 2004) investigated a 

propane + methanol system using a circulating apparatus. The study correlated the data using the PR 

and SRK EoS which had acceptable results.  

Table 2.9 Phase equilibrium sources for propane + methanol binary system. 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Propane molar 

composition range 

(x1) 

Number of 

data points 

(Galivel-Solastiouk et 

al., 1986) 

313.1; 343.1; 

373.1 

0.35-4.30 0.0252-1 31 

(Lev et al., 1992) 310.7; 352.2; 

393.0; 474.3 

0.03-8.66 0-1 39 

(Joung et al., 2004) 313.55; 

327.95; 

343.21 

0.28-2.58 0.0192-0.1006 31 
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2.5.1.9. Methanol + water 

There is an abundance of Px isothermal data for the water + methanol. The quantity of data available is 

vast and only a few relevant studies were selected and displayed in Table 2.10 The sources displayed 

were the most recent literature available in the desired range. The study by (Sentenac et al., 1998) used 

a sapphire equilibrium cell in-order to investigate the VLE from 363 K to 440 K. The data found had a 

good agreement with other literature. The study by (Bernatová et al., 2006) obtained data for methanol 

and water using a two-phase recirculating still. The data was correlated with the NRTL model and 

showed a good agreement.  

Table 2.10 Phase equilibrium sources for methanol + water binary system. 

Reference Temperature range (K) Pressure 

range (kPa) 

Methanol molar 

composition range 

(x1) 

Number of 

data points 

(Mokbel et al., 

1995) 

243.75; 258.69; 278.58; 

288.58; 298.55; 308.57 

0.29-28.28 - 36 

(Sentenac et 

al., 1998) 

363.15; 383.15; 

403.15;424.15; 442.15 

117-2093 0.1061-0.9061 25 

(Bernatová et 

al., 2006) 

323.15 12.35-55.61 0-1 14 
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2.5.2. Ternary systems 

2.5.2.1. Methane + water + methanol  

The phase equilibrium sources for the methane + water + methanol system can be found in Table 2.11 

of which there are few literature sources for the system. The papers by (Wang et al., 2003) and (Frost, 

et al.,  2014) have been previously mentioned. The study by (Wise et al., 2016) obtained results for the 

methane + water + methanol system and optimised the parameters of the CPA and SRK EoS.  

Table 2.11  Phase equilibrium sources for the methane + water + methanol system 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Methane molar 

composition range (x1) 

Number of 

data points 

(Wang et al., 

2003) 

283.2; 293.2; 

303.2 

5.05-40.05 0-1 120 

(Frost et al.,  

2014) 

280.25; 298.77; 

313.45 

5.14-13.12 0.00514-0.0121 9 

(Wise et al., 

2016) 

293.15 0.54-35.35 - 17 

 

2.5.2.2. Ethane + water + methanol  

The only available literature source for this system was the study by (Wang et al., 2003) in Table 2.12. 

This study has been discussed previously.  

Table 2.12 Phase equilibrium sources for the ethane + water + methanol system 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Ethane molar 

composition range (x1) 

Number of 

data points 

(Wang et al., 

2003) 

283.2; 293.2; 

303.2 

5-40 0-1 100 
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2.5.2.3. Propane + water + methanol  

There are two sources available for Px isothermal data as shown in Table 2.13. (Ng and Robinson, 

1983) contains one data point for the system and Py data is presented by (Blanco et al., 2001). 

Table 2.13 Phase equilibrium sources for the propane + water + methanol system 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Ethane molar 

composition range (x1) 

Number of 

data points 

(Ng and 

Robinson, 1983) 

270.35 0.23 - 1 

(Blanco et al., 

2001) 

254.2-282.7 0.099-0.543 - 237 

 

2.5.2.4. Methane + methanol + TEG 

The only available data in the open literature for this system was the study by (Zvawanda et al., 2022 

b) as shown in Table 2.14. This study has been discussed previously.  

Table 2.14- Phase equilibrium sources for the methane + methanol +TEG system 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Methane molar 

composition range (x1) 

Number of 

data points 

(Zvawanda et 

al., 2022 b) 

303.16; 323.15 2.04-12.64 0.0113-0.0465 12 

 

2.5.2.5. Methane+ propane + TEG  

The only available data in the open literature for this system was the study by (Zvawanda et al., 2022 

b) as shown in Table 2.15. This study has been discussed previously.  

Table 2.15- Phase equilibrium sources for the methane+ propane + TEG system 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Methane molar 

composition range (x1) 

Number of 

data points 

(Zvawanda et 

al., 2022 b) 

303.16; 323.15 0.78-8.58 0.0039-0.0446 10 
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2.5.2.6. Methane + propane + methanol 

The only available data in the open literature for this system was the study by (Zvawanda et al., 2022 

b) as shown in Table 2.16. This study has been discussed previously.  

Table 2.16- Phase equilibrium sources for the methane + propane + methanol system 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Methane molar 

composition range (x1) 

Number of 

data points 

(Zvawanda et 

al., 2022 b) 

283.16; 303.16; 

323.15 

1.25-9.96 0.0175-0.0871 15 

 

Several systems of possible ternary combinations of methane, ethane, propane, water TEG and 

methanol have no available data found in the literature. Of the numerous combinations available, there 

is only data available for the above-mentioned systems.  

 

2.5.3. Quaternary systems 

2.5.3.1. Methane + propane + methanol +TEG 

The only available literature source for this system was the study by (Zvawanda et al., 2022 b) as shown 

in Table 2.17. This study has been discussed previously. 

Table 2.17- Phase equilibrium sources for the methane + propane + methanol +TEG system 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Methane molar 

composition range (x1) 

Number of 

data points 

(Zvawanda et 

al., 2022 b) 

283.16; 303.16; 

323.15 

1.46-13.78 0.0050-0.391 15 

 

As TEG, water, and methanol were the focus of this study, quaternary systems with these components 

interacting were reviewed. It was found there were no data for the methane + TEG + water + methanol; 

methane + TEG + water + methanol, and propane + TEG + water + methanol. Others were present but 

not available in open literature. The only system with open literature is the system mentioned above.  
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2.5.4. Quinary systems  

2.5.4.1. Methane + propane +methanol + water +TEG  

The only available data in open literature for this system was the study by (Zvawanda, 2022 c) as shown 

in Table 2.18. This study has been discussed previously.  

Table 2.18- Phase equilibrium sources for the methane + propane + methanol + water + TEG system 

Reference Temperature 

range (K) 

Pressure 

range (MPa) 

Number of 

data points 

Methane molar 

composition range (x1) 

(Zvawanda, 

2022 c) 

283.16; 303.16; 

323.15 

2.23-14.1 20 0.0074-0.0315 

 

Similar to the quaternary systems the components TEG, water and methanol were the focus of the 

review. The only system available was the above-mentioned system.  

 

2.5.5. Senary Systems 

The literature review for the senary systems follows the same method as the quaternary and quinary 

systems and no available data was found. 

 

2.6. Thermodynamic property methods used in this study 

The intermolecular forces between the respective components of a system result in the non-ideal 

behaviour of the systems (Kontogeorgis and Folas, 2010). The non-ideal behaviour makes predicting 

system behaviours at various compositions challenging, particularly the non-idealities caused by 

hydrogen bonding. At moderate temperatures and low pressures, these non-ideal behaviours are 

minimal. However, most natural gas processes are conducted at high pressure and low temperatures 

where the non-ideality is most prevalent (Mokhatab et al., 2015). Thus, to model these systems 

accurately, an equation of state is required to describe the mixture behaviour when operating at high 

pressures. When specifically considering non-polar hydrocarbons, the Peng and Robinson and Soave-

Redlich-Kwong (SRK) equations of state are the most popular and commonly used (Mokhatab et al., 

2015). However, the Peng-Robinson EoS does not specifically consider hydrogen bonding, which 

makes it poor at correlating the behaviour of systems that contain water, TEG or methanol (Soo, 2011). 

However, its inclusion in model testing allows for the determination of the impact the missing 

associating parameter would have on modelling. The Cubic Plus Association (CPA) and perturbed chain 
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(PC) SAFT EoS do possess this consideration inherently, and are commonly used for systems that 

include water, glycols and methanol (Mokhatab et al., 2015).  

For these reasons, this study focused on describing the phase behaviour of the measured systems with 

the CPA EoS, PC-SAFT model and Peng-Robinson EoS as a comparative reference to demonstrate 

both the abilities and limitations of these models compared to experimental data. The SRK model was 

omitted because the CPA is an extension of this model, including an association term, and has proved 

to be superior than conventional SRK for natural gas dehydration systems (Kontogeorgis and Folas, 

2010).  

2.6.1. Peng and Robinson equation of state 

The Peng and Robinson equation of state (Peng and Robinson, 1976) has become one of the most 

successful models applied to phase equilibria (Walas, 1991). It improved the predictions for liquid phase 

behaviour by implementing an expression for volume dependency. Equations for the Peng and 

Robinson EoS can be found in Appendix A.  

Limitations  

As stated previously, the Peng and Robinson EoS has an accurate prediction ability regarding non-polar 

hydrocarbon molecules. However, there are limitations when highly polar and hydrogen-bonded fluids 

are present in the system. The lack of an association parameter causes this issue, thus, modelling that 

includes an association parameter has improved fits. Several studies, such as (Mathias and Copeman, 

1983) and (Wu and Prausnitz, 1998), have attempted to overcome this by implementing different alpha 

functions and mixing rules. These have had some success in accommodating the non-idealities 

experienced in these systems. In addition, natural gas systems typically operate at high temperatures 

and pressures, which limits the accuracy of the PR EoS as it inaccurately predicts the compressibility 

factor.  The development of newer property methods, such as the CPA and PC-SAFT has made these 

modifications less relevant to associating systems. The superiority of the CPA EoS and the PC-SAFT 

EoS to the Peng and Robinson EoS with variations in alpha function and mixing rules for natural gas 

dehydration systems has been shown previously in the work of (Zvawanda, 2022 c). Hence varying 

alpha functions and mixing rules in conjunction with the PR EoS was not considered further in this 

work. 

Application of the PR EOS for natural gas systems 

The PR EoS is applied in a number of literature sources with (Neagu and Cursaru, 2017) simulating a 

conventional natural gas plant. The paper concluded that the simulation was successful at simulating a 

natural gas plant, however this piece of literature did not make specific mention of the appropriateness 

or possible discrepancies associated with using the PR EoS. The paper by (Fouad and Berrouk, 2013) 

compared the PR EoS with the PC-SAFT EoS for application in sour natural gas system modelling. 
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These sour gas systems included methanol and tri-ethylene glycol alongside a number of hydrocarbons 

and impurities found within raw natural gas. The systems used were from available literature and 

typically contained either methanol or TEG and a mixture of hydrocarbon and impurities. None of the 

systems tested contained a methanol-TEG mixture. The study concluded that the PR EoS showed better 

results when the system contained a dry gas system (deviations were approximately half of that by PC-

SAFT) while the PC-SAFT EoS performed better when the systems contained water or methanol by 

about 15-20%. This study shows there is still a relevant application for the older PR EoS while 

additionally showing the importance of having an EoS that considers the associating molecules. , 

Another study by (Saffari and Zahedi, 2013) added an original new alpha function to the PR EoS to 

improve its performance when predicting natural gas systems. The natural gas systems tested did not 

contain any liquids and were purely based on typical raw natural gas extraction composition with the 

exclusion of water. The study concluded the inclusion of their alpha function allowed for an accurate 

prediction of natural gas component behaviour, improving deviation from 3.8% to 1.4%. However, this 

modification has not had wide-scale application and is not typically available in commercial software. 

There is a shortage of recent publications applying the PR EoS, especially those that model phase data. 

This may be due emergence of the popular PC-SAFT and CPA EoS which could more accurately predict 

systems with associating components.  

2.6.2. Association models  

The PC-SAFT and CPA models are known as association models due to their general ability to model 

systems with hydrogen bonding accurately. These include systems that contain glycols, alcohols, water, 

acids, amines and other molecules with hydrogen bonding (Kontogeorgis and Folas, 2010). The PC-

SAFT and CPA models were used in this work due to the association modelling ability and common 

use for modelling natural gas systems.  

2.6.2.1. The Perturbed-Chain Statistical Associating Fluid Theory (PC-SAFT) model  

The PC-SAFT EoS is an extension of the SAFT EoS, which uses a statistical mechanical method such 

as perturbation theory. There are several variations of the SAFT EoS. However, the PC-SAFT EoS 

differs from these by treating fluids as being connected by complex chained structures as opposed to 

unbound spherical particles (Kontogeorgis and Folas, 2010). Detailed explanations of the equation of 

state and a breakdown of their variables can be found in Appendix A.  

Limitations 

The PC-SAFT EoS has been widely used for mainly light hydrocarbons with some heavier 

hydrocarbons but has limited application in aqueous solutions (von Solms et al., 2006). This is due to 

the recent publishing of accurate pure water parameters for the PC-SAFT EoS and the testing of the 

model for aqueous systems in the literature. This is especially true for LLE aqueous systems, which the 

model has difficulty predicting due to a lack of a polar term within the EoS (von Solms et al., 2006).  



27 

 

Some authors have proposed that these limitations can be reduced by using an appropriate mixing rule 

such as that by Wolbach and Sandler for example (Grenner et al., 2007). This improves the fit by 

accounting for the induced-association interactions (Kleiner and Sadowski, 2007).  

 Application of the PC-SAFT model for natural gas mixtures 

As previously indicated, the study by (Fouad and Berrouk, 2013) compared the Peng-Robinson EoS 

and the PC-SAFT EoS. The study found that PC-SAFT was a better model when predicting systems 

with water or methanol and PR EoS was better when predicting non-aqueous systems. The study by 

(Nasrifar et al., 2017) examined the prediction of natural gas containing water using the PC-SAFT EoS. 

The components tested were methane, ethane, hydrogen sulphide, carbon dioxide and water. There was 

no other association tested, such as between methanol and tri-ethylene glycol. The data used was 

sourced from available literature and the PC-SAFT model had accurate predictive ability. The study by 

(Alfradique and Castier, 2007) investigated the ability of hydrocarbon mixtures to be predicted by a 

number of property methods. These included PR and PC-SAFT EoS. The study used binary mixtures 

of hydrocarbons ranging from methane to nonane and concluded that the conventional cubic EoS 

provided the best representation. As the study concluded this was an unexpected outcome with the cubic 

EoS having the lowest deviation (%) of 1.079. Finally the study by (Kondori et al., 2018) evaluated the 

formation of gas hydrates in systems containing gas/water/salt/alcohol systems. These systems were 

evaluated using the UNIQUAC model and PC-SAFT EoS. The systems tested included the natural gas 

components of methane, ethane, propane, isobutane, carbon dioxide, and hydrogen sulphide, while the 

inhibitors used were methanol, ethanol, glycerol, NaCl, KCl, CaCl2, and MgCl2.The study concluded a 

wide range of compositions and conditions could be accurately predicted using their modelling strategy.  

The above literature examples demonstrate the PC-SAFT model has a wide range of application within 

the natural gas research environment. However, no studies make a direct broad-scale comparison with 

the purpose-built CPA EoS in natural gas system applications other than the recent work of Zvawanda 

and coworkers. In addition, the previous studies discussed preceding the work of Zvawanda and co-

workers, tend to employ associating terms with limited accuracy for TEG, water and methanol.  

2.6.2.2. Cubic Plus Association (CPA) EOS  

The CPA model combines the Soave-Redlich-Kwong (SRK) EoS and an association term similar to 

that in the SAFT model (Kontogeorgis and Folas, 2010). The model's development allows for predicting 

multicomponent hydrocarbon systems, including highly polar molecules such as water, glycols and 

alcohols. Further targets were (Kontogeorgis and Folas, 2010):  

 Accurate calculations for multicomponent systems using only parameters estimated from 

binary data.  

 Simplified mathematical formulas for describing complex compound systems.  
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Detailed explanations of the equation of state and a breakdown of their variables can be found in 

Appendix A.  

Limitations  

The CPA-EoS has been shown to have great versatility when dealing with both non-associating and 

associating compounds. It performs poorly when evaluating systems that include aromatic acids such 

as benzoic and terephthalic acid (Tsivintzelis and Kontogeorgis, 2012). The model has been tested in 

high-pressure systems where it performs satisfactorily when implemented with distinct combining rules. 

(Folas et al., 2006 b). However, the model has limitations in the supercritical region, where it tends to 

overestimate the interaction parameters (Kontogeorgis and Folas, 2010).  

Application of the Cubic Plus Association (CPA) EOS for natural gas systems   

The study by (Arya et al., 2014) used the CPA EoS to simulate a natural gas dehydration plant. The 

study aimed to demonstrate the usefulness of the CPA EoS in modelling natural gas systems. The study 

accomplished this by using binary parameters to simulate multicomponent systems, which included 

TEG, water and natural gas. The results from the simulation were agreeable with experimental data and 

showed the ability of the EoS to successfully simulate the dehydration process. The study by 

(Kontogeorgis et al., 2006) is an extension of the original CPA paper and aimed to demonstrate the 

improvements and greater applications of the CPA model. The authors motivated for a new focus to be 

placed on the estimations of pure compound parameters for alcohol-hydrocarbon VLE. The paper 

reiterates the usefulness of the CPA model for systems containing alcohols, glycols and water. With 

regard to its new focus, the study finds the model has very good correlations and predictions for alcohol-

alkane VLE and SLE systems. It was also concluded that the model had not improved in terms of the 

3-B TEG schemes for alcohol-alkane phase equilibrium. The study finally noted that there is still some 

controversy when different number of sites are attributed to water. A study by (Kruger et al., 2018) 

reported experimental work on a 20-component ethylene glycol, water and natural gas mixture. The 

study was conducted at high-pressure conditions and aimed to replicate the conditions experienced 

during subsea natural gas dehydration unit operations. The results were compared to a CPA EoS model 

in-order to evaluate the applications for this model in designing of subsea dehydration systems. The 

study concluded that there are benefits to using ethylene glycol as a dehydration agent especially at high 

pressure. The study observed the CPA model in predicting the water and MEG content in an ethylene 

glycol (1) + water (2) + methane (3) mixture. The study concluded this was due to the inclusion of CO2 

within the gas mixture, as the model encountered similar difficulty in previous studies. The authors did 

accept the modelling results with an error of 10-15% for major components and believes these can be 

decreased with the inclusion of additional binary VLE data in the training. Finally, a study by 

(Qvistgaard et al.,, 2023) conducted experimental measurements on TEG, water and natural gas 

mixtures at 6.9 and 12.5 MPa at a range of 15 oC-40 oC. The equation of state chosen was CPA as the 
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systems tested were highly associating. The CPA model was used against the experimental results while 

also varying its association schemes for TEG. The study concluded that the 4C association scheme 

remains the best-performing scheme, and subsea natural gas dehydration can be advantageous at high 

pressure and low temperature.  

The studies using the CPA model have leveraged its advantages in predicting highly associated systems. 

This is especially true with the studies conducted and supervised by Kontogeorgis with whom much of 

the CPA natural gas modelling and testing is centred. However, there is still a lack of data for TEG and 

methanol mixtures with natural gas and the comparison of the CPA model with other models.  

2.7. Thermodynamic modelling approach 

The modelling approach taken for any phase equilibrium study requires a few key considerations. 

Arguably, the most significant of these is the manner in which pure component physical properties are 

integrated into the simulation. In-order to succeed in this venture the following important steps were 

considered (Carlson, 1996):  

1) Choosing an appropriate physical property method for the components used.  

Property methods are typically created with respect to specific component combinations. As stated 

previously with the PR EoS, this equation of state is generally strong at modelling and predicting natural 

gas systems that have non-associating components. Additional considerations such as the temperature, 

pressure and other properties are considered as specific methods handle non-ideal conditions better than 

others. For this study the physical properties methods were chosen based on previous literature for the 

proposed systems. Another useful tool in property method selections is the Aspen Plus: Property 

Method Section Assistant, which can assist in choosing an appropriate method.  

2) Validating physical properties.  

The validation of physical properties is a crucial step in ensuring accurate modelling. This process 

required experimental data to be available and compared to the modelled data. This process can be 

executed for the pure component and mixture component parameters. The degree of similarity between 

these two results will determine how accurate the models and parameters used are. In this study this 

was conducted for most of the components used where data was available, with the process and 

exceptions detailed in Chapter 3 and 5, respectively.   

 

3) Describing the non-databank components and missing parameters  

Suppose there are components missing from the available data banks or literature. In that case, it is 

possible to exclude these if the component is a minor constituent or exhibits a limited interactions 

mixture. However, if the missing component does not meet this criterion, these parameters should be 

estimated. Typically, similar components in terms of atomic structure will have similar properties. This 
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logic is sometimes used to substitute the parameters of one component for another. This study did not 

have this issue in terms of pure component parameters.  

 

4)  Obtaining and estimating any missing property parameters  

Typically, a literature search is conducted to find any available pure and binary parameters. When these 

are not available, several different methods can be employed to accomplish this; however, the most 

accurate is regression based on experimental data. When regressing, the number of parameters should 

be minimized while additionally considering the standard deviation. The standard deviation should not 

be greater than the parameter itself; otherwise, there may be too many parameters being estimated. In 

addition, when there is a large temperature range, standard deviations tend to be higher.  For HPVLE 

the phi-phi methodology for binary interaction parameter fitting is the standard practice, with fitting 

algorithms described in detail by Raal and Mühlbauer, (1997) for example. 

These steps are taken from and given in more detail by (Carlson, 1996). However, these general steps 

were considered when approaching the modelling in this study. The only modification was conducted 

on the binary parameters regression and selection, which is expanded on in Chapter 5. The pure 

component parameters for the models used in this study for the PR, CPA, and PC-SAFT EoS can be 

found in Appendix B. The binary parameters determined can be found in Chapter 4. The algorithm used 

for the regression of these parameters is presented in appendix A.   

2.8. Methods used to determine the suitability of models 

To determine which property model was most accurate in representing the experimental data after 

model regression, two comparisons are used in this work to evaluate the property method fit to the 

experimental data.  

The average absolute deviation (AAD) was used to measure deviation for various properties:  
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(2.15) 

Where 𝜃 is the evaluated properties, and i is the data index and N is the number of data points.  

The Absolute Average Relative Deviation (AARD)  
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Where 𝜃 is the evaluated properties and i is the data index and N is the number of data points.  
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Chapter 3: Experimental Equipment and Methodology 

This chapter presents the equipment used to conduct HPVLE experiments in this work as well as the 

methodology. The validation of the accuracy of the devices used in the measurements, experimental 

techniques and the purity checks of chemical components are discussed. The equipment, materials and 

methods employed during the study is presented. The information presented in this chapter is extracted 

and based on the research work from several investigative studies performed in the Thermodynamics 

Research Unit, such as (Nelson and Ramjugernath, 2017), (Nelson et al., 2021) and (Zvawanda, 2022 

c) 

 

3.1. Section of experimental methods 

The difficulty in obtaining HPVLE experimental measurements is a major reason for the shortage of 

reliable data in the literature. This is due to several reasons that usually make such endeavours costly 

and time-consuming. To obtain accurate and reliable results, temperature and pressure must be 

accurately controlled or measured, and there must be no contamination during experimental runs and 

precise measurements/establishment of compositions of components at equilibrium in the phases. It is 

difficult to maintain pure liquid feed components such as methanol and TEG as they are hydrophilic, 

absorbing atmospheric water, and thus must be dried and their water content established prior to 

measurements. In addition, loading relatively small amounts of individual components/low molecular 

weight components makes achieving accurate mixture composition preparations difficult. 

 

 The verification systems selected in this work require singular and binary liquid mixture preparation, 

while the new systems involve ternary liquid systems. These mixing procedures necessitate great care 

and patience to ensure no air or liquid contamination occurs during preparation and filling. Therefore, 

the vacuum condition must be maintained during the loading process to prevent air contamination. 

Similar consideration and care must be taken for the preparation and loading of the singular and ternary 

gas mixtures. For the equilibration establishment measurements at high pressure, a great deal of care 

and patience must be taken to ensure accurate results. Due to the complex behaviour of high-pressure 

multi-component systems, inaccuracies must be prevented, and deliberate and repeatable procedures 

are required. Considering these difficulties, the following equipment and procedures were adopted as 

these were developed to ensure a reliable and accurate set of experimental results.  
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3.2.  Experimental Equipment 

3.2.1. Equilibrium cell  

The central piece of the HPVLE apparatus is the equilibrium cell which was commissioned at the 

Thermodynamic Research Unit and supplied by Rayotek Scientific Inc. Figures 3.1 and 3.2 depict a 

schematic of the equilibrium cell and all relevant components. The multicomponent mixtures are 

charged within this cell, and phases reach equilibrium at a constant temperature. The cell comprises a 

hollow cylindrical sapphire tube, two stainless (SS) 316L steel flanges and several smaller components.  

 

The equilibrium chamber comprises a synthetic sapphire tube (55mm outer diameter (OD), 32 mm inner 

diameter (ID), and a length of 70 mm, supplied by Rayotek Scientific Inc. (Zvawanda, 2022c). The 

sapphire is transparent, allowing for clear observation of the cell contents (or phases) within, making 

the observation of the bubble point possible. In addition, due to its material, thickness and cylindrical 

shape, the sapphire tube can handle extremely high pressures of up to 25 MPa (Zvawanda, 2022c).  

 

The two stainless steel flanges are placed at either end of the cylindrical sapphire tube and are secured 

using two shoulder bolts with lengths of 122 mm and a shoulder size of 64 mm. These shoulder bolts 

are tightened using eight M8 nuts, where four are found on each of the flanges. The flange itself has a 

width of 99 mm, a height of 76 mm and a side thickness of 20 mm. There is a total of 5 inlet/outlet ports 

on the two flanges which were drilled into the flange body and sealed with 1/8" Valco SS316L 

compression fittings. There is one port on the flange facing the hydraulic side, which allows for the 

injection and removal of hydraulic fluid using an attached valve. On the flange facing the charged 

(mixture in equilibrium) side, there is a total of 4 ports. Two of these ports are used for charging and 

discharging the mixtures using a feeding valve, one was used for the pressure transducer (PT), and the 

final port was plugged. To ensure a hermetic seal between the flanges and cylindrical sapphire tube, 

two polyurethane O-rings of a diameter of 40 mm outer diameter and cross-section of 3.10 mm were 

inserted into grooves within the flanges. These rings were selected due to their high durability, impact 

strength and resistance to high pressures.  

 

A stainless-steel piston is situated within the cylindrical sapphire tube separating the systems and 

hydraulic sides. This piston is moved using hydraulic fluid, which in the case of this study was water. 

A nitrile O-ring is installed in a groove within the piston to ensure no leakage between the hydraulic 

and charged side. This O-ring has an internal diameter of 20 mm and a cross-section of 4 mm, forming 

an airtight seal between the piston and the cylindrical sapphire. The O-rings selected were made from 

nitrile, which has chemical resistant to the components used in this study and is durable enough to 

prevent tears and abrasion damage during experimentation. In addition to this O-ring, a permanent 

teflon ring is placed within another piston groove. This acts as a guide ring that ensures the piston 
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remains stable within the sapphire tube and maintains piston alignment while applying hydraulic force. 

A mixer is placed within the piston which consists of an SS 316L rotary impeller, ball bearings made 

from ceramic and polytetrafluorethylene (PTFE) and a neodymium magnet. This device ensures that 

there is proper mixing within the sapphire tube, enabling faster equilibrium and good mass transfer 

between the respective components. The internal mixer is rotated using an external magnet connected 

to a DC motor placed directly above the equilibrium cell. Finally, roughly three rolls of 12 mm wide 

and 0.05 mm thick thread tape are placed around the cylindrical sapphire which makes contact with the 

steel flanges. This protects the sapphire's edges from chipping during assembly, which would affect the 

cell's integrity.  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 3.1 Side view Schematic of Equilibrium cell used for HPVLE measurements. Drawn by R 

Raghunanan. A: Pressure transducer, B: Swagelok ball valve, C: Equilibrium chamber, D-Piston, E- 

Flange, F: Stirrer, G:M8 Nut, H: M8 Shoulder bolt. 
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Figure 3.2 Front view Schematic of Equilibrium cell used for HPVLE measurements. Drawn by R 

Raghunanan. A: SS 316 Plug, B: Swagelok ball valve, C: Pressure Transducer, D: Mounting bracket, 

E- Front side of the flange 

 

3.2.2. Temperature and pressure measurement devices  

Two Pt-100 Ω temperature probes were used to monitor the temperature around the equilibrium cell 

(within an isothermal bath), which was assumed to be the temperature within the cell upon sustained 

thermal equilibrium. The total length of each probe was 35 cm.  

 

One pressure-transmitter model, P-10 from WIKA was used to monitor the pressure within the 

equilibrium cell. This transmitter is attached to the equilibrium cell using a stainless-steel tube 

connected to one of the ports drilled into the flange. The pressure transducer range was 0-35 MPa gauge. 

The transducer had a supplier-rated accuracy of 0.05% of full scale (FS). 
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The pressure and temperature devices are connected to an Agilent model 34970A data logger, which 

tracks the signals from these devices and converts these signals into usable temperature and pressure 

readings. The data logger was connected to a computer (Dell I7) which uses specified software to 

translate these data readings into various figures, graphs and tables.  

 

A temperature bath was used to regulate the temperature of the equilibrium cell. This consists of a bath 

(length 49 cm, width 36 cm and height 30 cm) filled with roughly 20 dm2 of water, which was heated 

or cooled using a Grant Optima TX 150 temperature controller. The water acts as a heat transfer medium 

and ensures a stable temperature during experiments while the equilibrium cell is submerged. Water 

was selected as the heat transfer medium due to the temperatures considered in this work being well 

within water’s melting and boiling points and because the colourless nature allowed for ease of viewing 

of the submerged equilibrium cell. 

 

3.2.3. Auxiliary devices 

3.2.3.1. Syringe Pump  

The syringe pump used was a model 100DX ISCO pump. This device pumped water into the hydraulic 

side of the equilibrium cell. Carefully adjusting the settings allowed for a gradual increase in pressure 

while ensuring the system was in equilibrium. The 100DX has a minimum flow rate of 0.01 μl/min and 

a flow accuracy of ±0.3% of the set point. This relatively small flow rate allowed for the piston's gradual 

movement, reducing the volume within the system side of the cell and thus increasing the pressure. This 

allowed for the gradual change of pressure as the system moves towards the bubble point. 

 

3.2.3.2. Mass Balance  

An Ohaus model PA4202C mass balance was used to measure the mass differences of the equilibrium 

cell when empty, charged with a liquid, and charged with the gas and liquid. This measuring device had 

a maximum capacity of 4200 g and a standard uncertainty of 0.01 g. An Ohaus model PA423C mass 

balance was used when preparing the binary and ternary liquid mixtures, as it has a higher measurement 

resolution and allows for improved precision. These measuring devices allowed for the determination 

of mass values and, thus, the mole fraction of the synthesized mixtures within the equilibrium cell. This 

balance had a maximum capacity of 420 g and a standard uncertainty of 0.001 g. 



36 

 

 

 

Figure 3.3 Internal Schematic of the apparatus used for HPVLE measurements. Drawn by R 

Raghunanan. A: Grant Optima TX 150 Temperature controller, B: Agilent Model 34970A data 

logger, C: Pressure transducer, D-External rod, motor and magnet, E- Equilibrium cell, F: Model 

100DX Syringe pump, G: Pt-100 Ω stainless steel temperature probes (T102 & T104), H: Water Bath. 

This figure depicts the overall experimental set-up during HPVLE measurements. 

 

3.3. Experimental Procedure  

3.3.1. Temperature Calibration 

Temperature calibration is an essential step in ensuring accurate and reliable temperature results. Thus, 

the two Pt-100 Ω temperature probes used in the experiment were calibrated to ensure the results were 

accurate to the actual temperature within the water bath. To conduct this calibration, a temperature 

standard was required. This acted as a known value to compare to the experimental given by the PT-

100 probes. The device used for the standard was a WIKA CTH6500. The temperature was regulated 

using a WIKA CTB9100 stirred liquid bath. The liquid bath uses silicone oil (M20) as the medium for 

heating and cooling. The two Pt-100 probes and the WIKA CTH6500 standard probe were submerged 

in the oil at roughly the same depth, ensuring minimal temperature differences. The temperatures were 

selected at the lowest value of the device range of 273.15 K and were adjusted in increments of 10 K 

until the maximum temperature of 333.15 K was achieved. This process was repeated from the 

maximum temperature of 333.15 K down until the minimum temperature value of 273.15 K. Between 

temperature measurements; the system was allowed to stabilise until the temperature reflected by the 



37 

 

standard and probes were constant for over 10 minutes. At that point, the temperature of the Pt-100 

probes and WIKACTB9100 temperature standard were recorded.  

Upon completion of the measurement of all temperature values, a first-order linear equation and a 

second-order polynomial equation were used to perform the calibration. The equation with the better fit 

was used as the calibration equation for the Pt-100 probes labelled T102 and T104.  

 𝑌 = 𝑚𝑋 + 𝐶 

 

(3.1) 

 𝑌 = 𝑙𝑋2 + 𝑚𝑋 + 𝐶 

 

(3.2) 

In the above equations, Y represents the newly calculated temperature, m represents the coefficient of 

𝑋, C represents the y-intercept, and 𝑙 represents the coefficient of 𝑋2. The 𝑋 represents the temperature 

observed by the probes, which, when inputted into the calibration equation, would give the calibrated 

temperature reading. The values for the calibration equations were determined using the LINEST 

function found in Microsoft Excel. This function performs the calculation by implementing the “least 

squares” method to find the best-fit equation for both a linear and polynomial equation. This calibration 

was performed before the test system experimental run, and checked periodically throughout the 

different experiments, as the temperature probes are sensitive to external damage, which could have 

affected the internal resistance of the probes and the accuracy of the resultant readings. The uncertainty 

determinations can be found in Appendix C  

 

3.3.2. Pressure Calibration 

Pressure calibration is essential in verifying that the pressure reflected by the device is the same as the 

pressure exhibited within the equilibrium cell. The device calibrated was the P-10 pressure transmitter 

with an operational range of 0-35 MPa. The device used as the standard for the pressure calibration was 

a CPC Mensor 8000 high-end pressure controller and standard. To perform the calibration, the 

equilibrium cell was prepared as it served as the pressurised vessel. The CPC Mensor 8000 was 

connected to a nitrogen (N2) gas cylinder via the supply port, which pressurised the equilibrium cell via 

the control inlet on the CPC Mensor 8000. The P-10 pressure transmitter was located on the cell, sending 

a signal via the data logger to a nearby personal computer. The CPC Mensor 8000 results were captured 

via the result display. The calibration was conducted over the selected pressure range of HPVLE 

measurements (0-16 MPa). The pressure was initiated at 0 MPa absolute and was increased in intervals 

of 1MPa until 16MPa and reduced back to 0 MPa. The adjustment of the nitrogen gas cylinder 

controlled this increase and decrease. In between these intervals, the system was allowed to stabilise 

before any data was captured. 
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The calibration was conducted similarly to the temperature calibration, with increasing and decreasing 

increments, equilibration time and stabilization time. Similar equations to equations 3.1 and 3.2 were 

used for the first-order and second-order polynomials, and the same calculation process was used to 

determine the calibration.  

 

3.3.3. Chemical Property and Composition Purity tests 

Identifying and reporting the purity of the chemicals used for HPVLE measurements is of the utmost 

importance. Minor impurities from the supplier or via contamination can significantly impact the final 

results; hence the uncertainty introduced by impurities must be quantified. Several tests were conducted 

to verify chemical purities where possible. Tests included gas chromatography and property tests such 

as density, refractive index and vapour pressures. These were compared with known literature values 

to determine if the manufacturer's stated purities were accurate and whether the product is usable. These 

results can be found in Chapter 4.1.  

 

3.3.3.1. Gas Chromatography  

Gas chromatography involves the vaporisation of injected components through an adsorption column 

at a fixed temperature, pressure and flowrate, which registers the different components as peaks based 

on variations in their thermal conductivity (in this case). The instrument used in this work was a Gas 

Chromatogram (GC)-2010 plus supplied by Shimadzu. The GC was fitted with a Zebron capillary 

column of length 60 m and diameter 0.3 mm. This was used for all experimental system analyses. When 

used correctly, the various components of a mixture are represented as unique peaks. However, it is 

important to identify suitable analysis conditions so that peak separation occurs within the gas 

chromatograph, and the mixture components can be uniquely identified. For components that are 

assumed to be as close to pure as possible, only one prominent peak should be visible, as the peak area 

correlates with the sample purity. A specific amount was injected into the GC for all components used, 

namely 1 μl for liquids and 0.25 ml for gases. It should be noted that the peak area ratio is not the same 

as the composition of a component. However, if the peak area ratio is high enough and no other major 

peaks are present, the component tested is assumed to be of high purity. Components of 99% relative 

peak area were considered useable for this experiment, with any values below this amount requiring 

more testing or impurity identification. 

  

Impurity identification was required in this work for an assumed pure propane cylinder with significant 

methane and ethane contamination that was procured from a reputable supplier. To characterise the 

mixture accurately, a calibration was conducted using known pure gases (methane, ethanol, and 

propane). When injected into the GC, these gases gave peak areas that were in proportion with the 
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number of moles injected. These ratios were used to determine each component's number of moles and, 

thus, the gas mixture's overall composition. This allowed for the determination of the composition 

shown in Chapter 4.1  

 

3.3.3.2. Density  

The densities of the liquids used in this work were measured using an Anton Paar DSA5000m 

densimeter. The densimeter has a measuring range of 0-3 g/cm3 at 25oC and standard uncertainty of 

0.000005 g/cm3 for density and 0.01 K for temperature. The response to changes in vibrational period 

of an internal U-tube within the densimeter when filled with the liquid sample, indicates the liquid 

density. As this vibration is induced, the tube's resonant frequency changes depending on the liquid 

density within the tube. Before testing began, the device was cleaned using acetone as a solvent, as the 

components tested were soluble in acetone. Once cleaned, the tested liquid was flushed into the inlet 

tube three times before results were taken, ensuring no residue remained. Once the system was prepared, 

a syringe of the liquid component was injected into the inlet. It was ensured that no air bubbles were 

present as this would cause inaccurate results. Once determined, the density was recorded, and steps 

were repeated two to four times, ensuring a reproducible result.  

 

3.3.3.3. Refractive index  

The refractive index was determined using an Atago-Rx7000a refractometer. The Atago-Rx7000a 

determines the refractive index of a liquid by measuring the change in direction that light undergoes 

while passing through the liquid. Before testing, the device was cleaned with acetone as a solvent as all 

the components tested were soluble within it. The tested liquid was loaded using a syringe which 

covered the lens of the device. The device then yielded the refractive index reading at a set temperature, 

and this procedure was repeated two to four more times to ensure repeatability. All liquid components 

of this study were tested at 25oC with a standard uncertainty of 0.0001 nD and 0.0002 K.  

 

3.3.3.4. Vapour pressure measurements of gases and purchased gas mixtures 

Pure component vapour pressure data are typically available for common components and is a useful 

verification method of component identity and purity. If any impurities are present within a gas or liquid 

component, it will affect the experimental vapour pressure when compared to the available literature. 

For this reason, any significant deviations in the measured vapour pressure from the literature, would 

indicate an impurity and warrant further testing.  

 

The vapour pressure experiments for the gases used were conducted with the equilibrium cell used in 

the HPVLE experiments for this work. The cell was cleaned, leak-tested and evacuated before any 
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loading could begin. The gas was loaded into the equilibrium cell at high pressure, ensuring a liquid 

phase formed. If the gas struggled to form a liquid phase, the equilibrium cell was placed in an ice-

water bath to lower the equilibrium chamber's temperature, assisting in forming a liquid. Once loaded 

with the gas-liquid mixture, the equilibrium cell was submerged inside the isothermal water bath. The 

pressure and temperature readings were observed using the Agilent device, and a two-phase region was 

ensured. The temperature of the water bath was kept constant while the pressure of the equilibrium 

chamber was monitored. Once stable, the pressure was recorded, and the temperature was adjusted to a 

new temperature. This process was repeated over a range of temperatures and multiple readings were 

taken to ensure repeatability.  

 

The vapour pressure of methane was not determined due to equipment range limitations. 

 

3.3.3.5. Liquid degassing and vapour pressure measurements 

It is common for residual gases to dissolve into a liquid over time or for volatile impurities produced 

during chemical manufacture to dissolve in the bulk of less volatile liquids. These dissolved gases affect 

the vapour pressure measurements of the liquid due to their high volatility. For this reason, before 

vapour pressure measurements were conducted, the liquid samples used were degassed. The degassing 

procedure was performed as follows:  

An isothermal bath was filled using a 1:1 mixture of anti-freeze and water controlled by a PolyScience 

temperature controller set to approximately 263.15 K. This mixture is circulated through a glass 

Vigreux-type column with condenser. Below the condenser, a 250 ml round bottom flask holding 

roughly 75ml of the testing liquid is attached via a metered Teflon plug to a Vigreux-type column and 

a vacuum pump. Once the glass column was evacuated, the Teflon plug was partially opened, allowing 

vacuum conditions within the flask. Over time the testing liquid and dissolved gases evaporated. The 

condenser ensured the testing liquid would condense back into a liquid but that the volatile impurities 

were removed by venting the gases. This process required approximately 45 minutes to complete, with 

the higher boiling point components taking longer to degas. The liquid vapour pressure measurements 

were conducted using a static non-visual cell constructed from stainless steel with a volume of 70 cm3. 

Details of a similar experimental device is reported in (Naicker, 2017). 
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Figure 3.4 Dimensions for the Liquid vapour pressure cell (extracted from Naicker, 2017) 

 

This cell was cleaned using the solvents ethanol and acetone to remove any residual liquids and 

subsequently dried and evacuated, ensuring vacuum conditions within the cell. Leak tests were 

conducted by monitoring the internal pressure of the cell. No leaks were observed when there were no 

changes in the cell pressure during vacuum conditions. Approximately 50 cm3 of degassed liquid was 

loaded into the cell while ensuring vacuum conditions were maintained within the system. The pressure 

and temperature were monitored using a 0-100 kPa pressure transducer and one Pt-100 probe 

temperature probe attached to the equilibrium cell. During the vapour pressure measurements, the cell 

was submerged in a glycol-water mixture with a Grant TX temperature controller, which regulates the 

temperature of the bath and, in turn, the cell's internal temperature. Equilibrium within the cell was 

assumed when the temperature and pressure readings were stable for an additional 30 minutes; these 

measurements were then recorded. The temperature measurement range were limited to this study's 

experimental range, which was 303-323 K. The calibrations and uncertainties were used from recently 

conducted experiments using the equipment found in (Zvawanda, 2022 c). 
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Figure 3.5 Schematic diagram of liquid vapour pressure equipment. Redrawn and modified from 

(Naicker, 2017). 

 

3.3.4. Methanol moisture content 

Methanol is hydrophilic, meaning it naturally attracts water molecules. As a result of this, methanol 

used in the experiments would theoretically absorb water from the atmosphere over time, diluting the 

purity of the methanol used. In order to accurately determine the moisture content of the methanol, a 

Karl Fischer C10S device was used for titration. This device monitors the electrical current within a 

methanol sample and uses a reagent which reacts with water to form a non-conductive chemical. In this 

test, the reactant was Karl Fischer electrolyte A. The procedure involved testing a sample of methanol 

where the device would automatically titrate the correct amount of reactant and determine the moisture 

content of the methanol. The device has a repeatability of 0.3% at > 1mg of water. 

 

3.4. Cell preparation 

Before any testing began, it was necessary to check that the equilibrium cell was free from 

contamination (refer to Figures 3.1-3.3). The smallest droplet or stain of any substance can compromise 

the final results’ accuracy by altering the loaded mixture’s composition. The equilibrium cell was 

dismantled to ensure this by removing the four bolts holding the respective flanges together. In addition, 

the piston, two polyurethane rings and magnetic stirrer were removed and separated. The pressure probe 
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was removed and checked for any liquids making its way into the probe. This is especially necessary 

when highly viscous fluids such as TEG were measured in the preceding run. Once fully dismantled, 

the flanges, piston; magnetic stirrer and cylindrical sapphire tube were washed with acetone. Acetone 

was chosen as the solvent used as all chemical components used are soluble in acetone, and it quickly 

evaporates from the equipment. It is also chemically compatible with all of the materials used in the 

construction of the device. Ethanol was used for cleaning the two polyurethane rings as acetone can 

wear down the rings over time. Subsequently, all the components are wiped using paper towels and 

blow-dried using compressed air. When TEG was used, the flanges, piston and magnetic stirrer were 

washed a second time as TEG was more challenging to remove due to its high viscosity. This is 

especially important as the flanges have numerous valves and fittings attached where TEG residues 

could remain. Before reassembly, the nitrile O-ring on the piston was replaced, and roughly three layers 

of polytetrafluoroethylene tape were applied to the edges of the cylindrical sapphire tube. Finally, the 

two polyurethane rings were inserted into the flanges, and the two halves were secured using the four 

bolts.  

 

One of the major concerns in conducting any VLE experiment is sealing of the equilibrium cell. A 

minor leak will disturb the equilibrium in the cell as well as slowly change the composition of the 

components. In addition, a leak on the hydraulic side of the cell will make it difficult to maintain a 

constant compression pressure. For this reason, a leak test was conducted before every experimental 

run. The equilibrium cell was charged with 10 MPa of N2 gas, and a surfactant solution was applied to 

all the nuts, O-ring points and valve connections. If any large bubbles were formed, the cell was 

dismantled, cleaned and reassembled with the problem area being tightened. If smaller bubbles were 

formed, the specific nut or valve was tightened until the leak stopped. Each area was exposed to the 

surfactant for roughly 10 minutes to ensure no bubbles formed. Once no leaks had been observed, the 

cell was evacuated, and any remaining liquid was removed using paper towels, compressed air and 

heated air from a blow dryer. It is imperative that all liquid is removed from the outside of the cell as 

this could affect the equilibrium cell's mass during composition measurements. The final step taken to 

prepare the cleaned and tested cell was to evacuate the cell for roughly 15-20 mins on both the hydraulic 

and system sides. This removed residual gases from the cleaning and leak testing procedures while also 

creating vacuum conditions within the cell.  

 

3.5. Liquid Mixture Preparation 

The binary liquid mixture preparation was identical to the method used by (Zvawanda, 2022 c) for 

preparing mixtures. The technique involved using two glass round bottom flasks with high vacuum 

valves. Each of these flasks were vacuumed to remove any residual air using the vacuum pump. After 

that, a predetermined amount of the degassed liquid components was loaded into each cell using the 
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measuring scale to determine the weight composition. These two glass flasks were loaded with pure 

components, placed under a vacuum, and remeasured to determine the amount of pure liquids. These 

two round bottom flasks were thereafter attached using a T connector with an incorporated valve. The 

flask with the lower viscosity component was placed above the other to ensure the easiest mixing. The 

T connector was placed under a vacuum using a vacuum pump to ensure no residual air would enter 

either flask. Thereafter the high vacuum valves were opened, allowing the top liquid to mix with the 

liquid of the bottom flask. The top flask was shaken slightly to allow as much of the top liquid to enter 

the bottom as possible. At this point, the bottom flask contained the system liquid mixture. The bottom 

flask was disconnected from the T- piece fitting and measured on the Ohaus PA423C measuring scale. 

The new weight of the flask was used to determine the composition of the mixture.  

 

For ternary liquid mixtures, the process is similar, where the binary liquid mixture prepared as described 

above is mixed with the third component using the same procedure. 

 

3.6. HPVLE Measurements  

 

The HPVLE measurements were the basis of this study and followed the following procedure:  

 

  The equilibrium cell was subjected to the above-mentioned procedure for cell preparation and 

was in a state of vacuum. Before any loading, the mass of the evacuated cell was measured and 

documented. 

  The pre-made liquid component or mixture was loaded into the equilibrium cell via the ball 

valve found within the flange. The round bottom flask was connected to this valve using a 

connector, and once secured, the valve was opened, filling the cell. Once emptied, the ball valve 

was closed, and the round bottom flask removed. The cell mass was measured and documented.   

 The gas component was added to the cell by connecting the gas line from the component 

cylinder to the top loading valve on the equilibrium cell. Before this connection is made, the 

gas line was purged, ensuring no air was trapped within the line. The cell was then filled with 

gas until the desired pressure. The valve was closed, and gas line removed. The mass of the 

completely loaded cell was then measured for a final time.  

 Once fully loaded, the cell was attached to a mounting bracket. The water bath was lowered 

using a car jack and the cell using the mounting bracket was suspended over the water bath. 

Thereafter the attachments for the syringe pump model 100DX (ISCO) and pressure transducer 

were attached to the cell. Finally, the temperature probes were moved into place and the water 

bath was raised, submerging the cell in water.  

 The cell was then within the water bath and the temperature controller was set to the first 
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experimental temperature. In addition, the magnetic drill with the neodymium magnet was 

placed above the cell and turned on, allowing the magnetic stirrer to start moving.  

 During this process, a program monitored the temperature and pressure readings. Once the 

temperature and pressure had stabilized within the cell, the syringe pump was turned on at a 0.1 

cm3/minute until only a few bubbles were left. 5 minutes were allowed for stabilisation.  

 If no bubbles were left, the system was refilled at a rate of 0.05 cm3/ minute until the first bubble 

is observed. Thereafter the syringe pump was set to deliver 0.01 cm3/minute of water until the 

bubble disappears. The bubble must be observed closely; once it disappears, the temperature 

and pressure are recorded.  

 The stabilization, refilling and delivering process is repeated until 3 data points were captured. 

This is done to ensure repeatability of the equilibrium point. 

 If multiple isotherms were required, the temperature controlled was changed, and the process 

was repeated for the new isotherm. 

 Once testing was completed the syringe pump was completely refilled. The water bath was 

lowered, and the spinning drill, pressure and syringe pump attachments were removed. The cell 

was removed from the water bath and detached from the water bath.  

 The cell's contents were evacuated safely and cleaned according to the above-mentioned cell 

preparation procedures.  

 

3.7. Safety and Hazards 

Experiments must take into consideration the safety and hazard concerns when conducted. 

Measurements on the high-pressure equipment were conducted at X bar and many components were 

highly flammable. Thus, several good practice safety procedures were followed. 

 

3.7.1. MSDS  

The MSDS for the following components: TEG, methanol, water, methane, carbon dioxide and propane 

can be found at (Software, 2023). These MSDS give a background for the component's safety 

considerations, such as hazards, health effects, etc. These were provided by the manufacturers and 

consulted when conducting the following experiments. The table below highlights the primary 

considerations for each component:  
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Table 3.1    MSDS summary for components used in the experiments (Software, 2023) 

Component Hazards Health effects Storage and Handling Disposal methods 

Methane 

(Gas) 
 Extremely 

Flammable gas 

 Contains gas 

under pressure 
which can 

explode if 

heated. 

 Suffocation is 

possible in a 

poorly ventilated 
room 

 Within a Pressurized 

container. 

 Handle with gloves 

and eye protections 

 Should only be 

dispelled in a 

well-ventilated 
room. 

 

Ethane 
(Gas) 

 Extremely 

Flammable gas 

 Contains gas 
under pressure 

which can 

explode if 
heated. 

 Suffocation is 

possible in a 
poorly ventilated 

room 

 Within a Pressurized 

container. 

 Handle with gloves 
and eye protections 

 Should only be 

dispelled in a 
well-ventilated 

room. 

 

Propane 

(Gas) 
 Extremely 

Flammable gas 

 Contains gas 

under pressure 

which can 
explode if 

heated. 

 Suffocation is 

possible in a 

poorly ventilated 

room 

 Within a Pressurized 

container. 

 Handle with gloves 

and eye protections 

 Should only be 

dispelled in a 

well-ventilated 

room. 
 

Carbon 
Dioxide 

(Gas) 

 Contains gas 

under pressure 
which can 

explode if 

heated. 

 Suffocation is 

possible in a 
poorly ventilated 

room 

 Within a Pressurized 

container. 

 Should only be 

dispelled in a 
well-ventilated 

room. 

 

TEG 
(Liquid) 

 Not considered 

Hazardous. 

 No major health 

effects. 
Typically, safety 

measures should 

be taken. 

 Store in an airtight 

container within a 
cold, dry and well-

ventilated room. 

 Handle with gloves 

and eye protections 

 Should be 

disposed of in 
accordance 

with local 

regulations 

Methanol 
(Liquid) 

 Flammable 

liquids 

 Toxic if 
exposed to 

skin, eyes and 

ingested. 

 Can cause eye 

irritation. 

 Can cause skin 
irritation. 

 If swallowed 

organ damage 

can occur. 

 Store in an airtight 

container within a 
cold, dry and well-

ventilated room 

 Handle with gloves 

and eye protections 

• Should be 
disposed of in 

accordance with 

local regulations 

Water 

(Liquid) 
 Not considered 

Hazardous 
 No major Health 

effects 
 Store in an airtight 

container within a 

cold, dry and well-

ventilated room 

 

 Should be 
disposed of in 

accordance 

with local 

regulations 
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3.7.2. Precautions and safety measures  

The hazards mentioned above are accounted for using several safety procedures and equipment. These 

considerations prevented the main hazards of toxic exposure, asphyxiation and flammable ignition.  

3.7.2.1. Toxic Exposure  

There were a number of PPE requirements that minimized the risk of toxic contact. These included lab 

coats, gloves and protective eyewear. In addition, steel-toed boots were worn to protect against falling 

objects. Contaminated disposable syringes and beakers were carefully handled and immediately 

disposed or cleaned during the cell preparation steps. During this cleaning process, excess liquids were 

poured into an airtight container for disposal. Finally, in the event of exposure there was an eye wash 

station, shower station and medical kit within a close distance. 

3.7.2.2. Asphyxiation 

For the loading of gases these were conducted within a well-ventilated room with constant venting to 

extractors, with the unit housed in a dedicated fume station, with shielded Perspex doors. During the 

disposing of the gases, this was done underneath a ventilator allowing the component gas to be safely 

released. Gas cylinders were stored correctly in chain-secured banks, with safety valves preventing any 

accidental leaks. Finally, gas masks were available in the event of an emergency which would be 

detected by the available oxygen detectors.  

3.7.2.3. Ignition  

There were no open flames allowed within the laboratory environment. In addition, there were 

sprinklers which would be enabled if the smoke detectors detected combustion. Finally, there were fire 

extinguishers which were close to the experimental area, and the experimentalist was trained in fire 

safety protocol. 

These safety measures prevented any major incidents during the course of the experimental work and 

allowed for a successful and safe experimental period.  
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Chapter 4: Results and Discussion  

 

The results of the high-pressure vapour liquid equilibrium experiments with validity of the measuring 

devices and purity of components are presented in this chapter. The results of the thermodynamic 

modelling for the verification measurement tests and novel multicomponent systems are also presented 

and discussed. These systems were modelled using the Cubic Plus Association (Kontogeorgis et al., 

1996), Perturbed Chain Statistical Associating Fluid Theory (Chapman et al., 1989), and Peng and 

Robinson equations of state (Peng and Robinson, 1976).  

 

As mentioned, the verification (test) systems measured were: 

1) TPx data for the methane + methanol system at 303.15 K in the approximate pressure range of 

2 to 13 MPa 

2) TPx data for the carbon dioxide + (water + TEG) (3.5 water, 96.5 TEG mass%) system at 

322.04 K in the approximate pressure range of 0.8 to 7 MPa 

 

The two novel systems measured were:  

1)  TPx data for methane + (TEG + water + methanol) (91.83 TEG, 4.83 water, 3.33 methanol 

mass%) at 303.15 K, 313.15 K and 323.15 K in the approximate pressure range of 1 to 5.03 

MPa 

2) TPx data for propane + ethane + methane (96.10 propane, 0.22 ethane, 3.68 propane mass%) + 

TEG + water + methanol (91.83 TEG, 4.83 water, 3.33 methanol mass%) at 303.15 K, 313.15 

K, 323.15 K in the approximate pressure range of 2.25 to 12.27 MPa  

 

4.1. Chemical properties and tests  

The chemicals used in this study and their respective details are presented in Table 4.1. This includes 

the supplier details, CAS numbers and supplier stated purities. In addition, the conductivity for the water 

used is presented in Table 4.1. the conductivity of water was acceptably low at 0.063 (μs.cm-1) at 28 oC 

classifying the water as ultra-pure. In Table 4.2, the results of the various purity tests are provided. This 

consists of the GC relative peak areas of all components used and the physical properties (refractive 

index and density) for the liquid components used in the study. The comparison between the literature 

and experimental data for these properties shows minimal deviation within the experimental 

uncertainties of the measurements. Literature and experience were used to determine the ideal 

conditions for finding possible impurities in the components studied. As this ensured proper separation 

of the respective components during GC testing. This included variations of the temperature and inert 

gas flow where GC peaks seemed to overlap (McNair, Miller and Snow, 2019).  
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For the liquid components, the GC relative peak area %, though not a direct representation of the 

component purity, strongly indicates if significant impurities exist in the chemical considered, provided 

these impurities can be detected by the same column GC conditions. The operating conditions of the 

GC were crucial as this would ensure the separation of the components and thus an accurate 

characterization of the mixture components. In this case, the GC peak area values above 99% indicate 

the high purities of the chemical used. As can be seen, a discrepancy was detected between the supplier 

stated purity for propane, and the experimentally determined value found in Table 4.1 and 4.2 

respectively. The details of this were be discussed in section 3.3. The results for methanol moisture 

content using the Karl Fischer titration are also presented in Table 4.2. Methanol is a hydrophilic 

compound and thus actively absorbs water from the atmosphere. This moisture content of the methanol 

was measured and found to be very acceptable after drying with molecular sieve, allowing the methanol 

to be used at a moisture content of 0.073%.  

Table 4.1 Details of the chemicals used in this study. 

 

 

 

 

 

 

Component Supplier CAS 

number 

Supplier stated 

purity (mass 

fraction purity) 

Water 

conductivity 

(μs.cm-1) at 28oC 

2,2’-( ethane-1,2- 

diylbis(oxy))diethanol) 

or Triethylene Glycol 

(TEG) 

Sigma-Aldrich 112-27-

6 

99 N/A 

Methanol (CH3OH) Merck 67-56-1 99.9 N/A 

Water (H2O) distilled, 

deionized 

Processed by ELGA 

Purelab Option-Q 

apparatus 

7732-

18-5 

N/A 0.063 

Carbon dioxide (CO2) Afrox 124-38-

9 

99.9 N/A 

Methane (CH4) Air Liquide 74-82-8 99.5 N/A 

Propane (C3H8) Afrox 74-98-6 99.7 N/A 
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Table 4.2 Purity checks for the chemicals used in this study.  

Component GC Peak 

Relative Area % 

Density(ρ) 

g/cm3 at 25oC 

Refractive 

Index (nD) at 

25oC 

Moisture 

Content (%)* 

Exp Exp1 Lit Exp2 Lit Exp3 

Water 99.942 0.997124 0.9971a 1.33239 1.33306d - 

TEG 99.101 1.122623 1.1225b 1.45419 1.4559e - 

Methanol 99.545 0.787151 0.7866c 1.32823 1.3265d 0.073 

Methane 99.990 - - - - - 

CO2 99.584 - - - - - 

 

Propane mixture 

Propane/ethane/methan

e 

90.409/0.

304/9.287 

- - - - - 

a: (Moosavi and Rostami, 2017); b:(Rastorguew and Gazdiev, 1969); c:(Yang et al., 2015); d:(Haynes, 

2014); e:(Zvawanda et al., 2022b). 

1: Anton Paar DSA5000m and uncertainty: 0.000005 g/cm3; 2: Atago-Rx7000a and uncertainty of 

0.0001 nD; 3: Karl Fischer C10S and repeatability of 0.3% a > 1mg of water  

 

4.2. Calibrations 

The calibration of experimental equipment ensures reliable and accurate measurements. For this study, 

the necessary calibrations were for the pressure and temperature measuring devices, as the composition 

of the phases at equilibrium was not determined by sampling. 

 

4.2.1. Temperature Calibrations 

The two Pt 100 stainless steel probes were calibrated for use in the HPVLE apparatus. The procedure 

for this was described in Chapter 3.2.1. Table 4.3 depicts the calibration results and maximum 

deviations from the second-order trend, while Figures 4.2 and 4.3 depict the relationship between the 

temperature standard and the respective probes (T102 and T104). The Pt 100 stainless steel temperature 

probes were calibrated between 273 K and 333.15 K as this encapsulated the selected VLE measurement 

range of this study. These probes both exhibited a maximum deviation of approximately 0.043 K, and 

maximum expanded uncertainty of 0.050 K. 
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Table 4.3 Calibration polynomials for temperature probes T102 and T104a 

Probes Correlation R2 value ∆T(max) (K) 

T102 Y = -0.000027x2 +1.003x-3.124 R2=1.000 0.043 

T104 Y = -0.000022x2 +1.005x-1.990 R2=1.000 0.043 

 

 

Figure 4.1 Deviation between the standard temperature and the calibrated temperature of T102. 
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Figure 4.2 Deviation between the standard temperature and the calibrated temperature of T104. 

 

4.2.2.  Pressure Calibrations 

The single WIKA P-10 pressure transducer was calibrated for use in the HPVLE apparatus. The 

procedure for this was described in Chapter 3.2.2. Table 4.4 depicts the calibration results and maximum 

deviations, while Figure 4.3 depicts the relationship between the pressure standard and the respective 

probe. The maximum deviation from the calibration curve was found to be 0.0016 MPa, which is within 

the operating range and accuracy of 0.05% full scale stated for the P-10 Pressure Transmitter (P-122) 

as stated by the supplier. These calibrations allowed for the calculation of the temperature and pressure 

uncertainties by error propagation using the methods of Joint Committee for Guides in Metrology 

(JCGM) as outlined in Appendix A. Thus, the maximum uncertainty was calculated as 0.028MPa for 

the P-10 Pressure transducer. 

 

Table 4.4 Calibration polynomial for pressure transducer P122. 

Probes Correlation R2 value ∆P(max) (101 MPa) 

P122 Y = -0.00000027x2 +1.00x+0.043 R2=1.000 0.016 
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Figure 4.3 Deviation between the standard pressure and the calibrated pressure of P122. 

 

 

4.3. Vapour pressures  

Vapour pressure predictions using the CPA, PC-SAFT and PR equations of state (and the Antoine 

equation for liquids) were conducted to establish the accuracy of the models used in this work in 

predicting pure component VLE. This is a necessary verification before the extension of the application 

of the models to mixture data. These predictions were compared to literature data, as well as to 

experimental vapour pressure measurements performed in this work for selected components. 

Uncertainty calculations and value can be found in Appendix C 
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Figure 4.4 Comparison of vapour pressure data of methanol to literature deviations.; Literature 

(o)(Safarov et al., 2015); Predictions deviations: Antoine (□); CPA (◊); PC-SAFT (∆); PR (X). 

Table 4.5 Experimental and calculated vapour pressure deviation data with experimental uncertainty 

for methanol. 

Texp 

(K)a 

Pexp (MPa)  Uc(P)a 

(MPa) 

∆P 

(MPa)b  

∆P (MPa) 

Antoine 

∆P (MPa) 

CPA 

∆P (MPa) 

PC-SAFT 

∆P (MPa) 

PR 

303.24 0.023 0.0001 0.001 0.001 0.001 0.001 0.002 

313.29 0.037 0.0002 0.001 0.000 0.001 0.002 0.002 

318.06 0.045 0.0002 0.000 0.000 0.001 0 0.001 

323.01 0.057 0.0003 0.001 0.001 -0.001 0.001 0.002 

328.05 0.069 0.0004 -0.001 -0.001 0.000 0.000 0.000 

aUc(T) = 0.04 (K) b(Safarov et al., 2015) 

 

Table 4.6 Pressure deviations from model data for methanol. 

Deviation Literaturea Antoine's CPA PC-SAFT PR 

AAD P(MPa) 0.0008 0.0006 0.0008 0.0008 0.0014 

AARD P (%) 2.05 1.51 2.21 2.30 3.97 

a(Safarov et al., 2015) 
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Figure 4.5 Comparison of vapour pressure data of water to literature. ; Literature (o)(Zhang et al., 

2018); ; Predictions deviations: Antoine’s (□); CPA (◊); PC-SAFT (∆); PR (X). 

Table 4.7 Experimental and calculated vapour pressure deviation data with experimental uncertainty 

for water. 

Texp 

(K)a 

Pexp (MPa)  Uc(P) 

(MPa) 

Plit (MPa)b  P (MPa) 

Antoine 

P (MPa) 

CPA 

P (MPa) 

PC-SAFT 

P (MPa) 

PR 

303.19 0.004 0.00002 0.000 0.000 0.000 -0.001 0.000 

313.31 0.008 0.00004 0.001 0.001 0.001 0.000 0.002 

323.26 0.012 0.00006 -0.001 0.000 0.000 -0.001 0.001 

333.40 0.020 0.0001 -0.001 0.000 0.000 -0.001 0.002 

aUc(T) =0.04(K)  bLiterature: (Zhang et al., 2018) 
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Table 4.8 Pressure deviations from model data for water. 

Deviation Literaturea Antoine CPA PC-SAFT PR 

AAD P(MPa) 0.0006 0.0002 0.0002 0.0006 0.0010 

AARD P (%) 5.17 2.50 2.50 7.67 8.67 

a(Zhang et al., 2018) 

 

 

Figure 4.6 Comparison of vapour pressure deviation data of CO2 to literature.; Literature (o) (Kim 

and Kim, 2005); Predictions deviations: CPA (◊); PC-SAFT (∆); PR (X). 

Table 4.9 Experimental and calculated vapour pressure deviation data with experimental uncertainty 

for CO2. 

Texp (K)a Pexp (MPa)  Uc(P)   

(MPa) 

Plit (MPa)b   P (MPa) 

CPA 

P (MPa) 

PC-SAFT 

P (MPa) 

PR 

282.80 4.47 0.015 0.01 -0.21 -0.19 0.02 

287.92 5.07 0.015 -0.01 0.03 0.02 0.01 

293.04 5.71 0.015 0.00 0.02 -0.03 -0.01 

298.27 6.44 0.015 -0.04 0.05 -0.04 -0.02 

303.19 7.18 0.015 -0.01 0.06 -0.07 -0.04 

aUc(T) = 0.06 (K) bLiterature: (Kim and Kim, 2005) 
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Table 4.10 Pressure deviations from model data for CO2. 

Deviation Literaturea CPA PC-SAFT PR 

AAD P(MPa) 0.0120 0.0620 0.052 0.0120 

AARD P (%) 0.21 1.28 1.05 0.23 

a(Kim and Kim, 2005) 

 

 

 

Figure 4.7 Comparison of literature vapour pressure deviation data of CH4 to model data. Literature 

(o)(Haselden, 1979); Predictions deviations: CPA (◊); PC-SAFT (∆); PR (X). 
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Table 4.11 Literature and calculated vapour pressure deviation data with experimental uncertainty for 
CH4. 

Texp (K) ∆Plit (MPa)a ∆P (MPa) CPA ∆P (MPa) PC-SAFT ∆P (MPa) PR 

112 0.10 0.00 0.00 -0.01 

118 0.17 0.00 0.00 0.00 

124 0.25 0.00 0.00 0.00 

130 0.37 0.00 0.00 0.00 

136 0.52 0.00 0.00 0.00 

142 0.71 0.00 0.00 -0.01 

148 0.95 0.00 0.00 -0.01 

154 1.24 0.00 0.00 -0.01 

160 1.59 0.00 -0.01 -0.02 

166 2.01 0.02 -0.01 -0.02 

172 2.50 0.03 -0.01 -0.03 

178 3.07 0.05 -0.02 -0.03 

184 3.74 0.09 -0.01 -0.03 

aLiterature: (Haselden, 1979) 

 

Table 4.12 Pressure deviations from model data for CH4. 

Deviation CPA PC-SAFT PR 

AAD P (MPa) 0.0146 0.0046 0.0131 

AARD P (%) 1.15 0.188 1.423 
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Figure 4.8 Comparison of literature vapour pressure deviations data of C2H6 to model data. Literature 

(o)(Seneviratne et al., 2017); Prediction deviations: CPA (◊); PC-SAFT (∆); PR (X). 

Table 4.13 Literature and calculated vapour pressure deviation data with experimental uncertainty for 

C2H6. 

Texp(K) Plit(MPaa)  ∆P(MPa)  

CPA 

∆P(MPa)  

PC-SAFT 

∆P(MPa)  

PR 

274.62 2.47 0.01 0.00 -0.02 

279.17 2.75 0.02 0.00 -0.02 

283.79 3.06 0.03 0.00 -0.02 

291.25 3.62 0.05 0.02 -0.02 

293.15 3.76 0.05 0.01 -0.03 

294.16 3.85 0.06 0.02 -0.02 

295.04 3.92 0.06 0.02 -0.02 

297.19 4.11 0.07 0.03 -0.02 

299.14 4.28 0.08 0.03 -0.02 

301.26 4.47 0.09 0.03 -0.02 

303.11 4.65 0.1 0.05 -0.01 

a(Seneviratne et al., 2017) 
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Table 4.14 Pressure deviations from model data for C2H6. 

Deviation CPA PC-SAFT PR 

AAD P(MPa) 0.0556 0.0174 0.0190 

AARD P (%) 1.40 0.42 0.53 

 

 

Figure 4.9 Comparison of literature vapour pressure deviations data of C3H8 to model data. 

Literature(o)(Seneviratne et al., 2017); Prediction deviations: CPA (◊); PC-SAFT (∆); PR (X). 
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Table 4.15 Vapour pressure data for C3H8. 

Texp (K) Plit (MPa)a  P (MPa) 

Antoine 

P (MPa)  

CPA 

P (MPa)  

PC-SAFT 

P (MPa) 

PR 

270.51 0.44 0.44 0.44 0.44 0.44 

271.77 0.46 0.45 0.45 0.45 0.45 

280.13 0.58 0.59 0.59 0.58 0.58 

285.35 0.68 0.68 0.68 0.68 0.68 

287.35 0.72 0.72 0.72 0.72 0.72 

289.65 0.76 0.77 0.76 0.76 0.76 

291.75 0.81 0.81 0.81 0.81 0.80 

297.98 0.95 0.95 0.95 0.95 0.95 

300.92 1.02 1.02 1.01 1.01 1.02 

303.37 1.08 1.09 1.08 1.08 1.09 

314.06 1.40 1.40 1.39 1.39 1.40 

a(Seneviratne et al., 2017) 

 

Table 4.16 Pressure deviations from model data for C3H8. 

Deviation Antoine CPA PC-SAFT PR 

AAD P(MPa) 0.0036 0.0036 0.0027 0.0027 

AARD P (%) 0.56 0.51 0.35 0.39 

 

The results are presented graphically in Figures 4.4-4.9 and in Tables 4.5-4.16, where vapour pressure 

experiments were undertaken with methanol and water using LPVLE equipment and CO2 using the 

HPVLE equipment used in this study. The vapour pressures of methane and ethane could not be 

measured experimentally in this work due to the operating limits of the apparatus available for methane 

and due to the lack of pure ethane. In addition, ethane comprises a small part of the systems tested. 

Since pure propane was not available for use in this work, it was also not measured. Additionally, the 

vapour pressures of TEG could not be measured accurately below 373.15 K using the available 

equipment.  

It was found that the AAD(P) for methanol, from the data presented in Table 4.5 and Figure 4.4., was 

0.0008 MPa from experimental literature data, 0.0006 MPa from Antoine’s equation prediction, 0.0008 

from the CPA model, with the highest deviation of 0.0010 from the PR model. A similar trend was 

observed with the water vapour pressure data (Table 4.7 and Figure 4.5). For the CO2 data in Table 4.9 

and Figure 4.6, an acceptable correlation between the data, literature, and all models was observed, with 

the PR model AAD being the lowest within 0.0120 MPa. 
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The supercritical methane and ethane data (Tables 4.11 and 4.13) were predicted similarly by the CPA, 

PC-SAFT and PR models, so there is likely no superior model for these pure properties. In the methane 

and ethane predictions, literature values were compared with these predictions, showing a strong 

correlation (Figures 4.7-4.8). Similarly, for pure propane (Table 4.15), the predictions by the three 

models correlate well with literature data (Figure 4.9). However, the models tend to deviate from the 

literature with an increase of pressure in particular, the CPA model for methane and ethane. This may 

be an indication that the models struggle to perform well as the pressure increases. However, the AARD 

value for these components are relatively small.  

The results show that overall, the CPA model provided a slightly better prediction of the vapour 

pressures followed by PC-SAFT and then PR. These results confirmed that the models were able to 

represent the pure component vapour pressures reasonably well.  

 

4.4. Test system measurements 

Mixture VLE measurements were performed for systems previously measured in the literature, which 

served as a verification method to assess the reliability of the equipment used as well as the experimental 

method employed. The two systems chosen were CH4 (1) + CH3OH (2) at 303.15 K and CO2 (1) + TEG 

(2) + water (3) at 322.04 K. These systems had existing data readily available in the literature from 

multiple sources at the selected conditions and thus could be compared more confidently for 

confirmation of accurate experimental results. In addition, thermodynamic modelling was applied to 

these test measurement systems. These included the application of the Cubic Plus Association (CPA), 

Perturbed-Chain Statistical Associating Fluid Theory (PC-SAFT) and Peng Robinson (PR) models. 

This involved correlating the binary interaction parameters represented by kij and determining the model 

deviations from experimental data represented by σ. To represent a quantifiable comparison between 

the respective models and the experimental results, the absolute average deviation (AAD) and average 

relative deviations (AARD) were calculated.  

4.4.1. CH4 + CH3OH binary test system  

The first system measured was the CH4 (1) + CH3OH (2) binary system at 303.15 K. The results are 

presented in Table 4.17 and compared to the existing data of (Zvawanda et al., 2022b) and (Wang et 

al., 2003) graphically in Figure 4.10. It should be noted that the same set of equipment was used in the 

work of (Zvawanda et al., 2022b) as in this study.  
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Figure 4.10 P-x data for the CH4 (1) + CH3OH (2) system at 303.15 K. This work (●); (Zvawanda et 

al., 2022b) (◊) and (Wang et al., 2003) (○). Polynomial trendline for data of (Wang et al., 2003) 

(●●●●●●). 

Table 4.17 P-x data and uncertainty for the CH4 (1) + CH3OH (2) system at 303.15 K. 

Texp (K)a Pexp (MPa) 
Liquid mole 

composition (x1) 

Uc (P) 

(MPa) 

Uc (x1) 

303.18 2.410 0.019 0.025 0.0009 

303.18 2.721 0.022 0.025 0.0009 

303.17 3.076 0.026 0.025 0.009 

303.17 3.661 0.029 0.025 0.009 

303.16 6.463 0.051 0.026 0.0012 

303.18 7.994 0.065 0.025 0.009 

303.17 9.701 0.075 0.083 0.009 

303.16 10.690 0.085 0.025 0.001 

303.15 13.060 0.1 0.026 0.001 

aUc(T) = 0.06 (K) 
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The deviation found between the data points and the general trend is accommodated by the uncertainty 

for the experimental point and the literature data. The point measured at 9.7 MPa shows the highest 

deviation from the literature trend, but again is within the uncertainties of this work and the literature 

studies. Considering this, the experimental results show a close relationship with the work of (Zvawanda 

et al., 2022b) and (Wang et al., 2003). This validates the equipment's ability to produce accurate and 

reliable VLE results for a binary gas-liquid system at their respective conditions.  

 

 

Figure 4.11 P-x data for the CH4 (1) + CH3OH (2) system at 303.15 K with comparison to regressed 

property models. Experimental (●), CPA model (----), PC-SAFT model (ꟷ  ꟷ  ꟷ  ), PR model (- · - · -). 
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Table 4.18 Experimental and regressed isothermal P-x data for the CH4 (1) + CH3OH (2) system at 

303.15 K. 

x1, exp Pexp(MPa)  Pressure (MPa) 

CPA  PC-SAFT  PR 

0.019 2.41 2.27 2.22 2.22 

0.022 2.72 2.57 2.51 2.51 

0.029 3.66 3.50 3.44 3.44 

0.051 6.46 6.26 6.21 6.22 

0.065 7.99 8.21 8.21 8.23 

0.075 9.61 9.73 9.81 9.82 

0.085 10.65 11.12 11.29 11.27 

0.102 13.06 13.95 14.37 14.27 

 

Table 4.19- Regressed binary parameters and deviations for models employed for the CH4 (1) + 

CH3OH (2) system at 303.15 K. 

Parameters CPA PC-SAFT PR 

k12 0.048 -0.033 -0.019 

σK12 0.005 0.003 0.004 

AAD P(MPa) 0.280 0.388 0.376 

AARD (%) 4.14 5.61 5.54 

 

The measured VLE data were regressed using the CPA, PC-SAFT, and PR models by fitting them to 

the objective function presented in appendix A. These results are presented graphically in Figure 4.11. 

The corresponding results for this modelling are presented in Tables 4.18 to 4.19 and show that the 

CPA model performed best with the lowest AAD and AARD, with the PR model being second and the 

PC-SAFT model performing the worst. These model correlations had AARD values of 4.14%, 5.54% 

and 5.61%, respectively. The CPA and PC-SAFT models were expected to perform well for this type 

of system due to their applicability for natural gas systems and for systems containing associating 

molecules. However, it is likely that these advantages are not observed entirely due to the simplicity of 

this binary system and the limited expected association. Although hydrogen bonding exists, it is only 

expected to occur significantly between CH3OH molecules that are self-associating, limiting the PC-

SAFT model's correlative benefits for cross-associating systems. This is the likely reason that the PR 

model performs better than the PC-SAFT model for the system. 
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4.4.2. CO2 (1) +TEG (2) + water (3) test system 

The second test system measured was the CO2 (1) +TEG (2) + water (3) system at 322.04 K, which is 

presented in Table 4.20. The experimental results were compared to the data of (Zvawanda et al., 2022b) 

and (Wise and Chapoy, 2016). This comparison is presented graphically in Figure 4.12. In this figure, 

there is a small deviation from the general trend of (Wise and Chapoy, 2016) and  (Zvawanda et al., 

2022b); however, this is accommodated by the experimental uncertainty of 0.02 - 0.03 MPa. In addition, 

the results from the experiments exhibit a satisfactory trend. This validates the equipment's ability to 

produce accurate and reliable VLE results for multiple component mixtures with a viscous liquid phase.  

 

 

Figure 4.12 P-x data for the CO2 (1) + TEG-water (96.5/3.5 wt.%) system at 322.04 K. This work (●); 

(Zvawanda et al., 2022b) at 322.04 K(◊);  (Wise and Chapoy, 2016) 322.04 K (○). Polynomial 

trendline for data of (Wise and Chapoy, 2016)  (●●●●●). 

 

 

 

 

 

0.00

1.00

2.00

3.00

4.00

5.00

6.00

7.00

8.00

0 0.05 0.1 0.15 0.2 0.25

P
r
e
ss

u
r
e
 (

M
P

a
)

x1



67 

 

Table 4.20 P-x data for the CO2 (1) + TEG-water (96.5/3.5 wt.%) system at 322.04 K. 

 

Texp (K)a Pexp (MPa) x1,exp 
Uc (P) 

 (MPa) 
Ux1

 

322.03 0.81 0.021 0.02 0.002 

322.03 2.09 0.074 0.02 0.006 

322.04 2.84 0.096 0.02 0.007 

322.02 3.83 0.138 0.03 0.009 

322.05 4.15 0.142 0.04 0.010 

322.03 5.99 0.207 0.03 0.013 

322.04 6.36 0.220 0.03 0.013 

aUc(T) = 0.06 (K)  

 

 

 

Figure 4.13 P-x data for the CO2 (1) + TEG (2)-water (3) (96.5/3.5 wt.%) system at 322.04 K with 

comparison to regressed property models. Experimental (●), CPA model (▪▪▪▪), PC-SAFT model (----

), PR model (- ▪ - ▪ -) 
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Table 4.21 P-x data for the CO2 (1) + TEG (2)-water (3) (96.5/3.5 wt.%) system at 322.04 K with 

comparison to regressed property models. 

x1, exp Pexp(MPa)  Pressure (MPa) 

CPA  PC-SAFT  PR 

0.019 2.41 2.27 2.22 2.22 

0.022 2.72 2.57 2.51 2.51 

0.029 3.66 3.16 3.44 3.44 

0.051 6.46 3.51 6.21 6.22 

0.065 7.99 6.27 8.21 8.23 

0.075 9.61 8.22 9.81 9.82 

0.085 10.65 7.61 11.29 11.27 

0.102 13.06 9.76 14.37 14.27 

 

 

Table 4.22 Regressed binary parameters, deviations and model errors for models employed in the 

CO2 (1) + TEG (2)-water (3) (96.5%/3.5) system at 322.04 K. 

Parameters CPA PC-SAFT PR 

k12 0.140 0.327 0.225 

σK12 0.019 0.167 0.019 

k13 -0.041 -0.607 -1.080 

σK13
 0 3.491 0 

k23 -0.094 0.051 -0.221 

σK23
 0.250 0.161 0.128 

AAD(MPa) 0.313 0.260 0.251 

AARD(%) 10.56 8.63 9.60 

 

These test system results were also regressed using the CPA, PC-SAFT and PR models, with regression 

results presented in Tables 4.21 to 4.22. These results are compared to the experimental data graphically 

in Figure 4.13. The results showed that the PC-SAFT model performed the best, with the PR model 

next, and the CPA model performing the worst. These had AARD values of 8.63%, 9.60 and 10.56%, 

respectively. The reasons for this are likely due the representation of the complex associating behaviour 

in the liquid phase for the TEG-water interaction, as well as the interaction of the quadrupole CO2 

molecule with the polar TEG and water molecules. This is seemingly better represented by the PC-

SAFT model in this case, despite Aspen Plus ® treating the CO2 molecule as dipolar. 
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4.5. Novel system measurements 

4.5.1. CH4 (1) + (CH3OH (2) + TEG (3) + water (4) quaternary system 

Novel VLE data were measured for the system of CH4 (1) + (CH3OH (2) + TEG (3) + water (4) 3.33 

(2)/91.84 (3)/4.83 (4) wt%) at 303.15 K, 313.15 K and 323.15 K. The results of these measurements 

are presented graphically in Figures 4.14 – 4.17 and tabulated in Tables 4.23 – 4.25. The single 

isotherms are presented and discussed first, followed by the combination of all data into a single plot 

and analyses of the model results. 

 

 

Figure 4.14 P-x data for the CH4 (1) + (CH3OH (2) /TEG (3)/Water (4) 3.33/91.84/4.83 wt%) system 

at 303.15 K with comparison to regression results by various models. Experimental (●), CPA model 

(·····), PC-SAFT model (----), PR model (- ▪ - ▪ -). 
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Table 4.23 P-x data) and model results for the CH4 (1) + (CH3OH (2) /TEG (3)/Water (4) 

3.33/91.84/4.83 wt%) system at 303.15 K 

   

Texp 

(K)a 

  x1,exp
b  Pexp (MPa) Uc (P) 

 

 Pressure (MPa) 

  CPA  PC-

SAFT  

PR 

303.16  0.006  2.25 0.02  0.73 0.73 0.71 

303.15  0.013  4.11 0.03  0.35 0.37 0.26 

303.14  0.015  4.49 0.03  0.07 0.1 -0.04 

303.16  0.017  5.32 0.03  0.22 0.24 0.08 

303.14  0.018  5.40 0.07  -0.05 -0.03 -0.21 

303.15  0.020  6.06 0.06  0.03 0.05 -0.16 

303.15  0.021  7.01 0.06  0.36 0.38 0.14 

303.14  0.024  8.00 0.08  0.25 0.27 -0.03 

303.14  0.025  8.33 0.07  0.18 0.18 -0.14 

303.13  0.028  9.07 0.03  -0.38 -0.41 -0.8 

303.13  0.029  9.56 0.06  -0.22 -0.24 -0.65 

303.14  0.032  10.74 0.03  -0.57 -0.65 -1.14 

303.14  0.037  12.27 0.05  -1.85 -2.08 -2.71 

aUc(T) = 0.06 (K) ; b Uc (x1) = 0.002; P = (Pexp – Pcalc) where Pcalc was determined using the model 
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Figure 4.15 P-x data for the CH4 (1) + (CH3OH (2) /TEG (3)/Water (4) 3.33/91.84/4.83 wt%) system 

at 313.15 K with comparison to regression results by various models. Experimental (●), CPA model 

(·····), PC-SAFT model (----), PR model (- ▪ - ▪ -). 

Table 4.24 P-xand modelg results for the CH4 (1) + (CH3OH (2) /TEG (3)/Water (4) 3.33/91.84/4.83 

wt%) system at 313.15 K 

   

Texp 

(K) 

 x1,exp  Pexp (MPa) Uc (P) 

(MPa) 

 ∆Pressure (MPa) 

CPA  PC-

SAFT  

PR 

 

313.15  0.013  3.70 0.08  -0.02 0 0.04 

313.14  0.015  4.34 0.06  -0.02 0.01 0.05 

313.15  0.017  5.19 0.04  0.17 0.2 0.24 

313.16  0.020  5.91 0.03  0 0.02 0.06 

313.15  0.021  6.64 0.05  0.13 0.16 0.2 

313.16  0.024  7.81 0.04  0.26 0.29 0.33 

313.15  0.025  8.17 0.03  0.23 0.26 0.3 

313.15  0.028  8.68 0.03  -0.48 -0.48 -0.42 

313.15  0.029  9.17 0.06  -0.29 -0.29 -0.23 

313.16  0.032  10.56 0.04  -0.31 -0.35 -0.28 

313.14  0.037  11.76 0.03  -1.66 -1.78 -1.66 

aUc(T) = 0.06 (K) ; bUc (x1) = 0.002;P = (Pexp – Pcalc) where Pcalc was determined using the mode 
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Figure 4.16 P-x for the CH4 (1) + (CH3OH (2) /TEG (3)/water (4) 3.33/91.84/4.83 wt%) system at 

323.15 K with comparison to regression results by various models. Experimental (●), CPA model 

(·····), PC-SAFT model (----), PR model (- ▪ - ▪ -). 
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Table 4.25 Experimental P-x and model results for the CH4 (1) + (CH3OH (2) /TEG (3)/Water (4) 

3.33/91.84/4.83 wt%) system at 323.15 K 

  

Texp (K)   x1, exp  Pexp (MPa) Uc (P) 

(MPa) 

∆Pressure (MPa)  

CPA  PC-

SAFT  

PR 

323.14  0.006  2.16 0.03 0.64 0.65 0.73 

323.15  0.013  3.50 0.03 
-0.18 -0.16 0.01 

323.16  0.015  4.17 0.04 -0.13 -0.1 0.09 

323.15  0.017  5.03 0.04 0.09 0.11 0.33 

323.14  0.018  5.47 0.03 0.2 0.22 0.46 

323.14  0.020  5.80 0.13 -0.01 0.02 0.27 

323.16  0.021  6.49 0.03 0.11 0.14 0.42 

323.15  0.024  7.70 0.03 0.32 0.36 0.68 

323.15  0.025  8.02 0.03 0.28 0.31 0.65 

323.15  0.028  8.50 0.03 -0.4 -0.38 0.02 

323.15  0.029  8.83 0.04 -0.35 -0.33 0.08 

323.15  0.032  10.13 0.03 -0.37 -0.38 0.11 

323.15  0.037  11.36 0.03 -1.48 -1.55 -0.89 

aUc(T) = 0.06 (K) ; bUc (x1) = 0.002;P = (Pexp – Pcalc) where Pcalc was determined using the model 

 

 

The pressure in all three isotherms was shown to increase with increasing methane concentration, which 

is expected within the studied range.  

In Figure 4.17, the three isotherms are presented on a single set of axes. It can be observed that there is 

crossover of the isotherms at the lower methane compositions, where an inversion of the temperature 

trend occurs. At compositions greater than the inflection composition (> 0.023 mole fraction methane), 

the distinction between the isotherms becomes more apparent. At this point, it is clear that the mixture 

pressure increases with decreasing temperature.  
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Table 4.26 Regressed binary interaction parameters and deviations for the modelling of the CH4 (1) + 

(CH3OH (2) /TEG (3)/Water (4) 3.33/91.84/4.83 wt%) system between 303.15 K and 323.15 K for 

simultaneous regression of all 3 isotherms. 

Parameters CPA PC-SAFT PR 

k12 -0.12 0.35 0.35 

σK12 0 0.41 0.48 

k13 0.32 0.16 0.46 

σK13
 0.05 0.05 0.05 

k14 -1.04 -0.56 -0.82 

σK14
 0.90 0.59 0.48 

k23 0.16 0.11 0.01 

σK23 0 0.14 0.05 

k24 0.85 1 0.70 

σK24 0 1.85 0 

k34 0.10 0.08 -0.21 

σK34 0.11 0.09 0.06 

  

Table 4.27 Results of model errors for the CH4 (1) + (CH3OH (2) /TEG (3)/Water (4) 3.33/91.84/4.83 

wt%) system between 303.15 K and 323.15 K for simultaneous regression of all 3 isotherms. 

Model CPA PC-SAFT PR 

Temperature (K) 303.15 313.15 323.15 303.15 313.15 323.15 303.15 313.15 323.15 

AAD P(MPa) 0.405 0.325 0.351 0.442 0.348 0.362 0.543 0.348 0.365 

AARD (%) 6.56 3.47 6.02 6.98 3.69 6.14 7.61 3.93 6.86 

 

 

The data were modelled with the CPA, PC-SAFT and PR models considering all temperatures 

simultaneously. This was done as a significant number of binary interaction parameters were fitted and 

insufficient data was measured in a single isotherm to obtain truly independent model fit parameters. 

 In order to determine if all binary interaction parameters were significant and system-dependent, three 

different regression scenarios were applied. In the first scenario, all the binary parameters were 

regressed based on the experimental data in this work. In the second scenario, only the binary 

parameters involving associating components were regressed, assuming that these would be more 

significant and that binary interactions between non-polar components in the mixture would be far less 

non-ideal and justifiably set to 0. In the third scenario, binary interaction parameters from binary 
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systems for the components comprising the system were sourced from literature where available and 

fixed in the equation of state, with only the unavailable parameters determined by regression of the data 

from this work. This process was only conducted on the CPA Model as there was a lack of literature 

binary parameters for the PC-SAFT and PR models for these systems. By limiting the number of 

parameters regressed, more precise solutions were expected. The results for these regression scenarios 

are presented in Table 4.28, with scenario 1 performing the best, scenario 3 second and scenario 2 

performing the worst. Hence, the scenario with the highest number of non-zero binary interaction 

parameters provided the best fit of the data, and the scenario with the lowest number of non-zero 

interaction parameters performed poorly. The differences in AARD between the scenarios is significant. 

Scenario one is therefore necessary for an accurate fit of the data and these parameters are presented in 

Table 4.32. This method was necessary as there was a general lack of binary interaction parameters 

available in literature and those that were available seemed to perform very poorly in predicting the 

behaviour of a particular binary pair in a multicomponent system when compared to the experimental 

data obtained.  

The results are presented in Tables 4.23 to 4.27 for scenario one. The CPA model performed the best, 

with the PC-SAFT model second and the PR model performing the worst. The AARD for these fits is 

presented in Tables 4.26 and 4.27, where the CPA model is shown to have the lowest AARD for all 

temperatures. This result would be expected as the CPA model has had success in modelling the VLE 

data associated with natural gas systems. The ability to predict/correlate the behaviour of systems with 

many associating terms is an advantage of the model due to its associating term. The regressed binary 

parameters in Table 4.26 are generally greater in magnitude than their standard deviations. This 

indicates that the fitting resulted in a model that is acceptably well-conditioned. The poorer performance 

of the PC-SAFT model is attributed to the presence of water in the mixture, which the model has 

difficulty describing the behaviour of in multicomponent mixtures. The PR model performance is 

expected as the model lacks a specialized term to account for associating mixtures. All models 

replicated the unique temperature dependence of the data. It should also be noted that the performance 

of the models seems to deviate from the experimental data the most at the highest-pressure point. This 

indicates that the models may be reaching their limitations regarding predictive ability at these 

conditions.  
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Figure 4.17 -A P-x for the CH4 (1) + (CH3OH (2) /TEG (3)/Water (4) 3.33/91.84/4.83 wt%) system. 

∆- 303.15 K ; ◊- 313.15 K; × - 323.15 K; lines represent the CPA model fits at 303.15 K (·····), 

313.15 K (----), 323.15K (- ▪ - ▪ -). 
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Figure 4.17 -B P-x data for the CH4 (1) + (CH3OH (2) /TEG (3)/Water (4) 3.33/91.84/4.83 wt%) 

system. ∆- 303.15 K ; ◊- 313.15 K; × - 323.15 K; lines represent the CPA model fits at 303.15 K 

(·····),313.15 K (----),323.15K (- ▪ - ▪ -). 

Table 4.28 Average absolute deviation of models employed for the (CH4 (1)) + (CH3OH (4) /TEG 

(5)/Water (6) 3.33/91.84/4.83 wt%) system between 303.15 K and 323.15K for simultaneous 

regression of all 3 isotherms. 

Model CPA PC-SAFT PR 

Temperature (K) 303.15 313.15 323.15 303.15 313.15 323.15 303.15 313.15 323.15 

 Regression of all binary interaction parameters 

AAD P(MPa) 0.405 0.325 0.351 0.442 0.348 0.362 0.543 0.348 0.365 

AARD (%) 6.56 3.47 6.02 6.98 3.69 6.14 7.61 3.93 6.86 

 Regression of binary interaction parameters for only the associating components 

AAD P(MPa) 0.934 0.8091 0.715       

AARD (%) 14.903 10.62 11.44       

 Employing existing binary interaction parameters from literature for available 

pairs and regressing for only the unavailable parameter pairs. 

AAD P(MPa) 0.744 0.6219 0.565       

AARD (%) 12.25 8.164 9.23       
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4.5.2. (CH4 (1)/C2H6(2)/C3H8(3) 3.68/0.22/96.10 wt%) + (CH3OH (4) /TEG (5)/Water (6) 

3.33/91.84/4.83 wt%) senary system 

The second novel system measured was the (CH4 (1)/C2H6(2)/C3H8(3) 3.68/0.22/96.10 wt%) + (CH3OH 

(4) /TEG (5)/Water (6) 3.33/91.84/4.83 wt%) senary system at 303.15 K, 313.15 K and 323.15 K. The 

data are presented graphically in Figures 4.18-4.21 and in Tables 4.29-4.31. The single isotherms are 

presented and discussed first, followed by the combination of all data into a single plot and analyses of 

the model results. 

 

Figure 4.18 P-x data for the (CH4 (1)/C2H6 (2)/C3H8 (3) 3.68/0.22/96.10 wt%) + (CH3OH (4) /TEG 

(5)/Water (6) 3.33/91.84/4.83 wt%) system at 303.15K with comparison to regression results by 

various models. Experimental (●), CPA model (·····), PC-SAFT model (----), PR model (- ▪ - ▪ -). 
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Table 4.29 P-x data and model results for the (CH4 (1)/C2H6 (2)/C3H8 (3) 3.68/0.22/96.10 wt%) + 

(CH3OH (4)/TEG (5)/Water (6) 3.33/91.84/4.83 wt%) system at 303.15 K 

  

Texp 

(K) 

 x3,exp  Pexp (MPa) Uc (P) 

(MPa) 

 

 ∆Pressure (MPa) 

CPA PC-

SAFT 

PR 

303.15  0.020  1.02 0.03  0.11 0.07 0.05 

303.15  0.021  1.09 0.03  0.11 0.07 0.04 

303.16  0.033  1.64 0.03  0.13 0.08 0.04 

303.15  0.044  2.07 0.03  0.02 -0.02 -0.09 

303.14  0.056  2.60 0.04  -0.02 -0.04 -0.15 

303.15  0.061  2.86 0.05  0.01 0.01 -0.11 

303.14  0.063  2.94 0.03  0.01 0 -0.11 

303.15  0.071  3.27 0.04  -0.08 -0.05 -0.19 

303.16  0.084  3.89 0.03  -0.13 -0.04 -0.25 

303.14  0.096  4.52 0.03  -0.09 0.05 -0.18 

aUc(T) = 0.06 (K) ; b Uc (x3) = 0.002 ;P = (Pexp – Pcalc) where Pcalc was determined using the model 
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Figure 4.19 P-x data for the (CH4 (1)/C2H6 (2)/C3H8 (3) 3.68/0.22/96.10 wt%) + (CH3OH (4) /TEG 

(5)/Water (6) 3.33/91.84/4.83 wt%) system at 313.15 K with comparison to regression results by 

various models. Experimental (●), CPA model (·····), PC-SAFT model (----), PR model (- ▪ - ▪ -). 
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Table 4.30 Experimental P-x and model results for the (CH4 (1)/C2H6 (2)/C3H8 (3) 3.68/0.22/96.10 

wt%) + (CH3OH (4) /TEG (5)/Water (6) 3.33/91.84/4.83 wt%) system at 313.15 K 

   

Texp 

(K) 

 x3,exp  Pexp (MPa) Uc (P) 

 

 ∆Pressure (MPa) 

CPA  PC-SAFT  PR 

 

313.16  0.020  1.02 0.03  0.08 0.05 0.06 

313.16  0.021  1.10 0.06  0.09 0.06 0.07 

313.16  0.033  1.53 0.03  -0.01 -0.06 -0.03 

313.16  0.044  1.99 0.03  -0.1 -0.13 -0.11 

313.16  0.056  2.53 0.06  -0.14 -0.15 -0.15 

313.15  0.061  2.91 0.07  0.01 0.01 0.02 

313.15  0.063  3.02 0.04  0.03 0.03 0.05 

313.16  0.071  3.28 0.03  -0.12 -0.1 -0.08 

313.15  0.084  3.99 0.03  -0.08 -0.01 -0.02 

313.15  0.096  4.72 0.03  0.06 0.16 0.17 

aUc(T) = 0.06 (K) ; b Uc (x3) = 0.002 ;P = (Pexp – Pcalc) where Pcalc was determined using the model 
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Figure 4.20 P-x data for the (CH4 (1)/C2H6 (2)/C3H8 (3) 3.68/0.22/96.10 wt%) + (CH3OH (4) /TEG 

(5)/Water (6) 3.33/91.84/4.83 wt%) system at 323.15 K with comparison to regression results by 

various models. Experimental (●), CPA model (·····), PC-SAFT model (----), PR model (- ▪ - ▪ -). 
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Table 4.31  P-x data  and model results for the (CH4 (1)/C2H6 (2)/C3H8 (3) 3.68/0.22/96.10 wt%) + 

(CH3OH (4) /TEG (5)/Water (6) 3.33/91.84/4.83 wt%) system at 323.15 K 

   

Texp 

(K) 

 x3,exp  Pexp (MPa) Uc (P) 

(MPa) 

 ∆Pressure (MPa) 

CPA  PC-SAFT  PR 

323.15  0.020  1.01 0.03  0.04 0.01 0.06 

323.15  0.021  1.13 0.05  0.09 0.05 0.11 

323.14  0.033  1.51 0.02  -0.08 -0.11 -0.03 

323.16  0.044  1.95 0.02  -0.2 -0.22 -0.12 

323.16  0.056  2.68 0.03  -0.06 -0.06 0.05 

323.15  0.061  2.89 0.03  -0.08 -0.07 0.05 

323.15  0.071  3.48 0.03  0.01 0.03 0.19 

323.15  0.084  4.05 0.03  -0.1 -0.04 0.12 

323.16  0.096  5.03 0.03  0.29 0.37 0.58 

aUc(T) = 0.06 (K) ; b Uc (x3) = 0.002 
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Figure 4.21 P-x data for the CH4 (1)/C2H6 (2)/C3H8 (3) (3.68/0.22/96.10 wt%) + (CH3OH (4) /TEG 

(5)/Water (6) 3.33/91.84/4.83 wt%) system ∆- 303.15 K ; ◊- 313.15 K; × - 323.15 K. ; PC-SAFT 

model 303.15 K  (·····), PC-SAFT model 313.15 K (----), PC-SAFT model 323.15 K (- ▪ - ▪ -). 

Note that the initial pressures of the gas mixtures loaded into the cell for these measurements were 

limited in this case by the low cylinder supply pressure of the propane gas mixture available.  

In Figure 4.21, all three isotherms are presented on a single set of axes. A temperature trend inversion 

results in a cross-over of the isotherms at approximately 0.056 mole fraction propane. At compositions 

of methanol above this point, a more significant dependence of the isotherms on temperature is 

observed.  
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Table 4.32- Regressed binary interaction parameters and deviations for the modelling of the (CH4 

(1)/C2H6 (2)/C3H8 (3) 3.68/0.22/96.10 wt%) + (CH3OH (4) /TEG (5)/Water (6) 3.33/91.84/4.83 wt%) 

system between 303.15 K and 323.15 K for simultaneous regression of all 3 isotherms. 

Parameters 

 

CPA PC-SAFT PR 

k12 2.87 1.05 0.02 

σk12 4.55 12.66 0.00 

k13 0.88 0.05 0.15 

σk13
 0.28 0.29 0.00 

k14 -0.12 0.33 1.07 

σk14
 0.00 3.53 2.04 

k15 0.08 0.30 0.28 

σk14 0.15 0.47 0.39 

k16 4.05 -0.72 0.71 

σk16 2.53 5.45 2.97 

k23 3.94 0.89 -0.01 

σk23 4.11 12.04 0.00 

k24 -0.25 0.91 0.30 

σk24 16.12 183.86 0.00 

k25 -0.22 0.09 0.54 

σk25 0.68 10.23 18.77 

k26 6.02 -0.13 -2.93 

σk26 0.00 201.95 156.31 

k34 0.65 -0.07 0.56 

σk34 0.00 5.88 10.67 

k35 0.13 0.05 -0.47 

σk35 0.15 0.88 1.42 

k36 -1.02 0.10 4.51 

σk36 2.22 10.61 10.72 

k45 0.16 0.60 0.27 

σk45 0.00 0.13 0.05 

k46 0.85 -4.19 -0.86 

σk46 0.00 1.29 0.00 

k56 0.39 0.47 0.02 

σk56 0.11 0.07 0.05 
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Table 4.33 Average absolute deviation of models employed for the (CH4 (1)/C2H6 (2)/C3H8 (3) 

3.68/0.22/96.10 wt%) + (CH3OH (4) /TEG (5)/Water (6) 3.33/91.84/4.83 wt%) system between 

303.15 K, 313.15 K and 323.15 K for simultaneous regression of all 3 isotherms. 

Model CPA PC-SAFT PR 

Temperature 

(K) 

303.15 313.15 323.15 303.15 313.15 323.15 303.15 313.15 323.15 

 Regression of all binary interaction parameters 

AAD P(MPa) 0.078 0.073 0.103 0.043 0.075 0.106 0.120 0.076 0.146 

AARD (%) 3.97 3.66 4.47 2.46 3.43 4.24 4.47 3.50 5.27 

 Regression of binary interaction parameters for only the associating 

components 

AAD P(MPa) 0.957 1.240 1.443       

AARD (%) 35.70 47.05 55.34       

 Employing existing binary interaction parameters from literature for 

available pairs and regressing for only the unavailable parameter pairs. 

AAD P(MPa) 0.206 0.113 0.216       

AARD (%) 9.91 5.30 8.35       

 

The data were modelled with the CPA, PC-SAFT and PR models considering all temperatures 

simultaneously. Due to the number of components comprising the system, a large number of binary 

parameters were required to be calculated from a limited number of experimental points. The same 

three regression scenarios were tested in this system as the previous novel system. The results for these 

regression scenarios are presented in Table 4.33, with scenario one performing the best, followed by 

scenario 3 second and scenario 2. Hence, the scenario with the highest number of non-zero binary 

interaction parameters provided the best fit of the data and the scenario with the lowest number of non-

zero interaction parameters performed poorly. The differences in AARD between the scenarios are of 

multiples of 3 to 12. Scenario one is therefore necessary for an accurate fit of the data and these 

parameters are presented in Table 4.32. Note that for many of the binary interaction parameters 

regressed, the standard deviation value for the parameter exceeded the magnitude of the parameter. 

Attempts were made to omit those parameter combinations with larger standard deviations from the 

final regression, such as setting the non-associating binary parameters to zero; however, these resulted 

in a poor correlation of the P-x data. Furthermore, in many cases it was not possible to formulate a 

consistent method of elimination. For example, it is not consistent to omit the interaction between ethane 

and methanol without omitting the interaction between propane and methanol, as ethane and propane 

are similar non-polar molecules and the interactions with methanol should therefore be similar. Hence, 

due to the large number of parameters required to represent the phase behaviour accurately, some 
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physical meaning of the interaction parameters has been lost. An additional contributing factor may 

also be the limitation of the commercial regression software employing optimization tools that search 

for the local minimum instead of the global minimum for solutions. This could possibly be resolved by 

incorporating more complex global optimization regression tools such as stochastic algorithms. This 

requires extensive programming application and computing time and is regarded as beyond the scope 

of this work. The trend in temperature was predicted.  

Interestingly, the CPA model mostly exhibits a better AAD for the systems, while the PC-SAFT model 

has a lower AARD%. This indicates that CPA is performs better at the higher-pressure values than at 

the lower, where PC-SAFT is superior. Noting that the pressure range measured for this system is within 

6 MPa, the superior performance of the CPA model at higher pressures correlates with the results from 

the first new system within the region of 2-12 MPa. Other factors that affect the performance difference 

in CPA and PC-SAFT between the quaternary new system above and this senary system may be the 

description of methane vs. propane as the bulk vapour phase constituent by the two models, as well as 

the difference in the description of 6 component systems as opposed to 4. Again, the PR model mostly 

performed worse than the other two models but still yielded qualitative results. 
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Figure 4.22 System-x data for systems of CH4 (1)/C2H6 (2)/C3H8 (3) + (CH3OH (4) /TEG (5)/Water 

(6) This work, CH4 (1)+ (CH3OH (2) /TEG (3)/Water (4) 3.33/91.84/4.83 wt%), ∆- 303.15 K ; □- 

313.15 K; + - 323.15 K. Data of (Zvawanda et al., 2022b) (CH4 (1)/C3H8 (2) 87.36/12.64 wt%) + 

(CH3OH (4) /TEG (5)/Water (6) 3.33/91.84/4.83 wt%). ∆- 303.15 K ; +- 323.16 K. This work, CH4 

(1)/C2H6 (2)/C3H8 (3) 3.68/0.22/96.10 wt%) + (CH3OH (4) /TEG (5)/Water (6) 3.33/91.84/4.83 wt%) 

system, ∆- 303.15 K ; □- 313.15 K; + - 323.15 K.  

In Figure 4.22, the results of both novel systems (methane in aqueous solvent mixture and propane-rich 

gas with methane and ethane in aqueous solvent mixture) are compared along with the results of 

(Zvawanda et al., 2022b) (methane-rich gas with propane in aqueous solvent mixture). This comparison 

shows that in the methane-rich mixtures, the total pressure of the mixture decreases with increasing 

temperature. This trend of methane behaviour is not observed in the propane-rich gas mixture in the 

aqueous solvent mixture, where the system pressure increases with temperature. This is an indication 

that a directly proportional relationship exists between temperature and solubility in methane rich 

systems. This suggests that the loss of natural gas to the aqueous solvent is more likely in methane rich 

systems at higher temperature than in propane rich systems. There is also a distinct difference in the 

shape of the phase behaviour of methane in the pure methane gas-aqueous solvent mixture system, the 

methane-rich gas-aqueous solvent mixture and the propane-rich gas-aqueous solvent mixture, which 

may indicate that the dehydration behaviours using TEG may vary with the relative composition of 

methane and propane in these mixtures.  
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Chapter 5: Conclusions 

Overall, high-quality HPVLE P-x data was measured for two verification systems with 15 data points 

and, 66 data points for the new systems. This contributes to the increasing data base and thermodynamic 

knowledge of multicomponent phase equilibrium behaviour. The relevance and suitability of the CPA 

and PC-SAFT EoS for the prediction/correlation of natural gas systems were also demonstrated through 

the regression and modelling of this newly enquired data.   

 

P-x phase data for the two test systems, namely, CH4(1) + CH3OH (2) binary system at 303.15 K and 

the CO2 (1) +TEG (2) + water (3) system at 322.04 K showed an acceptable comparison to literature 

data. This confirmed the accuracy of the equipment and techniques employed. These systems had model 

errors (AARD) of 4.14% and 8.63% for their best-performing models, the CPA and PR EoS.  

For the quaternary and senary system of CH4 (1) + (CH3OH (2) + TEG (3) + water (4) (3.33 (2), 91.84 

(3), 4.83 (4) wt%)) and (CH4 (1) + C2H6 (2) + C3H8 (3) 3.68 (1), 0.22 (2), 96.10 (3) wt%) + (CH3OH 

(4) + TEG (5) + water (6) 3.33 (4), 91.84 (5), 4.83 (6) wt%)), phase data were measured over three 

isotherms 303.15 K ; 313.15 K and 323.15 K. The quaternary system showed an inversion of the trends 

of the isotherms with temperature at the 0.056-mole fraction of propane, while the senary system 

showed a directly proportional relationship with temperature. This indicated a direct relationship 

between methane system’s solubility and temperature while showing the inverse for propane-rich 

systems.  

Thermodynamic modelling of the quaternary and senary phase behaviour revealed that the scenario 

where all parameter combinations were regressed yielded the most accurate fit, with a 10% difference 

between the regression of all parameters and the regression of all unknown parameters. In the quaternary 

system, the CPA model performed the best with AAD values of 0.405 MPa, 0.325 MPa and 0.351 MPa 

and AARD of 6.56% 3.47% and 6.02% respectively for the temperatures of 303.15 K, 313.15 K and 

323.15 K. The next best performing model was PC-SAFT followed by the PR model. This result was 

expected due to the speciality of the CPA model in predicting the phase behaviour of highly associating 

systems. Different results were observed in the senary system, with the PC-SAFT model yielding a 

lower AARD values of 2.46%, 3.43% and 4.24% but the CPA exhibiting a better AAD of 0.078 MPa, 

0.073 MPa and 0.103 MPa, indicating the CPA model performs better at higher pressures. These results 

can be explained by the limited lower pressure range considered for the senary system and the 

complexity of the system.  

 The results from this work, both the generation of new phase equilibrium data and model parameters, 

with standard deviations provides valuable data and trends for process design. The model results show 

the difficulty in modelling multi-component systems using conventional software and optimization 

algorithms. The model results further reinforce the agility and suitability of the CPA and PC-SAFT 

models for these process fluids.  
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Chapter 6: Recommendations 

The phase equilibrium data for the dehydration of natural gas systems become scarcer as these systems 

increase in complexity due to additional constituents such as ethane and propane, etc. Available data is 

often limited in range and not measured at high pressures and temperatures, limiting their applicability. 

Thus, several further combinations of compositions over a wide temperature range should be tested 

with the components considered in this study, namely TEG, methanol, water, methane, ethane, and 

propane. An evaluation of the available literature was reviewed in Chapter 2.3. 

There are several substances found in natural gas that are not present in the systems tested in this study, 

such as hydrogen sulphide and heavier hydrocarbons. Thus, it is recommended that these compounds 

be included in future studies. In addition, TEG may be a common glycol used for dehydration, but other 

glycols, such as MEG are employed in certain process scenarios for natural gas dehydration. Hence it 

is recommended that the measurements conducted in this work be repeated with other dehydrating 

agents such as MEG, to obtain the phase equilibrium data to make more informed comparisons between 

the performances of TEG and MEG for dehydration.  

The vapour pressure measurements excluded values for methane, ethane and TEG. Thus, it is 

recommended that these values be measured and included in future studies. This would require the 

development of new equipment and would allow for the complete evaluation of the equations of states 

used.  

Due to some equipment limitations, measurements were not possible above 15 MPa. Thus, it is 

recommended that the equipment be improved so that the measurements can be extended to pressures 

greater than 15 MPa.  

The pressures measured for the propane/ethane/methane (96.10/0.22/3.68 mass%) + 

TEG/Water/Methanol (91.83/4.83/3.33 mass%) were relatively low due to the cylinder pressure of the 

propane gas mixture source. Thus, it is recommended that a larger, higher pressure propane cylinder be 

used in future studies to reach equilibrium compositions greater than those achieved in this study.  

The modelling conducted in this study showed the usefulness of the CPA, PC-SAFT and PR equations 

of states; however, these models should be used in simulations to gain the best benefit of the parameters 

determined. Thus, it is recommended that the parameters obtained be used in a natural dehydration plant 

simulation. This is currently ongoing in another study within the research group.  
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Appendix A : Additional Literature 

 

This appendix includes additional literature that was researched and documented but not included in the 

literature review to ensure a concise and focused literature review in the main body.  

A.1. Natural Gas Treatments 

This section of the review details with the natural gas treatment process, adding greater context and 

relevance to the topic studied and the experimental results obtained. The complexity of the process for 

extraction of the gas to the final treated product supports the need for further research, as conducted in 

this study.  

Natural gas treatment is essential in ensuring a final product that is safe and has a high caloric value. 

The compositions of natural gas can vary depending on the source location and the depth of extraction, 

but usually the constituents of the gas are similar (hydrocarbons, water, non-hydrocarbon impurities) 

but with varying relative quantities (Faramawy et al., 2016). Thus, the purification steps are generally 

uniform, entailing removing the non-hydrocarbons from the valuable hydrocarbons. Figure A.1 depicts 

a block flow diagram of the overall treatment of natural gas from extraction to pipeline quality.  

 

Figure A.1 Overall process for natural gas treatment extracted from (Mokhatabv 2015). 
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A.1.1. Liquid removal 

When natural gas is extracted, it is not completely in the gaseous state. Another valuable component 

that can be removed is liquid petroleum gas (LPG). These are heavier hydrocarbons (C3 alkenes, C4 

alkanes, etc.) that remain in the liquid phase under extraction conditions. In addition to this liquid, water 

and crude oil comprise the fluid that accompanies natural gas during extraction (Faramawy et al., 2016). 

Crude oil can be refined and sold while the liquid water must be removed to prevent clathrate hydrates 

from forming and corrosion. Even though the liquid water is removed, the natural gas is likely saturated 

with water vapour. A scrubber is usually used to separate these phases. The type, shape and size of the 

scrubbing can vary depending on the amount of liquid present. This can vary from large qualities to 

fine mists, and the equipment must be tailored to deal with these conditions. The amount of liquid, 

however, rarely exceeds 4 vol% (Austrheim, 2006). The basic principles of the scrubbing step remain 

the same; the scrubber removes the liquids from the gas through gravity, mechanical mesh pads and 

particle filters. This process should result in an entirely gaseous mixture leaving the top of the scrubber 

and all liquids leaving the bottom.  

A.1.2. Hydrogen sulphide (H2S) and Carbon Dioxide (CO2) removal 

In addition to the natural gas hydrocarbons, other non-hydrocarbon gases are also contained within the 

natural gas. The most dangerous of these for human health and equipment safety is hydrogen sulphide 

(H2S). This acid gas is highly toxic and, when exposed to water, forming a weak acid with corrosive 

properties. The concentrations of hydrogen sulphide in the natural gas can vary depending on the natural 

gas source. Thus, no single method is universally implemented. These methods can vary from chemical 

and physical absorption to membranes and cryogenic fractionation (Kidnay et al., 2019). An additional 

consideration when choosing an appropriate method is whether CO2 is being removed with the 

hydrogen sulphide. Some gas treatment plans treat CO2 as a waste gas, while others may use it in other 

chemical processes, thus attempting to extract it at a later stage. It is advantageous to remove CO2 if it 

is in high concentration, as the CO2 additionally forms a weak corrosive acid when exposed. Despite 

all the considerations, absorption is the most conventional method used for this removal (Austrheim, 

2006). Once treated, the amount of acid gas should not exceed 4ppm by volume (Mokhatab et al., 2015).  
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Figure A.2 Amine process plant for the extraction of H2S from untreated natural gas  extracted from 
(Mokhatab et al., 2015). 

Figure A.2 depicts a typical amine process plant where an aqueous amine solution is a solvent used for 

the absorption of hydrogen sulphide and carbon dioxide from natural gas feeds. The amine absorbs the 

H2S and CO2 from the filtrated natural gas, allowing a treated natural gas to leave the top of the absorber 

and a rich amine solution recovered at the bottom.   These process conditions are selected such that H2S 

removal is prioritised, thus, as much as 2 mol % of CO2 can be found in the treated gas stream 

(Mokhatab et al., 2015). The rich amine is passed through a regulator, which removes the absorbed H2S 

allowing for the recycling of a lean amine solution back to the absorber. Additional modifications can 

be added to this process for specialised conditions. A second absorption step can be added if the 

concentration of H2S is difficult to reduce. It should be noted that the amine process is the most 

traditional method, however, when CO2 content is high, other methods, such as implementing physical 

solvents and solid bed absorption, is preferred (Peters et al., 2011).  

A.1.3. Additional and optional processes 

Natural gas compositions can vary from different locations, making additional treatments necessary 

depending on the circumstances. For instance, in the US Midwest, North Sea, Eastern Europe and South 

East Asia, the natural gas deposits have a higher nitrogen concentration (Mokhatab et al., 2015). The 

natural gas extracted from these reserves must have the excess nitrogen removed as this causes several 

issues such as increased compression costs and lower recovery of LPG. This is also true for compounds 

such as helium and mercaptans, which both require additional processes for separation from the 

valuable hydrocarbons(Rufford et al., 2012). 
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A.2. Chemical Interactions 

Understanding intermolecular forces between specific molecules are imperative as these forces are the 

causes of non-ideal behaviour in chemical systems, and affect parameters such as pure component and 

mixture melting and boiling points(Hunter, 2004). These intermolecular forces are either repulsive or 

attractive and can vary in strength depending on the type of molecule, the electronegativity of the 

molecule and the distance between molecules. At low pressures and high temperatures intermolecular 

forces are more prominent in liquids and solids due to the relative closeness of molecules as opposed 

to gas which has a greater distance between them (Ahlrichs et al., 1977). 

There are 3 main types of intermolecular forces, dispersion forces, dipole-dipole interactions and 

hydrogen bonding.  

Table A.1 Strength comparison for the respective intermolecular forces (Liu, 2022). 

Types of Forces  Applied to  Force strength  

Dispersion Forces All molecules  0.1-5 kJ/mol  

Dipolar Forces  Polar Molecules  5-20 kJ/mol 

Hydrogen bonding  Polar molecules typically with Hydrogen bonded to 

Nitrogen, oxygen or fluorine  

5-50 kJ/mol 

 

These intermolecular forces are not present in all molecules but depend on the molecule arrangement. 

As seen in Table A.1., these forces also differ in strength, where hydrogen bonding is the strongest 

while dispersion forces are the weakest. Despite being the weakest, dispersion forces are the most 

prevalent and thus make up the vast majority of attractive forces in most interactions (Soo, 2011) 

 

A.2.1. Dispersion forces 

Dispersion forces, also known as London forces, are the most prevalent despite being the weakest 

intermolecular forces. These forces form from the instantaneous and induced dipoles that non-polar 

molecules experience, as shown in Figure A.3. These usually occur as the electron density for all 

molecules constantly shifts, and in these brief moments, an instantaneous dipole is formed (Liu, 2022). 

This instantaneous dipole polarises nearby molecules, forming an induced dipole within the molecule 

structure. This causes a short-lived attractive force between the two molecules. The strength of this 

force depends on the ease of polarisation and the relative surface area of a molecule. Larger molecules 

are easier polarised as the electrons surrounding the nucleus are freer. Additionally, more linear 

molecules, as opposed to more branched molecules, have stronger dispersion forces (Liu, 2022). 
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Despite being the weakest of the Van der Waals forces in most cases, except in the case of highly polar 

molecules, dispersion forces are the most dominant (Kontogeorgis and Folas, 2010). 

 

 

 

 

 

 

 

A.2.2. Dipole-Dipole forces  

Dipole-Dipole forces are another type of Van der Waals force experienced by polar molecules. Polar 

molecules have a permanent dipole, forming an attraction between itself and other polar molecules. 

These forces are more significant than a dispersion force as the electromagnetic force is more 

permanent. The strength of dipole-dipole forces is dependent on the dipole moment, which measures a 

molecule's overall polarity. The effect of dipole-dipole forces can be quite significant when molecules 

have a dipole moment above 1 Debye (Kontogeorgis and Folas, 2010).  

It should be noted that there is a variation of Van der Wall force known as Dipole-induced Dipole 

forces. This is caused by a polar molecule causing a non-polar molecule to polarise, leading to an 

attractive force between the two molecules. However, these forces make up the most minor contribution 

when it comes to Van der Waals attractive forces, rarely making up more than 7 % (Kontogeorgis and 

Folas, 2010). 

A.2.3. Hydrogen bonding  

Hydrogen bonding is the strongest intermolecular force and is experienced between molecules with a 

hydrogen bonded to an oxygen, nitrogen or fluorine atom. The high electronegativity of these elements 

allows for polarisation to occur with the hydrogen side becoming positive and the O, N or F side 

becoming negative. This results in an attraction between the positive side of one molecule and the 

negative side of another.  

For this study, hydrogen bonding features prominently in the mixtures studied. Due to the inclusion of 

water, TEG and methanol which are known as oxygenated molecules. These molecules can self-

Figure A.3 Dispersion forces causing instantaneous dipole extracted from (LibreTexts, 

2022). 
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associate, which is a type of hydrogen bonding that occurs when a molecule can behave as an  electron 

acceptor and donor, such as diols, alcohols and acids (Soo, 2011). Additionally, molecules cross-

associate, which is when they hydrogen bond with molecules that are either electron acceptors or 

donors, typical of ketones and aldehydes (Soo, 2011). In this study, molecule combinations such as 

Water-TEG, Water-Methanol and Methanol-TEG would cross-associate. 

A.3. Component interactions  

With multicomponent systems, the interactions between the various components can become very 

complex. This can be somewhat simplified by looking at individual members and their interactions.  

A.3.1. Methanol Interactions  

 

A.3.1.1. Methanol with Light Hydrocarbons (Methane, Ethane, Propane) 

The mixing of light hydrocarbons and methanol is a well-known process occurrence in the natural gas 

industry, however, detailed information on their intermolecular interactions during the dehydration 

process with TEG is limited. Methane, ethane and propane are non-polar molecules due to their 

symmetrical shape and lack of atoms with strong electronegativities. This results in only London forces 

and induced dipole-dipole forces being present between the methanol and light hydrocarbon molecules.  

However, a number of studies investigate other aspects of mixtures, including methanol and light 

hydrocarbons. The study by (Kondori et al., 2019) investigated the dissociation of methane hydrate, 

including interactions between the inhibitor methanol and the hydrate. The study concluded that 

introducing methanol into the methane hydrate system resulted in new hydrogen bonds between the 

water and methanol. This caused an earlier decomposition of the hydrate lattice than without methanol. 

This was due to the stronger forces between the methanol and water as compared to the methane and 

water interactions. A similar study by (Dai et al.,  2020) investigated the effect structural properties of 

alcohols had on the decomposition of natural gas hydrates. The study found that the rate of 

decomposition was inversely proportional to the chain length. This was due to longer chains having a 

lower polarity and, thus, weaker hydrogen bonds between the methanol and water molecule. And 

finally, a study by (Frost et al., 2014) conducted VLE experiments with a methane, water and methanol 

mixture. The study used the Cubic Plus Association EoS which is typically used due to its ability to 

predict association in chemical equilibrium systems. The CPA model showed a good relationship 

between the predictive and experimental data showing the importance of accounting for associating 

components. These studies show the strong effect methanol has on light hydrocarbons and the 

importance of accounting for their interactions.  
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A.3.1.2.    Methanol with water  

The interactions between water and methanol are of great interest due to methanol's inhibiting properties 

for clathrate formation. Methanol and water are both associating molecules (with hydrogen bonding) 

and these interactions facilitate the inhibiting of clathrate hydrate. The study by (Tanaka and Gubbins, 

1992) examined methanol-water mixtures with specific detail about how water-water interactions 

influence the mixture behaviour. This study focused on the structure and thermodynamic properties of 

these mixtures. The main conclusion drawn was that water-water interactions, which include hydrogen 

bonding, are just as important as methanol-water interactions when determining the thermodynamic 

behaviour of the mixtures. Another study by (Pálinkás et al., 1991) simulated the dynamics of water-

methanol mixtures. The study used mole fractions of 0.1 and 0.9 methanol to water in-order to 

investigate the difference between a pure component and a mixture. The study found that the methanol 

rich-mixture caused the water molecules within it to act more like a methanol molecule than a water 

molecule. This was due to the water molecule building linear structures. Opposed to this, the water-rich 

mixture caused some defects in the hydrogen bond network as methanol molecules filled the spaces that 

water molecules would typically inhabit. Finally, a study by (Besford et al., 2022) investigated the 

dipolar dispersion forces in methanol-water mixtures. The study accomplished this by simulating the 

interactions and concluded that the addition of methanol causes greater self-associating between water 

molecules. In addition, water molecules had greater dipole interactions within a mixture, increasing in 

strength with higher concentrations of methanol. In contrast, methanol interactions become weaker as 

the pure component was diluted with water. These studies highlight a fairly complicated set of 

interactions between the methanol and water in mixture.  

A.3.2. Tri-ethylene glycol interactions  

A.3.2.1. Tri-Ethylene glycol and light hydrocarbons 

The mixture of light hydrocarbons and tri-ethylene glycol is commonly encountered in the natural gas 

industry however, detailed information on their intermolecular interactions during the dehydration 

process is limited in the literature. Methane, ethane and propane are non-polar molecules due to their 

symmetrical shape and lack of atoms with strong electronegativities. This results in only London forces 

and induced dipole-dipole forces being present between the triethylene glycol and light hydrocarbon 

molecules.  

However, a number of studies have investigated other aspects of mixtures, including TEG and light 

hydrocarbons. The study by (Olsen et al., 2016) investigated the free energy of solvation and Henry's 

law solubility constants between TEG and methane. The study simulated the molecular dynamics 

between the respective components and found the free energy of solvation was negative. This meant 

TEG was more energetically favourable to reside in methane or water as a solvent. Another study by 

(de Oliveira et al., 2021) investigated the phase behaviour of natural gas in a glycol system. The study 
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accomplished this by modelling the interactions using the CPA, SRK, NRTL and PR models. The study 

found that the CPA model had the most consistent prediction ability, highlighting the importance of 

accounting for the association compounds.   

A.3.2.2. Tri-Ethylene glycol and water  

The interactions between water and tri-ethylene are of great interest due to TEG's hygroscopic nature. 

TEG and water are both associating molecules. The interaction between these two molecules allows for 

the absorption of water. TEG and water are associating molecules due to the hydrogen bond between 

them. This results in the molecules experiencing all three types of molecular forces. There is very 

limited information on the interactions between ethylene glycol and water, with the majority available 

for solubility measurements. However, other studies investigating different aspects of these mixtures 

can be used to evaluate some assumptions. A study by (Kruger et al., 2018) measured and modelled an 

ethylene glycol, water and methane system. The system was investigated at high pressures and used the 

Cubic Plus Association (CPA) equation of state to model the experimental data. The CPA model fit 

absolute average relative deviation ranged from 5-40%, with the model usually overestimating the 

experimental values. The study shows the limitation associated with the CPA model and the difficulty 

of accurately describing the interactions of associating systems. A similar study by (Folas et al.,2007) 

conducted HPVLE experiments of an ethylene glycol, water and methane system with modelling. The 

study focused on the CPA and Soave-Redlich-Kwong equation of state using a Huron Vidal mixing 

rule. It concluded that both models adequately modelled the data with the CPA model requiring just 

binary interaction parameters. This study differs in conclusions from (Kruger et al., 2018), however, 

each study used differing molar compositions and pressures. This shows the variability in 

intermolecular interactions depending on the conditions and concentrations of each component. It 

should be noted that these studies used ethylene glycol and not tri-Ethylene glycol, which as mentioned 

is not well studied in the literature. As these components have similar characteristics and behaviours 

and are constituted of similar functional groups, it is assumed that they exhibit broadly similar 

intermolecular forces with water. 

A.3.2.3. Tri-Ethylene Glycol and Methanol  

As mentioned, depending on natural gas composition and climate conditions, it may be necessary for 

the gas processing steps to include methanol injection upon extraction to inhibit clathrate formation, 

with down-stream dehydration by TEG.  Hence the interaction between methanol and TEG becomes 

important, especially within natural gas mixtures. Both TEG and methanol are polar molecules due to 

asymmetrical shape and high electronegativity difference between the oxygen and hydrogen atoms. 

This results in both molecules experiencing all three types of major intermolecular forces. Studies 

dealing with these interactions directly are scarce thus, the studies previously mentioned such as 

(Kruger et al., 2018)  and (Folas et al.,2007) are used to accentuate these intermolecular interactions by 
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considering other aspects. Through the modelling and experimental work, these studies showed the 

fairly complex and hard-to-predict interactions between methanol and TEG, warranting further study 

of these interactions in the natural gas setting.  

A.4. Phase equilibria and thermodynamic modelling  

The fundamental understanding of the thermodynamic properties of various fluid mixtures is imperative 

for a number of reasons. This allows for the design of methodologies for highly accurate thermodynamic 

data to be measured, modelled and interpreted, and enables for better design and optimisation of various 

chemical process, units which is a costly and labour-intensive practice. the inter-molecular forces 

between the constituent species of the process can be achieved via studying this mixture combination 

which helps develop an improved perception of the results obtained and trends shown in the results of 

a chemical thermodynamics study.  

A.4.1. Principles of Phase Equilibrium  

Equilibrium is a state in which no macroscopic changes occur within the properties of an isolated system 

over a given period (Smith et al., 2019). During this condition, all drivers for change are balanced; thus, 

the state of the system is consistent. These include the pressure, temperature and phase compositions 

remaining consistent at the macroscopic scale (Smith et al., 2019). However, at the microscopic scale, 

there are constant changes with individual molecules changing phase, energy states and locations. This, 

however, results in a fixed state for various properties when all molecules are considered.  

The concept of phase equilibrium is useful when looking theoretically and practically at various 

systems, as it allows for simplifying reasonably complex systems into ordered behavioural structures. 

However, it should be noted that true phase equilibrium is never achieved in a practical setting as it is 

impossible to have a totally isolated system in reality. The practical goal in experimental phase 

equilibrium studies is to observe and measure the system at conditions as close to equilibrium as 

possible within the uncertainty limitations of the experimental design.  

A.4.2. Criterion for phase equilibrium  

  This state of phase equilibrium can be shown mathematically through the implementation of various 

equations. These equations are expressed in terms of thermal, mechanical and chemical equilibrium. 

Assuming a closed system at equilibrium with two known phases α and β and making assumptions that 

the systems are constant in terms of pressure and temperature, the following equations indicate 

equilibrium conditions (Smith et al., 2019):  

 𝑇α = 𝑇β = 𝑇𝞹         Thermal Equilibrium 

 

(A-1) 

 𝑃α = 𝑃β = 𝑃𝞹        Mechanical Equilibrium (A-2) 
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For chemical equilibrium, the concept of Gibbs energy which is related to temperature and pressure 

through the following equation, must be evaluated:  

 𝑑(𝑛𝐺) = (𝑛𝑉)𝑑𝑃 − 𝑛(𝑆)𝑑𝑇 

 

(A-3) 

When considering that a system is a single phase and open, meaning molecules can enter or leave the 

system at will from the surrounding, the Gibbs energy equations becomes a function of 𝑛𝑖 Which is the 

number of a known chemical species 𝑖. The equation is now represented by the following:  

 𝑛𝐺 = 𝑔(𝑃, 𝑇, 𝑛𝑖) 

 

(A-4) 

The differential of which is shown below: 

 𝑑(𝑛𝐺) = (𝑛𝑉)𝑑𝑃 − (𝑛𝑆)𝑑𝑇 + ∑ 𝜇𝑖𝑑𝑛𝑖

𝑖

 

 

(A-5) 

In the equation 𝜇𝑖 represents the chemical potential of the species 𝑖 which is given by:  

 
[
𝜕(𝑛𝐺)

𝜕𝑛𝑖
]

𝑃,𝑇,𝑛𝑖

= 𝜇𝑖 

 

(A-6) 

 

The last criterion for phase equilibrium, the chemical equilibrium, can now be expressed:  

 𝜇α = 𝜇β = 𝜇𝞹        Chemical Equilibrium   (𝑖=1,2….N) 

 

(A-7) 

 

A.4.3. Fugacity and vapour-liquid equilibrium (pure and mixtures)  

The use of chemical potential as a criterion for phase equilibrium is beneficial theoretically. However, 

due to the relation chemical potential has with immeasurable variables which have unknown absolute 

values, an absolute value for chemical potential is impossible, (Narasigadu, 2006), Thus it is an 

excellent theoretical representation of equilibrium but proves to be difficult to apply mathematically.   

For this reason, the quantity termed fugacity was developed, which is related to chemical potential using 

the following equation assuming constant temperature (Smith et al., 2019):  

 𝜇𝑖 = Γ𝑖(𝑇) + 𝑅𝑇 𝑙𝑛(𝑓𝑖) (A-8) 
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Fugacity can be defined as the likelihood of the transfer of molecules from one phase of a system into 

the other (Ahmed, 2010). The components of a system can thus be identified as phases with high 

component fugacity and low component fugacity, where there is defusal between these phases until 

there is equal fugacity in each of the different phases. Once this condition of stable and equal fugacity 

is reached, the system can be considered in thermodynamic equilibrium. This can be expressed as:   

 𝑓𝑖
α = 𝑓𝑖

β
= 𝑓𝑖

𝞹  

 

(A-9) 

The fugacity coefficient of a known component i is depicted as (𝜑𝑖). This variable is used to determine 

the non-ideality and magnitude of departure for a molecule of component (i) towards its surrounding 

molecules. This is depicted by the term( 
𝑓𝑖̂

𝑃𝑖
). For a vapor and liquid phase, the fugacity coefficient can 

be depicted using the following equation:  

 𝜑𝑖̂
𝑉𝑎𝑝𝑜𝑢𝑟 =

𝑓𝑖̂

𝑝𝑖
=

𝑓𝑖̂

𝑦𝑖𝑃
     Vapour Relations 

 

(A-10) 

Where 𝜑𝑖̂
𝑉𝑎𝑝𝑜𝑢𝑟

 is the fugacity coefficient in the vapour phase of component i; P is the pressure of the 

system and 𝑦𝑖 is the mole fraction of component i in the vapour phase.  

 𝜑𝑖̂
𝑙𝑖𝑞𝑢𝑖𝑑 =

𝑓𝑖̂

𝑝𝑖
=

𝑓𝑖̂

𝑥𝑖𝑃
        Liquid Relations 

 

(A-11) 

Where 𝜑𝑖̂
𝐿𝑖𝑞𝑢𝑖𝑑

 is the fugacity coefficient in the liquid phase of component i; P is the pressure of the 

system and 𝑦𝑖 is the mole fraction of component i in the liquid phase. 

 

 These Equations 2.10 and 2.11 can be related to each other to produce the following relation:  

 𝑃𝑦𝑖𝜑𝑖
𝑣𝑎𝑝𝑜𝑢𝑟 = 𝑃𝑥𝑖𝜑𝑖

𝑙𝑖𝑞
 

 

(A-12) 

This can be simplified to:  

 𝑦𝑖 = 𝐾𝑖𝑥𝑖 

 

(A-13) 

Where 𝐾𝑖 =
𝜑𝑖

𝑙𝑖𝑞

𝜑
𝑖
𝑣𝑎𝑝𝑜𝑢𝑟 Which is the equilibrium ratio 
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Mixtures  

Hydrocarbon gases are usually extracted in mixtures, thus the phase behaviour of these mixtures is 

relevant to this study. The gas mixture, at a specific temperature and pressure, can be in equilibrium 

with a liquid hydrocarbon mixture, the absorbing liquid, water etc. This equilibrium is unlikely to have 

the same molar composition in each phase due to differences in volatilities of the respective 

components. The fugacity of a component i in a mixture can be defined using the following equation:  

 𝑑𝜇𝑖 = 𝑅𝑇 𝑑 𝑙𝑛𝑓𝑖 

 

(A-14) 

Where the 𝑑𝜇𝑖 represents the change in chemical potential of component i within the specified mixture; 

R represents the universal gas constant; T is temperature, and 𝑑 𝑙𝑓𝑖 represents the change in the natural 

logarithm of fugacity of component i in a mixture.  

By substituting the pure component chemical potential with the pure component excess molar Gibbs 

free energy the following equation can be derived: 

 
𝜇𝑖(𝑇, 𝑃, 𝑥) = 𝐺𝐸 + 𝑅𝑇𝑙𝑛 [

𝑓𝑖(𝑇, 𝑃, 𝑥)

𝑓𝑖(𝑇, 𝑃)
] = 𝐺𝑖̅ 

 

(A-15) 

Where 𝐺𝑖̅ is the partial molar Gibbs free energy of component i within a mixture.  

Using equation A.15, the ability to model VLE Data becomes possible using the concepts ideal gas for 

the vapour phase and the ideal solution for the liquid phase.  

 

Ideal gas and ideal solution approaches.  

If a gas is assumed to behave like an ideal gas, then its behaviour can be characterised by the ideal gas 

fugacity. Ideal gas behaviour is only truly approached when a substance is at high temperatures and low 

pressures. The ideal gas chemical potential is the same as the ideal gas partial molar Gibbs free energy 

in respect to component i. The ideal gas fugacity can be expressed in the following equation using 

computations from (Dahm and Visco, 2014). 

 𝑓𝑖
𝑖𝑔

(𝑇, 𝑃, 𝑦) = 𝑦𝑖𝑓𝑖
𝑖𝑔

(𝑇, 𝑃) 

 

(A-16) 

 

Where the superscript ig represents the ideal gas.  
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The fugacity of a liquid can similarly be represented as an ideal solution for low to moderate pressures. 

This is known as the Lewis-Randall rule and is expressed as:  

 𝑓𝑖
𝑖𝑑

(𝑇, 𝑃, 𝑥) = 𝑥𝑖𝑓𝑖
𝑖𝑑(𝑇, 𝑃) 

 

(A-17) 

Where the super script id reflects the ideal solution.  

Using equation A.15 the system pressure can be equated to the pure component fugacity for an ideal 

gas. Thus, the fugacity of the specified component i can be expressed as an ideal gas:  

 𝑓𝑖
𝑖𝑔

(𝑇, 𝑃, 𝑦) = 𝑃𝑖 

 

(A-18) 

Gases generally do not behave ideally, thus residual properties are used to quantify the deviations from 

ideal gas, and excess properties are used to quantify the deviations from ideal solution behaviour.  

Therefore the excess chemical potential of component i in a mixture can be shown using the following 

equation (Dahm and Visco, 2014):  

 
𝜇𝑖

𝐸(𝑇, 𝑃, 𝑥) = 𝑅𝑇 ln [
𝑓𝑖 ̂(𝑇, 𝑃, 𝑥)

𝑓𝑖(𝑇, 𝑃)
] = 𝑅𝑇 ln 𝛾𝑖 

 

(A-19) 

Where 𝛾𝑖is the activity coefficient of component i in the mixture; 𝜇𝑖
𝐸  represents the excess chemical 

potential.  

 

The residual properties are used to represent the deviation from ideal gas in the vapour phase. This is 

represented by the following formula where the residual chemical potential of component i in solution 

can be determined:  

 
𝜇𝑖

𝑅(𝑡, 𝑃, 𝑦) = 𝑅𝑇 ln [
𝑓𝑖 ̂(𝑇, 𝑃, 𝑥)

𝑃𝑦𝑖
] = 𝑅𝑇 ln 𝜑̂𝑖 

 

(A-20) 

 

Where 𝜑̂𝑖 is the fugacity coefficient of component i in the solution. 

The ratio of the fugacity coefficient of component i in a mixture to its ideal solution value is known as 

the activity coefficient. Thus, the fugacity coefficient accounts for deviations from the ideal solution, 

expressed as: 

 𝑓𝑖(𝑇, 𝑃, 𝑥) = 𝑓𝑖𝑑
𝑖
 𝛾𝑖 = 𝑥𝑖𝑓𝑖(𝑇, 𝑃)𝛾𝑖 (A-21) 
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Finally the fugacity coefficient and activity coefficient are sufficient to model the VLE for low to 

moderate pressure systems. Thus, the mixture chemical equilibrium condition is equal to the fugacity 

mixture conditions.  

 𝑓𝑖̂(𝑇, 𝑃, 𝑥)𝑃ℎ𝑎𝑠𝑒 1 = 𝑓𝑖̂(𝑇, 𝑃, 𝑥)𝑃ℎ𝑎𝑠𝑒 2  

 

(A-22) 

 

Using equations (A-21) and (A-22), the following expressions are obtained. 

 𝑓𝑖̂(𝑇, 𝑃, 𝑧)𝑃ℎ𝑎𝑠𝑒 1 = 𝑓𝑖̂(𝑇, 𝑃, 𝑧)𝑃ℎ𝑎𝑠𝑒 2  

 

(A-23) 

 𝑧𝑖
𝑃ℎ𝑎𝑠𝑒 1𝑃𝜑̂𝑖

𝑃ℎ𝑎𝑠𝑒 1 = 𝑧𝑖
𝑃ℎ𝑎𝑠𝑒 2𝑃𝜑̂𝑖

𝑃ℎ𝑎𝑠𝑒 2 

 

(A-24) 

Where z can be either the liquid or vapour phase composition.  

 

At equilibrium the phases will have the same pressure thus equation (A.24) can be determined to be:  

 𝑧𝑖
𝑃ℎ𝑎𝑠𝑒 1𝜑̂𝑖

𝑃ℎ𝑎𝑠𝑒 1 = 𝑧𝑖
𝑃ℎ𝑎𝑠𝑒 2𝜑̂𝑖

𝑃ℎ𝑎𝑠𝑒 2 

 

(A-25) 

Thus when using the fugacity coefficient in a mixture , the mole fraction will be included at chemical 

equilibrium (Dahm and Visco, 2014). The mole fraction will thus not be equal unless an azeotrope is 

present. Reducing the fugacity expressions into pressure, composition and temperature equations is still 

an issue; however, different approaches can be used to remedy this.  

A.4.4. Phase equilibria fundamentals and thermodynamic modelling  

The fundamental understanding of thermodynamic properties of various fluid mixtures and their 

relation to one another is imperative for a number of reasons. These include correctly predicting their 

behaviour at various conditions such as temperature and pressure which is accomplished using first 

principles and appropriate models such as equations of states.  
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A.4.5. Fugacity and vapour-liquid equilibrium (pure and mixtures)  

The use of chemical potential as a criterion for phase equilibrium as shown in Appendix A, is beneficial 

theoretically. However, due to the relation chemical potential has with immeasurable variables which 

have unknown absolute values, an absolute value for chemical potential is impossible, (Narasigadu, 

2006). Thus, it is an excellent theoretical representation of equilibrium but proves to be difficult to apply 

mathematically.   

For this reason, the quantity termed fugacity was developed, which is related to chemical potential using 

the following equation assuming constant temperature (Smith et al., 2019).:  

 𝜇𝑖 = Γ𝑖(𝑇) + 𝑅𝑇 𝑙𝑛(𝑓𝑖) (A-26) 

   

Fugacity can be defined as the likelihood of the transfer of molecules from one phase of a system into 

the other (Ahmed, 2010). The components of a system can thus be identified as phases with high 

component fugacity and low component fugacity, where there is defusal between these phases until 

there is equal fugacity in each of the different phases. Once this condition of stable and equal fugacity 

is reached, the system can be considered in thermodynamic equilibrium. This occurs at thermal, 

mechanical and chemical equilibrium. This can be expressed as:   

 𝑓𝑖
α = 𝑓𝑖

β
= 𝑓𝑖

𝞹  

 

(A-27) 

The fugacity coefficient of a known component i is denoted as (𝜑𝑖). This variable is used to determine 

the non-ideality (magnitude of departure) for a molecule of component (i) from its surrounding 

molecules. This is depicted by the term ( 
𝑓𝑖̂

𝑃𝑖
). For a vapor and liquid phase, the fugacity coefficient can 

be denoted using the following equation:  

 𝜑𝑖̂
𝑉𝑎𝑝𝑜𝑢𝑟 =

𝑓𝑖̂

𝑝𝑖
=

𝑓𝑖̂

𝑦𝑖𝑃
     Vapour Relations (A-28) 

   

Where 𝜑𝑖̂
𝑉𝑎𝑝𝑜𝑢𝑟

 is the fugacity coefficient in the vapour phase of component i; P is the pressure of the 

system and 𝑦𝑖 is the mole fraction of component i in the vapour phase.  

 𝜑𝑖̂
𝑙𝑖𝑞𝑢𝑖𝑑 =

𝑓𝑖̂

𝑝𝑖
=

𝑓𝑖̂

𝑥𝑖𝑃
        Liquid Relations 

 

(A-29) 

Where 𝜑𝑖̂
𝐿𝑖𝑞𝑢𝑖𝑑

 is the fugacity coefficient in the liquid phase of component i; P is the pressure of the 

system and 𝑦𝑖 is the mole fraction of component i in the liquid phase. 
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 Equations A.28 and A.29 can be related to each other to produce the following relation:  

 𝑃𝑦𝑖𝜑𝑖
𝑣𝑎𝑝𝑜𝑢𝑟

= 𝑃𝑥𝑖𝜑𝑖
𝑙𝑖𝑞

 

 

(A-30) 

This can be simplified to:  

 𝑦𝑖 = 𝐾𝑖𝑥𝑖 

 

(A-31) 

Where 𝐾𝑖 =
𝜑𝑖

𝑙𝑖𝑞

𝜑
𝑖
𝑣𝑎𝑝𝑜𝑢𝑟 which is the equilibrium ratio 

A.4.6. Gamma- Phi (Combined method) modelling  

The gamma-phi (𝛾 − Φ) method uses an activity coefficient model to express the non-idealities found 

in the liquid phase and generally apply to low to moderate pressure systems. The non-idealities in the 

vapour phase are usually expressed using a suitable equation of state, (Liwanth, 2014).  

In-order to model mixtures in phase equilibrium, a component found in the mixture must have the same 

fugacities in both phases. Thus the following equation can be expressed (Dahm and Visco, 2014):  

 𝑓𝑖
𝑙𝑖𝑞

= 𝑓𝑖
𝑣𝑎𝑝

 

 

(A-32) 

Using the gamma-phi approach, the deviations from an ideal solution are accounted for by the activity 

coefficient (known as 𝛾𝑖). This is presented by the following equation:  

 𝑓𝑖
𝑙𝑖𝑞(𝑇, 𝑃, 𝑥) = 𝑥𝑖𝑓𝑖(𝑇, 𝑃)𝛾𝑖 

 

(A-33) 

In addition, the deviations from an ideal gas are accounted for by the fugacity coefficient (known as 

phi) for component i in a mixture.   

 𝑓𝑖
𝑣𝑎𝑝(𝑇, 𝑃, 𝑦) = 𝑦𝑖𝑓𝑖𝜑̂𝑖 

 

(A-34) 

Equating equation 2.8 and 2.9 yields for the following equation:  

 𝑥𝑖𝑓𝑖(𝑇, 𝑃)𝛾𝑖 = 𝑦𝑖𝑓𝑖𝜑̂𝑖 

 

(A-35) 

This equation allows for a more realistic modelling of VLE behaviour in mixtures at low to moderate 

pressures (Dahm and Visco, 2014). In modelling software such as Aspen Plus ®, there are in-inbuilt 

algorithms to execute the gamma-phi formulation to obtain the modelling parameters by regression. 

These modelling parameters minimise the deviation between the experimental data and model values, 

allowing for a better fit.  
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A.4.7. phi-phi Modelling 

The phi-phi (𝜑 − 𝜑) model approach uses an equation of state to represent both the vapour and liquid 

phase non-idealities. These deviations are represented through fugacity coefficients. The following 

equations represent this:  

 𝑓𝑖
𝑣𝑎𝑝(𝑇, 𝑃, 𝑦) = 𝑦𝑖𝑃𝑖𝜑̂𝑖

𝑣𝑎𝑝
 

 

(A-36) 

 𝑓𝑖
𝑙𝑖𝑞𝑢𝑖𝑑(𝑇, 𝑃, 𝑦) = 𝑥𝑖𝑃𝑖𝜑̂𝑖

𝑙𝑖𝑞𝑢𝑖𝑑
 

 

(A-37) 

Equating these two equations results in the following equation:  

 𝑥𝑖𝑃𝑖𝜑̂𝑖
𝑙𝑖𝑞𝑢𝑖𝑑

= 𝑦𝑖𝑃𝑖𝜑̂𝑖
𝑣𝑎𝑝

 

 

(A-38) 

The pressures for both phases at equilibrium are the same. Thus, the equation becomes:  

 𝑥𝑖𝜑̂𝑖
𝑙𝑖𝑞𝑢𝑖𝑑

= 𝑦𝑖𝜑̂𝑖
𝑣𝑎𝑝

 (A-39) 

 

An appropriate equation of state is usually required to calculate the 𝜑̂𝑖
𝑙𝑖𝑞𝑢𝑖𝑑

and 𝜑̂𝑖
𝑣𝑎𝑝

 for accurate 

modelling.  

A.5. Property methods used in this study  

The intermolecular forces between the respective components result in the non-ideal behaviour of 

specific systems (Kontogeorgis and Folas, 2010). The non-ideal behaviour makes it challenging to 

predict system behaviours at various compositions, particularly the non-idealities caused by the 

hydrogen bonding. At moderate temperatures and low pressures, these non-ideal behaviours are 

minimal. However, most natural gas processes occur at high pressure and low temperatures where the 

non-ideality is most prevalent (Mokhatab et al., 2015). Thus, to accurately model these systems, an 

equation of state is required to describe the mixture behaviour when operating at high pressures. When 

specifically considering non-polar hydrocarbons, the Peng and Robinson and Soave-Redlich-Kwong 

(SRK)equations of state are the most popular and commonly used (Mokhatab et al., 2015). However, 

the Peng-Robinson EoS does not specifically consider hydrogen bonding, which makes it poor at 

estimating systems that have water, TEG or methanol (Soo, 2011). The Cubic Plus Association (CPA) 

EOS and PC-SAFT model do possess this consideration and are commonly used for systems that 

include water, glycols and methanol (Mokhatab et al., 2015).  

For these reasons, this study focused on describing the phase behaviours of the measured systems with 

CPA EoS, PC-SAFT model and Peng-Robinson as a comparative reference, to demonstrate both the 

abilities and limitations of these models compared to experiential data. SRK was omitted because the 
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CPA is an extension of this model by including an association term and has proved to be superior than 

conventional SRK for natural gas dehydration systems (Kontogeorgis and Folas, 2010).  

A.5.1. Peng and Robinson Equation of state 

The Peng and Robinson equation of state (1976) (Lopez-Echeverry et al., 2017) has become one of the 

most successful models applied to phase equilibria (Walas, 1991). It improved the predictions for liquid 

phase behaviour by implementing an expression for volume dependency. The Peng Robinson equation 

of state is as follows (Kontogeorgis and Folas, 2010):  

 
𝑃 =

𝑅𝑇

𝑉 − 𝑏
−

𝑎(𝑇, 𝑤)

𝑉(𝑉 + 𝑏) + 𝑏(𝑉 − 𝑏)
 

 

(A-40) 

Where the constant, b, depends on the molecular size and is temperature-independent: 

𝑏 = 0.07790(
𝑅𝑇𝑐

𝑃𝑐
) 

And the constant, a, is temperature dependent and related to the intermolecular forces of attraction:  

 𝑎(𝑇, 𝑤) = 𝑎𝑐𝛼(𝑇, 𝑤) 

 

(A-41) 

 

A.5.2. Association models  

The PC-SAFT and CPA models are known as association models due to their ability to model systems 

with hydrogen bonding generally and accurately. These include systems that have glycols, alcohols, 

water, acids, amines and other molecules with hydrogen bonding (Kontogeorgis and Folas, 2010). The 

PC-SAFT and CPA models were used in this work due to the association model ability and common 

use for modelling natural gas systems.  

A.5.2.1.1 The Perturbed-Chain Statistical Associating Fluid Theory (PC-SAFT) model  

The PC-SAFT EoS is an extension of the SAFT EoS, which uses statistical mechanical method such as 

perturbation theory. There are several variations of the SAFT EoS. However, the PC-SAFT EoS differs 

from these by treating fluids as being connected by complex chained structures as opposed to unbound 

spherical particles (Kontogeorgis and Folas, 2010).  
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Despite this difference, the variants of the SAFT EoS use the same common chain and association terms 

as contributions to the Helmholtz energy:  

 ares = asg + achn + aas 

 

(A-42) 

Where the ares is the residual Helmholtz energy; asg is the Helmholtz energy of the dispersion and 

unbound spherical term; achn is the contribution for chain formation and aas is the association's 

contribution  

The expressions for the chain and association terms are as follows:  

 𝑎𝑐ℎ𝑎𝑖𝑛

𝑅𝑇
= ∑ 𝑥𝑖

𝑖

(1 − 𝑚𝑖)ln (𝑔𝑖𝑖(𝑑𝑖𝑖)
ℎ𝑠) 

 

(A-43) 

 𝑎𝑎𝑠𝑠𝑜𝑐

𝑅𝑇
= ∑ 𝑥𝑖

𝑖

[∑(𝑙𝑛𝑋𝑖
𝐴

𝐴𝑖

−
𝑋𝐴𝑖

2
) +

1

2
𝑀𝑖] 

 

(A-44) 

Where the 𝑋𝐴𝑖
is the fraction of molecules of compound i not bonded to site A; and Mi is the number of 

association sites. 𝑋𝐴𝑖
 can be defined as(Kontogeorgis and Folas, 2010):  

 
𝑋𝐴𝑖

=
1

1 + ∑ 𝜌𝑗𝑥𝑗𝑗 ∑ 𝑋𝐵𝑖
 ∆𝐴𝑖𝐵𝑗

𝐵𝑗

 

 

(A-45) 

Where the 𝜌𝑗  is the molar density of compound j; and ∆𝐴𝑖𝐵𝑗  is the association strength between two 

sites from two different associating molecules. This association strength is expressed using the 

following formula:  

 
Δ𝐴𝑖𝐵𝑗 = 𝑑𝑖𝑗

3 𝑔𝑖𝑗(𝑑𝑖𝑗)
𝑠𝑒𝑔

𝐾𝐴𝑖𝐵𝑗[𝑒𝑥𝑝 (
𝜀𝐴𝑖𝐵𝑗

𝐾𝑇
) − 1] 

 

(A-46) 

Where 𝑔(𝜌) is the radial distribution function:  

𝑔(𝜌) =
1

1−1.9𝜂
    ;          𝜂 =

1

4
𝑏𝜌         ;while 𝑏𝑖𝑗 =

𝑏𝑖+𝑏𝑗

2
 

Where,   𝜂 is the reduced fluid density; and b is the co-volume parameter  

The different variations of the SAFT EoS employ either a temperature-dependent or temperature-

independent diameter in the association strength expression. The PC-SAFT EoS uses a temperature-

independent diameter (Soo, 2011). This just replaces the dij.in equation (A.46) 
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A simplified version of the PC-SAFT model is typically used for the mixing rules as it allows for lower 

computing power. This allows for the hard-sphere and association terms to be reduced to: 

 
𝑔ℎ𝑠(𝑑+) =

2 − 𝜂

2(1 − 𝜂)3
 

 

(A-47) 

 

And  

 
𝑎−ℎ𝑠 =

4𝜂 − 3𝜂2

(1 − 𝜂)2
 

 

(A-48) 

These reduced forms affect the chain and association terms allowing for more straightforward 

determination of the association strength term.  

 

A.5.2.1.2 Dispersion Terms  

The dispersion term for the PC-SAFT EoS differs from other variations by accounting for dispersion 

attraction as whole chains rather than individual hard spheres. Thus the Helmholtz energy for the 

dispersion attraction is expressed as (Kontogeorgis and Folas, 2010):  

 𝑎𝑑𝑖𝑠𝑝𝑒𝑟𝑠𝑖𝑜𝑛

𝑘𝑇𝑁
=

𝐴1

𝑘𝑇𝑁
+

𝐴2

𝑘𝑇𝑁
 

 

(A-49) 

Where:  

 𝐴1

𝑘𝑇𝑁
= −2𝜋𝜌𝑚2 (

𝜀

𝑘𝑇
) 𝜎3 ∫ 𝑢̃(𝑥)𝑔ℎ𝑐 (𝑚;

𝑥𝜎

𝑑
) 𝑥2𝑑𝑥

∞

1

 
(A-50) 

 

 𝐴2

𝑘𝑇𝑁
= −𝜋𝜌𝑚 (1 + 𝑍ℎ𝑐

+ 𝜌
𝛿𝑍ℎ𝑐

𝛿𝜌
)

−1

𝑚2 (
𝜀

𝑘𝑇
)

2

𝜎3  
𝛿

𝛿𝜌
[𝜌 ∫ 𝑢̃(𝑥)𝑔ℎ𝑐 (𝑚;

𝑥𝜎

𝑑
) 𝑥2𝑑𝑥

∞

1

] 

 

(A-51) 

 

Where 𝑥 = 𝑟/𝜎 and 𝑢̃(𝑥) = 𝑢(𝑥)/𝜀 which is the reduced intermolecular potential.  

 



124 

 

A.5.2.1.3 Mixing Rules  

The mixing rules for the PC-SAFT EoS are only required for the dispersion term and not the chain or 

association (Kontogeorgis and Folas, 2010). This is true for all variants of the SAFT EoS, which use 

combining rules for the volume and segment energy parameters. The Lorentz-Berthelot rules are 

typically used and are presented as follows:  

 𝜀𝑖𝑗 = √𝜀𝑖𝜀𝑗(1 − 𝑘𝑖𝑗) 

 

(A-52) 

 
𝜎𝑖𝑗 =

𝜎𝑖 + 𝜎𝑗

2
 

 

(A-53) 

Where the 𝑘𝑖𝑗  is the interaction parameter which corrects dispersion energies caused by unlike 

molecules (Kontogeorgis and Folas, 2010).  

The Elliot combining rule is applied to the cross-association strength: 

 ∆𝐴𝑖𝐵𝑗 = √∆𝐴𝑖𝐵𝑖∆𝐴𝑗𝐵𝑗  

 

(A-54) 

 

A.5.2.2. Cubic Plus Association (CPA) EOS  

The CPA model combines the Soave-Redlich-Kwong (SRK) Equation of State and an association term 

similar to that in the SAFT model (Kontogeorgis and Folas, 2010). The model's development allows 

for predicting multicomponent hydrocarbon systems, including highly polar molecules such as water, 

glycols and alcohols. Further targets were (Kontogeorgis and Folas, 2010):  

 Accurate calculations for multicomponent systems using only parameters estimated from 

binary data  

 Simplify mathematical formulas for describing complex compound systems.  

 

The CPA EoS can be expressed for mixtures as follows:  

 
𝑃 =

𝑅𝑇

𝑉𝑚 − 𝑏
−

𝑎(𝑇)

𝑉𝑚(𝑉𝑚 + 𝑏)
−

1

2

𝑅𝑇

𝑉𝑚
(1 +

𝜌𝛿𝑙𝑛𝑔

𝛿𝜌
) ∑ 𝑥𝑖 ∑(1 − 𝑋𝐴𝑖

)

𝐴𝑖𝑖

 

 

(A-55) 

Where the b is the co-volume; 𝑎0is the attractive energy term; R is the Universal Gas constant; T is the 

temperature, 𝑉𝑚 is the molar volume and 𝜌 is the molar density.  

This expression can be broken up into the respective forces, with the first two terms representing the 

SRK Repulsion and SRK attractive forces and the final term representing the SAFT association term. 
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The most important of these terms is the association term for this study. The 𝑋𝐴𝑖
 is the most important 

element in this term, it represents the fraction of sites A on a molecule i that don't form bonds with other 

active sites (Kontogeorgis and Folas, 2010). This is represented by the following term:  

 
𝑋𝐴𝑖

=
1

1 + 𝜌 ∑ 𝑥𝑗𝑗 ∑ 𝑋𝐵𝑖
 ∆𝐴𝑖𝐵𝑗

𝐵𝑗

 

 

(A-56) 

Where ∆𝐴𝑖𝐵𝑗  is association strength between two sites of different molecules expressed as:  

 
∆𝐴𝑖𝐵𝑗= 𝑔(𝜌) [𝑒𝑥𝑝 (

𝜀𝐴𝑖𝐵𝑗

𝑅𝑇
) − 1] 𝑏𝑖𝑗𝛽𝐴𝑖𝐵𝑗  

 

(A-57) 

Where 𝑔(𝜌) is the radial distribution function:  

𝑔(𝜌) =
1

1−1.9𝜂
    ;          𝜂 =

1

4
𝑏𝜌         ;while 𝑏𝑖𝑗 =

𝑏𝑖+𝑏𝑗

2
 

𝑏𝑖𝑗 and 𝜀𝐴𝑖𝐵𝑗  are the volume parameter and association energy for the CPA model and b is the co-

volume parameter. These parameters are only used for associating components and form part of the five 

pure component parameters for the CPA model (Kontogeorgis and Folas, 2010). 

The energy parameter of the CPA EOS is given temperature-dependent Soave-type a(T) expressed as 

follows:  

 
𝑎(𝑇) = 𝑎𝑜 (1 + 𝑐1(1 − √𝑇𝑟))

2

 

 

(A-58) 

Where the 𝑇𝑟 = 𝑇/𝑇𝑐  

It should be noted that the b is temperature independent.   

 

A.5.2.2.1 Mixing rules  

The CPA model uses the conventual mixing rules where the energy parameter 𝑎𝑖𝑗 utilities the geometric 

mean rule while the interaction parameter 𝑘𝑖𝑗  is generally required for self-association compounds such 

as glycols, alcohols and water. These parameters are expressed as follows:  

 𝑎 = ∑ ∑ 𝑥𝑖𝑥𝑗𝑎𝑖𝑗 𝑗𝑖 ;𝑏 =  ∑ 𝑥𝑖𝑏𝑖𝑖  

 

(A-59) 

Where 𝑎𝑖𝑗 = √𝑎𝑖𝑎𝑗(1 − 𝑘𝑖𝑗) 
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A.5.2.2.2 Associating terms 

A.5.2.2.3 Cross associating mixtures   

The Association term within the CPA EOS doesn't include a mixing term, however, when two 

association parameters are present, combining of rules is needed. This is especially needed when there 

is a mixing between two associating compounds, which requires combining the association energy and 

association volume terms in-order to calculate the association strength (∆𝐴𝑖𝐵𝑗)(Kontogeorgis and Folas, 

2010). Thus the CR-1 rule and Elliot combining rules were most commonly used to accurately predict 

mixing properties(Kontogeorgis and Folas, 2010). Thus, the expressions using the CR-1 rule are given 

by:  

 
𝜀𝐴𝑖𝐵𝑗 =

𝜀𝐴𝑖𝐵𝑖 + 𝜀𝐴𝑗𝐵𝑗

2
 

 

(A-60) 

 
 𝛽𝐴𝑖𝐵𝑗 = √𝛽𝐴𝑖𝐵𝑖𝛽𝐴𝑗𝐵𝑗  

 

(A-61) 

 

The cross -association strength is expressed using the Elliot combining rule as follows:  

 ∆𝐴𝑖𝐵𝑗 = √∆𝐴𝑖𝐵𝑖∆𝐴𝑗𝐵𝑗  

 

(A-62) 

 

A.5.2.2.4 Solvation mixtures  

Induced association occurs between self-associating compounds and inert compounds. In 

(Kontogeorgis and Folas, 2010), these are known as solvating mixtures, and a modification of the CR-

1 rule is applied. In this modification, the cross-association volume is determined from experimental 

data and the cross-associating energy is equal to half the value of the association compound in said 

mixture: 

 𝜀𝐴𝑖𝐵𝑗 =
𝜀𝑎𝑠𝑠𝑜𝑐𝑖𝑎𝑡𝑖𝑛𝑔  

2
 

(A-63) 

 

 𝛽𝐴𝑖𝐵𝑗 = 𝐹𝑖𝑡𝑡𝑒𝑑 𝑓𝑟𝑜𝑚 𝑑𝑎𝑡𝑎 (A-64) 

 

The associating strength is determined using the equation (2.52). This method showed accurate results 

for a system where glycols, alcohols and water are present (Kontogeorgis and Folas, 2010) 
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A.6. VLE Modelling  

The Models used in this study, namely the cubic plus association (CPA), Peng Robinson (PR) and 

perturbed-chain statistical association fluid theory (PC-SAFT) were implemented using the Aspen plus 

V12 software. The maximum-likelihood objective function was used for the data correlations using the 

Deming or New Britt-luecke algorithm. The Deming or weighted least squares were used for the 

initialization method. The maximum likelihood objective functions for the expression can be found in 

the equations A-65 and A-66 below.  

𝑂𝑏𝑗 𝐹 =  ∑ 𝑤𝑛

𝑁𝐷𝐺

𝑛=1

∑ [(
𝑇𝐶𝑎𝑙𝑐,𝑖 − 𝑇𝐸𝑥𝑝,𝑖

𝜎𝑇,𝑖
)

2

+ (
𝑃𝐶𝑎𝑙𝑐,𝑖 − 𝑃𝐸𝑥𝑝,𝑖

𝜎𝑃,𝑖
)

2

+ ∑ (
𝑥𝐶𝑎𝑙𝑐,𝑖,𝑗 − 𝑥𝐸𝑥𝑝,𝑖,𝑗

𝜎𝑥,𝑖,𝑗
)

2𝑁𝐶−1

𝑗=1

]

𝑁

𝑖=1
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𝑂𝑏𝑗 𝐹 =  ∑ 𝑤𝑛

𝑁𝐷𝐺

𝑛=1

∑ [(
𝑇𝐶𝑎𝑙𝑐,𝑖 − 𝑇𝐸𝑥𝑝,𝑖

𝜎𝑇,𝑖
)

2

+ (
𝑃𝐶𝑎𝑙𝑐,𝑖 − 𝑃𝐸𝑥𝑝,𝑖

𝜎𝑃,𝑖
)

2𝑁

𝑖=1

+ ∑ (
𝑥𝐶𝑎𝑙𝑐,𝑖,𝑗 − 𝑥𝐸𝑥𝑝,𝑖,𝑗

𝜎𝑥,𝑖,𝑗
)

2

+ ∑ (
𝑦𝐶𝑎𝑙𝑐,𝑖,𝑗 − 𝑦𝐸𝑥𝑝,𝑖,𝑗

𝜎𝑦,𝑖,𝑗
)

2

+ 

𝑁𝐶−1

𝑗=1

𝑁𝐶−1

𝑗=1

] 

(A-66) 

 

Where: Obj F is the objective function minimised used for data regression 

 NDG is the number of data groups in the regression case 

 𝑤𝑛 is the weight of the data group n 

 N is the number of data points in group n 

 NC is the number of components present in the data group 

 T, P,x,y represents the temperature, pressure, liquid mole fraction and vapour mole fraction  

 Calc represents calculated data 

 Exp represents experimentally measured data 

 i is data for data point i 

 j is fraction data for component j 

 𝜎 is the standard deviation of the data.  
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Appendix B : Model Parameters  

B.1. Pure component parameters 

Relevant properties for components of interest in this study. 

Table B.1 Critical properties and acentric factors for components of interest in this study. (Aspen Plus 
V12, DB PURE 38) 

Parameter Units CO2 CH3OH H2O TEG CH4 C2H6 C3H8 

Omega   0.22362 0.56583 0.34486 0.75595 0.01155 0.013257 0.15229 

P critical  MPa 7.38 8.08 22.06 3.32 4.60 4,41 4.25 

T critical K 304.21 512.50 647.10 769.50 190.56 310.159 369.83 

 

Table B.2 Pure component parameters for the CPA and PC-SAFT models 

Chemical 

component 

Methane Ethane Propane  Water  TEG (4C 

association) 

Methanol Carbon 

dioxide (2B 

association) 

CPA 

CPATC (K) 193.162e 310.159d 378.644d 303.409d 747.054d 364.17c 309.935d 

CPAAT - - - 4 4 2 1004 

CPAAC - - - 0.0692d 0.0188d 0.0161c - 

CPAAI (K) - - - 2003.2d 1724.4d 2957.78c - 

CPAPC (Bar) 47.8142e 52.0782d 47.1602d 150.726d 40.7359d 84.8085c 82.0785d 

CPAM 0.45172e 0.591946d 0.642975d 0.380371d 1.13257d 0.340423c 0.772821d 

PC-SAFT 

PCSFTM 1a 1.6069e 2.002e 1.5a 3.18092a 1.9107b 2.7852a 

PCSFTV 3.7039a 3.5206e 3.6184e 2.6273a 4.0186a 3.0633b 2.0729a 

PCSFTU (K) 150.03a 191.42e 208.11e 180.3a 333.17a 231.57b 169.21a 

PCSFAT - - - 4 4 2 1004 

PCSFAU (K) - - - 1804.22a 2080.03a 2283.6b - 

PCSFAV - - - 0.0942a 0.0235a 0.041b - 

a:(Grenner et al., 2007); b:(Tafazzol and Nasrifar, 2011); c:(Folas et al., 2006); d:  (Qvistgaard et al., 

2023); e:(Reid et al., 1989) 
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B.2. Binary interaction parameters  

Table B.3 Binary parameters used for the CPA model. 

Component i Component j AIJ BIJ Pressure 

Limits (Bar)  

Temperature 

Limits 

(K) 

METHANE ETHAN-01 0 0 - - 

ETHAN-01 PROPA-01 0 0 - - 

METHANE PROPA-01 0 0 - - 

WATER METHANE 0.7988 0 0.07 - 1334 274.19-483.15 

WATER ETHAN-01 0.54729 0 3.2-49.5 274.26-373.15 

WATER PROPA-01 0.1135 0 - 278-366 

TRIET-01 WATER -0.211 0 0.85 371-417 

TRIET-01 METHANE 0.13574 0 1.1-202 298-398 

TRIET-01 ETHAN-01 0.135 0 1.1-204.8 298-398 

TRIET-01 PROPA-01 0.153 0 0.2-64.5 298-398 

METHANOL WATER -0.094 0 0.04-85.1 298.15-523.15 

METHANOL METHANE 0.0134 0 6.9-2935 274.19-483.15 

METHANOL PROPA-01 0.059 0 - - 

(Qvistgaard et al., 2023) 
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B.3.  Raw vapour pressure with model predictions experimental data  

Table B.4 Experimental and calculated vapour pressure data with experimental uncertainty for 

methanol. 

Texp 

(K)a 

Pexp (MPa) Uc(P) 

(MPa) 

Plit (MPa)b P (MPa) 

Antoine 

P (MPa) 

CPA 

P (MPa) 

PC-SAFT 

P (MPa) 

PR 

303.24 0.023 0.0001 0.022 0.022 0.022 0.022 0.021 

313.29 0.037 0.0002 0.036 0.037 0.036 0.035 0.035 

318.06 0.045 0.0002 0.045 0.045 0.044 0.045 0.044 

323.01 0.057 0.0003 0.056 0.056 0.058 0.056 0.055 

328.05 0.069 0.0004 0.070 0.070 0.069 0.069 0.069 

aUc(T) = 0.04 (K) b(Safarov et al., 2015) 

 

Table B.5 Vapour pressure data and uncertainty for water. 

Texp 

(K)a 

Pexp (MPa) Uc(P) 

(MPa) 

Plit (MPa)b P (MPa) 

Antoine 

P (MPa) 

CPA 

P (MPa) 

PC-SAFT 

P (MPa) 

PR 

303.19 0.004 0.00002 0.004 0.004 0.004 0.005 0.004 

313.31 0.008 0.00004 0.007 0.007 0.007 0.008 0.006 

323.26 0.012 0.00006 0.013 0.012 0.012 0.013 0.011 

333.40 0.020 0.0001 0.021 0.020 0.020 0.021 0.018 

aUc(T) =0.04(K)  b(Zhang et al., 2018) 

 

Table B.6 Vapour pressure data and uncertainty for CO2. 

Texp (K)a Pexp (MPa) Uc(P) (MPa) Plit (MPa)b P (MPa) 

CPA 

P (MPa) 

PC-SAFT 

P (MPa) 

PR 

282.80 4.47 0.015 4.46 4.68 4.66 4.45 

287.92 5.07 0.015 5.08 5.04 5.05 5.06 

293.04 5.71 0.015 5.71 5.69 5.74 5.72 

298.27 6.44 0.015 6.48 6.39 6.48 6.46 

303.19 7.18 0.015 7.19 7.12 7.25 7.22 

aUc(T) = 0.06 (K) b(Kim and Kim, 2005) 
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Table B.7 Vapour pressure data for CH4 

Texp (K) Plit (MPa)a  P (MPa)  

CPA 

P (MPa) 

 PC-SAFT 

P (MPa)  

PR 

112 0.10 0.10 0.10 0.11 

118 0.17 0.17 0.17 0.17 

124 0.25 0.25 0.25 0.25 

130 0.37 0.37 0.37 0.37 

136 0.52 0.52 0.52 0.52 

142 0.71 0.71 0.71 0.72 

148 0.95 0.95 0.95 0.96 

154 1.24 1.24 1.24 1.25 

160 1.59 1.59 1.60 1.61 

166 2.01 1.99 2.02 2.03 

172 2.50 2.47 2.51 2.53 

178 3.07 3.02 3.09 3.10 

184 3.74 3.65 3.75 3.77 

a(Haselden, 1979) 

Table B.8 Vapour pressure data for C2H6 

Texp (K) Plit (MPa)a  P(MPa)  

CPA 

P(MPa)  

PC-SAFT 

P(MPa)  

PR 

274.62 2.47 2.46 2.47 2.49 

279.17 2.75 2.73 2.75 2.77 

283.79 3.06 3.03 3.06 3.08 

291.25 3.62 3.57 3.60 3.64 

293.15 3.76 3.71 3.75 3.79 

294.16 3.85 3.79 3.83 3.87 

295.04 3.92 3.86 3.90 3.94 

297.19 4.11 4.04 4.08 4.13 

299.14 4.28 4.20 4.25 4.30 

301.26 4.47 4.38 4.44 4.49 

303.11 4.65 4.55 4.60 4.66 
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Table B.9 Vapour pressure data for C3H8 

Texp (K) Plit (MPa)a  P (MPa) 

Antoine 

P (MPa)  

CPA 

P (MPa)  

PC-SAFT 

P (MPa) 

PR 

270.51 0.44 0.44 0.44 0.44 0.44 

271.77 0.46 0.45 0.45 0.45 0.45 

280.13 0.58 0.59 0.59 0.58 0.58 

285.35 0.68 0.68 0.68 0.68 0.68 

287.35 0.72 0.72 0.72 0.72 0.72 

289.65 0.76 0.77 0.76 0.76 0.76 

291.75 0.81 0.81 0.81 0.81 0.80 

297.98 0.95 0.95 0.95 0.95 0.95 

300.92 1.02 1.02 1.01 1.01 1.02 

303.37 1.08 1.09 1.08 1.08 1.09 

314.06 1.40 1.40 1.39 1.39 1.40 

a(Seneviratne et al., 2017) 

 

B.4. Raw system data  

Table B.10 Experimental and regressed isothermal VLE Data (P-x) for the CH4(1) + CH3OH (2) 

system at 303.15 K. 

Liquid mole 

composition 

(x1) 

Pressure (MPa) 

Pexp (MPa) CPA  PC-SAFT  PR 

 

0.019 2.41 2.27 2.22 2.22 

0.022 2.72 2.57 2.51 2.51 

0.029 3.66 3.50 3.44 3.44 

0.051 6.46 6.26 6.21 6.22 

0.065 7.99 8.21 8.21 8.23 

0.075 9.61 9.73 9.81 9.82 

0.085 10.65 11.12 11.29 11.27 

0.102 13.06 13.95 14.37 14.27 
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Table B.11 Isothermal VLE Data (P-x) for the CO2 (1) + TEG (2)-water (3) (96.5/3.5 wt.%) system at 

322.04 K with comparison to regressed property models. 

Liquid mole 

composition (x1) 

Pressure (MPa) 

Pexp (MPa) Pressure CPA  Pressure PC-

SAFT  

Pressure PR 

 

0.019 2.41 2.27 2.22 2.22 

0.022 2.72 2.57 2.51 2.51 

0.029 3.66 3.16 3.44 3.44 

0.051 6.46 3.51 6.21 6.22 

0.065 7.99 6.27 8.21 8.23 

0.075 9.61 8.22 9.81 9.82 

0.085 10.65 7.61 11.29 11.27 

0.102 13.06 9.76 14.37 14.27 

 

Table B.12 Experimental isothermal VLE Data (P-x) and modelling results for the CH4 (1) + (CH3OH 

(2) /TEG (3)/Water (4) 3.33/91.84/4.83 wt%) system at 303.15 K 

Experimental  Model 

Texp (K)a  Liquid mole 

composition 

(x1) 

 Pexp (MPa) Uc (P) 

(MPa) 

 Pressure (MPa) 

Pressure 

CPA  

Pressure 

PC-

SAFT  

Pressure 

PR 

 

303.16  0.006  2.25 0.02  1.52 1.52 1.54 

303.15  0.013  4.11 0.03  3.76 3.74 3.85 

303.14  0.015  4.49 0.03  4.42 4.39 4.53 

303.16  0.017  5.32 0.03  5.10 5.08 5.24 

303.14  0.018  5.40 0.07  5.45 5.43 5.61 

303.15  0.020  6.06 0.06  6.03 6.01 6.22 

303.15  0.021  7.01 0.06  6.65 6.63 6.87 

303.14  0.024  8.00 0.08  7.75 7.73 8.03 

303.14  0.025  8.33 0.07  8.15 8.15 8.47 

303.13  0.028  9.07 0.03  9.45 9.48 9.87 

303.13  0.029  9.56 0.06  9.78 9.80 10.21 

303.14  0.032  10.74 0.03  11.31 11.39 11.88 

303.14  0.037  12.27 0.05  14.12 14.35 14.98 

aUc(T) = 0.06 (K) ; b Uc (x3) = 0.002;  



134 

 

 

Table B.13 Experimental isothermal VLE Data (P-x) and modelling results for the CH4 (1) + (CH3OH 

(2) /TEG (3)/Water (4) 3.33/91.84/4.83 wt%) system at 313.15 K 

Experimental  Model 

Texp 

(K)a 

 Liquid mole 

composition (x1) 

 Pexp 

(MPa) 

Uc (P) 

(MPa) 

 Pressure (MPa) 

Pressure 

CPA  

Pressure PC-

SAFT  

Pressure 

PR 

313.15  0.013  3.70 0.08  3.72 3.70 3.66 

313.14  0.015  4.34 0.06  4.36 4.33 4.29 

313.15  0.017  5.19 0.04  5.02 4.99 4.95 

313.16  0.020  5.91 0.03  5.91 5.89 5.85 

313.15  0.021  6.64 0.05  6.51 6.48 6.44 

313.16  0.024  7.81 0.04  7.55 7.52 7.48 

313.15  0.025  8.17 0.03  7.94 7.91 7.87 

313.15  0.028  8.68 0.03  9.16 9.16 9.10 

313.15  0.029  9.17 0.06  9.46 9.46 9.40 

313.16  0.032  10.56 0.04  10.87 10.91 10.84 

313.14  0.037  11.76 0.03  13.42 13.54 13.42 

aUc(T) = 0.06 (K) ; b Uc (x3) = 0.002 
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Table B.14 Experimental isothermal VLE Data (P-x) and modelling results for the CH4 (1) + (CH3OH 

(2) /TEG (3)/Water (4) 3.33/91.84/4.83 wt%) system at 323.15K 

Experimental  Model 

Texp (K)a  Liquid 

mole 

compositio

n (x1) 

 Pexp (MPa) Uc (P) 

(MPa) 

 Pressure (MPa) 

Pressure 

CPA  

Pressure 

PC-

SAFT  

Pressure 

PR 

 

323.14  0.006  2.16 0.03  1.52 1.51 1.43 

323.15  0.013  3.50 0.03  3.68 3.66 3.49 

323.16  0.015  4.17 0.04  4.30 4.27 4.08 

323.15  0.017  5.03 0.04  4.94 4.92 4.70 

323.14  0.018  5.47 0.03  5.27 5.25 5.01 

323.14  0.020  58.0 0.13  5.81 5.78 5.53 

323.16  0.021  6.49 0.03  6.38 6.35 6.07 

323.15  0.024  7.70 0.03  7.38 7.34 7.02 

323.15  0.025  8.02 0.03  7.74 7.71 7.37 

323.15  0.028  8.50 0.03  8.90 8.88 8.48 

323.15  0.029  8.83 0.04  9.18 9.16 8.75 

323.15  0.032  10.13 0.03  10.50 10.51 10.02 

323.15  0.037  11.36 0.03  12.84 12.91 12.25 

aUc(T) = 0.06 (K) ; b Uc (x1) = 0.002 
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Table B.15 Experimental isothermal VLE Data (P-x) and modelling results for the (CH4 (1)/C2H6 

(2)/C3H8 (3) 3.68/0.22/96.10 wt%) + (CH3OH (4)/TEG (5)/Water (6) 3.33/91.84/4.83 wt%) system at 

303.15 K 

Experimental Model 

Texp (K)a  Liquid mole 

composition 

(x3) 

 Pexp (MPa) Uc (P) 

(MPa) 

 Pressure (MPA) 

Pressure 

CPA  

PC-

SAFT  

PR 

 

303.15  0.020  1.02 0.03  0.91 0.95 0.97 

303.15  0.021  1.09 0.03  0.98 1.02 1.05 

303.16  0.033  1.64 0.03  1.51 1.56 1.60 

303.15  0.044  2.07 0.03  2.05 2.09 2.16 

303.14  0.056  2.60 0.04  2.62 2.64 2.75 

303.15  0.061  2.86 0.05  2.85 2.85 2.97 

303.14  0.063  2.94 0.03  2.93 2.94 3.05 

303.15  0.071  3.27 0.04  3.35 3.32 3.46 

303.16  0.084  3.89 0.03  4.02 3.93 4.14 

303.14  0.096  4.52 0.03  4.61 4.47 4.70 

aUc(T) = 0.06 (K) ; b Uc (x3) = 0.002 
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Table B.16 Experimental isothermal VLE Data (P-x) and modelling results for the (CH4 (1)/C2H6 

(2)/C3H8 (3) 3.68/0.22/96.10 wt%) + (CH3OH (4) /TEG (5)/Water (6) 3.33/91.84/4.83 wt%) system at 

313.15 K 

Experimental  Model 

Texp (K)a  Liquid mole 

composition 

(x3) 

 Pexp (MPa) Uc (P) 

(MPa) 

 Pressure (MPa) 

Pressure 

CPA  

PC-

SAFT  

 PR 

 

313.16  0.020  1.02 0.03  0.94 0.97 0.96 

313.16  0.021  1.10 0.06  1.01 1.04 1.03 

313.16  0.033  1.53 0.03  1.54 1.59 1.56 

313.16  0.044  1.99 0.03  2.09 2.12 2.10 

313.16  0.056  2.53 0.06  2.67 2.68 2.68 

313.15  0.061  2.91 0.07  2.90 2.90 2.89 

313.15  0.063  3.02 0.04  2.99 2.99 2.97 

313.16  0.071  3.28 0.03  3.40 3.38 3.36 

313.15  0.084  3.99 0.03  4.07 4.00 4.01 

313.15  0.096  4.72 0.03  4.66 4.56 4.55 

aUc(T) = 0.06 (K) ; b Uc (x3) = 0.002 

Table B.17 Experimental isothermal VLE Data (P-x) and modelling results for the (CH4 (1)/C2H6 

(2)/C3H8 (3) 3.68/0.22/96.10 wt%) + (CH3OH (4) /TEG (5)/Water (6) 3.33/91.84/4.83 wt%) system at 

323.15 K 

Experimental  Model 

Texp (K)a  Liquid mole 

composition 

(x3) 

 Pexp (MPa) Uc (P) 

(MPa) 

 Pressure (MPa) 

 Pressure 

CPA  

Pressure 

PC-SAFT  

Pressure 

PR 

323.15  0.020  1.01 0.03  0.97 1.00 0.95 

323.15  0.021  1.13 0.05  1.04 1.08 1.02 

323.14  0.033  1.51 0.02  1.59 1.62 1.54 

323.16  0.044  1.95 0.02  2.15 2.17 2.07 

323.16  0.056  2.68 0.03  2.74 2.74 2.63 

323.15  0.061  2.89 0.03  2.97 2.96 2.84 

323.15  0.071  3.48 0.03  3.47 3.45 3.29 

323.15  0.084  4.05 0.03  4.15 4.09 3.93 

323.16  0.096  5.03 0.03  4.74 4.66 4.45 

aUc(T) = 0.06 (K) ; b Uc (x3) = 0.00 
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Appendix C : Uncertainty calculations 

C.1.1. Uncertainty Classification 

The measured values determined by any experiment are only complete once the uncertainty results are 

included. Uncertainty is the quantifiable confidence of the experimental measured values and represents 

the margin by which the true value of an experiment could be found. This uncertainty determination 

followed the method outlined in the JCGM guidelines, where the following could be taken as sources 

of uncertainty(JCGM/WG, 2008) 

a) incomplete definition of the measurand. 

b) imperfect realisations of the definition of the measurand. 

c) nonrepresentative sampling — the sample measured may not represent the defined 

measurement. 

d) inadequate knowledge of the effects of environmental conditions on the measurement or 

imperfect measurement of environmental conditions. 

e) personal bias in reading analogue instruments. 

f) finite instrument resolution or discrimination threshold. 

g) inexact values of measurement standards and reference materials. 

h) inexact values of constants and other parameters obtained from external sources and used in 

the data-reduction algorithm. 

i) approximations and assumptions incorporated in the measurement method and procedure. 

j) variations in repeated observations of the measurand under apparently identical conditions. 

The uncertainty of a measurement is broken up into types A, and B. Type A is the uncertainty that 

occurs from the observations from repeated experiments. Type B is the uncertainty that occurs from 

other sources of uncertainty, such as calibration reports. The following formulas represent the Type A 

and Type B uncertainties formulas:  

Type A 

𝑢(𝜃) =
𝜎

√𝑁
 (C-1) 

Where the 𝜃 is the parameter measure, 𝜎 is the standard deviation of the data, and N is the number of 

repeated data points.  

Type B 
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𝑢𝑖(𝜃) =  
𝑏

√3
 

(C-2) 

Where 𝑢𝑖(𝜃) is the standard uncertainty of a parameter being evaluated, b is the maximum error induced 

by the type B uncertainty. This was determined assuming a rectangular distribution as there was 100% 

likelihood the value lay between this distribution.  

C.1.1. Standard Uncertainty  

The sources of uncertainty that make up an experiment's overall uncertainty is best presented by a 

calculated standard uncertainty 𝑢𝑖. This is equal to the positive square root of the standard variance. 

The standard uncertainties for this work can be found in Table A.1  

C.1.2. Combining standard uncertainties.  

The combined standard uncertainties represented the combination of all A and B-type standard 

uncertainties. The following equation determined the combined standard uncertainties:  

𝜃 = 𝑓(𝛼1, 𝛼2 … . 𝛼𝑛) 

𝑢(𝜃) = √[(
𝜕𝜃

𝜕𝛼1
)

𝛼𝑖≠1 

𝑢𝛼1]

2

+  [(
𝜕𝜃

𝜕𝛼2  
 )𝛼𝑖≠2

𝑢𝛼2]2 + ⋯ + [(
𝜕𝜃

𝜕𝛼𝑛
)𝛼𝑖≠𝑛 

𝑢𝛼𝑛]2 

(C-3) 

 

The following equation shows a simplified combined standard uncertainty of a parameter (𝜃): 

𝑢𝑐(𝜃) =  ±√∑ 𝑢𝑖(𝜃)2

𝑖

 
(C-4) 

 

Where ui (𝜃) is the standard uncertainty of a parameter being evaluated, where the uncertainty is due to 

repeatability, uncertainty induced by calibration standards or references, errors in calibration 

polynomials and so on.  

Table C.1 Values of standard uncertainties for equipment used in this study.   

Source of uncertainty  Estimate 

Temperature(T)  

Calibration uncertainty T(K) for probes used in this work  0.05 

Calibration uncertainty T(K) for liquid vapour pressure equipment 0.01 

 T standard (K), CTH 6500 0.02 

Pressure(P) 

P standard (MPa), CPC Mensor 8000 (25 MPa gauge)  0.01% 
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Standard uncertainty (MPa) induced by the pressure transducer (0-35 

MPa) 

0.02 

Composition uncertainty (𝒙𝒊), Bubble point measurements 

Mass balance uncertainty  

Mass balance model PA423C (1) uncertainty (g) (liquid solution 

preparation) 

0.003 

Mass balance model PX5202 (2) uncertainty (g) 0.01 

 

C.1.3. Coverage factor k 

The combined standard uncertainty can be multiplied by the coverage factor in-order to include a 

confidence level for the data. This can be determined using the following formula:  

Uc = ±[k ∗ uc] (C-5) 

A value of k=1.65 was chosen as this allows a 95% level of confidence assuming a 

rectangular distribution, whereas the assumption of a normal distribution would require a 

coverage factor of k=2 for a 95% confidence level.   

 

C.2. Temperature Uncertainty 

The combined standard uncertainty for temperature uc (T) was determined using the following formula: 

𝑢𝑐(𝑇) = ±√𝑢𝑟𝑒𝑝(𝑇2) + 𝑢𝑐𝑎𝑙𝑖𝑏(𝑇2) 
(C-6) 

Where urep is the standard uncertainty due to measurement repeatability (Type A), and ucalib is the 

uncertainty due to the calibration polynomial and method. 

𝑢𝑐𝑎𝑙𝑖𝑏 (𝑇) = ±√𝑢𝑐𝑎𝑙𝑖𝑏 𝑐𝑜𝑟(𝑇2) + 𝑢𝑠𝑡𝑑 (𝑇2) (C-7) 

Where ucalib cor (T) is the standard uncertainty due to calibration correlation (Type B), and ustd (T) is 

standard uncertainty induced by the standard temperature probe (Type B). 

ucalib cor (T), b was taken as the maximum calibration error of the temperature probes used  

ustd (T), b was 0.02 K obtained using data from calibration data sheet of the temperature standard. 

C.3. Pressure Uncertainty 

The combined standard uncertainty of pressure for all pressure measurements was determined using the 

following formula:  

𝑢𝑐(𝑃) = ±√𝑢𝑐𝑎𝑙𝑖𝑏 𝑐𝑜𝑟(𝑃2) + 𝑢𝑠𝑡𝑑(𝑃2) + 𝑢𝑎𝑡𝑚(𝑃2) + 𝑢𝑟𝑒𝑝(𝑃2) 
 (C-8) 

Where: 
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uatm (P) is the standard uncertainty of the CPC Mensor (barometer), (Type B). and b, in this case, is 

0.001 MPa. 

ucalib corr (P) is the standard uncertainty due to calibration correlation (Type B). 

ustd (P) is standard uncertainty induced by the pressure transducer (Type B) 

urep  (P) is the standard uncertainty due to measurement repeatability (Type A) 

C.4. Molar Composition Uncertainty Bubble point (TPx) measurements 

The combined standard uncertainty is determined using the respective individual standard uncertainty 

of the mass balance, masses of respective components, their mole fractions and manufacturer 

uncertainties. These are type B uncertainties.  

The combined standard uncertainty uci is given by 

𝑢𝑐𝑖 = ±√𝑢𝑏𝑥𝑖  
2 (C-9) 

Where ubxi is uncertainty of the mass balance, combined with uncertainty of the manufacturer. 

ubxi is determined using the following equation:  

𝑢𝑏𝑋𝑖 = ±√[
𝑑𝑥1

𝑑𝑚1
∗ 𝑢(𝑚1)]2 + [

𝑑𝑥1

𝑑𝑚2
∗ 𝑢(𝑚2)]2 + [

𝑑𝑥1

𝑑𝑚3
∗ 𝑢(𝑚3)]2…… 

(C-10) 

Where: If mm1, mm2 and mm3 are the masses of the respective components and MM1, MM2 and MM3 

are the molecular masses of the same components, respectively, then applying the root-sum-squared 

method. This method can be multiplied depending on the number of components in the system.  

For the gas components of a system the following formula should be used for 𝑢(𝑚𝑖): 

𝑢(𝑚𝑖) = [
𝑐 ∗ 𝑚𝑖 + 𝑢𝑏 ∗ 𝑜

√3
] 

(C-11) 

Where:  

 c is the gas composition uncertainty provided by the manufacturer; and b represents the mass balance 

precision, o represents composition of the gas in the mixture 

For the liquid components of a systems the following formula should be used for 𝑢(𝑚𝑖): 

 

𝑢𝑚𝑖 = [
𝑢 𝑝𝑟𝑒𝑝 𝑚𝑖𝑥 ∗ 𝑚𝑖 + 𝑢𝑏 ∗ 𝑤𝑡%

√3
 

(C-12) 
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Where and ub (precision) represents the mass balance precision; u prep mix represents uncertainty 

induced by preparing the liquid-liquid solution; 𝑤𝑡%𝑖 represents the weight percent of component i in 

the liquid-liquid solution.  
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