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Abstract

Synthetic gas (syngas) produced by the gasification of coal provides a cheap fuel alternative for the

production of electricity. However advanced utilization of syngas is limited due to the contaminants

which can seriously deactivate the catalysts used in the downstream reactions as well as

downstream equipment such as gas turbines. Among the contaminants, sulphur compounds

produced in the gasification process, which are mainly H2S with small amounts of COS must be

removed. The method presented here is downstream sulphur capture by a metal oxide at high

temperatures. In this study, a laboratory scale unit was used to produce and clean synthetic gas

(syngas) containing 1.0-1.15 mole % H2S from a liquid hydrocarbon fuel consisting of 86 %

methanol, 14 % propanethiol by mass, and 18 mole % oxygen gas as the oxidant. The gasifier

operates at 830 0C at atmospheric pressure. Desulphurisation occurs in a fixed bed reactor packed

with zinc oxide spherical pellets as the sorbent.

Experiments were performed to determine whether the use of the liquid hydrocarbon mixture as

fuel in the laboratory could actually produce H2S containing syngas, and eventually compare the

composition of the gas produced experimentally to the one predicted by a model. Desulphurisation

experiments were performed by varying reaction temperatures (350 0C and 550 0C) and sorbent

particle sizes (1.63-2.03 mm) at atmospheric pressure using sorbent with varying surface areas

(average of 5 m2/g and 25 m2/g) at high and low gas velocities (average of 3430 h- 1and 610 h-1).

These variations were performed in a 2*2 factorial design to determine the effect of these factors

on the desulphurisation process and observe whether there is any interaction between them.

Statistical analysis was used to determine the significance of each factor on the sorbent sulphur

sorption capacity. A packed bed model using shrinking core model was used to describe the

desulphurisation process.

GC analysis specific to sulphur compound detection showed consistent production of H2S during

gasification. In addition to this the composition of the predicted syngas was validated through a GC

equipped with a TCD detector and there was a good agreement giving the expected ratio of 2:1 of

H2 and CO respectively. Small particle size sorbent with 5.3 m2/g surface area and an average space

velocity of 610 h-1 at 350 0C reaction temperature had the highest sulphur sorption capacity of 3.71

Wt. % which was a 20% conversion of zinc oxide to zinc sulphide. There was no effect of increase

in temperature on the process. The low surface area sorbents were more effective than the increased

surface area sorbents. These results were verified by the statistical analysis performed on the

sulphur sorption capacity obtained during experimentation. The packed bed model results were not

in agreement with the experimental results.
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INTRODUCTION

1.1 Overview of South Africa’s Energy resources and Utilization

A look at South Africa renewable energies, the country most utilized renewable energies are solar,

wind, biomass and hydro power. Solar energy has the largest potential because the country

experiences approximately 25000 hours of sunshine per year with solar radiations that range

between 4.5 to 6.5kwh/m2 per day (DOE South Africa, 2013). In addition, South Africa has a 24

hour global solar radiation of 220W/m2 compared to 150W/m2 and 100W/m2 in USA and

combination of Europe and the UK respectively. Annually 5MW photovoltaic solar panels are

assembled and solar water heaters are manufactured (DOE South Africa, 2013). Unfortunately for

solar energy to be efficiently utilized large amount of energy needs to be stored during the day and

fed to the national grid. This will also require a big area of open land to put up the photovoltaic

cells as well as provide maximum radiation and consequently affecting other sectors like agriculture

and forestry (Danie, 2011).

There are only two wind energy farms in South Africa. One of the farms is owned by ESKOM the

sole electricity utility supplier in an area called Klipheuwel in Malmesbury, Western Cape and it is

producing 4GWh of energy annually (DOE South Africa, 2013). Another wind energy producing

farm which started operation in 2008 is the Darling wind farm located 70km north of Cape Town.

This farm produces about 6-8GWh of energy annually. The electricity generated is fed into

ESKOM grid and sold in the city of Cape Town (DOE South Africa, 2013).For wind energy to be

also viable vast areas of land are required and this also affects the agriculture sector. The tourism

sector is also affected because along the coastal line is where strong winds are experienced and this

is where the tourism industry booms.

Hydropower is generally used for small scale generation of electricity. This is because South Africa

is limited in water resources therefore majority of hydroelectricity is in fact imported from

Mozambique in their Cahora Bassa hydropower station. Despite this, there are still high prospects

for hydropower in the Kwazulu Natal province and in the Eastern Cape (DOE South Africa, 2013).

Biomass is another source of renewable energy utilized in South Africa in providing energy. It is a

main source of energy at the domestic level and in industries like pulp and paper and sugar

processing. In the sugar industry a harvest of about 20 million tons produces 7 million tons of
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bagasse with a heating value of 6.7MJ/kg. This bagasse is heated in the boilers and the heat is used

to make steam which generate electricity and also used for process heating (Alison and Mary,

2007).In the pulp and paper industry the bark from softwoods and the black liquor are used to fire

boilers, generate electricity as well as process steam. The sugar and pulp industries have the

capacity of producing about 245MW and 170MWof electricity respectively (Winkler et al., 2006).

For domestic purposes, biomass in form of wood, vegetable material and dung is used for heating

and cooking. These methods of utilizing biomass are unfortunately hazardous to the environment

by pollutant emissions and reckless cutting of trees. Finally biomass can be converted to biofuels

such as biodiesel, ethanol, methanol and hydrogen. The only drawback for such kind of conversion

is the amount of feedstock required to produce a substantial amount of the biofuels and thus making

large scale production very costly (Alison and Mary, 2007).

Fossil fuels make up the primary sources of energy in South Africa. Figure 1.1 clearly shows this.

The fossil fuels include natural gas, crude oil and coal. South Africa has very minimal natural gas

reserve. The only operational gas field as reported by Winkler et al., (2006) is the F-A field on the

south coast. It supplies Mossgas a company that converts the gas to liquid (GTL) fuels (diesel,

kerosene, etc.) via Fischer-Tropsch process with approximately 5.4 million m3 of gas per day. This

gas reserves in this field, according toWinkler et al., (2006) was to run out by 2008. Petroleum Oil

and Gas Corporation (PetroSA) a state-owned company and other stake holders are developing two

natural gas fields; F-O field and Ibhubesi field which are to continue feeding gas to the GTL plant

starting 2016 (EIA, 2014). According to EIA, (2014) reports, in 2012, South Africa consumption

of natural gas exceeded its supply by 360 million m3. The deficit was imported from Mozambique

via a pipeline. Figure 1.2 shows the country’s natural gas production and consumption from 2003

to 2012. The government is confident that new two gas production fields coupled with imports

from Mozambique and Namibia will reduce the country reliance on coal as primary source of

energy in the production of electricity. This will have a tremendous advantage since natural gas is

a source of clean energy. About 11 trillion m3 of technically recoverable shale gas resources were

discovered in the Karoo basin. This makes South Africa the eighth country worldwide to have such

large amounts of technically recoverable shale gas resources. A technically recoverable resource

simplymeans the volumes of oil and gas resources that can be produced with the current technology

regardless of their market prices and production cost (EIA, 2014). Despite this, exploration of shale

gas is dragging because of environmental concerns regarding the effects of the extraction process

to aquatic life (EIA, 2014).
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of the Carnot cycle (Chunshan, 2009). This efficiency could be improved by co-generation of the

heat but this is not the case in the South African power plants whose configuration is to generate

electricity only. The design of the South Africa PFC plants also contributes to the low efficiency.

The plants use sub-critical boilers which produce steam with pressures below the critical pressure

of water (approximately 218 atmospheres). Using supercritical boilers design has been proven to

raise the pressures above the critical pressure of water and consequently increase efficiency (Alison

and Mary, 2007). In addition to the low efficiencies of the PFC plants, all of the flue gases (CO2,

H2O, NOx, SO2 and particulate matter) from coal combustion are emitted to the atmosphere. This

has made environmental groups to raise concerns to coal industries due to air, land and water

pollution making South Africa the number 1 emitter of CO2 in Africa and 14th largest in the world

(EIA, 2014). These emissions cause global warming, acid rains and urban smug resulting to severe

damage to the environment. On the 23rd of November 2007 the minister of Environmental Affairs

declared Highveld region (parts of Mpumalanga and Gauteng provinces) as a priority area due to

poor air quality (DEA, 2011). This area contains more than 90 % of South Africa coal fired power

plants for electricity generation, of which five are the largest in the world.

From the above statistics of the primary sources of energy in South Africa and their utilization, we

can conclude that coal is the number one primary energy resource provider and will remain in that

position for decades to come. Therefore maximum utilization of this resource must be observed

while ensuring less emission to the environment. Among the ways of effectively utilizing this

resource are:

 Improving on the current technologies to increase efficiency for example the co-generation

configuration where the steam produced can be utilised to provide both electric power and

heat.

 Adopt new technologies that will utilize it effectively for example by using the gasification

technology instead of combustion.

 Integrate the power plant with flue gas treatment technologies.

Fossil fuels in general constitute from conventional elements (H, C, O, S, and N) to light and heavy

hydrocarbons. When they are reacted under a controlled environment of oxygen, air or steam, they

produce synthesis gas (Syngas).This syngas production process is called gasification. The process

extracts more of the energy contained in the fuel than direct combustion. In addition, it can entirely

convert any carbonaceous material i.e. wood, biomass or even plastic waste into syngas becoming

a renewable energy technology. By using oxygen gas as the oxidant in the gasifiers the CO2

produced is in a concentrated stream making it easier and less expensive to separate and capture

(Speight, 2011). Syngas constitutes mainly of H2, CO, H2O, CH4, CO2 and other impurities

depending on the source composition. Apart from the advantages obtained from adopting the

gasification process, the syngas produced can be a huge breakthrough to the challenges facing the
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energy sector. It can be used as fuel to generate electricity. It can as well be converted to methane

through the Sabatier reaction and synthetic liquid fuels like diesel through the Fischer- Tropsch

process (Speight, 2011). This in summary efficiently utilizes the fossil fuels.

Depending on the chemical composition of the fossil fuel, Hydrogen sulphide (H2S) is a by-product

of the gasification process from sulphur element present in the fuel as well as minute amounts of

Carbonyl sulphide (COS). Before processing raw syngas, these sulphurous impurities must be

removed as they poison catalysts in downstream gas reactors, leads to corrosion of process

equipment and for environmental compliance. The mostly used approach to H2S removal is by

chemical or physical absorption but removal by hot gas desulphurisation (HGD) process using

metal oxides has significant advantages. It lowers the plant capital and operational costs. Details of

these different purification processes will be discussed in the literature review section.

1.3 Objectives of the Study

Although computational fluid dynamics (CFD) has developed tremendously in the recent years to

simulate most chemical engineering processes in fluid mechanics, mass and heat transfer,

experimental data is still indispensable. First of all, complex systems are difficult to simulate and

secondly experimental data is needed to validate the simulation results.

This study presents a lab scale production of syngas which contains H2S by gasification of a liquid

mixture of methanol and 2-propanethiol using oxygen as the oxidant in a fixed bed gasifier. From

literature this method of syngas containing H2S production is limited to a series of gas cylinders

controlled by flow meters which is very expensive compared to production using liquids. The

syngas produced is further analysed by a gas chromatograph to identify its composition at fixed

operating conditions. The data is then later used to validate the simulation work done prior to the

designing of the equipment.

The syngas produced which contains H2S is then purified using zinc oxide spherical pellets in a

packed bed reactor. This arrangement of gasification preceding desulphurisation represents an

industrial scale unit for production of syngas and HGD process. Experiments were performed to

investigate the interaction between different reaction temperatures of the process as well as varying

sorbent size in a 2*2 factorial design. The effects of space velocity and sorbent surface area on the

desulphurisation process were also investigated. The main aim of these variations was to get the

optimum conditions for desulphurisation based on the conversion of zinc oxide to zinc sulphide.

This contradicts the many research done on HGD where a single solid particle is used to study

individual factors affecting HGD process in a thermogravimetric apparatus using a simulated

syngas containing H2S. This work only focuses on the desulphurisation part and not on the

regeneration of the sorbent. Finally since it is not based on controlled single particle experiments,
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accurate data of rate constant, mass transfer coefficients and effective diffusivity cannot be directly

measured.

Mastering of the gas chromatography (GC) was imperative. This is because it was the method used

to analyse the concentration and composition of syngas produced as well as the drop in

concentration during HGD.

Finally a more insight into the HGD process was done. The reaction is of the gas-solid type and

therefore a model into gas-solid reactions was created to predict the effect of operating conditions

on the desulphurisation performance of the sorbent in a fixed bed reactor. The model results were

later compared to the experimental data.

1.4 Outline of the Dissertation

This study was divided into three stages:

 A background research on the subject: This is covered in Chapters 2 to 4.

 Experimental work and commissioning of the unit are covered in Chapter 5.

 Discussion of the results obtained and the final recommendation are covered in Chapters 6

and 7.

The main objective of reviewing the literature was to compare the current technologies being used

in the industries to the one proposed in this study as well as find ways of modifying the equipment

together with the experimental design.

The experimental work and commissioning of the unit included the experimental procedure under

different conditions to achieve the optimum conditions for the production and purification

processes.
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LITERATURE SURVEY: GASIFICATION TECHNOLOGIES

2.1 Introduction

Gasification has undergone a series of transformations since the early 1800s to date. From the production

of “town gas” specifically used for heating and lighting, to production of synthetic fuels, high value

chemicals and production of electricity through the integrated gasification combined cycle (IGCC). In

Africa, South Africa leads in the production of synthetic fuel and chemicals from coal gasification since

1955 (NETL, 2013). In Asia, countries like Japan, India and China use gasification in generation of

electricity, production of ammonia fertilizer and production of chemicals respectively. In Europe, most of

the projects focus on generation of electricity through IGCC. These include countries like Italy, Spain and

the Netherlands, similarly to North America where gasification is used in generation of electricity as well

as production of chemicals and fertilizers (NETL, 2013). This technology has gained a lot of attention

because of its versatility (Figure 2.1) and consequently more research and development for its improvement

is going on. The striking characteristics of gasification process which outlines its advantages over

combustion process include (Jeffrey, 2006):

 In the oxygen limited environment of the gasifier, carbon and hydrogen atoms in the fuel are

converted to CO and H2 instead of CO2 and H2O in the case of combustion. CO and H2 are excellent

fuels when used in the combustion turbines to generate electricity and also as raw materials in the

production of synthetic fuels through Fischer-Tropsch process.

 In combustion process the fuels chemical energy is converted to heat whereas in gasification

process most of the fuels chemical energy is retained in the produced syngas. The fraction of the

fuels chemical energy retained in the syngas is in fact the measure of the gasification process

efficiency referred to as cold gas efficiency consequently utilising fossil fuels efficiently.

 Gasification accommodates almost any carbonaceous substance i.e. coal, biomass, oil, refinery

waste, black liquor, municipal solid waste and plastics.

 It acts as a renewable energy technology by converting low value products like wastes into high

value products.

 The sulphur and nitrogen atoms in the fuel are converted to H2S and COS for sulphur and HCN,

NH3 and N2 for nitrogen instead of SO3, SO2, NO and NO2 during combustion. The latter products
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are easily removed to very low concentration with the syngas and consequently lowering emissions

to the environment as well as protecting downstream equipment and catalyst.

2.2 Gasification Methods

Gasification is a partial oxidation process, meaning that less oxidant (either pure oxygen, air, steam or a

mixture of these) is used in the process as would be required for complete combustion when burning the

same amount of fuel. Reizayan and Cheremisinoff (2005) reported that it generally consumes about 20-

70% of the amount of oxidant theoretically required for complete combustion. These results in a complete

different composition of gases compared to products of combustion as shown in Table 2.1. Figure 2.2

indicates that the products of gasification depend on the ratio of the available oxygen in the gasifier to the

amount of carbon in the feed. The higher the ratio goes the more the process tends to combustion therefore

depending on the intended use of the syngas an optimum of this ratio can be established.

Figure 2.1 Gasification process from different feedstock and the final use of the syngas produced
(NETL, 2013)

Table 2.1 Comparison between products of combustion and gasification processes (Jeffery, 2006).

Gasification Versus Combustion

CO ← C → CO2

H2 ← H → H2O

N2 ← N → NO,NO2

H2S ← S → SO3, SO2

← O → O2
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Figure 2.2 Gasification reaction products as a function of Oxygen to Carbon in the feed (Jeffery,
2006)

Other engineering factors that differentiate the gasification technologies include(Reizayan and

Cheremisinoff, 2005):

 Level and type of oxidant used

 Reactor configuration

 Source of heat

 Operating temperature

These factors define three main ways of syngas production namely; steam reforming (SR), partial oxidation

(POX) and gasification. It will be imperative to mention that all these processes are literally gasification

processes but they differ according to the factors mentioned above. In addition, gasification process is

always related to partial oxidation of solid feed stocks like coal, biomass, pet coke and solid waste whereas

the reforming processes are related to partial oxidation of gaseous and liquid hydrocarbon fuels like natural

gas, alcohols and crude oil . Discussions of the three ways of syngas production will follow with the aim of

describing the four factors stated above. The objective of this discussion will show the applicability of using

a mixture of methanol and 2-propanethiol as fuel in production of syngas in this study. It will also explain

the choice of operating conditions adapted in this study as well as the reactor design. For SR and POX

discussion will be limited to gasification of methanol which is the main fuel in the mixture of fuel used in

this study having the below advantages as a fuel (Keith and Yu-Chuan, 2009):
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 Has a high hydrogen/carbon ratio than other liquid hydrocarbons (Figure 2.3).

 Can be produced from biomass resources

 Reactions involving methanol are of high rates

 The reactions are exothermic

 Methanol is easy to handle

Coal gasification will as well be discussed under gasification of solid feedstock with the objective of

elaborating the four engineering factors that differentiate the technologies.

Figure 2.3 Comparison of Methanol Hydrogen/Carbon ratio (black) and Hydrogen energy density
(grey) with other hydrocarbons (Keith and Yu- Chuan, 2009)

2.2.1 Steam Reforming

Steam reforming (SR) process occurs when a hydrocarbon fuel and steam are passed through a bed of

catalyst to produce syngas. In SR the reforming catalyst are packed in inside tubes of the reactor and on the

outside tube the fuel is burnt to supply heat required for the endothermic reactions (Ke at al 2010). Equations

2.1, 2.2 and 2.3 show the main gasification reactions using natural gas, liquid hydrocarbons and methanol

as fuel in SR process respectively.

��4 +�2� → �� + 3�2 (∆�� = +205.9��⁄���) (2.1)

���� + 2 �2 → ��� + 2�2 (2.2)
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��3�� + �2� → ��2 + 3�2 (∆�� = +49.3 ��⁄���) (2.3)

Steam reforming of methanol (SRM) is a well-developed process and widely used in oil refineries where

large amounts of H2 are required in refineries to upgrade the crude oil through hydrocracking and

hydrotreating to produce gasoline and diesel (Ke et al., 2010). It has also gained popularity as a source of

H2 for fuel cell applications (Trim and Onsan, 2001). SRM is a chosen process because of the high H2: CO

ratio obtained. This is made possible because part of the H2 comes from steam and the fuel used in the

process. The catalyst used are Cu- based or noble metal-based catalyst. The widely used copper based

catalyst is Cu-ZnO-Al2O3 because of its high H2 selectivity at steam to carbon ratio of 1 but deactivates at

temperatures above 330 0C through sintering (Ghencio, 2002). This limits the operating temperatures

between 200 0C and 300 0C at atmospheric pressure. The low temperatures have the advantage of reducing

CO equilibrium selectivity via the water gas shift (WGS) reaction and thus producing a methane free

hydrogen at low temperatures and high pressures (Holladay et al., 2004). Therefore the optimum operating

conditions for SRM is around a methanol (carbon) steam ratio of 1.5 at temperatures in the range of 250 to

300 0C for 99% conversions using Cu-ZnO-Al2O3 (Nielsen and Christiansen, 2011). An alternative for the

catalyst was suggested by Chao et al., (2003). They proposed a Pd/Zn catalyst which is thermally stable and

non-pyrophoric.

External heat supply is required because of the endothermic nature of the process which can be evaded by

adding stoichiometric amounts of O2. Presence of O2 aids in the exothermic partial oxidation reaction

consequently supplying the heat required for endothermic reaction (Ke et al., 2010). This process is called

oxidative steam reforming of methanol as shown in equation 2.4 (based on the high heating value of

methanol) and its gaining popularity over SRM especially for fuel cells application (Palo et al., 2007).

��3��(�) + (1 − 2�)�2�(�) + ��2(�) → ��2(�) + (3 − 2�)�2(�) (�� � = 0.23, ∆��

= −0.5��⁄��� (2.4)

The kinetics of SRM over Cu- based catalyst has been proposed from literature. It is shown to either occur

through methanol decomposition as shown by equation 2.5 or by methanol dehydrogenation to

formaldehyde or methylformate route to formic acid then finally decompose to CO2 and H2 as shown by

equation 2.6 (Ke et al., 2010). More evidence of the latter kinetics has been shown and supported by Frank

et al. (2007).
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-H2 +H2O

CH3OH → CO → CO2 + H2 (2.5)

-H2 +H2O

CH3OH HCHO HCOOH CO2 + H2 (2.6)
+CH3OH +H2O

-H2

HCOOCH3

-CH3OH

With the rise in interest for methanol as fuel source for fuel cells in automotive, compact units for methanol

reforming have been studied. These include micro-channel, plate, plasma and membrane reformers (Ke et

al., 2010). Plasma reforming (PR) technology processes a wide range of feedstock from alcohols to natural

gas and biomass. It uses the enhanced reactivity of chemical species in the excited states present in plasma

(Ke et al., 2010). The disadvantage of this process is the need of electricity to generate the plasma.

Massachusetts Institute of technology (MIT) is doing research on PR technology (Siddle et al., 2003).

Membrane reactors combine reaction and separation steps either physically or catalytically. Physical

separation occurs in packed bed membrane reactor where the membrane offers a physical barrier through

which one product (hydrogen) can diffuse through. Alternatively a catalyst is deposited on the membrane

itself and hydrogen is selectively removed as it is produced on the catalyst. This method produces pure

hydrogen and saves in downstream CO clean-up for use in Proton exchange membrane fuel cells (PEMFC)

(Dushyant et al., 2011).

In plate reformers, plates separate stacks of combustion and reforming chambers filled with catalyst.

Combustion process releases heat which is used to run the reforming process. This heat is efficiently

transferred across the plate which provides high surface area. Companies in the UK and U.S are currently

developing this technology (Ke et al., 2010).

Micro reactors consist of channel gaps in the order of micro scale (Ke et al., 2010). They are characterized

by high heat and mass transfer rate. This is because of the high surface area to volume ratios as well as short

transfer distances in the reactor. Combining the metallic structure of the unit with the high surface area to

volume ratios, micro reactors portray isothermal operations and efficient use of the catalyst bed. This is

done by dampening of the local temperature elevations by fast heat transfer rates at macro scales. In the

U.S, Pacific Northwest National Laboratory is developing a micro reactor using methanol fuel to supply

sub watt to above 100 W powers (Holladay et al., 2004).
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2.2.2.1 Non-catalytic Partial oxidation

NCPO process is still undergoing research and not much literature of the process is available. This

exothermic process does not require catalyst because of the high temperatures (1150-1500 0C) in the

diffusion flame area of the reactor capable of driving the reactions (Ke et al., 2010). The high temperature

in the burner favours the thermodynamic production of H2 and CO and limits the production of CH4 and

CO2. The use of O2 as the source oxidant has the advantage of a compact system and saves in downstream

gas clean up unit. As shown in Figure 2.4 for the purpose of hydrogen production, a NCPO plant consists

of the partial oxidation reactor, a shift reactor then finally a hydrogen purification unit. The most

outstanding feature of the reactor is the burner/feed injector. It allows proper mixing of the fuel with oxidant

which prevents coke formation, hot spots in the reactor and consequently explosions.

Despite the fact that the process efficiency is lower than in steam reformers due to the high temperatures

required, NCPO reactors are more compact and can accommodate virtually any hydrocarbon fuel from coal,

methanol, and ethanol to natural gas. Another advantage of this process is the production of incomplete

combustion products that means the chances of NOx and SOx formation are very low. This is because of

the fuel-rich burner. Most of the large scale NCPO (Shell and Texaco gasification processes) reactors are

used in refineries to produce hydrogen for other refinery operations (Ke et al., 2010). This technology was

used in our study because of the simplicity in the reactor design and operation.

2.2.2.2 Catalytic Partial Oxidation

In CPO the hydrocarbon fuel reacts with O2 at high space velocity in the presence of a catalyst. The reactants

are first premixed in the mixing section before sent to the catalytic reactor without a burner for conversion

as shown in Figure 2.4 (Christien and Nielsein, 2011). The absence of a burner in the reactor brings out the

design difference between CPO and ATR. CPO is characterized by complete and near complete conversion

of oxygen and fuel respectively in the catalytic reactor (Ke et al., 2010). Schmidt et al., (2006) did

experiments to clarify the speculations made on the mechanism of CPO which also agreed with the results

of Lyubovisky et al., (2005). It was speculated that partial oxidation reactions occurred in the beginning 20

% length of the catalyst bed where almost all oxygen is consumed. That means the temperature profile in

the reactor rose to approximately 1200 0C at the top of the catalyst bed. Then the remaining part of the bed

experienced steam reforming and water gas shift reactions which use up the heat from exothermic POX

reactions and consequently lowering the temperature in the remaining part of the catalyst bed. Schmidt et

al., (2006) performed POX of CH4 on Rhodium coated α-Al2O3 foam monoliths. They inserted a capillary

tube inside the catalyst bed and monitored the in situ concentration profile along the bed by moving the

capillary tube using a stepper motor and the gas samples sent to a mass spectrometer which was connected

on the capillary tube. Temperature was monitored by K- type thermocouples as well as an optical pyrometer.

Their results revealed complete oxygen conversion within 2 mm of the catalyst bed. H2 and CO were partly
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formed in the POX zone and more in the endothermic SR zone. Small amounts of CO2was formed in the

POX zone and remained constant thereafter. The whole process of syngas production in this experiment

was done within milliseconds. This makes CPO an attractive technology in compact systems. The rise in

temperature in the first part of the catalyst before the other endothermic zone allows the reactions to be

close to equilibrium and thus producing a favourable product distribution. In addition the CPO process

produces a H2: CO ratio of 2 thus making it favourable for Fischer-Tropsch reaction.

Apart from methane, research has shown the feasibility of other fuels for CPO which includes ethanol,

methanol and biodiesel. By varying the O2/C, steam/C ratio and type of catalyst the products from CPO can

be syngas or olefins. For example Schimdt et al., (2005) used ethanol to produce syngas over noble metal

catalyst. Velu et al., (2006), used methanol as fuel over derived CuZnAl- layered catalyst to produce a gas

with high H2 and CO2 concentrations at 200 0C. Krumpelt and his research team designed a CPO fuel cell

system for use in vehicles using methanol as fuel at Argonne National Laboratory. They used Cu/ZnO and

other proprietary catalysts to generate a H2 rich and CO- free product (Yu-Chuan Lin., 2006). Johan et al.,

(2003) performed investigation of conversion of methanol to hydrogen over Cu/ZnO binary catalyst derived

from precursors synthesised through oxalates formed in microemulsion and hydroxyl carbonates formed in

aqueous solution. The microemulsion formed catalyst showed higher activity in low temperature region

than the other catalyst. Both the catalyst had high H2 selectivity but CO formation was more in the micro

emulsion catalyst.

Catalysts play a major role in CPO process which include (Ke et al., 2010);

 Increase reactions rates and permit high gas velocities.

 Prevent formation of soot by scavenging radicals

 Prevent formation of HCN and NH3 which are toxic compounds as well as consume hydrogen.

Most of the 1st row transition metals (Ni, Co, and Fe) and noble metals (Ru, Rh,Pd, and Ir) have been

extensively researched (Ke et al., 2010). One of the main characteristics of the catalysts is to maintain long

term activity. Ni based catalyst are at a disadvantage because of carbon deposition thus deactivating them

despite being cost effective.

2.2.2.3 Autothermal Reforming

By adding steam to the feed and a burner to the catalytic partial oxidation process as shown in Figure 2.4,

the process operates in an autothermal mode and consequently increases the reaction rate and hydrogen

yield (Xin et al., 2009).
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14 + 3 + → 4�� + 11� (∆�� = 0��⁄���) (2.11)3 2 2 2 2 2 573

Autothermal reforming (Equation 2.11) operates at very high temperatures ranging from 900-11500C and

high pressures of 1-80 bar (Ke et al., 2010). The mode of operation produces high H2: CO ratio suitable for

downstream methanol and synthetic fuel processing. Because of the autothermal mode of operation, ATR

does not require external heat source resulting in compact system than steam reformers and consequently

low capital cost. In addition, recent research in catalysis has resulted in synthesis of catalyst which integrates

both SR and POX processes within a single catalyst bed. This makes the ATR systems even more compact

than the other processes.

Xin et al., (2009) studied the ATR of methanol in a miniature reactor. He used two stage monolithic catalyst;

Pt/Al2O3 for catalytic combustion and ZnO.Cr2O3/CeO2.ZrO2 for ATR. The reformed gas at optimum

conditions composed of 51.04% H2, 26.68% N2, 2.12% CO, and 20.16% CO2 with a 96.4 % methanol

conversion. He also reported that water/methanol and oxygen/methanol ratios greatly affect the conversion

process. His optimum water/methanol and oxygen/methanol ratios were 1.4 and 0.27 respectively.

Hirotaka et al., (2006) in their study synthesized a Cu/ZnO catalyst/ceramic fibre composite using a paper

making technique. This paper catalyst was used in the ATR of methanol for production of hydrogen in fuel

cell applications. They observed that the catalyst hydrogen selectivity at 250 0C was twice as high as the

commercial catalyst pellets and the process was stable. For additional stability of the process and high

hydrogen yields they combined a ZSM-5 zeolite with the paper catalyst.

James & Michael, (2006) performed ATR of methanol studies under near adiabatic condition over copper-

based catalyst. They observed that using copper-based catalyst with a maximum bed temperature of 300 0C

resulted in high activity and low selectivity of CO at high steam/carbon ratio starting with a low feed

temperature (oxidation zone) and high air rates.

2.2.3 Gasification of Solid Feedstock

Solid feedstock gasification process is achieved through physical alterations of the feedstock and chemical

reactions in the gasifier (Reizayan and Cheremisinoff, 2005). The solid feedstock is heated and any moisture

content in it is evaporated yielding a dry material and water vapour which is used in the preceding reactions.

As the temperature in the gasifier rises it devolatilises the carbonaceous material producing char and volatile

gases which generally depends on the feedstock composition. The volatiles may include H2O, H2, N2, O2,

CO2, CO, CH4, H2S, NH3, and C2H6, acetylenes, olefins, aromatics and tars. The volatile materials and some

of the char react with the limited oxidant to form carbon dioxide and carbon monoxide and in doing so

produce heat energy required for the gasification reactions. Combustion of char also produces ash.
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Equations 2.12, 2.13, 2.14 and 2.15 are the main combustion reactions (Reizayan and Cheremisinoff, 2005

and Christopher and Maarten, 2008).

1
� + 2�2 → �� (∆���� = −111��⁄����) (2.12)

1
�� + 2�2 → ��2 (∆���� = −283��⁄����) (2.13)

1
�2 + 2�2 → �2� ( ∆���� = −242��⁄����) (2.14)

�ℎ�� + ���� → ���� (������ ��ℎ) (2.15)

Gasification step follows. This step involves the chemical reactions between the carbon in the char with

steam, carbon dioxide and hydrogen in the gasifier as well as the other reactions between the resulting

gases. Equations 2.16, 2.17 and 2.18 are the main gasification reactions namely water gas shift reaction,

boudouard reaction and methanation reaction respectively.

� + �2� ↔ �� + �2 (∆���� = −131��⁄����) (2.16)

� + ��2 ↔ 2�� (∆����= +172��⁄����) (2.17)

� + 2�2↔ ��4 (∆����= −75��⁄����) (2.18)

At high carbon conversions equations 2.16, 2.17, and 2.18 can be reduced to two homogenous reactions

namely water gas shift (equation 2.19) and steam reforming of methane equation 2.1 respectively. These

reactions determine the final composition of syngas at equilibrium.

�� + �2� ↔ ��2 + �2 (∆���� = −41��⁄����) (2.19)

��4 +�2� ↔ ��2 + 3�2 (∆���� = +206��⁄����) (2.1)

From the gasification reactions above it can be deduced that as temperature increases formation of CO and

H2 increases and formation of CO2 and CH4 decreases. In addition, as pressure increases formation of CO2

and CH4 increases although this phenomenon is limited with temperature. At much higher temperatures the

effect of pressure is cancelled. This is shown in Figures 2.5 and 2.6. The oxygen/steam ratio also affects

the composition of syngas. That is, as the ratio reduces H2 and CH4 formation increases and as the ratio

increases CO and CO2 increases.
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Figure 2.5 Effect of Pressure on syngas composition at 1000 0C (Christopher and Maarten, 2008)

Figure 2.6 Effect of Pressure on syngas composition at 1500 0C (Christopher and Maarten, 2008)

Depending on the source of the solid fuel, elements like sulphur, nitrogen and chlorine may be present in

minute quantities. Because of the low-oxygen reducing environment of the gasifier, most of the sulphur

coverts to hydrogen sulphide (H2S), with a small amount forming carbonyl sulphide (COS). Nitrogen

converts to gaseous nitrogen (N2), with some ammonia (NH3), and a small amount forming hydrogen

cyanide (HCN). Chlorine is converted to hydrogen chloride (HCl). Other components like mercury, arsenic

and heavy metals are deposited in the ash and slag. All these by-products must be removed or their

concentration lowered prior to further use of the syngas.

2.2.3.1 Solid Feedstock Gasifier Designs

There are three main flow gasifier configurations which are commercially used in the production of syngas

using solid feedstock. These designs are described on how the solid feed comes into contact with the

reactive gases producing syngas of different composition (Ronald, 2010 and Reizayan and Cheremisinoff,

2005).
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 Fixed (Moving) bed

 Entrained-flow

 Fluidized bed

In Fixed- or moving-bed (Also referred to as down-draft and up-draft gasifier) gasifier the flow of fuel and

the oxygen rich stream is counter current. The flow across the bed is divided into different process zone

depending on temperature. From the top of the reactor going down these zones include drying,

devolatilization, gasification and combustion. Figure 2.7 shows a moving bed reactor and reactants

temperature as they navigate the height of the reactor. Operation in this configuration is of two types;dry-

ash mode (e.g., Lurgi dry ash gasifier) and slagging mode (e.g., British Gas Lurgi gasifier). In the dry-ash

mode of operation excess steam is fed into the reactor to lower the temperature to below ash melting point

consequently producing dry ash. In the slagging mode of operation the opposite happens and the ash exiting

the reactor is in form of a viscous liquid.

Advantages of moving bed gasifier include:

 Simple gasification arrangement and process

 Equipment is highly efficient

 Requires less oxidant (oxygen or air)

 Simple feedstock preparation and utilizes coarse coal particles.

 No heat recovery equipment required because of low exit temperatures (420-650 0C).

 Can handle coals with high reactivity and moisture

 High "cold-gas" thermal efficiency

Figure 2.7 Flow of reactants in a fixed bed configuration (Jeffrey, 2006)
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Disadvantages of fixed bed gasifiers include:

 Cannot handle coal chunks

 Long residence time

 Slag flow characteristics require carefully controlled feed size distribution for proper operation

 Tars and oils are produced. This intensifies the purification of syngas depending on the intended

use.

 High chances of explosions in case of poor process monitoring due to the different reaction zones.

 Limited ability to handle coal fines.

Entrained-flow gasifiers utilize fine coal of about 100 mesh which together with the oxidant (air or

oxygen) and/or steam are fed co-currently to the gasifier as shown in Figure 2.8. It operates at high

temperatures 1200-1500 0C and pressure and at high turbulent flow resulting into high carbon conversion

efficiencies. Exit temperatures are between 350-700 0C with ash exiting as a vitreous inert slag. The fine

coal feed is fed in either a dry or slurry form. Most commercially used entrained-flow gasification

technology include Hitachi, Shell Coal Gasification Process (SCGP), Mitsubishi Heavy Industries (MHI),

Texaco (now GE), Babcock Borsig Power (BBP), E-Gas and Prenflo.

Advantages of Entrained-flow gasifiers include:

 Can accept a variety of solid feedstock

 Uniform temperature within the reactor

 Short reactor residence time

 High carbon conversion

 High level of sensible heat in product gas

 Environmentally friendly; produces syngas consists of mainly H2, CO and carbon dioxide (CO2)

with trace amount of other contaminates due to its operating conditions.
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Figure 2.8 Flow of material in an Entrained-flow gasifier (Jeffrey, 2006)

Disadvantages of Entrained-flow gasifier include:

 Large oxidant requirements

 Low cold gas efficiency,

 Heat recovery is required to improve efficiency

Fluidized-bed gasifier operate at high temperatures of about 815-1040 0C and the feeds as shown in Figure

2.9 enter at very high velocity to fluidize the bed. For proper fluidization, coal particles of normally <6mm

are used. Fluidized-bed gasifiers differ in ash conditions (dry or agglomerated/slagging) and in design

configurations to improve char utilization. In addition depending on the degree of fluidization and bed

height, results in two types of fluidized beds; circulating fluidized bed reactors, and transport reactors. Most

commercially used fluidized bed gasification technology include; High Temperature Winkler (HTW),

Integrated Drying Gasification Combined Cycle (IDGCC), KRW, Air-Blown Gasification Cycle (ABGC),

BHEL, Kellog Transport reactor.

Advantages of Fluidized-bed gasifiers include:

 Has high heat transfer rates

 Can gasify a wide range of feedstock

 Has adequate oxidant and steam requirements

 The high temperature in gasifier is uniformly distributed

 Has a high cold gas efficiency as compared to entrained-bed gasifiers
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Figure 2.9 Flow of material in a Fluidized-bed gasifier (Jeffrey, 2006)

Disadvantages of fluidized bed gasifier include:

 Has low carbon conversion

 Requires extensive char recycling

2.3 Modelling of Gasification Processes

In the gasifier many reactions as shown above are occurring. These reactions may occur simultaneously. In

addition, the feed stock varies in composition and consequently different process conditions. For these

reasons most studies prefer using thermodynamic equilibrium models over kinetic based models. Kinetic-

based models give more precise and comprehensive results of the process. The limitation of these kind of

models are that they are specific to a particular reactor, reaction mechanism must be defined and kinetic

rates for each reaction occurring must be given. This becomes cumbersome because of the complexity of

the gasification reactions. On the other hand, thermodynamic equilibrium models are found to be useful for

preliminary evaluation of the gasification process. They predict equilibrium composition of the syngas as

well as effect of operating conditions on the gasifier performance (Maria et al., 2010 and Samson et al.,

2011). However, studies have shown that thermodynamic models fail to agree with experimental results by

either overestimating or under estimating some components. Zainal et al. (2001) used an equilibriummodel

in a downdraft gasifier using wood as a fuel to predict the composition of syngas. Their prediction compared

well with the experimental data with a 6 mole % overestimate of H2. Altafini et al. (2003) applied the

equilibrium model in fixed bed downdraft gasifier with sawdust as fuel. The model as well over estimated

H2 by 6 mole % and under estimated CH4 by 2.5 mole %. Other researchers have tried to modify this model

by using the quasi equilibrium temperature (QET) approach. This approach assumes that the system

undergoes through a sequence of states that are infinitesimally close to equilibrium and the equilibrium

reactions occur at lower temperatures than the actual process temperature. Li et al. (2001) used the

equilibrium model to predict the syngas composition of a circulating fluidized bed coal gasifier. They

observed that real gasification process deviates from the chemical equilibrium. They modified their model
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by factoring in non-equilibrium factors. They also observed that the kinetic carbon conversion for

pressurized gasification of sub-bituminous coal in the temperature range 747-877 0C is comparable to the

equilibrium predictions for a temperature 250 0C lower when using QET approach.

The principle of the thermodynamic equilibrium model is the minimisation of Gibbs free energy at

equilibrium. The thermodynamic basis of this criterion is shown below.

The Gibbs free energy of a reaction at any given time is defined as:

∆� = ∆�� + ����� (2.21)

Where

∆G Change in Gibbs Free energy at temperature T (J)

∆Go Standard state Gibbs free energy (J)

R Ideal gas constant (J/mole. K)

T Temperature (K)

Reaction quotient (Ratio of the concentration of products and reactants)

At Equilibrium:

∆� = 0 ��� ��� = �� (2.22)

Where :

KE Equilibrium constant

Therefore rearranging Equation 2.21 at equilibrium it becomes:

∆�� = −����� (2.23)

And ∆Go is defined as: ∆�� = ∆�� + �∆�� (2.24)

Where:

∆�� Standard state enthalpy (J/mole)



26

∆�� Standard entropy (J/mole. K)

These standard thermodynamic data can be obtained from chemical engineering reference books. The

standard state is given at 1 bar pressure and at a temperature of 298 K. By obtaining ∆Go the equilibrium

constant can be calculated and therefore equilibrium composition obtained. For a system with many and

unknown reactions the Gibbs free energy minimization is combined with atomic balances for each element

in the system and species are added and removed as the minimization takes place. Smith et al. (2001) and

Buragohain et al. (2010) used the minimization of Gibbs free energy and they used Lagrange undetermined

multipliers with constraint of mass balance to get the solution through subsequent iteration. Botha (2010),

also used a similar approach with fuel mixture similar to the one used in this study.

Advanced System for Process Engineering (ASPEN) software package can be used to predict the

equilibrium composition of the gasification process using its unit operation model, the Gibbs reactor. By

specifying the feed, the expected product, the operating conditions and the property method thermodynamic

calculations based on Gibbs energy minimisation can be performed. This yields the equilibrium

composition of the specified products. For this study, ASPEN was used to predict the equilibrium

composition of the syngas to be produced.
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LITERATURE SURVEY: DESULPHURISATION OF SYNGAS

3.1 Introduction

Most hydrocarbon fuels like petroleum, natural gas and coal contain other elements in small quantities

which after gasification are transformed to impure compounds. These impurities include compounds of

sulphur, nitrogen, chlorine, alkali metals, and some heavy metals like mercury, particulates and tar. A

lot of attention has been given to sulphur compounds and therefore this study is focussed on its removal.

At high temperature gasification process, sulphur is converted to mainly H2S and some minute

quantities of COS (Ke et al., 2010). Other sulphur compounds like CS2, thiopenes and mercaptans may

also be found in low quantities depending on the process conditions. Desulphurisation either before

reforming or after gasification is imperative for the below reasons:

 Corrosion of downstream equipment like turbines when used in IGCC

 Pollution of environment

 Deactivation of downstream process catalyst used in Fischer-Tropsch (FT) process, Sabatier

process and water gas shift reaction

Depending on the intended use of syngas, each process has contaminant specification which must be

met for proper and efficient running of the downstream processes. Bambang (2013) studied the

utilization of syngas for FT process using Co/SiO2 catalyst in a slurry- bed reactor with syngas

contaminant limits shown in Table 3.1. Spath et al. (2003) gave contaminant limits for Sabatier process

(methanol synthesis) as shown in Table 3.2. Horazak et al. (2005) gave contaminant limits of syngas to

be used in IGCC in Table 3.3 and finally Ke et al. (2010) gave the contaminant limits of syngas to be

used in IGCC and fuel cells operating at high temperatures as shown in Table 3.4.
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Table 3.1 Syngas impurity limits as feedstock in FT processes (Bambang et al., 2013)

Contaminant Limit

Total Sulphur (H2S,COS,CS2) < 1ppmv

NH3 +HCN < 1ppmv

Total halides (HBr, HCL,HF) < 10ppbv

Alkaly metal < 10ppbv

Solids (soot, ash, dust) Essentially complete

Organic compounds(Tar) < dew point

Hetero-atoms (Class 2) < 1ppmv

Table 3.2 Syngas impurity limits as feedstock for methanol processing (Spath et al., 2003)

Contaminant Limit

Tars <0.1 mg/ Nm3

CH4 < 3%

NH3 10ppmv

HCN 0.01ppm

Total Sulfur 0.5ppm

Halides 0.001ppm
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Table 3.3 Syngas impurity limits for use in IGCC (Horazak et al., 2005)

Contaminant Limit*

Total Sulphur (H2S, COS) 750ppmv

Halides 5ppmv

Particulate 0.7ppmw

Fuel Nitrogen (HCN + NH3) 40ppmv

* Contaminant content in moisture free syngas prior to humidification or nitrogen dilution for typical

oxygen-blown gasification syngas.

Table 3.4 Syngas impurity limits for use in IGCC and fuel cells (Ke et al., 2010)

Contaminant Solid Oxide Fuel

Cell

PEMFC Gas Turbine(IGCC)

Total Sulphur (H2S,

COS, etc.)

Total Halides (Ci, F, Br)

Total fuel nitrogen

(NH3, HCN)

Total Alkali metals (Na,

K, Li vapour, and solid

phases

Volatile metals (V, Ni,

Fe, Pb, Ca, Ba, Mn, P)

Particulates

60ppbv

-

100ppbv

Not available

-

Not available

5ppbv As

0.2ppmv Se

30ppbv Cd

-

Not Available

10ppbv

-

Not available

1ppmv NH3

-

Not available

Not available

-

-

-

Not available

760ppmv fuel gas

20ppmv for selective

catalytic reduction (SCR)

5ppmv fuel gas

Fuel-bound Nitrogen

200-400ppmv

100ppbv fuel gas

20ppbwPb

10ppbw V

40ppbwCa

40ppbwMg

0.1-0.5 ppm fuel gas

The H2S in the raw syngas is conventionally removed through the ‘wet’ processes which will be detailed

in section 3.1. Research has shown that by adopting ‘dry’ desulphurisation methods at temperatures

similar to the raw syngas have advantages in the overall plant thermal efficiency. This will also be
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discussed under hot gas desulphurisation technology in section 3.3. Table 3.5 gives a summary of all

the processes, their conditions and advantages and disadvantages when used in desulphurisation. The

sulphur removed from this processes either as H2S or Sulphur dioxide (SO2) is sent to the Claus process

reactor where they are converted to elemental sulphur.

In this study 2-propanethiol (C3H7SH) was in cooperated in the mixture of fuel as a source of sulphur.

It was assumed that it will be converted to H2S during the partial oxidation process. Verification of this

assumption will be detailed in Chapter 6.

Table 3.5 Summary of the different methods of desulphurisation (Ke et al., 2010)

Process Amine Rectisol Selexol Metal Oxides

Absorbent Amine Solution ColdMethanol DEPE Fe>Mn>Co>Zn>Cu>Ce

Pressure(MPa) <7 5.8 1.6 – 7.0 70
0

Temp. ( C) 25 – 60 -70 to -30 -5 to 25 250 -900

Outlet S (ppm) MEA<1,MDEA< 0.1 < 0.1 < 5 < 0.1

Advantages Solvent High sulphur CO2 High sulphur removal
regeneration removal coabsorption efficiency
Low solvent cost efficiency Moderate High thermal
CO2 coabsorption Complete CO2 cost efficiency

CO2 coabsorption Sorbent regeneration

Disadvantages Corrosion High cost High sulphur Requires huge space
Foaming Loss of thermal outlet for reactor set up
Solution efficiency content
degradation Coabsorption of

hydrocarbons

3.2 Conventional Desulphurisation Technologies

Conventional methods of desulphurisation involve absorption of the acid gases (H2S, COS and CO2)

using regenerative solvents moving counter currently with the syngas in an absorber column. The

syngas is normally termed as sour gas because of the acidic nature of the gases and after purification it

is referred to as sweet gas. The choice of solvent to be used in the absorption process is what

differentiates the technologies. It varies according to the degree of acid gas removal required for

different end user applications. Other factors include the concentration of the acid gas present in the

feed, temperature and pressure which will affect the interaction of the gas and liquid phase, the size of

the unit, process economics, consistency, flexibility and environmental limitations (Mahin, 2000). For

efficient removal the ideal solvent should possess the following characteristics (Ke et al., 2010):
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 High sulphur absorption capacity

 Higher selectivity for sulphur compounds

 Minimal heat of reaction

 Stable under the operating conditions

 Minimal vapour pressure

 No to minimal corrosion

 Easily separable from water

 Appropriate viscosity

 Easy recovery process

The absorption process according to the above mentioned factors are classified into three main

processes. They include Chemical solvent process, Physical solvent process and Hydride solvent

process (Mixture of Chemical and physical solvents). Details of these processes will be discussed in the

next section.

3.2.1 Chemical solvent process

When using chemical solvents, the process of absorption involves a chemical reaction between the acid

gases and the solvent to form a loosely bonded reaction product (Kohl and Reisenfield, 1997). The most

widely used solvents for this process are predominantly the amine based solvents. The structure of

amines consists of at least one hydroxyl group and one amino group. The hydroxyl group serves to

reduce the vapour pressure and increase water solubility, while the amino group provides the alkalinity

in the water solution for acid gas absorption (Kohl and Reisenfield, 1997). Amines are of three classes;

primary, secondary and tertiary. Primary amines consist of Monoethanolamine (MEA) and

Diethyleneglycolamine (DGA). They have two hydrogen atoms attached to one nitrogen atom. They

form the most stable bond with the acid gases followed by the secondary amines (Kohl and Reisenfield,

1997). Secondary amines consist of Diethanolamine (DEA) and Diisopropanolamine (DIPA). They are

composed of one hydrogen atom directly attached to the nitrogen atom. Both primary and secondary

amines are degraded by the presence of COS in the acid gas and because of their high basicity, they

evolve a high heat of reaction which results to high consumption of energy during regeneration. This

makes the tertiary amines favourites for absorption especially in IGCC plants. Tertiary amines consist

of Triethanolamine (TEA) and Methyldiethanolamine (MDEA). These types of amines are completely

substituted ammonia molecules with no hydrogen atom attached to the nitrogen. They form the weakest

bond with the acid gas and have very high H2S/CO2 selectivity (Ke et al., 2010). They are less degraded

and less corrosive. For applications where both CO2 and H2S are to be lowered, the MDEA solvent is

combined with activators like MEA, DEA and DGA. MDEA has also a high H2S content from the

regenerator (Figure 3.1) making sulphur recovery possible through Claus process. Most amine based
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absorption units are small in size because of their high reaction rates and thus high gas-liquid contact

times (DOE/NETL (b), 2013).

Figure 3.1 Flow of diagram of a typical amine gas removal process (Kohl and Reisenfield, 1997)

3.2.2 Physical solvent process

Treating raw syngas which contains high concentration of the acid gases becomes very costly when

using the heat re-generable (chemical) solvents. For this reason the need to use non-reactive organic

solvents as the treating agents becomes necessary. Physical solvents performance depends on the

solubility of the individual gaseous components into the solvent which follows Henry’s law (Kohl and

Reisenfield, 1997). That is the solubility of the individual component into the solvent is directly

proportional to its partial pressure in the gas phase. The process is not reactive which makes the

regeneration process very easy and cost effective since one needs to only lower the pressure and

consequently strip the acid gases from the solvent. Many organic solvents can be used for this process

but for them to be practical they must satisfy the below criteria (Ke et al., 2010):

 Have low vapour pressure to avoid loss of solvent

 Have a high capacity for acid gases and low capacity for the main constituents of the syngas

like hydrogen and methane.

 Have low viscosity

 Thermal stability
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 Have low hygroscopic nature

 Not reactive with all the syngas components

 Non-corrosive to metals

 Commercially available at minimal cost

Some of the few solvents which have met these criteria and have been used commercially include; N-

methyl-2-pyrrolidone (Purisol process), tributylphosphate (Estasolvan process), propylene carbonate

(Fluor Solvent process), methanol (Rectisol and IFPEXOL processes), polyethylene glycol dialkyl

ethers (Selexol, Sepasolv MPE, and Genosorb processes) (Ke et al., 2010). Among these physical

solvent processes, the most widely used are Selexol and Rectisol for acid gas removal in gasification

plants.

The solvent for Selexol process is a mixture of dimethyl ethers of polyethylene glycol (CH3

(CH2CH2O)nCH3), where n is between 3 and 10 (Kohl and Reisenfield, 1997). The process is not just

limited to dimethyl ether, other dialkyl ether of polyethylene glycol can be used. Genosorb, a process

brand name, uses dimethyl ether as well as dibutyl ether of polyethylene glycol as a solvent. The Selexol

process apart from being highly selective to H2S and COS over CO2 it can also remove NH3, HCN, CS2,

mercaptans, chlorinated hydrocarbons and BTEX (Benzene, toluene, ethyl benzene and xylene)because

of their high solubility in the solvent as shown in Table 3.6. From Table 3.6 it can also be seen that the

solvent is at a disadvantage because it is capable of absorbing hydrocarbons present in the gasification

gas due to their high solubility consequently high loss of hydrocarbons in the gas (Ke et al., 2010). In

addition, refrigeration of the lean solution and high pressure absorption for efficient desulphurisation

add complexity and cost of the overall system. Selexol solvent process can be designed subject to the

level of H2S/CO2 selectivity, bulk CO2 and H2S removal and the need for the gas to be dehydrated.

Figure 3.2 shows a configuration for bulk removal of both CO2 and H2S. The two stage configuration

consists of two absorbers for CO2 and H2S removal followed by flash drums and stripping column for

CO2 and H2S solvent regeneration units respectively.

Rectisol process developed by Lurgi GmbH is the most widely used physical solvent process for acid

gas treatment in the world. Mostly used in deep sulphur removal, the process can lower the sulphur

content to <0.1ppmv and is able to remove HCN, NH3 and iron and Nickel Carbonyls (Ke et al., 2010).

The solvent used in Rectisol process is chilled Methanol at temperatures between -40oC to -62oC .It is

highly selective to H2S and COS but less selective to CO2 as compared to Selexol process at typical

process operating temperatures.
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Table 3.6 Relative solubility of various gases in the Selexol solvent process (Ke et al., 2010)

Component R = K’CH4/K’ component

H2

CO

CH4

CO2

H2S

COS

CS2

SO2

H20

HCN

CH3SH

C4H4S

CH2Cl2

NH3

C6H6

0.2

0.43

1

15.2

134

35

360

1400

11000

19000

340

8200

5000

73

3800
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3.2.3 Hydride solvent processes

Amixture of chemical solvents (amines) and physical solvents (sulfolane) results in a solvent that takes

advantage of the best characteristics of the two. Among the main advantages include better solvent

loadings at high acid gas partial pressures and higher solubility of COS and other organic sulphur

compounds. The two most commercially used hydride solvent processes are Sulfinol (Shell) and

Flexsorb (Exxonmobil) (Ke et al., 2010).

Sulfinol process, developed by Shell in the early 1960s, is a hydride solvent process that uses a mixture

of water, sulfonale (Tetrahydrothiopene dioxide) and one or more alkanolamine to remove acid gases.

The Sulfinol process can adapt different names depending on the type of amine mixed with water and

sulfonale. For example, Sulfinol-D uses Diisopropylamine (DIPA). Sulfinol-D is used in the natural gas

and petroleum industry to partially remove organic sulphur compounds. It is not highly selective to

H2S.Sulfinol-M uses Methyldiethanolamine (MDEA), and it is highly selective to H2S. Finally there is

Sulfinol-X which uses either DIPA or MDEA and an accelerator. Shell considers Sulfinol-X using

DIPA as the best choice in applications of removing H2S, CO2, COS, mercaptans and organic sulphides

from gas streams. In addition, it is highly suitable when refurbishing deep CO2 removal plants from the

claims that because of the high loadings, small absorbers with fewer trays can be effectively used in the

cleaning process. The solvents are also re-generable.

FLEXSORB was developed by ExxonMobil in 1983. The process was mainly designed for selective

removal of H2S in the presence of CO2. It has broad application in natural gas and petroleum refining

industries. The process uses steric hindered amines as the solvent. Hindered amines are chemical

compounds containing an amine functional group surrounded by a crowded -CH2- group that brings

about a change in the shape and reactivity of the overall compound (Nick et al., 2002). This hindered

form of amines have advantages over the tertiary amines and this makes them more suitable to use. The

hindered amines are more basic, which increases the rate of the reaction and consequently absorbs more

H2S. They react slowly with CO2 because of the bulky -CH2- group as compared to its reaction towards

H2S thus selectively removing H2S. ExxonMobil has three types of technology each having a function

towards removal of H2S. FLEXSORB SE selectively removes H2S while FLEXSORB SE Plus

selectively removes H2S to less than 10ppm and finally FLEXSORB SE Hybrid removes H2S, CO2 and

other sulphur compounds. It is a very reliable, robust and simple to operate process. Low flow rates of

the solvent are experienced with less corrosion and foaming.
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3.3 Hot Gas Desulphurisation Technology

Raw syngas exits the gasifier at temperatures between 900-1600 0C (Ke et al., 2010). When using the

conventional desulphurisation processes this syngas has to be cooled to near ambient or even lower than

ambient (Table 3.5) prior the absorption column then reheated back again depending on the intended

use. For example the methanol synthesis and Fischer-Tropsch process requires a syngas feed of 220-

350 0C and IGCC turbines requires a syngas feed of 500-1000 0C. The lowering and heating of the gas

requires additional equipment (heat exchangers, condensate handling systems etc.) and lowers the

overall thermal efficiency of the system. For this reasons research on hot gas desulphurisation (HGD)

systems has been on since 1970s especially in the U.S, Europe and Japan (Nick et al., 2002). The main

motivation for HGD especially in IGCC is increasing the overall efficiency of the system. Gupta and

Gasper-Galvin (1992) and Furimsky and Yumura (1986) report that conventional pulverized coal

systems have efficiencies between 35-36 % whereas IGCC using the cold gas desulphurisation process

has efficiencies between 43-46 %. Adopting HGD into the IGCC process has the capability of

improving the efficiency by about 6 %. Yunhan et al. (2012) performed thermodynamic studies on how

IGCC can benefit from HGD process and removal of particulates in the dry hot conditions. They studied

IGCC systems using full cold gas clean up system and hot gas clean up system using ASPEN simulation

software and zinc oxide as the sorbent for HGD. Their results showed that IGCC with full hot gas clean

up system efficiency improved by 1.77 % compared to cold gas clean up system. 1 % of the efficiency

was contributed by dry particulate cleaning and the remaining from HGD. They also reported that the

HGD will only be beneficial at temperatures not exceeding 350 0C. This indicates a limitation on HGD

which will further be discussed below. Apart from increasing the process efficiency and saving on the

plants cost HGD being a dry process as opposed to the wet process of using solvents has the following

additional advantages (Ke et al., 2010):

 Solid sorbents are less toxic and corrosive than amine solvents used in cold gas desulphurisation

 There is no formation of sour water which forms when syngas is cooled below the dew point

of water and thus save on its treatment.

 No formation of black mud (mixture of ash, char and water) formed during wet scrubbing of

particulates in the syngas.

3.3.1 Principle of HGD and Choice of Sorbent

HGDprocess involves a gas-solid reaction between H2S andmetal oxides sorbents at temperatures

>250 0C to form a solid metal sulphide and steam in an equilibrium limited sulphidation reaction

shown in equation 3.1. Themetal sulphides can be regenerated back to the original metal oxide as shown
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in equation 3.2 through oxidation using air (oxygen) a process analogous to ore roasting. Studies in this

work will focus on sulphidation and not regeneration part of the process.

���(�) + �2�(�) ↔���(�) +�2�(�) (3.1)

+ 3 ↔��� + (3.2)
( ) 2 2( ) ( ) 2( )

Westmoreland and Harrison (1976) performed thermodynamic screening on 28 metal oxides based on

the minimization of free energy to establish their ability to remove equilibrium sulphur and the sorbent

stability in HGD for low-Btu gas at temperatures up to 1500 0C. The oxides of iron, zinc, molybdenum,

manganese, vanadium, calcium, strontium, barium, cobalt, copper and tungsten were the eleven feasible

metal oxides. They came up with a diagram (Figure 3.4) showing the states of the metal oxides as a

function of temperatures on which they can be sulphided, regenerated and become inactive in

desulphurisation process. Using Figure 3.4 the sorbents were grouped into 2 categories; high

temperature sorbents >600 0C and medium temperature 300-500 0C. High temperature included the

oxides of Ba, Ca, Sr, Cu, Mn, Mo and W and the middle temperature included oxides of V, Zn, Co and

Fe.
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All of the other categories of sorbents can be used as regenerable sorbents in an external bed for either

intensive desulphurisation or as polishing bed (Figure 3.5). Unfortunately, each and every sorbent have

limitations. In intensive desulphurisation raw syngas is sent to reactors which can either be a fluidized,

moving or fixed bed reactor loaded with sorbent. In the case of a fixed bed reactor (Figure 3.6), two

reactors packed with sorbents operate in series. One operates as the front bed and the other the trail bed

by changing the flow of the raw syngas. This arrangement saves on the usage of the sorbent. Once the

front bed is exhausted it can either be regenerated by passing through air or it can be replaced by a fresh

lot. Gupta et al. (1992) used Zinc Ferrite as a sorbent for HGD in a fixed bed. He concluded that fixed

bed reactors require high temperature pressure valves because of the operating conditions of HGD, there

is difficulty in handling the heat released during regeneration and that the off-gas released after

regeneration has a non-uniform composition. Because of the fixed bed limitations other researchers in

the Department of Energy in the U.S and the Research Triangle Institute have redirected their focus in

developing sorbents that would work best in moving and fluidized bed (Ke et al., 2010). For this study

though we chose to use a fixed bed reactor despite its limitations, the sorbent available could only work

well in that reactor configuration.

An ideal sorbent must possess the below characteristics (Ke et al., 2010):

 High activity towards sulphur compounds and be able to lower them to <0.1ppmv before

breakthrough.

 High sulphur capacity (1-3.5g S/100g sorbent before breakthrough).

 Non-pyrophoric

 Regenerable

 Be able to maintain its desulphurisation ability for a minimum of 100 recycles and withstand

attrition.

 Be able to be easily prepared for scale up in commercially available equipment

 Disposable as a non-hazardous waste upon being spent

 Suitable morphology for high desulphurisation capabilities

 Minimize undesired reactions in adsorption and regeneration conditions.

 Operate with a sharp reaction front in order to attain high conversions at breakthrough.

 Have apparent physical changes like colour change to provide visual indication of process

progress.

The ability of a sorbent to lower H2S to very low levels is determined by the thermodynamic equilibrium

of the reaction of H2S with the stable form of the metal oxide in the reducing environment created by

the syngas constituents CO, H2, CO2 and H2O. The process involves simultaneous sulphidation and

reduction of the metal oxide (equation 3.3) as opposed to the general equation 3.1 above (Gangwal,

2011):
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respect to H2S (Westmoreland et al., 1976, Lew et al., 1992 a and Turton et al., 2004). They varied

sorbent particle size and gas flow rates to eliminate external mass transfer and pore diffusion limitations.

The summary of the work done on intrinsic kinetics by different researchers is summarised in Table 3.7

all the experiments being done at atmospheric pressure.

= (3.5)
2

= ��� (
−��) (3.6)

Where:

Initial molar rate of ZnS formation per unit surface area of the solid reactant (mole/cm2.s)

2 Molar concentration of H2S in gas (mole/cm3)

Molar concentration of ZnO solid (mole/cm3)

Activation energy (kJ/mole)

Gas constant (kJ/mole.K)

Reaction absolute temperature (K)

Frequency factor (cm/s)

Reaction order with respect to H2S (-)

Reaction order with respect to ZnO (-)
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Table 3.7 Summary of research done on the kinetics of the sulphidation of ZnO (Botha 2010)

Researchers Temperatur
e Range

Activation
Energy,

Frequency
factor,

Conditions Comment

°C kJ.mol-1 cm.s-1
Westmoreland
et al. (1977)

300-750 30.3 1.22 H2S: 1-9 mol
%. H2 at 5
times the H2S
mol %.
Balance N2.

Lew et al.
(1992 a)

400-800 43.1 1.31 H2S: 2 mol %,
H2 1 mol %,
balance N2

Turton et al.
(2004)

482-593 31.4 0.333 H2S: 0.5-2 mol
%, balance N2

24.5-38.2
kJ.mol-1 95%
confidence
interval for Ea.

Li et al.
(1997)

200-400 11.84 0.0044 H2S: 5.41-
19.25 g.Nm-3,
balance N2. 4
mm pellet

(ZnO-MnO
ratio 9:1)
Apparent
kinetics

Huiling et al.
(2002)

200-320 15.85 0.21 H2S: 8.73-16.4
g. Nm-3, H2 20
mol %,
balance N2. 3-
3.5 mm sphere

Apparent
kinetics in
presence of
H2.

Huiling et al.
(2002)

200-320 19.32 0.08 H2S: 8.73-16.4
g. Nm-3,
balance N2. 3-
3.5 mm sphere

Apparent
kinetics.

ZnO sulphidation process is affected by several factors which many researchers vary in their

experiments to observe their effect on HGD using ZnO and finally optimize the process. They include:

 Syngas composition

 Sorbent surface characteristics (porosity and specific surface area)

 Sorbent morphology

 Reaction temperature

 Reaction pressure

 Sorbent particle size

 Gas flow rate

Novochinskii et al. (2004) did an investigation on the effect of H2O present in the syngas composed of

1.2ppmv H2S, 34.4 vol % H2, 20 vol %H2O and the balance N2 to ZnO desulphurization at temperatures

between 100 to 700 0C. They observed that the presence of water limited sulphur removal by shifting

the equilibrium of equation 3.4 towards the reactants. Similar observations were reported by Chiche et
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al. (2013).Yang et al. (2008) performed studies on the effect of CO, CO2 and steam on reformate

desulphurization using ZnO. The reformate was composed of 10 % CO, 20 % CO2, 40 % H2, 20 %

steam and 4000ppmv H2S. The experiment was performed at atmospheric pressure and at 400 0C with

a space velocity of about 14000h-1. They observed a sorbent utilization of 30 %. They removed CO,

CO2 and steam and studied only a gas composed of H2 and H2S and with this they observed a sorbent

utilization of close to 90 %. Chiche et al. (2013) reported that there is competitive adsorption between

CO2 and H2S as well as reaction of CO, CO2 with H2S (equations 3.7 and 3.8 respectively) to form COS

which cannot be absorbed by ZnO.

��(�) + �2�(�) ↔ ���(�) + �2(�) ∆���� = −10.9��/��� (3.7)

��2(�) + �2�(�) ↔ ���(�) + �2�(�) ∆���� = 30.3��/��� (3.8)

The reactivity of a solid in catalysis is a function of the chemical composition of the solid, its structure

and morphology (Bolis et al., 1989). Zinc oxide of low purity has a disadvantage in that the inactive

impurities will occupy a reactor volume in direct proportion to their percentage in the overall sorbent.

In addition, ZnO of low bulk density is at a stoichiometric disadvantage since the weight charged into

the reactor is directly proportional to its bulk density. The specific surface area of a sorbent as well

affects reactivity. Finer particles exhibit high reactivity because of the high surface area available for

reaction unlike large particles. Westmoreland et al. (1977) reported that ZnO in pellet form in HGD are

at a disadvantage because of mass and diffusion limitations. To correct this Jain et al. (2014) proposed

a change in the morphology of ZnO that will increase the surface area and shorten the diffusion distance.

Change in morphology can be achieved by different preparation techniques like decomposition of salts

(carbonates and oxalates) as well as adding additives to the zinc oxide to increase its reactivity.

Currently a lot of work has been focussed in production of ZnO Nano particles for both high and low

desulphurisation reactions (Corrie and Kenneth, 2001, Jain et al., 2014). Shangguan et al. (2011) added

graphite, Al2O3 and K2CO3 into the composition of a ZnO sorbent. The Al2O3 improved the pore

structure of the sorbent consequently increasing the diffusion of H2S through the sorbent. K2CO3

increased the basicity of the overall sorbent and raised the COS catalytic hydrolysis rate on the sorbent

reducing the concentration of COS in the outlet gas.
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Research done on the effect of temperature and pressure by different researchers is summarised in Table

3.8 and effect of particle size, gas space velocity and H2S inlet concentration is summarised in Table

3.9

Table 3.8 Effect of temperature and pressure on HGD using Zn- based sorbents (Botha, 2010)

Researcher Sorbent Reactor Type Temperature Pressure
Yumura and
Furimsky
(1985)

ZnO TGA Increasing the
temperature from 600-
800 °C had little effect on
sulphur removal capacity
of the sorbent.

-

Woods et al.
(1990)

Zinc titanate TGA For low temperatures (<
400 °C), the reaction rate
was very slow. As the
temperature increased to
650 °C, the reaction rate
increased considerably.
However, from 650-750
°C, there was almost no
dependence of the
reaction rate upon
temperature.

An increase in pressure
from 1-10 atm at 705 °C
caused a decrease in
reaction rate, attributed to
a decrease in the transfer
coefficients with the
increase in pressure. This
was at constant H2S
concentration.

Lew et al.
(1992 b)

ZnO TGA The reaction rate for zinc
oxide increased
significantly from 400-
600 °C and then only
slightly to 700 °C.

-

Turton et al.
(2004)

ZnO TGA The reaction rate
increases from 482-593
°C

-

Sánchez et al.
(2005)

Z-Sorb III fixed bed There was little influence
in solid adsorption
capacity in 400-650 °C
and minor differences in
breakthrough time.
However, at 250 °C,
breakthrough occurred at
after half the time of the
400 °C result.

Conditions: 1 mol % H2S
at 400 °C, pressure: 2-20
atm. At higher pressures,
the sulphur loading values
were considerably higher,
reaching estimated values
as high as 97 % of the
maximum loading
capacity at 20 atm. At 2
atm, sorbent utilization
was only 52 % of the
maximum capacity.
Possibly, the diffusion of
H2S to the interior of the
pellet is enhanced at
higher pressure.

Note that TGA refers to thermogravimetric apparatus
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Table 3.9 Effect of pellet size, space velocity, H2S inlet concentration on Zn- based sorbents
(Botha, 2010)

Researcher Sorbent Reactor
Type

Pellet Size Space
Velocity

H2S inlet concentration

Woods et al. (1990) Zinc
titanate

TGA The smaller
pellets (3.2
mm) reacted
appreciably
faster than
larger pellets
(4.8 mm).
Similar results
were obtained
at other
temperatures.

- Concentration was varied
from 0.25-2.5 mol % at 1
atm and 705 °C. As
expected the global rate
increased with increasing
H2S concentration.

Lew et al. (1992 b) ZnO TGA [Inlet concentration only] Concentration was varied from
1-3 mol % at 1 atm and 500 °C. The reaction rate increased
with increasing H2S concentration.

Li et al. (1997) ZnO-
MnO

TGA [Pellet size only] The initial and final reaction rates were
significantly increased with a decrease in the pellet size
from 4mm to 3.3mm.

Turton et al. (2004) ZnO TGA [Pellet size only] No difference in reaction rate between
size fractions from 37-137 μm.

Sánchez et al. (2005) Z-Sorb
III

Fixed
bed

[Space velocity only] Conditions: 10 atm, 400 °C, gas
space velocities of 3500 h-1 to 10 000 h-1. At higher
velocity, sulphur uptake by the sorbent is lower. In
addition to diffusion resistance, a possible explanation
would be that, at the higher velocity, the bed length might
be shorter than the sorption front. Breakthrough of the
higher velocity occurred at about one third of the lower
velocity result

Note that TGA refers to thermogravimetric reactor

As was mentioned, the reaction between H2S and ZnO is a gas solid reaction. Chapter 4 will explain in

detail the occurrence and limitations of gas-solid reactions and the models that explain their occurrence.
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GAS-SOLID REACTIONMODELLING

4.1 Introduction

Gas-solid reactions have a wide range of application in the chemical and metallurgical industries.

Examples of these include coal gasification, reduction of metal oxides (iron ore to iron), roasting of

sulphides, incineration of solid waste, calcination of limestone among many others. Understanding of

these reactions is essential in the designing of experiments and interpretation of the experimental results.

In addition the performance of industrial equipment in which these reactions occur can be improved.

The general form of the gas-solid reaction is shown in equation 4.1:

��(�) + ��(�) ↔ ��(�) + ��(�) (4.1)

Where a, b, c and d are stoichiometric coefficients. Szekely et al. (1976) explained the mechanism of

gas-solid reaction system of a single particle with a stream of moving gas. Study of single particle

systems is much easy and the results can be extrapolated to the more complex multi-particle systems

which is relevant in this study. The overall reaction mechanism may involve the following steps

(Szekely et al., 1976) also illustrated in Figure 4.1:

1. Mass transfer of the gaseous reactant from the bulk of the gas stream to the external surface of

the solid particle

2. Diffusion of the gaseous reactant through the pores of the solid matrix

3. Adsorption of the gaseous reactant on the surface of the solid matrix

4. Chemical reaction at the surface of the solid matrix

5. Desorption of the gaseous product from the surface of the solid matrix

6. Diffusion of gaseous reaction product through the pores of the solid matrix

7. Mass transfer of the gaseous product from the external surface of the solid to the bulk of the

gas stream

From the steps mentioned above it can be summarised that gas-solid reactions are characterised by

external mass transfer, pore diffusion, adsorption/desorption and chemical reaction phenomenon.

Whichever of these factors exhibit the highest resistance to the reaction it is termed as the rate

controlling process and the overall rate of reaction is dependent on its rate. Apart from these main

factors, the reaction can also be affected by heat transfer both within the reacting solid (conductive) and

between the solid and the surrounding gas (convective and possibly radiative). Heat transfer and the
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Where:

��ℎ Sherwood Number (-)

Schmidt Number (-)

Reynolds Number (-)

ℎ� External mass transfer coefficient

Characteristic length (diameter for a sphere)

(m/s)

(m)

Binary diffusion coefficient (m2/s)

Superficial velocity (m/s)

Fluid density (kg/m3)

µ Fluid viscosity (Pa.s)

The results obtained from the correlation of Ranz and Marshall for the range of Reynolds and Schmidt

numbers usually encountered in gas-solid reactions were identical with other researchers (Skezely et

al., 1976).

4.1.2 Pore diffusion effects

Diffusion through the pores of a porous solid provides access for the reacting gas to the solid surface

and the removal of the gaseous products. For the case of a non-porous solid, pore diffusion may occur

if the product layer formed is porous. This type of diffusion is more complex compared to molecular

diffusion where the gaseous molecules are in constant contact with each other. This process is thus

affected by (Szekely et al., 1976 and Klobes et al., 2006):

 The size of the pores; if the pores are small the laws of molecular diffusion cease to exist and

Knudsen diffusion (the collision between the gas molecules and the solid surface is higher than

the collision between the gas molecules themselves) becomes significant.

 The types of pores present in the solid particle determines the path in which the fluid will take

and whether the pores are accessible by the gaseous reactant as shown in Figure 4.2. In Figure

4.2 the pore labelled (a) is a closed pore in which no external fluid can access. If path (cec) or

(ced) is followed that’s an open through pore whereas pore (f) and (b) are open blind pores. It

can be seen that the path is very tortuous and not straight.
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 Occurrence of pressure gradients within the solidmay occur and thus movement due to pressure

gradient must be considered.

 The area occupied by the solid that is the shaded part in figure 4.2 is not available for diffusion.

Figure 4.2 Cross-section of a porous solid particle (Klobes et al., 2006)

Therefore to be able to determine the rate of diffusion the molecular diffusion laws are considered with

an additional effective diffusivity term which caters for the above mentioned factors. There are several

equations that show how to calculate the effective diffusivity and one of them is as shown in equation

4.7-4.10 (Seader and Henley, 2006):

= ( ) (4.7)

1 1 −1

= ( + ) (4.8)

=
ū�� (4.9)
3

ū = (
8 0.5

) (4.10)
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Where:

Effective diffusion coefficient (m2/s)

Combined diffusion coefficient (m2/s)

Diffusion coefficient of solute A in solvent B (m2/s)

Knudsen diffusion coefficient (m2/s)

ū Mean molecular velocity (m/s)

Molecular mass (g/mol)

Absolute temperature (K)

Gas constant (J/mol.K)

Particle porosity (-)

Particle tortuosity (-)

4.1.3 Chemical reaction effects

The chemical reaction process involves three steps; the adsorption of the reactant gas on the surface of

the solid to form a surface complex, the chemical reaction and desorption of the gaseous products. For

gas-solid reactions this type of process is referred to as chemisorption as opposed to just adsorption.

This is because adsorption is of two types; physical adsorption and chemisorption. Physical adsorption

involves the interaction of the gas to the solid surface by van der Waals forces which are very weak and

can occur to any surface under similar conditions. Chemisorption on the other hand involves the

formation of chemical bonds between the gas and the solid and a significant heat of reaction may result

in the process. Chemisorption like any other chemical reaction is specific to different reactants at

different reaction conditions. The expression of the rate of chemical reaction can be very complicated

if all the steps involved during the reaction are to be considered because of many parameters. As a result

most studies have come up with simplified rate expressions like the empirical power law giving the

value of the activation energy and equilibrium expressions like the Langmuir–Hinshelwood-Hougan-

Watson type showing rate of surface adsorption and desorption.

Experiments to study the controlling step can be done in a thermo gravimetric apparatus where reaction

temperature, sorbent particle size and space velocity are easily varied using a single pellet. The chemical

reaction step is normally more sensitive to temperature. Therefore by increasing reaction temperature

the probability of chemical reaction step controlling is high but only if the increase in temperature does
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not alter the structure of the solid particle (sintering) otherwise the diffusion steps resistances will take

control. Particle size variation can also determine which step exhibits the highest resistance. Levenspiel

(1979) gave some relationships between time and particle size (radius ) to determine the rate

controlling mechanism:

 If � � �1.5−2.0 then film diffusion is in control

 If � � �2.0 then ash layer diffusion is in control

 If � � � then chemical reaction is in control

4.2 Mathematical Models for Gas-Solid reactions

Mathematical models were developed to predict how the gas-solid reactions will proceed under varying

conditions (sorbent size, temperature, space velocity) and in that way enable researchers design their

experiments accordingly. In general a good model should be a close depiction of reality and can be

used without too many mathematical complications (Levenspiel, 1999). A discussion of mathematical

models for gas-solid reactions which are applicable to the HGD process using zinc oxide will follow.

These models are based on single pellet but a model in a packed bed reactor will be outlined. Many

models for gas-solid reactions have been detailed in literature but this study will restrict discussion to

only two; shrinking core model and grain model. This is because these two types of models have been

used extensively to describe the desulphurisation process using zinc oxide sorbent.

4.2.1 Shrinking core model

The shrinking core model developed by Kunii and Yagi (1955) assumes that the reaction occurs from

the outer surface of the solid particle and proceeds with a sharp interface to the interior of the particle.

As the interface moves towards the core of the particle a product layer (ash layer) is left behind and the

unreacted core reduces in size. If the product formed scales off then the original size of the particle

reduces otherwise it remains unchanged (Figure 4.3). Shrinking core model is based on the below

assumptions (Doraiswamy and Sharma, 1984):

 The solid particle is non-porous

 The particle size remains unchanged as the reaction proceeds

 The reaction is 1st order and irreversible

 The process is isothermal

 There is equi-molar counter diffusion of gases through the outer gas film and product layer

 The reaction interface is assumed stationary at any time while the diffusion flux is calculated

to find the concentration profile (Pseudo-steady state approximation)
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Based on these assumptions, the steps involved in the modelling of the overall reaction and the

corresponding kinetic expressions are derived below. These equations are based on the general gas-

solid reaction equation 4.1.

4.2.1.1 Film diffusion controlling

When diffusion through the bulk gas surrounding the particle is rate controlling the rate of moles of

disappearing per unit time for a single particle is correlated to the mass transfer coefficient by:

−���= 4��2� ( − � ) (4.11)

Assuming irreversible reaction, the equilibrium concentration = 0

Figure 4.3 Shrinking Core Model for unchanging particle size (Doraiswamy and Sharma, 1984)

Number of moles of solid reactant present in the particle is:

= (4.12)

Where is the solid molar density of the particle and is the volume of the particle.

Disappearance of is related to the decrease in radius of the unreacted core as:



55

4 3 2
−��� = −���� = −��� (3��� ) = −4����� ��� (4.13)

From the stoichiometry of equation 4.1

−��� = −���� (4.14)

Combining equations 4.11, 4.13 and 4.14 give the rate of reaction in terms of the unreacted core radius

−� �2 ��
= (4.15)

2

Rearranging and integrating gives

3
=
3

[1 − (�) ] (4.16)

For a spherical particle the fractional conversion is given by

3
� = 1 − ( ) (4.17)

Substituting equation 4.17 into 4.16 gives the relationship between reaction time and the fractional

conversion for gas film diffusion control reaction

= (4.18)
3

Equation 4.18 shows a linear relationship between reaction time and fractional conversion . By

plotting against we get a straight line therefore we can use this criterion to determine whether the

reaction is controlled by gas film diffusion or not. The mass transfer coefficient can as well be

obtained from the slope of the straight line if the other parameters are known.

4.2.1.2 Product layer diffusion controlling

When diffusion through the product layer is controlling, assuming pseudo-steady state approximation

the rate of reaction of at any instant is related to the flux of , to the product layer by

−
���= 4��2� (4.19)

The flux through the product layer is defined by Fick’s Law as

= (4.20)
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Substituting equation 4.20 into 4.19, separating variables and integrating between where =

and where = gives

1 1 −1

− �� = 4���(��� − ���) (� − �) (4.21)

Assuming irreversible reaction and substituting equations 4.12 and 4.13 into equation 4.21 then by

separating variables and integrating yields

2 2 3
=
6

[1 − 3 (�)
+ 2 ( ) ] (4.22)

The fractional conversion depends on therefore substituting the relationship between and as

shown in equation 4.17 into equation 4.22 gives the relationship between time and the fractional
conversion for a reaction that is controlled by the diffusion through the product layer below

=
2

6 [1 − 3(1 − �)2/3 + 2(1 − �)] (4.23)

Plotting [1 − 3(1 − �)2/3 + 2(1 − �)] against time � would result in a straight line and thus a criterion

to determine whether the diffusion through the product layer is controlling. The slope of the straight

line can also be used to calculate the effective diffusivity �� if the values of the other parameters are

known. Jothimurugesan and Harrison (1990) have shown that diffusion through the product layer is the

dominant resistance in HGD processes using metal oxides.

4.2.1.3 Chemical reaction controlling

When chemical reaction is rate controlling, the rate of reaction is dependent on the available surface

area for reaction of the unreacted core. Assuming a first order irreversible reaction the rate of reaction

of is given by

−
���= 4��2�� (4.24)

Where is the coefficient of chemical reaction. Substituting equations 4.12 and 4.13 into 4.24 gives

−� = ��� (4.25)

Integrating equation 4.25 from = 0, = = = gives

� = (� − � ) (4.26)
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Equation 4.26 can be written inform of fractional conversion to give

� =
�� (1 − (1 − �)1/3) (4.27)

This gives a relationship between time and fractional conversion for a reaction that is controlled by

the chemical reaction step.

Essentially more than one resistance affects the reaction and therefore combining all the three individual

resistances expressions and eliminating the intermediate concentrations gives the rate of reaction at any

instant as the particle is being converted. By using the time and fractional conversion equations 4.18,

4.23 and 4.27 an expression giving the time required to reach any conversion is

���� ����������� = ����� �����+ �������� ����� ����� + ��ℎ������ �������� ����� (4.28)

Substituting equations 4.18, 4.23 and 4.27 into 4.28 gives the time and conversion expression as

= 3 +
2

6
2

[1 − 3(1 − �)3 + 2(1 − �)] +
1

(1 − (1 − �)3) (4.29)

And the overall rate of reaction is given by

−��= 1+ (�−��)�� 2
2

(4.30)

One of the limitations of the shrinking core model is the assumption of the solid being non-porous.

Therefore the structural properties of the solid are neglected. Thus when using the shrinking core model

to fit experimental data for a porous solid material, the results are likely to deviate. Shen and Smith

(1965) introduced a parameter to the shrinking core model for the case where the solid product layer

formed does not have an equal volume to the solid reactant which will result in change of particle size.

was defined as:

= (4.31)

For the case of sulphidation to , can be defined as:

=
/
/ (4.32)

+
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Where and are the densities of and respectively and and are the molar

masses of and respectively.

Another limitation of the shrinking core model is the assumption that the effective diffusivity is constant

within the product layer. Krishan and Sortichos (1993) showed that this is not the case in their study of

limestone sulphidation with SO2 in a TGA. They further modified the model by introducing an effective

diffusivity to the product layer that is assumed to vary with distance from the external surface of the

particle.

Despite these limitations some studies using the shrinking core model have been successful with good

agreement between experimental data and the model predictions.

Yanxu et al., (1997) performed studies on the ZnO-H2S reaction using the shrinking core model. The

experiments were performed in a TGA at temperatures 200-400 0C. Their results indicated that at high

temperatures and low conversion the chemical reaction resistance controlled the rate whereas at low

temperature and high conversion the diffusion through the product layer took over. There was good

agreement between experimental data and the model results.

Hepworth et al. (1997) performed hot coal gas desulphurization using Mn- based sorbents in both TGA

and a packed bed reactor. They used a single pellet shrinking core model then later extrapolated it into

a packed bed model. The results for both TGA and packed bed were in good agreement with the

predicted values.

4.2.2 Grain Model

In the grain model the particle is assumed to be composed of many non-porous grains of equal size and

shape (i.e. spherical, cylindrical and plate like). Each grain then reacts according to the shrinking core

model as shown in Figure 4.4. The process involves mass transfer of the reactant gas from the bulk of

the gas stream to the surface of the particle. The gas then diffuses between the grains followed by

diffusion through the product layer of each grain to the surface of the unreacted core for the chemical

reaction. Four steps exhibit resistance to the overall rate:

 Bulk gas diffusion resistance

 Pore diffusion resistance

 Ash layer diffusion resistance

 Chemical reaction resistance

This model is based on the following assumptions

 Pseudo steady state approximation
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 Isothermal process

 Equi-molar counter diffusion

 A first order reaction with respect to the gaseous reactant concentration

 Irreversible reaction

Figure 4.4 Schematic presentation of Grain Model (Zhang, 2004)

Szekely et al. (1976) came up with mathematical expressions in terms of dimensionless parameters

based on the combination of conservation of the gaseous reactant and product with the solid reactant

mass balance. The governing equations represented by the dimensionless parameters showed that a

parameter σ similar to Thiele modulus for heterogeneous catalysis combined both the kinetic and

structural properties and it measured the relative magnitude of chemical reaction and diffusion rates. It

was defined as:

3(1 − �)� 1/2

= ,0 [ ] (4.33)
,0



60

Where

,0 Original size of the pellet (m)

,0 Original size of the grain (m)

Grains effective diffusivity (m2/s)

Reaction coefficient (m/s)

Pellet porosity (-)

By evaluating this value it was possible to determine which mechanism rate is controlling. To further

simplify the solution, they came up with two asymptotic behaviour of the system:

1. When σ → 0, pore diffusion is negligible and the concentration within the pellet is uniform

therefore :
1

�+ = 1 − (1 − �)�� (4.34)

Where + is a dimensionless time defined as:

+ =
,0

(4.35)

is the grain shape factor. For spheres, cylinders and flat plates are 3, 2, and 1 respectively. is

similar to which is the particle shape factor.

2. When σ → ∞, the concentration driving force for the reactions drops to zero and diffusion

through the product layer controls the reaction and therefore:

+ =
2

18

2

[1 − 3(1 − �)3 + 2(1 − �)] (4.36)

3. When both resistances are in control Szekely et al. (1976) proposed an approximate solution

for time and conversion as:
1

�+ = 1 − (1 − �)3 +
2

18

2

[1 − 3(1 − �)3 + 2(1 − �) +
2

] (4.37)

Where is the Sherwood number
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4.3 Packed bed reactor modelling

One of the objectives of this study was to come up with a gas-solid reaction model that will predict the

effect of operating conditions on the desulphurisation performance of the sorbent in a fixed bed reactor.

The general shrinking core model was used because of its numerical simplicity. Fitting parameters like

effective diffusivity and reaction coefficient were obtained from previous published experimental data

(Jothimrugesan and Harrison, 1990). The assumptions made for the derivation of the mathematical

expressions are:

 Isothermal system

 Equi-molar counter diffusion

 Plug flow system

Assuming plug flow of gas the mass balance of component is

+ + = 0 (4.38)

For low pressure systems the second term on the left hand side can be neglected and equation 4.38

becomes

+ = 0 (4.39)

At

= 0, = 0 (4.40)

Mass balance on solid reactant

(1 − �)
���= −�� (4.41)

At

= 0, = 0 (4.42)

Rate of consumption of , is defined as

=
1

(4.43)
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Relating the rate of reaction of to the rate of reaction of a single spherical particle with original size

gives

� =
3(1 − �)��� (4.44)
4 3

Substituting the global rate of reaction for a shrinking core model equation 4.30 in terms of conversion

yields

=
3(1− �)��� [

1 +
�
((1 − �)−1/3 − 1) + 1 −1

] (4.45)
�(1 − �)2/3

Substituting in equations 4.39 and 4.41 and introducing dimensionless variables gives

��⋆
=

��⋆
−���

0
(4.46)

= (4.47)
��⋆ ��0�

By implementing a numerical method based on Euler’s forward difference for space and forward

difference for time method equations 4.46 and 4.47 can be solved with the boundary conditions

�⋆ = 1 �� �⋆ = 0 �� ��� �⋆ (4.48)

� = 0 �� �⋆ = 0 �� ��� �⋆ (4.49)
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EXPERIMENTALMETHODS

5.1 Experimental Design

This study involved two sets of experimental work both having specific objectives. In the production

of syngas using the mixed liquid hydrocarbons fuel, the main objectives were:

 Production of syngas which contains H2S

 Identification of the syngas composition at fixed operating conditions

The second part of the experiment which involved the HGD of the produced syngas the objectives of

the experiments were:

 To study the effect of temperature variation on the desulphurization capability of ���

 To study the effect of sorbent size variation on the desulphurization capability of ���

 To study the effect of sorbent surface area variation on the desulphurization capability of ���

 To study the effect of gas flow rate variation on the desulphurization capability of ���

To establish the above HGD objectives, a plot of the concentration of H2S with time referred to as

breakthrough curve was drawn. The breakthrough time at which the H2S concentration exiting the

reactor exceeds 100ppm was noted and used to calculate the sulphur sorption capacity (Appendix B).

Sulphur sorption capacity evaluates the utilization of the sorbent in the bed during sulphidation.

Thus the experimental work had to be planned accordingly to achieve the above mentioned objectives

in the most economical way possible. Montgomery (2012) details the advantages of having an

experimental design as:

 It improves the process yields

 Less time is used in the development of the process

 It reduces overall cost since there are less trial and error procedures

 It reduces results variations and brings closer conformance to the targeted requirements

The main aim of any experiment is to perform a series of test by performing purposeful variations of

the input variables to a system and observe how they affect the output response. These input variables

can be called factors that affect or can affect the output response of a system. Experimental factors can

be divided into two (Montgomery 2012):
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 Design factors- These are factors that are selected for study and they are easy to change during

experimental work

 Held constant factors- These are factors that exert an effect on the process but are difficult to

vary in an experiment

For the gasification process, the operating conditions were held constant at the chosen conditions.

These fixed conditions were obtained from literature survey and used in a simulation program to identify

the expected syngas composition.

For the desulphurization experiments, a 2*2 factorial design was adopted in studying the effect of

temperature and sorbent size variation on the desulphurisation process at their high (550 0C and

2.03mm) and low levels (350 0C and 1.63mm). These variations of temperature and sorbent size were

performed separately at high (>20m2/g) and low surface area (5.3m2/g) and high (3430h-1) and low

(610h-1) average space velocity. Factorial experiment designs are very useful as opposed to one factor

at a time approach which is time consuming and does not show interaction between varied factors. A

factorial design involves selecting a factor and varying it at different levels and observing the response

at each level. For the experiment to be complete a series of four experiments have to be performed to

ensure that all combinations of the factors have been tested. For a good experiment, it is always good

to randomly perform the runs to avoid systematic errors and also replicate each run many times possible

depending on the cost and time available for each experiment. A 2*2 factorial design can be represented

by a square and each corner of the square indicates the treatment combinations ((1), a, b and ab) obtained

by varying the factors at the different levels; high (+) and low (-). Combination (a) denotes the effect

of sorbent size at 2.03mm diameter and temperature at 350 0C, (b) denotes the effect of temperature at

550 0C and 1.63mm sorbent size, ab denotes effect of both sorbent size and temperature at their high

levels (2.03mm and 550 0C) whereas (1) denotes the effect of both factors at their low levels (1.63mm

and 350 0C) resulting in a complete design. Figure 5.1 shows a 2*2 design for the desulphurisation

experiment with temperature and sorbent size varied at two levels to study their effect on the sorbent

sulphur sorption capacity. The set of experiment was planned to be replicated twice and is summarised

in Table 5.1.
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calculated by equations 5.1, 5.2 and 5.3 where is the number of replicates performed (Montgomery,

2012). In this study 2 replicates were performed and the sum of the response at each combination was

used to calculate the main effect. A variance analysis was performed to verify the results of the main

effect calculations.

=
1
2

[� + �� − (1) − �] (5.1)

=
1
2

[� + �� − � − (1)] (5.2)

=

1
2

[�� + (1) − � − �] (5.3)

The results of the main effect and their interactions can be used to draw a surface response curve which

will show the direction for optimum conditions to obtain the sorbents maximum sulphur sorption

capacity. To be able to draw the surface response curve a first order regression model was developed.

The model is described by equation 5.4.

� = �� + �1�1 + �2�2 + �12�1�2+∈ (5.4)

Where

Sorbent sulphur sorption capacity %

Average of all response at all levels

1 A half of the main effect of temperature

2 A half of the main effect of sorbent size

12 A half of the interaction effect

1 Variable representing temperature

2 Variable representing sorbent size

1 2 Variable representing the interaction between the two factors

∈ Random error value
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Denoting for temperature at any level and and for temperature at the set high and low level

respectively, for sorbent size at any level and and for sorbent size at the set large and small

level respectively with minimal interaction (therefore ignoring the interaction variable term 1 2) 1

and 2 can be calculated from (Montgomery,2012):

1 =
� − (�� +��)/2
(�� − ��)/2

(5.5)

2 =
� − (��+ ��)/2
(�� − ��)/2

(5.6)

5.2 EquilibriumModel Procedure

For this study Advanced System for Process Engineering (ASPEN) software package was used to model

the gasification process. ASPEN does not have a gasification in-built model; therefore one of the unit

operation models, the Gibbs reactor was used. The criterion as explained in Section 2.2 uses the

minimisation of Gibbs free energy and makes use of equations 2.1-2.4 in the same section to predict the

equilibrium composition of Syngas. This model is normally used when the reactions occurring are not

known and are high in number due to many reactants reacting. The model requires complete information

of (Figure 5.2):

 All the reactants and their flow rates

 All expected products

 The reactors operating temperature and pressure

The expected products were obtained from literature survey for products obtained during gasification.

The operating temperature and pressure were also obtained from literature. A sensitivity analysis on the

program was performed varying temperature from 0 0C to 1500 0C to obtain the optimum operating

temperature for the process. Initial flow rates were obtained from Botha (2010) and were slightly

changed as the composition of syngas was observed from the simulation program.

The assumptions made for using these criteria were:

 The rate of the gasification reactions are first enough and the residence time long enough to

reach the equilibrium state.

 There is perfect mixing between the reactants.
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T=830 C
P=1bar

0

 The process operates at isothermal conditions.

 The process is adiabatic.

 The gas behaves in an ideal manner (which is possible at high temperatures and low pressures).

From this model the equilibrium composition of syngas produced and the optimum reaction temperature

were deduced.

CH OH=76 mole%
3

C H SH=6 mole%

CO =?
H =?

2
H O=?

2CO =?3 7 2
O =18 mole % CH =?

2
0

T=60 C
4

H S=?
P=1bar 2

COS=?

Figure 5.2 Flow diagram of the simulation process

Botha (2010) used the minimization of Gibbs free energy and Lagrange undetermined multipliers with

constraint of mass balance using similar fuel mixture as the one used in this study. The results obtained

in this study were compared to Botha (2010).
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Figure 5.4 Equipment Lab set-up

5.3.1 Gasification process equipment description

The gasification reactor was fabricated by GM Heating (Pty) Ltd and was accompanied by its own

tubular furnace. The reactor was made up of a 316 stainless steel material capable to resist H2S

corrosion. Mechanical strength was not that important since the system pressure was to be at

atmospheric. The tubular reactor had an I.D. of 37mm and was 600mm long. It was slid at the

centre of the ceramic furnace and was threaded on both sides to allow pipe fittings on the inlet and

the outlet. Temperature inside the reactor was monitored by K-type thermocouples fitted at the

inlet, centre and outlet of the reactor. The centre thermocouple was 300mm long extending up to

the middle of the reactor where it was assumed that all the syngas components are formed. It was

6mm thick to withstand the high temperatures in the reactor to avoid warping. The outlet

thermocouple on the other hand was 200mm long and 6mm thick as well. The centre thermocouple

was connected to temperature control panel whereas the other two were connected to a temperature

measuring device whose output signal was transmitted digitally to a personal computer (PC)

temperature monitoring program. From literature survey and the sensitivity analysis performed

during simulation of the gasification process it was agreed that a temperature of 830 0C should be

set as the gasification reaction temperature. At 830 0C all of the syngas components are formed and

do not vary with increase in temperature. Thus the control panel was set to measure a temperature

of 830 0C and from the steady state studies of the unit it was established that the system attains

steady state though after a long time. The furnace housing the gasification reactor and the inlet and

outlet pipes (1/2 inch stainless steel) were thoroughly lagged using glass wool as shown in Figure

5.4 to prevent heat loss to the surrounding through convection.
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The feed to the gasification reactor included liquid methanol and a liquid mixture of methanol and

2-propanethiol (fuel) with O2 gas as oxidant. The fuel was pumped by a Watson Marlow 101U/R

peristaltic pump and the flow of the gas was controlled by an Alicat Scientific gas mass flow

controller (GM). The peristaltic pump had a range of 0-0.594cm3/s and was calibrated using the

fuel. The calibration curve is given in Appendix A. The GM had a maximum range of 1.024

standard litres per minute (SLPM) with a maximum oxygen flow control of 1.340g/min. An

equation to calculate the amount of oxygen in SLPM was then derived using the maximum ranges

of the equipment (equation 5.7). A pump was not required for oxygen since the cylinder was already

under pressure controlled by a pressure regulator fixed on the gas cylinder. The cylinder was

located outside the experiment set-up laboratory for safety purposes.

2 ( ) = 2( / )
1.30859 (5.7)

The pipes from these two pieces of equipment to the reactor were 1/4 inch 316 stainless steel pipes

and before they reached the reactor entrance they were coiled around the furnace. The purpose of

coiling the pipe was to use the heat transferred from the furnace to the piping’s to vaporize the fuel

so that there is proper mixing of the fuel and the oxidant for efficient reaction. Methanol and 2-

Propanethiol have low boiling points of 64 0C and 67 0C respectively. From the equilibrium

simulation it was set to work with 86 % and 14 % by mass of methanol and 2-propanethiol. These

values were determined using trial and error by observing the composition of syngas during

simulation the results of which will be given in chapter 6. Oxygen concentration for partial

oxidation from literature was supposed to be within 5-20 mole % at constant fuel flow (Matsumoto

et al., 2008). Preliminary experiments worked with oxygen concentration of 18 mole% and a fuel

flow rate of 0.108cm3/s which resulted in very high space velocity of syngas at an average of 3430

h-1. This brought about a low sorbent sulphur sorption capacity for this particular set up though

other researchers have worked with even higher flow rates than this. It was decided to lower the

fuel flow rate to 0.042cm3/s and maintain oxygen concentration at 18 mole% which resulted in a

space velocity at an average of 610h-1. The difference in fuel flow rates had an effect in the

composition of syngas produced because of short residence time in the gasifier. Table 5.2 shows

the flows of each component in the feed at O2 and fuel flow rates of 4.85cm3/s and 0.042cm3/s

respectively. Prior to gasification the whole system was purged by N2 gas in a gas cylinder and the

flow was controlled by the same GM set at 0.5 SLPM until no H2S could be detected from the gas

chromatograph (GC) analysis.
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Table 5.2 Feed flows at Oxygen flow of 4.85cm3/s and fuel flow of 0.042cm3/s

Feed cm3.s-1 g.s-1 Moles.s-1 (10-3)

Methanol 0.03700 0.029267 0.913395

2-propanethiol 0.00602 0.005062 0.066460

Oxygen 4.85000 0.006936 0.216730

Total 4.895 0.041265 1.242179

The feed to the gasification reactor were contained in 3 litre tanks made of PVC material. The

methanol tank (Tank 1) had a removable lid whereas the fuel tank (Tank 2) was sealed completely

but had an inlet hole fitted with an O-ring that connected the tank to a separatory glass funnel which

was completely covered and directed towards the extractor fan to prevent the smell of 2-

propanethiol from spreading to the entire building. When refilling the fuel, the glass funnel was

detached from the O-ring and taken to a fume cupboard where the measuring took place. The fuel

tank had a silicone pipe which acted as a side glass to show the level of the fuel. Silicone pipe was

used because it is resistant to H2S corrosion. The inlet to the peristaltic pump from the fuel tank

also had a silicone pipe. The top part of the side glass pipe connected to the tank had to be opened

when refilling to release the vacuum created through pumping. The purpose of having the methanol

tank was for usingmethanol to start-up the partial oxidation process until the system attained steady

state. Running the fuel could have been very costly since the price of 2-propanethiol was 25 times

higher than methanol. Once the system was steady the methanol tank was closed (V-2) and the fuel

tank valve opened (V-3) to start production of a H2S containing syngas.

Syngas produced initially by-passed the desulphurisation reactor until a consistent concentration of

H2S was registered from the GC. The by-passing was made possible by the use of the three-way

ball valves (V6-8) by changing position to either A or B shown in Figure 5.3. Table 5.3 shows the

action taken by each valve and which path the gas was flowing.



73

Table 5.3 Valve positions for different actions

ACTION V-6 V-7 V-8

Bypass desulphurisation reactor to bubble flow meter and vent A A Closed

Syngas direct to GC for analysis prior desulphurisation A B Closed

Syngas to desulphurisation then bubble flow meter and vent B Closed B

Syngas to desulphurisation then GC analysis B Closed A

The flow of syngas exiting the gasification reactor was measured by a laboratory bubble flowmeter

in a 50 cm3 column before being vented. The vented gas had to first pass through a conical flask

(pot 2) half-way filled with water. The purpose of the pot was to cool the gas and condense steam

to prevent water from flowing back as well as significant amounts of condensate in the outlet pipes.

In addition it gave a clear visual indication of gas flowing through bubbling of water in the flask.

5.3.2 Desulphurization reactor description

A Carbolite (UK) manufactured tubular furnace was used to provide heat to the reactor. The

furnace had an I.D. of 38 mm and was 400 mm long. It had its own control panel where temperature

could be easily varied. It had a maximum operating temperature of 1000 0C with a constant heating

zone of 100 mm long which was sufficient to supply constant heat to the reaction bed. The furnace

was cylindrical and had a hollow opening on both sides where the reactor could slide through it

without getting stuck. The desulphurization reactor used was fabricated in the UKZN workshop.

The reactor was made up of a 316 stainless steel pipe which could withstand the corrosive nature

of H2S. It had an I.D. of 27 mm and was 400 mm long to fit well in the furnace. The pressure

through the system was atmospheric and therefore mechanical strength of the reactor was not very

important. The tubular reactor was threaded on the inlet side where a socket could be fit to provide

the gas seal and connection to the inlet pipe. Similar work was done on the outlet side to provide

connection fittings to the exit pipe. The inlet socket had three connections on it. The gas inlet fitting,

the gas sampling fitting, the inlet K-type thermocouple and a 200 mm long and 6 mm thick K- type

thermocouple which ran co-axially inside the reactor tube to measure the temperature of the

reaction bed. Figure 5.5 shows a cross section of the inlet socket with its fittings.
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18 kPa to increase the flow of gas across the detector. Therefore the pressure of gas flowing from

the cylinders had to be regulated by fitting high quality gas cylinder regulators. The split mode

was used to avoid the production of broad and tailing peaks due to high concentration of H2S in

syngas. It entails the mixing of the hot sample with the carrier gas which are then divided into two

streams depending on the split ratio. One stream enters the column (carrier gas flow) and the other

is vented out (split flow). Normal split ratios range from 1:20 and 1:200 (Colin, 2003).The

advantages of split mode include (Colin, 2003):

 It is independent on the solvent used for sample

 It is independent on the column temperature

 Does not cause problems like band broadening due to slow sample transfer from the

injector to the column

FPD detector was chosen because of its selective and sensitive properties towards sulphur and

phosphorous compounds. It can detect sulphur and phosphorous containing compounds at very low

concentrations of up to 200ppb and 10ppb respectively with a maximum detection for sulphur

compounds of up to 10000ppm. It can also detect some metals like tin, boron and arsenic. The

operating conditions of the GC are shown in Table 5.4.

Table 5.4 GC fitted with FPD detector operating conditions

Injection Temperature 0 C 200.00

Carrier gas Helium

Carrier gas Pressure kPa 132.00

Total Flow ml/min 179.50

Split Ratio - 1:90

Detector Temperature 0 C 250.00

OvenTemperature

Program

Isothermal

Rate(0C/min) Temperature (0C) Hold Time (min)

- 40.00 2.00

This particular GC was connected to the experimental set-up and sampling was done on-line

through the sampling valve (V-9). V-9, a rotary valve with 6 ports and an external sample loop of

1ml was operated manually by switching the position of the valve to either position A or B as



77

shown in Figure 5.7. In position A the sample from the experiment accumulates in the 1ml ±0.05

loop and the excess vented out through V-8. This takes about 5 sec and the valve is switched to

position B where the carrier gas sweeps away the entire sample in the loop and send it to the GC

for analysis. The pressure of the sample in the loop was given by the pressure gauge located prior

to the valve; whereas the temperature of the gas was given by the temperature recorded on the

chiller temperature control panel. The gas had to be passed through the chiller to condense any

steam and cool the gas before accumulating in the sample loop. Cooling the gas was essential since

a high temperature sample can evaporate the stationery phase of the column whereas the presence

of water in the sample would lower the sensitivity of the detector as well as decrease column life.

The condensed steam was collected in a knock out pot (pot 1).The sample valve and the GC were

connected by a thin stainless steel capillary tubing which was chemically inert.

Figure 5.7 V-9 Sampling positions (Valco Instruments Co. Inc, 2009)

It was not possible to detect and quantify the other components of syngas using the GC connected

to the set-up because FPD was a selective detector for only sulfur and phosphorous compounds.

Therefore to analyze the composition of syngas a Shimadzu 2010 GC fitted with a thermal

conductivity detector (TCD) and a packed CARBOXEN 1000 column of 4.6m in length, an I.D. of

2mm with a film thickness of 0.5µm was used. TCD is a universal detector that responds to the

difference between the conductivity of the pure carrier gas and the carrier gas containing sample

(Colin, 2003). The operating conditions of the GC are shown in Table 5.5. The commonly used

carrier gases are Hydrogen and Helium because of their low molecular weight and high thermal

conductivity thus increasing the detector response (Colin, 2003). For this particular GC analysis

was done by drawing samples from the experiment sampling points using a gas tight syringe with

a valve mechanism to close the passage way. The capacity of the syringe was 1ml ± 0.05 similar to

the sample loop of the GC fitted with FPD for consistency. The sample was then injected into the
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injector port of the GC through a silicone rubber septum into a glass liner and carried away by the

carrier gas to the column for separation.

Table 5.5 Operating conditions of GC fitted with a TCD detector

Injection Temperature 0 C 250.00

Carrier gas Helium

Carrier gas flow ml/min 30.00

Detector temperature 0 C 300.00

OvenTemperature

Program

Programmed

Rate(0C/min) Temperature (0C) Hold Time (min)

0 35.00 5.00

20 225.00 5.00

Total run time 19.50

5.3.4 Surface area improvement equipment description

Among the factors that were being studied in desulphurisation process was the effect of varying

sorbent surface area to the sorbent sulphur sorption capacity. A process adapted from Robison

(1987) was used but customized according to the available equipment. It involved chemical

treatment of the low surface area (bulk) by increasing its moisture content then reacting it with

CO2 in a packed bed reactor to form basic Zinc Carbonate (Zn5(CO3)2(OH)2). This was followed

by an oxidation process to decompose the basic zinc carbonate back to using compressed air.

Figure 5.8 and 5.9 show the process flow diagrams for both carbonation and oxidation processes

respectively.
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gas entering the reactor was measured by a rotameter (RM) by adjusting the needle valve (V) to

ensure that the bobbing ball position is at 4liters/min. The rotameter was calibrated using CO2 gas

prior the experiment and the calibration curve is given in Appendix A. CO2 gas came from a gas

cylinder whose pressure was regulated by a gas regulator and the gauge pressure was set at 5 kPa.

In decomposition process, the sorbent which had been carbonated was placed in a ceramic tray and

placed inside a muffle furnace. A muffle furnace is a kind of furnace where the heating element is

insulated by a material which muffles the heat and thus does not come into direct contact with the

materials to be heated. The transfer of heat inside the chamber to the material to be heated is through

radiation. The volatiles released from the heating process are vented out through a hole inside the

furnace or by slightly opening the doors of the furnace to a level which will not interfere with the

furnace set temperature. It also has an inlet hole where the compressed air flowing at 2liters/min

measured by the rotameter (RM-A) was admitted. The furnace had its own digital temperature

control panel where the temperature could be set. The process was operating at a temperature of

330 0C ± 5 0C.

5.4 Experimental Procedures

5.4.1 Gas Analysis

The produced syngas composition and the level of desulphurisation of H2S in the syngas with time

had to be established. The most appropriate way of performing this analysis was through gas

chromatography. As was described in section 5.3.3 Shimadzu GC 2014 and 2010 were used for

this purpose. In gas chromatography it is possible to identify and quantify a component by

performing qualitative and quantitative analysis. In qualitative analysis, pure samples of the

component expected to be in the gas mixture of unknown composition are injected into the GC and

the time they exit from the column is noted. This time is called the retention time. Retention time

is what is used to identify a particular component of a gas in a gas mixture. Each component in the

mixture has its own retention time depending on the interaction between the stationery phase of the

column and the component itself. The components that are more soluble with the stationery phase

take more time to be eluted and thus have long retention times and vice versa. Therefore it is critical

to select a column that has good interaction between the sample and the stationery phase for good

separation. Separation is also dependent on the GC operating conditions thus all the parameters like

temperature, flows and pressures must be set accordingly.

The syngas produced was expected to contain CH4, H2, CO2, CO, H2O and H2S. To identify these

gases a qualitative analysis had to be performed. Pure gas cylinders of all these gases were procured

from AFROX. The purity of each gas is given in Table 5.7. The gas cylinders were fit with gas
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sampling fittings and gas was then drawn by injecting the syringe on a septum. The gas samples in

the syringe were then injected to the GC manually and the retention times were noted.

Table 5.6 Purity of the gases used for qualitative analysis.

Gas Purity (%)

Methane (CH4) 99.50

Hydrogen (H2) 99.50

Carbon Dioxide (CO2) 99.00

Carbon Monoxide (CO) 99.30

Hydrogen Sulphide (H2S) 5.00 (95 % N2)

The identification of H2S was done on both GCs but the other components analysis was done on

the GC fitted with TCD. Water detection on the GC fitted with FPD was not possible because all

the water expected to be produced was condensed by the chiller prior GC analysis. For the TCD

analysis water was expected to be present but identification using GC was not performed. The

composition of water was done gravimetrically by weighing Pot 1 prior start of experiment then

weighing it again at the end of the experiment to note the mass of water collected. This was then

converted to moles assuming ideal gas law. The retention times for all the gases analysed

qualitatively are given in chapter 6.

The next procedure was to quantify the gases by performing a quantitative analysis. A GC responds

by yielding a peak area that is proportional to the amount of sample injected as shown in equation

5.8 (Raal and Mühlbaeur, 1998):

= (5.8)

Where

Response factor

No of moles of component i

Peak Area of component i

Therefore to be able to come up with a complete method of quantification calibration procedures

had to be established. This was done by obtaining a relationship (calibration curve) between the

peak areas of a known quantity of a substance which is then used to estimate the amount of that
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substance in a sample of unknown concentration. This method of calibration is known as the

absolute method. To perform the calibration, a concentration range of calibration standards is

prepared based on the expected range of the substance in the sample of unknown concentration.

The standards are then injected into the GC and the corresponding peak areas noted. A plot of the

peak area against the standard concentration gives the calibration curve. It is always advisable not

to try to extrapolate quantities beyond the calibration range especially if the calibration curve is

non-linear (since it is not always linear). When injecting same volumes of a standard into the GC,

it is not possible to obtain the exact same peak areas, for this reason it is good to work with area

ratios to correct for the differences (Raal and Mühlbaeur, 1998):

= = (5.9)
( )

Where:

Mole fraction

, Any pair of components in a mixture

An alternative to the absolute method of GC calibration described above is the internal standard

method. In this method a constant amount of a substance is added to the sample before analysis.

For example in equation 5.9 component j could be the standard with constant amount and the area

ratios between the standard and the substance of unknown concentration are used to construct the

calibration curve. This process is more advantageous since it caters for any variability in the

injection volume and it is mostly used in gas-liquid chromatography. Generally, for accurate

calibrations the flow rates, temperature, injection method, split ratios and all other parameters that

affect the response of the GC must be consistent and stable throughout the calibration process.

For this study the absolute method was adapted and samples were injected manually using a gas

tight syringe. Since there would be some errors associated with the injected volume, the same

sample was injected three times in a random manner and the response observed. The random

injection was beneficial because the responses obtained had very minimal deviations.

The range of calibration for each gas to be quantified was based on the expected percentage mole

fractions obtained from the equilibrium simulation. To obtain the volume of standards to be injected

the following assumptions were made:

 The gas behaves in an ideal manner.

 The sample during calibration and experimentation is at room temperature.

 The pressure of the sample during calibration and experimentation is at 1 atmosphere.
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During experimentation the amount of sample to be analysed was set to be 1ml which was the

capacity of the sample loop. Therefore the number of moles in 1ml was calculated for each gas.

For CH4, H2, CO and CO2 the compressibility factor Z was included into the ideal gas equation and

were obtained from tables at 25 0C and 1atm pressure (Perry and Green, 1999). To obtain the exact

number of moles in the 1ml volume for the specific gases, the value of the number of moles in 1

ml was multiplied by the purity of each gas. Once this was calculated the specific volume for each

standard within the range could be calculated. These volumes were then injected to the GC and the

peak areas obtained were plotted against the corresponding mole fractions to obtain the calibration

curves. The calibration curves for all the gases are given in Appendix A. Table 5.8 shows the

parameters used for each individual gas to come up with the calibration standards. Table 5.9 shows

an example of H2 calibration standard volumes used. For the rest of the gases their calibration

standards are given in Appendix A. When performing H2S calibrations, limitations of the minimum

volume were experienced because of the capacity of the syringes available. Fortunately the

response at low concentrations was linear and thus extrapolation could be performed.

Table 5.7 Parameters used during GC calibration

Component Z(250C,1atm) Expected

Mole fraction (%)

Calibration range

Mole fraction (%)

Volume in

1 mole (litre)

Exact Moles

In 1ml (µmoles)

H2 1.0005 61.57 0 – 100 24.478 40.6487

CO 0.9997 32.78 0 – 50 24.458 40.5994

CO2 0.9949 0.68 0 – 1.0 24.341 40.6712

CH4 0.9982 1.81 0 – 2.5 24.422 40.7453

H2S 1.0000 2.03 0 – 2.2 24.470 2.04330
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Table 5.8 H2 calibration standards

Sample %Mole Fraction Exact Moles (µmoles) *Volume injected (ml)

1 0 0.0000 0.0

2 20 8.1297 0.2

3 40 16.2595 0.4

4 60 24.3892 0.6

5 80 32.5190 0.8

6 100 40. 6487 1.0

* Value rounded off to accommodate syringe calibrations

5.4.2 Sorbent Preparation

Spherical pellets of zinc oxide (99.5 mass % purity) were procured from M.R. Zinc Oxide (Pty)

Ltd in a 25 kg bag of varying sizes. To have sorbents of different sizes, screens were used to perform

the separation. It was decided to work with size ranges of 1180 – 1700 µm and 1700 – 2000 µm.

Once separated the bulk density and average geometric particle diameters from each class was

measured. The bulk density was measured by using a vial of 21.6 mm in diameter and 76mm in

height. The weight of the empty vial was measured and recorded. The sorbents were then densely

packed into the vial by shaking down the container with the particles until full and the weight of

the vial with the particles was measured and recorded. By calculating the volume of the vial and

dividing the mass of the sorbent the bulk density was obtained. This process was done three times

for each class and a mean of the bulk densities recorded. To measure the average particle diameters

of sorbent in each class, 30 particles from each class were randomly picked and using Vernier

calliper under magnifying glass the diameter was measured. This process was repeated three times

randomly for each class and a mean was taken.

5.4.3 Preparation of the high surface area sorbent

The criteria behind this method was that it is possible to prepare an active or a highly dispersed

sorbent without a binder by partially converting the parent material to its basic carbonate and

thermally decomposing it back by evolution of a volatile material (Robinson, 1978). The high

surface area sorbent was thus prepared from some of the separated above. For effective

conversion to basic zinc carbonate the moisture content of the bulk prior carbonation had to

be above 15 %. Other factors that affect the conversion to basic zinc carbonate include the

initial bulk density (the conversion is inversely proportional to the bulk density) and its
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porosity. For this study there was no much control over the latter two factors since the used

was procured and not synthesized in the lab. The sorbents moisture content was measured using a

moisture analyser in the laboratory prior manually spraying it with water to increase the moisture

content. The process of increasing the moisture content was to be in such a manner that the physical

nature of the sorbent is not impaired. After increasing the moisture the sorbent was weighed and

the mass recorded. This was essential for calculating the conversion to basic zinc carbonate once

carbonation was done. Calculating the conversion based on mass was possible since was the

limiting reactant in the reaction (equation 5.10). To achieve a surface area of above 20 m2/g, the

conversion was to be above 20%. The sorbent was then packed into the reactor and the temperature

on the furnace set to 65 0C. The reaction temperature was monitored from the PC temperature

software. Once it reached the set point, CO2 gas was allowed to flow for 3 hours. After 3 hours, the

CO2 flowwas stopped, the furnace switched off and the reactor opened to remove the sorbent which

was then weighed and the conversion calculated according to equation 5.11.

5��� + 2��2 + 3�2� → ��5(��3)2(��)6 (5.10 )

=
��−�0

0.349�0
(5.11)

Where:

Conversion at time t (-)

Weight of sorbent at time t (g)

0 Initial Weight of sorbent (g)

As carbonation continued the muffle furnace was turned on to hasten the process. The temperature

was set to 330 0C and left to reach the set point. This temperature was neither to exceed 350 0C

otherwise it will affect the surface area and the physical nature of the sorbent nor be below 300 0C

due to incomplete decomposition. After carbonation and once the muffle furnace was ready, the

carbonated sorbents were weighed again and then poured on a ceramic tray and placed inside the

muffle furnace for decomposition. Compressed air was allowed to flow at a rate of 2 litres/min and

the process allowed to run for 2 hours. At the end of 2 hours the air flow was stopped and the tray

removed from the furnace safely by wearing heat resistant gloves. The tray was left in open air for

some time to cool and then finally weighed and its bulk density measured. The weighing of before

and after oxidation was done to observe any weight loss which was expected to occur since
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has an approximately 7 times lower molecular weight than the basic zinc carbonate. The bulk

density of the now active ��� was expected to increase by 5 – 15 % more than the parent ���.

5.4.4 Sorbent Characterisation

5.4.4.1 Brunnauer – Emmet – Teller (BET) Surface area and Pore volume
measurements

Micrometric TriStar II 3020 Surface area and porosity equipment in the School of Physics and

Chemistry Westville campus UKZN was used to determine the BET surface area, pore size

distribution, adsorption isotherm and pore volume of the fresh sorbents. Nitrogen gas at 77 K was

used as the adsorptive. The sorbents were initially degassed using N2 for 1 hour at 90 0C then the

temperature was ramped up to 200 0C and was held there for 12 hours.

5.4.4.2 Field Emission Scanning Electron Microscopy / Energy Dispersive X-ray
spectroscopy (FESEM/EDX)

A Zeiss ULTRA PLUS FESEM/EDX Oxford system using AZTEC software from the Microscopy

Unit in Westville campus UKZN was used to characterise the surface morphology and spatial

elemental composition of the fresh and spent sorbents. The sorbents were crushed to powder and

poured on to a specimen nut coated with a double tape which enabled the sample to stick on it. The

nut was then placed in POLARON SC500 for gold coating for 8- 10 minutes and the sample was

analysed.

5.4.4.3 Transmission Electron Microscopy (TEM)

A JEOL 1010 TEM from the Microscopy Unit in Westville campus UKZN was used to analyse the

particles morphology and their size for both fresh and spent sorbents. The samples were crushed

into very fine powder and about 1 g was put in a plastic vial and was filled with ethanol. The vial

was then covered tightly and placed in an ultrasonic bath for 10 – 15 minutes to disperse all the

particles. A drop of the solution was then placed on a copper grid coated with carbon and left to

dry before analysis.

5.4.5 Fuel Preparation

To maintain the 86 mass % and 14 mass% of methanol and 2- propanethiol respectively, these two

liquid hydrocarbons had to be weighed. The separatory glass funnel attached to the fuel tank was

removed and taken to the analytical lab where measurement was done under a fume hood. Using a

weighing balance 615 g of methanol and 100 g of 2-propanethiol were weighed and mixed together

to make up a 715 g mixture of fuel. Another clean beaker was used to weigh 100 g of methanol

which was poured into the methanol tank. This methanol was used during start-up of the process.
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5.4.6 Procedure for Production of Syngas and Desulphurisation

Loading the desulphurisation reactor

Depending on the design combination (small or large particles of either low or high surface area)

to be experimented:

 Using a mass balance 30g of the sorbent was weighed into a beaker carefully to prevent

sorbent disintegration.

 The desulphurisation reactor tube and the spacers were cleaned to remove any carbon

deposits.

 The two spacers were then returned back into the reactor tube and the mesh at the bottom

of the bed put back to its position.

 The weighed sorbent was poured into the reactor tube, and a torch was used to check the

condition of the sorbents inside the tube.

 An anti-seize grease was applied on the inlet threads of the reactor tube before screwing

the socket holding the centre thermocouple for ease of opening the reactor during off-

loading of the sorbents.

 Before completely screwing the socket to the tube, the socket was fitted half-way into the

reactor tube that is the bottom mesh grid attached to the thermocouple was completely

inside the tube and the top mesh grid outside the tube. This was to enable the glass beads

to be filled between the two mesh grids.

 Once the beads completely filled the space between the two mesh grids the socket was

lowered down the tube carefully and tightly screwed.

 The loaded reactor tube was then brought into horizontal position and slid into the furnace.

 Anti-seize grease was applied on the reactor outlet tube threads and screwed onto the outlet

of the system.

 The inlet of the desulphurisation reactor was finally reconnected to the outlet of the

gasification reactor.

Production and desulphurisation process

 The gasifier was switched on and temperature was set to 830 0C. This process took about

3 hours for the set temperature to be attained.

 Once the gasifier reached the set temperature, the GM was switched on and the flow was

set to control N2 gas at 0.5SLPM.

 The N2 gas cylinder was opened and the gas was allowed to pass through the gasifier

bypassing the desulphurisation reactor and vented out.
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 The purging process was left to run for 1 - 2 hours and at this time the desulphurisation

reactor was loaded.

 Once the reactor was loaded, its furnace was switched on to either 350 or 550 0C depending

on which design combination was being experimented.

 The GC was turned on ready for analysis.

 The chiller was also turned on to cool any gas sent to the GC.

 After 2 hours of gasifier purge with the bypass still on, a sample was sent to the GC, to test

if there are any H2S peaks. If there were peaks, purging was left to continue until there

were no more peaks detected.

 Once the gasifier was clean (no sulphurous compounds detected) the N2 gas was directed

to purge the desulphurisation reactor by switching the bypass. No peak was expected to be

detected when doing analysis of the gas exiting the desulphurisation reactor

 The N2 gas cylinder was closed and the N2 valve turned off.

 The O2 valve was then opened and the GM set to control the flow at 4.85cm3/s
(0.291SLPM).

 The peristaltic pump was switched on and set at 0.042cm3/s (7 rpm).

 The methanol tank outlet valve was opened and allowed to flow to the gasifier to react with

the opened O2 gas.

 This was allowed to go on until the system attained steady state (indicated on the PC

temperature log and the temperature control panel for the gasifier). The process took about

15-30minutes.

 Once steady state was attained the methanol valve was closed, and the bypass to the

desulphurisation reactor turned on to ensure the gas produced does not go to the reactor.

The methanol valve must be closed first before the fuel pump opened to avoid mixing of

the pure methanol and the fuel through backflow.

 Fuel valve was opened and fuel allowed to flow to the gasifier to react with O2 and produce

H2S containing syngas.

 Gasification proceeded and after 30 minutes the first sample was sent to the GC for

analysis.

 The 2nd sample was taken after 10minutes and their concentration compared for

consistency. If the concentration of H2S was not consistent sampling of the syngas

continued until consistency was reached.

 Once consistency was established the bypass was turned off and syngas allowed to flow to

the desulphurisation reactor and the time onset of this process was noted down.

 Sampling of the gas exiting the desulphurisation reactor was done after every 5 minutes

until when the exit H2S concentration exceeded 100ppmwhich was set as the breakthrough
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concentration and the time was also noted. 100 ppmwas chosen since it is the limit required

for sulphurous compounds in syngas to be used in IGCC.

 Samples of the syngas produced were drawn at the sampling point located on the

desulphurisation reactor socket using a 1 ml gas tight syringe and injected into the GC

fitted with the TCD after every 30 minutes from the onset of desulphurisation to analyse

the composition. This continued until the end of desulphurisation process.

 From the onset of gasification process gas flow was measured by the bubble flow meter

after every 30 minutes until the end of the process.

 Pressure measurements were also recorded from the pressure gauge after every 30 minutes

together with the chiller temperature.

 Once the breakthrough concentration was exceeded, the flow was switched back to bypass

and the desulphurisation furnace turned off.

 3 more samples from the gasifier were sent to the GC for analysis after 10 minutes interval

to compare their consistency with the initial concentration.

 Thereafter the fuel valve was closed and the methanol valve opened for about 1 hour to

flash out the remaining fuel which contained 2-propanethiol.

 The peak areas from the GC were exported to an excel sheet for concentration calculations

using the calibration curve and a breakthrough curve for the experiment was plotted.

 The GC was then shut down accordingly.

 After 1 hour, the methanol valve was switched off, the O2 gas cylinder closed, the chiller,

pump, gasifier and GM turned off.

 Once the desulphurisation reactor had cooled down, it was unthreaded from the pipe

fittings and the reactor was pulled out.

 The socket was unscrewed slowly pulling out the centre thermocouple and the glass beads

collected in a beaker.

 The reactor was then lowered gently to pour out the sorbent into a beaker.

 A torch was used to inspect inside of the tube to see whether there were any sorbent trapped

inside.

 The sorbent was then finally weighed.

 The reactor was cleaned using soapy water and a cleaning brush to remove any carbon

deposit layer on the reactor tube walls.

5.5 Equipment and Process Safety

These study involved the use of rawmaterials, process conditions and products which were sources

of hazard and therefore for the safety of the research proper measures had to be put in place. Table

5.10 and 5.11 give details of the hazardous raw material, products and process conditions and the



90

measures taken to prevent the hazard. Some of the information was taken from manufacturer

material safety data sheet (MSDS) and Perry and Green (1999).

Table 5.9 Process condition related hazards and precaution

Condition Hazard Precaution

High temperature Cause a burn when in direct
contact

Cause fire when in contact with
flammable material

Backflow of hot gas

All surfaces which were hot were insulated using
glass wool material.

Loose material when working in the lab was
prohibited.

Non- return valves were installed on the fuel and
gas feed lines.

Pressure Cause explosion A pressure relief valve was installed after the
gasifier that released pressure beyond 3 bar

Pipe fittings and

Connections

Create pressure build up and
ultimately cause an explosion

Source of leakages

There were no many bend corners on piping’s and
the connections were NPT type to prevent leakages
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Table 5.10 Raw material related hazards and prevention measures

Material Nature of Hazard Hazard Precaution

Methanol Toxic & Flammable

Liquid

Cause fire when in contact
with heat source.
Damages skin when in
contact with liquid.

The methanol piping was
leak free.
Safety gloves were worn
when handling it

2- Propanethiol Toxic & Flammable

Liquid

Cause fire when in contact
with heat source.
Cause eye irritation and bad
odour

The piping was leak free
and no heat source around
Safety gloves, gas mask
and goggles were worn

Oxygen gas Flammable & Explosive Explosion since it’s under
high pressure.
Can cause and enhance fire.

Proper pressure regulators
were fitted.
Kept outside the lab.

Hydrogen gas Flammable & Explosive Cause fire and explosion Proper pressure regulators
were fitted.
Lab was well ventilated

Hydrogen

sulphide

Flammable, Explosive &

Toxic

Cause fire and explode since
its under pressure
Cause unconsciousness if
inhaled. Limits include not
more than 50ppm for 10
minutes

Proper pressure regulators
were fitted
Safety gloves, respirator
and goggles were worn
System was leak free.
H2S produced was diluted
before venting out
Lab was well ventilated

Carbon monoxide Toxic & Explosive Cause anoxia when inhaled
for long times at 50 ppm
concentration
Can explode

Safety gloves, respirator
and goggles were worn
System was leak free
CO produced was diluted
before venting out
Lab was well ventilated
Proper pressure regulators
were fitted

Carbon dioxide Toxic & Explosive Can explode
Can cause asphyxiation
when exposed for long time

Safety gloves, respirator
and goggles were worn
System was leak free
CO2 produced was diluted
before venting out
Lab was well ventilated
Proper pressure regulators
were fitted

Methane Toxic, Flammable &
Explosive

Can Explode
Cause fire when in contact
with heat source
Can cause asphyxiation
when exposed for long time

Safety gloves, gas mask
and goggles were worn
System was leak free
CH4 produced was diluted
before venting out
Lab was well ventilated
Proper pressure regulators
were fitted
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RESULTS AND DISCUSSION

6.1 Gasification process and EquilibriumModel results

Production of syngas containing H2S by partially oxidising a mixture of methanol and 2-

propanethiol was achieved. Prior to gasification and desulphurisation process analysis the

components expected to be in the syngas were identified and quantified through calibration of the

GC. The GC fitted with FPD was calibrated for H2S only, and the GC fitted with the TCD detector

was calibrated for the other components of syngas including H2S. TCD being a universal detector

has a limitation of 1000ppm for sulphurous compounds and therefore could not be used as a

detector during desulphurisation where concentrations of below 10ppm were expected. Table 6.1

shows the retention times of the gases using both the TCD and the FPD detectors.

Table 6.1 Retention time of syngas components using GC fitted with TCD and FPD

Component Retention Time TCD (minute) Retention Time FPD (minute)

H2 0.49 -

CO 2.12 -

CO2 9.97 -

CH4 6.73 -

H2S 11.09 1.41

N2 1.65 -

During gasification only sulphurous compounds could be analysed online as the process continued

since the GC connected to the experimental set-up was fitted with the FPD detector. Figure 6.1

shows the peaks of the sulphur compounds present in the syngas. It was assumed that all of the

sulphur from the 2-propanethiol was to be converted to H2S but this was not the case. Two other

sulphur compounds peak 2 and 3 eluted during analysis although they were not identified during

calibration. From desulphurisation process analysis (further details are given in section 6.2.5) peak

3 was identified to be COS. During gasification apart from H2S, COS is the second sulphur
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because they also eluted during analysis of the syngas produced using FPD as shown in Figure 6.1

that is peaks 2 and 3 respectively.

Figure 6.5 Chromatograph showing peaks of the different syngas components detected using
GC with TCD (1. H2, 2. N2, 3. CO, 4. CH4, 5. CO2, 6. H2S, 7. Sulphur compound, 8. COS)

Amodel of the gasification process was created using the ASPEN plus simulation programme prior

the experimental work by direct minimization of Gibbs energy. Using this criterion it was possible

to predict the syngas composition at equilibrium and the optimum reaction temperature to achieve

a H2: CO ratio of 2:1. The pressure was maintained at 1 atmosphere throughout. Apart from high

pressure having a positive effect in the production of CH4 and CO2, the advantage of operating at

high pressures depends on the downstream processes. In IGCC for example the gas turbine requires

a pressure of 20bar therefore operating gasification process at high pressures than 20bar saves in

compression energy and results in compact systems. Unfortunately high pressure operations are

limited to the type of feed, solid feed stocks being at a disadvantage. In this study working at

atmospheric pressure was an advantage since it simplified the equipment and the process at large.

Figure 6.6 obtained from sensitivity analysis done on the simulation shows the effect of temperature

on the equilibrium composition of syngas. It also gives the optimum reaction temperature. It is clear

that at temperatures above 800 0C the H2/CO ratio of 2:1 can be achieved by using the set flows

of fuel and oxidant (0.042cm3/s and 4.867cm3/s). H2O, CH4 and CO2 concentrations are seen to

decrease with increase in temperature and H2S and COS are not affected by the change in reaction

temperature. On the other hand H2 and CO concentration increases with increase in temperature up

to an optimum level where they all become steady. From Figure 6.6 the optimum reaction

temperature was thus chosen to be 830 0C.
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Table 6.2 Comparison of syngas equilibrium composition by varying the O2/Fuel ratio

Gas Components Botha (2010) % mole fractions

at O2/Fuel ratio of 0.0989

Model % mole fractions at

O2/Fuel ratio of 0.219

H2 60.91 60.01

CO 33.48 33.1

CO2 0.61 1.47

CH4 1.76 0.29

H2S 2.04 2.03

H2O 1.15 3.09

COS 0.05 0.05

TOTAL 100 100

Figure 6.7 and 6.8 compares syngas equilibrium composition of the model and average

compositions of all gasification runs performed at fuel flow of 0.042cm3/s, O2 flow of 4.867cm3/s,

reaction temperature of 830 0C and 1 atmosphere. The model as well as the experimental analysis

were carried out on a wet basis.
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and experimental data for CO but there was a slight deviation with CH4 and H2 as shown in Figure

6.7. The other components; CO2 and H2S were not in good agreement with the predicted values as

shown in Figure 6.8. From the experiment, the amount of water collected after condensation was

so little that it was difficult to quantify. This explains why more H2 and CH4were produced than

was predicted. CO2 was expected to be high but since there was very small quantity of water the

condition was unfavourable for water gas shift reaction (equation 2.19) and methane reforming

reaction (equation 2.1). In addition the high temperature in the reactor was favourable for the

Boudouard reaction (equation 2.17) further reducing the CO2 concentration. From Figures 6.1 and

6.4 it is shown that two other sulphur compounds were present. This explains the low H2S

concentration obtained from the experiment in opposition to what was predicted. A H2: CO ratio of

1.97:1 was obtained.

�� + �2� ↔ ��2 + �2 (∆�� = −41��⁄����) (2.19)

��4 +�2� ↔ ��2 + 3�2 (∆�� = +206��⁄����) (2.1)

� + ��2 ↔ 2�� (∆�� = +172��⁄����) (2.17)

6.2 Desulphurisation Results

During desulphurisation the effects of sorbent size, reaction temperature, sorbent surface area and

space velocity on the sorbent sulphur sorption capacity was evaluated. Results and discussions of

each of these effects in relation to the sorbent sulphur sorption capacity given in percentage weight

(mass of sulphur absorbed per 100 g of ZnO) will be detailed.

6.2.1 Effect of sorbent surface area on desulphurisation

The BET surface area analysis of a particle gives information about the sorbent reactivity and the

adsorption capacity of a particle in terms of pore volume, pore size distribution and particles surface

area per unit mass. As the surface area is increased the particle size reduces and the pore volume

increases. Table 6.3, 6.4 and 6.5 show the results of the properties of the sorbent before and after

increasing the surface area of the commercial zinc oxide (bulk zinc oxide). The results show that

the process was a success and the surface area did increase. The bulk densities obtained from the

new sorbents were high indicating an increase in pore volume as the size reduced. Evidence of the

size reduction was in the length of the sorbent bed in the reactor. The bed length for the large

particles and small particles for bulk zinc oxide were 5.83 cm and 5.12 cm respectively and for the

increased surface area sorbent were 4.39 cm and 4.25 cm for large and small particles respectively.

These bed lengths were for 30g of sorbent loaded in all cases. Figures 6.9 and 6.10 show the

adsorption isotherm of the fresh bulk zinc oxide for the large and small particles respectively. Bulk

zinc oxide sorbents of all sizes show type II kind of isotherms as classified by the International
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Union of Pure and Applied Chemistry (IUPAC) (Sing et al., 1985). This type of isotherms depict

unrestricted monolayer-multilayer adsorption a characteristic of nonporous or macro porous

sorbents. Conclusion that the bulk zinc oxide is a macro porous material is supported by the pore

size distribution graphs Figures 6.11 and 6.12 which gave an average value of 130nm and 97nm

for large and small particles respectively. Macro pores are classified to have a width (size) of >

50nm. This conclusion is also supported by particle size analysis done on TEM micrographs for

fresh bulk ZnO sorbents using a computer software for size analysis which gave an average value

of 175-211nm. Macro porous materials are also characterised by small specific surface areas as

depicted by the bulk zinc oxide (5.3m2/g in Table 6.3). In sorption the main role of macro porous

sorbents is to provide route or channels for the reagent to access the small pores in the material

(Everrent, 1972)
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Table 6.3 Bulk Zinc Oxide properties

Sorbent Size class (mm) Average size (mm) Bulk Density(g/cm3) Particle density (g/cm3) Surface Area (m2/g) Pore volume (cm3/g)

Small 1.18 -1.70 1.63 1.0235 1.1828 5.2758 0.0230

Large 1.70 – 2.00 2.06 0.8994 0.9906 5.3581 0.0262

Table 6.4 Small particles properties after treatment to increase surface area

Run Moisture

Content (%)

Initial ZnO

Mass (g)

% Conversion Final ZnO

Mass (g)

Final ZnO Bulk

Density (g/cm3)

% Bulk density

increase

Surface Area

(m2/g)

Pore volume

(cm3/g)

1 22.31 80.00 18.92 70.88 1.2342 13.83 15.89 0.1190

2 23.47 86.01 20.34 72.94 1.2354 20.7 22.99 0.1515

3 19.78 83.10 22.01 72.44 1.2391 21.1 35.33 0.2149

4 20.25 60.00 20.06 51.55 1.2256 16.49 23.39 0.1843

Table 6.5 Large particles properties after treatment to increase surface area

Run Moisture

Content (%)

Initial ZnO

Mass (g)

% Conversion Final ZnO

Mass (g)

Final ZnO Bulk

Density (g/cm3)

% Bulk density

increase

Surface Area

(m2/g)

Pore volume

(cm3/g)

1 21.56 83.00 24.10 71.69 1.2098 34.5 24.54 0.2006

2 20.18 80.20 35.05 73.01 1.1757 30.7 38.50 0.2189

3 21.8 85.00 17.53 72.20 1.1936 20.65 16.08 0.1366

4 19.71 76.00 22.62 65.01 1.1099 17.09 22.68 0.1695
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Table 6.6 Abbreviations used for various Particle size and Temperature combinations

Combination Meaning

SPLT Small particle (1.63 mm) at low temperature (350 0C)

BPLT Large particles (2.03 mm) at low temperature (350 0C)

SPHT Small particles (1.63 mm) at high temperature (550 0C)

BPHT Large particles (2.03 mm) at high temperature (550 0C)

The results given in Table 6.7 and the breakthrough curve Figure 6.17 compared to the results given

in Table 6.8 and the breakthrough curve Figure 6.18 for the low surface area at the same space

velocity indicate a poor performance for the increased surface area sorbent. The increased surface

area sorbents had extremely low sulphur sorption capacity in all combination through the short

breakthrough time at the breakthrough point. On the other hand the low surface area had long

breakthrough times and consequently higher sulphur sorption capacities. This could have resulted

because of sorbent damage either during the process of increasing the surface area and the range of

temperature used during desulphurisation.

Table 6.7 Results of experiments at high surface area and average space velocity of 610h-1

Run Combination Initial H2S

concentration

(ppm)

Space

Velocity

(h-1)

Breakthrough

time

(minute)

Sulphur sorption

Capacity (Wt.

%)

1 SPLT 14464 780.56 20 0.2299

2 BPLT 15428 526.96 5 0.0471

3 SPHT 12826 636.79 170 1.071

4 BPHT 15821 456.43 60 0.3678

5 SPLT 15780 676.55 25 0.2719

6 BPLT 13443 565.43 15 0.1322

7 SPHT 14557 593.88 100 0.6668

8 BPHT 11345 625.44 40 0.2489
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2012). In these processes, zinc metal is heated to very high temperatures > 1400 0C to form zinc

vapour which is oxidised at high temperatures as well. The oxide formation process kinetics is so

fast resulting in well-defined crystals of low surface area (3-5m2/g). On the other hand the kinetics

of the decomposition of the salts is slow at low temperatures resulting in densely packed aggregates

of compact small particles and high surface area (Bolis et al., 1989). Bolis et al., (1989) studied the

effect of form on the surface activity of differently prepared zinc oxide. Their conclusion was that

a high surface reactivity of zinc oxide is not necessarily related to high surface area but to the

abundance of specific active sites of which is highly dependent on the method of preparation of the

zinc oxide. In their study bulk zinc oxide had the highest adsorption capacity towards CO and H2

compared to two zinc oxides decomposed from a carbonate and an oxalate salt. This was because

of the highly crystallite morphology of the bulk zinc oxide with well-defined crystal edges. This

also explains why the low surface area had higher sulphur sorption capacities than the increased

surface area zinc oxide.

Figure 6.19 Low resolution TEM micrograph of Fresh
increased surface area small ZnO particles

Figure 6.20 Low resolution TEM micrograph of fresh low
surface area ZnO particles
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Figure 6.21 SEMmicrograph of fresh increased surface area ZnO large particles

Figure 6.22 SEM micrograph of fresh increased surface area small ZnO particles

Figure 6.23 SEM micrograph of fresh low surface area ZnO particles
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Figure 6.24 Low resolution TEM micrograph of fresh increased surface area large ZnO
particles showing a mixture of hexagonal crystals and agglomerated microcrystals

6.2.2 Effect of sorbent particle size on desulphurisation process

The breakthrough curves Figure 6.17, 6.18 and 6.25 as well as the results shown in Tables 6.7, 6.8

and 6.9 clearly show that small particles desulphurization ability is higher than the large particles

by the long desulphurisation time before reaching breakthrough point and the high sulphur sorption

capacities. This is because the smaller the particle size the more effectively the volume available

for reaction is utilized. This is as a result of reduced diffusion distances and consequently increased

high rates of reaction. Another factor that shows the superiority of the small particles is its bulk

density. The bulk density of smaller particles for both bulk and increased surface area sorbents is

higher than the large particles as shown in Table 6.3 and 6.4. The bulk density is directly

proportional to the weight of sorbent that can be charged into the reactor. That means for the same

reactor volume more of the small particles are loaded than the large particles. This reason makes

small sorbent sizes suitable. Despite this there is a limit to the size of the particles to be charged

into the reactor which depends on the pressure drop across the bed.

6.2.3 Effect of temperature on desulphurisation process

In this study temperature was varied from 350 – 550 0C. The temperature profiles for run 1-4 of all

the experiments performed are given in Appendix C. For the runs in which the temperature started

from 0 0C to the set point shows that at the beginning of desulphurisation, the temperature increased

rapidly then dropped down and stabilized. This is because the sulphidation reaction is exothermic

with a heat of reaction of -78kJ/mol. Thereafter it stabilized showing that the process was

isothermal. In the other desulphurisation experiments the temperature had to be lowered to the set

point. This is because in a day two experiments at different levels could be performed therefore
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once the temperature drops to ± 5 0C of the set point the desulphurisation process was started and

with the flow of gas inside the reactor temperature drops down steadily and then stabilizes. From

the results of all combination it can be seen from sulphur sorption capacity obtained in Tables 6.7,

6.8 and 6.9 that there was no much influence of temperature observed. It was expected that since

the process is dependent on the activation energy it will be highly dependent on temperature

according to the Arrhenius equation but this was not the case. This might be because at the

temperature range of this study, the extent of reaction is essentially the same. The small differences

may be attributed to diffusional resistance, which is known to be the rate limiting step in spherical

pellets. Similar results of minimal influence of temperature have been reported in literature (Everett

and Monaco, 1994, Siriwardane and Cicero, 2000 and Sánchez-Hervás, 2005).

6.2.4 Effect of space velocity on desulphurisation process

Preliminary experiments into this study operated with a space velocity on average of 3430h-1. This

was at a fuel flow of 0.108cm3/s. The sorbent used for these experiments was the bulk zinc oxide

with low surface area. It was observed that at this space velocity the breakthrough point was reached

so fast with the longest time being 40 min using small particles at low temperature (Figure 6.25

and Table 6.9). The rest of the experiments were even worse. At 40 minutes a sulphur loading

capacity of 1.036 Wt. % was obtained which was low compared to all the runs performed at the

low space velocity of 610h-1 using the low surface area sorbent where the minimumwas 95 minutes.

At high space velocity the residence time across the sorbent bed is reduced and consequently lower

the contact time between the sorbent and the gas which result in low utilization of the sorbent. Short

bed lengths with respect to the absorption front could also be a reason for the poor performance at

high space velocities. In addition gas-solid reactions are more diffusion resistant therefore at high

space velocities little gas gets to diffuse into the bulk of the solid resulting in low sulphur sorption

capacities.
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6.2.5 Other factors that affected the desulphurisation process

From all the experiments performed it was evident that reactions at low surface area and low space

velocity yielded better results than the rest. But looking at the overall effectiveness of the sorbent

at all levels considering the expected results, it is clear that the sorbent was underutilized even at

this set of conditions. For this study sulphur sorption capacity was expected to be 19.5 Wt. % when

the sorbent is fully sulphated that is 100 % conversion of zinc oxide to zinc sulphide. This amounts

to 5.85g of sulphur captured with a theoretical time at full sulphidation of 30 and 40.58 hours at

low and high temperatures respectively. Equations for calculating the sulphur sorption capacity,

maximum mass of sulphur captured and theoretical time for complete sulphidation are given in

section B.2 of Appendix B. The best results were obtained at low surface area with a space velocity

of 680h-1 at 350 0C using sorbent with average diameter of 1.63mm as shown in Table 6.8. The

time at which the exit concentration of H2S exceeded 100ppm was 340 minutes yielding a sulphur

sorption capacity of 3.72 Wt. %. This gives a conversion of 20%. Despite this the sorbent showed

very high efficiencies of 99% calculated from the initial concentration of H2S with respect to the

concentration at any time during desulphurisation before breakthrough point. The sorbent was

capable to lower the H2S concentration to below 10ppm.

Apart from the factors discussed above other factors could have resulted in the underutilization of

the sorbent as was observed during the experimental work and analysis of the sulphated sorbent.

During online GC analysis of the gas exiting the desulphurisation reactor peak 3 as shown in Figure

6.1 was increasing with time even beyond the H2S peak (Figure 6.26). Its quantity increased

drastically as the concentration of H2S approached breakthrough point. This behaviour occurred at

low temperature reactions. At high temperatures this peak did not behave like this and maintained

its gasification concentration. This phenomenon has also been reported by other researchers who

identified this gas as COS (Li and King, 2006, Novochinskii et al., 2004 and Shanguan et al., 2011).
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Figure 6.27. Despite this precaution some of the carbon was also adsorbed onto the surface of the

sorbent. This was evident from the greyish colour of the sorbents removed after desulphurisation.

The sorbent had a mix of pale yellow indicating H2S sorption and grey showing presence of carbon

deposition (Figure 6.28). EDX analysis on the spent sorbent also showed some presence of carbon

on to the sample (Figure 6.29, 6.30). A mapping procedure was done on the EDX image to show

the distribution of sulphur and carbon elements onto the surface of the sorbent grains this is shown

in Figure 6.31. Carbon formation during gasification can be attributed to the below reactions at

thermodynamic equilibrium without the presence of catalyst (Nikoo and Amin, 2010):

��4 ⟷�+ 2�2 ∆�298 = 74.9��⁄��� (6.2)

2�� ⟷ � + ��2 ∆�298 = −172.4��⁄��� (6.3)

��2 + 2�2 ⟷� + 2�2� ∆�298 = −90.0��⁄��� (6.4)

�2+��⟷�2�+� ∆�298 = −131.3��⁄��� (6.5)

At the operating conditions of this study equation 6.2 is more favourable than the others. This is

because high temperature does not improve exothermic reactions but promotes endothermic

reactions. In addition more of H2 was formed as was expected and thus could have resulted from

the decomposition of CH4 as shown in equation 6.2. Hydrogenation of CO2 and CO shown in

equations 6.4 and 6.5 could not have occurred since little water was collected during

experimentation. Therefore the carbon deposit in this case could have resulted from the

decomposition of CH4. This carbon was then transported to the desulphurisation reactor by the

flowing syngas and adsorbed on the surface of zinc oxide blocking the pores for H2S sorption.
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calculated and was used to plot the interaction graph. The main effect value of each factor indicates

which factor has more control on the response and at what level. Whereas the interaction value

indicate if the two factors being studied are dependent or independent on each other towards the

response. For this statistical analysis results obtained using sorbent with low surface area at average

space velocity of 610h-1 were used. Table 6.10 gives the response obtained at all experiment

combination with the total and mean responses. Table 6.11 gives the results of the variance analysis

performed after calculation of the main effects and interaction to check their significance. The main

effects were calculated by the equation defined in section 5.1 in Chapter 5.

Table 6.10 Response, total response and mean response obtained at all combinations

Run Label Sulphur sorption capacity

(Wt. %)

Total Response

(%)

Mean Response

(%)

Run 1 Run 2

1 &5 SPLT (1) 3.72 2.80 6.52 3.26

2 & 6 BPLT a 1.89 1.90 3.79 1.90

3 & 7 SPHT b 1.70 1.66 3.36 1.68

4 & 8 BPHT ab 0.62 0.44 1.06 0.53

Table 6.11 Variance analysis of the experiment design

Variations Main Effect Sum of Squares Degree of

Freedom

Mean square F- Value

Temperature -1.4725 4.3365 1 4.3365 185.3953

Sorbent size -1.2575 3.1626 1 3.1626 135.2086

Interaction 0.43 0.3698 1 0.3698 15.8098

Error - 0.09367 4 0.0234

Total - 7.9624 7 -

From Table 6.11 the values of the main effect for both temperature and sorbent size are negative.

This indicates that to obtain maximum sulphur sorption capacity the temperature and the sorbent

size should be at their low levels (<350 0C and < 1.63mm). The magnitude of the main effects

shows that temperature has a greater effect on the response than sorbent size only at their low levels.

This is true as indicated by the mean response on Table 6.10. It can be seen that the sulphur sorption

capacity of the large particles at low temperature is higher (1.9 Wt. %) than the small particles at

high temperature (1.68Wt.%). If at all the effect of sorbent was higher than temperature the reverse

could have been seen. The value of the interaction is very small compared to the main effects of
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1 A half of the main effect of temperature

2 A half of the main effect of sorbent size

1 Variable representing temperature

2 Variable representing sorbent size

Where 1 and 2 are calculated by equations 5.5 and 5.6 given in section 5.2 of chapter 5. The final

first order regression model is given by equation 6.7

� (��.%) = 1.8413 − 0.7363�1 − 0.6288 �2 (6.7)

To verify that the model fits the experimental data for this set of experiment, actual sulphur sorption

capacity values obtained from the experiment were plotted against the predicted values (Figure

6.33). Figure 6.33 shows the values lie along the line of best fit indicating that the model fits well

the experimental data giving an R2 of 0.9421.

Figure 6.34 show a contour plot under a three-dimensional surface response diagram of sulphur

sorption capacity obtained from the first order regression model with reaction temperature and

sorbent size as the regressors. From Figure 6.34 the plane obtained from the first-order model rises

at low levels of temperature and sorbent size and vice versa. This indicates that to obtain a high

sulphur sorption capacity using the low surface area sorbent at an average space velocity of 610h-

1, the reaction temperature should be low (<350 0C) and the sorbent size small (<1.63mm). The

sulphidation reactions of zinc oxide pellets with H2S have a negative Gibbs free energy (∆� =

−91607.18 + 15.16� �/���) indicating that they are thermodynamically capable of lowering

H2S levels at even ambient temperatures (Alexander and Bruce, 2011). Sorbent size will only be

limited with the pressure drop across the bed. Figure 6.34 can therefore be used to obtain the

optimum conditions for desulphurisation with the low surface area sorbent at an average space

velocity of 610h-1.
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6.4 Gas-Solid ReactionModelling Results

The results of modelling for the desulphurisation process was limited to experiments performed

using the low surface area sorbent at an average space velocity of 610h-1. The fixed bed model

outlined in section 4.2.3 adopted from Hepworth et al., (1997) was used in this study. It described

the sulphidation process according to the shrinking core model. It was assumed that the process is

isothermal. This assumption was verified experimentally from the reaction temperature profiles

during desulphurisation given in Appendix C. The particle size of the zinc oxide was assumed to

remain the same. This assumption was also verified by the physical appearance of the sorbent after

the desulphurisation process which was similar to the initial fresh sorbent. The particle was also

assumed to be non-porous. The adsorption isotherms (Figure 6.9 and 6.10) obtained from the BET

analysis of the low surface area sorbents describes characteristics of non-porous and macro porous

sorbent. As was mentioned before the pore sizes were in the range of macro porous materials (>

50nm). Research has shown that the shrinking core model does not describe well the sulphidation

of porous material because it does not put into consideration the structural properties of the solid.

Therefore for the shrinking core model to work for a macro porous material the global rate has to

be controlled by the transport resistances that is mass transfer from the bulk gas to the surface of

the pellet and diffusion through the porous product layer only and not the chemical reaction

(Jothimurugesan and Harrison, 1990). For this to happen the chemical reaction rate must be very

high so that the porous product layer would have been formed. Using this criterion the third term

in the overall rate of the desulphurisation process can be dropped out during modelling since the

reaction rate constant would be very high and its effect on Equation 4.45 (global rate of reaction)

would be very negligible.

=
3(1− �)��� [

1 +
�
((1 − �)−1/3 − 1) + 1 −1

] (4.45)
�(1 − �)2/3

The mass transfer coefficient and the effective diffusivity coefficient were taken from

literature correlations and are thus approximate values. This has some limitations on the final model

results because they are being used in situations which are far from which they were developed.

Table 6.12 gives details of all the parameters used during the packed bed modelling.
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Table 6.12 Model parameter values for packed bed sulphidation test

Parameter Units Run 1 Run 2 Run 3 Run 4 Source

- 0.373 0.373 0.373 0.373 Calculated

cm 0.815 0.102 0.0815 0.102 Measured

cm/min 240 240 240 240 Jothimurugesan & Harrison,(1990)

cm2/min 6.4 6.4 6.4 6.4 Jothimurugesan & Harrison,(1990)

cm 5.12 5.83 5.12 5.83 Measured

cm/min 58.02 54.39 48.99 61.55 Calculated

The final packed bed model equations in terms of dimensionless parameters; Equation 4.46 and

4.47 were solved numerically using Euler’s method at the initial boundary conditions given by

Equations 4.48 and 4.49.

��⋆
=

��⋆
−���

0
(4.46)

= (4.47)
��⋆ ��0�

�⋆ = 1 �� �⋆ = 0 �� ��� �⋆ (4.48)

� = 0 �� �⋆ = 0 �� ��� �⋆ (4.49)

The predicted breakthrough curves which were matched with the experimental breakthrough curves

at the given conditions in Table 6.12 for each individual run are shown in Figure 6.36, 6.37, 6.38

and 6.39.

In all results none of the experimental breakthrough curves matched well with the predicted ones.

Although at the initial stages of the process there was good agreement the reason that could only

explain these are factors that could affect the movement of H2S into the bulk of the sorbent. This
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could be because of the other factors that affected the desulphurisation process as was discussed in

section 6.2.5. These factors include effect of the CO in the syngas to the desulphurisation process

resulting in the reduction of H2S to COS which cannot be absorbed by zinc oxide pellets and

therefore no reactant to absorb. The other and most influential factor with regard to transport

resistances would be the deposition of carbon onto the surface of the sorbent, blocking the pores

and therefore interfering with the mass transfer of the bulk gas to the surface of the particle. If there

is no reactant penetrating the surface, the porous product layer would not be formed and

consequently affecting the diffusion through the product layer resulting in short breakthrough

times. In addition to this the reason could also be the use of external mass transfer and diffusion

coefficients which do not match with this studies experimental condition.

The predicted breakthrough curves for run 1, 2 and 3 as described in Table 6.7 (SPLT, BPLT and

SPHT respectively) support the experimental data with regard to the high sulphur sorption

capacities. This is shown from the breakthrough points of the model breakthrough curve. The

dimensionless time is a ratio of any time during desulphurisation over the theoretical time for

complete sulphidation. Therefore it gives the conversion in terms of time. For run 1, the

dimensionless time at breakthrough point was 0.62 which indicates a 62% conversion. For run 2

and 3 were 0.52 and 0.42 indicating 52 and 42 % conversions respectively. From the experimental

results in order of increasing the sorbent sulphur sorption capacity run 4< run3<run 2< run 1 which

matches well with the predicted values except for run 4. In conclusion the shrinking core model

can be used to describe sulphidation of porous material only if the transport resistances control the

global rate of reaction.

Figure 6.35 Predicted (-) and Experimental (*) breakthrough curves for small particles at low
temperature run using the low surface area sorbent at 680h-1
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Figure 6.36 Predicted (-) and Experimental (*) breakthrough curves for large particles at low
temperatures run using the low surface area sorbent at 560.14h-1

Figure 6.37 Predicted (-) and Experimental (*) breakthrough curves for small particles at
high temperature run using the low surface area sorbent at 574.28h-1
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Figure 6.38 Predicted (-) and Experimental (*) breakthrough curves for large particles at
high temperature run using the low surface area sorbent at 633.89h-1
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CONCLUSION AND RECOMMENDATION

Production of syngas containing H2S using a fuel mixture of 86% methanol and 14 % 2-

propanethiol at 830 0C at atmospheric pressure was achieved. The use of liquid fuels to produce

syngas containing H2S has not been implemented elsewhere. This prevented the use of many gas

cylinders and flow controllers to simulate syngas for hot gas desulphurisation studies. Preliminary

experiments worked with liquid fuel flow of 0.108cm3/s at an oxygen flow of 4.867cm3/s. This

resulted in production of 0.5-1 mole % H2S. This fuel flow gave rise to a low sulphur sorption

capacity during desulphurisation and was lowered to 0.042cm3/s at an oxygen flow of 4.867cm3/s.

The low fuel flow resulted in production of 1-1.5 mole % H2S. In both cases the H2S concentrations

were consistent within the range. The composition of syngas produced was analysed using GC

fitted with a TCD detector. The experimental composition was compared to the results of

simulation performed in ASPEN plus for equilibrium prediction of syngas composition during

gasification. Good agreement between the concentration of H2, CO and CH4 was achieved. The rest

of the components; H2S, CO2 and H2O were not in agreement with the predicted compositions. The

gasification process produced a H2/CO ratio of 1.97:1 as was expected. For future studies it is

recommended to have several sampling points on the gasifier to exactly establish the position at

which the equilibrium syngas components are formed along the gasifier. This would verify the

assumption that they are formed within seconds.

A 2*2 factorial design was adopted in the desulphurisation process where, sorbent particle size,

and reaction temperature were varied at high and low levels using varied sorbent surface area and

space velocity. The variation was to study the effect of all this factors towards the desulphurisation

ability of zinc oxide pellets packed in a fixed bed reactor and observe if there was any interaction

between the factors. Low sulphur sorption capacities were obtained at high space velocity on

average of 3430h-1 (1.03-0.21 Wt. %) and sorbent surface area on average of 25m2/g (1.07-0.047

Wt. %). The best results were obtained using low surface area sorbent (5.3m2/g) at space velocity

on average of 610h-1 (3.71-0.4 Wt. %) . This gave a conversion of 20%. In future work it is

recommended to synthesize a high surface area zinc oxide pellets from precipitation methods and

add precursors that would enhance the absorption of COS to further study the effect of sorbent

surface area. In addition the online GC can be fitted with two detectors in series, to analyse both

sulphur compounds and the other components of the syngas at the same time. This would explain

better the effect of the syngas composition on the desulphurisation process. To prevent any chances

of channelling in the packed bed it is recommended to place the packed bed in a vertical position.
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Statistical analysis performed showed that there was no interaction between temperature and

sorbent particle sizes. Variance analysis verified that low temperature had a higher effect to the

sulphur sorption capacity than the small sorbent size. The surface response diagram obtained from

a first order regression model for this set of experiment showed that to achieve a high sulphur

sorption capacity, temperature and sorbent size should be kept at their low levels (<350 0C and

<1.63mm).

Finally a packed bed model based on the shrinking core model was used to describe the

desulphurisation process. There was no good agreement between the experimental and predicted

breakthrough curve. Despite this the predicted conversion followed the same trend as the

experimental data except at reactions using large particles at high temperature. To further clarify

the assumption that transport resistances are rate controlling in porous pellets it is recommended

that measures to prevent occurrence of these resistances should be put in place during

experimentation. Alternatively the grain model could be adopted since it caters for porous materials

with structural changes.
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A2. Calibration Standards Table

Table A. 1 CH4 calibration standards

Sample %Mole Fraction Exact Moles

(µmoles)

*Volume injected

(µl)

1 0 0.0000 0

2 0.5 0.2037 5

3 1 0.4075 10

4 1.5 0.6112 15

5 2 0.8149 20

6 2.5 1.0186 25

* Value rounded off to accommodate syringe calibrations

Table A. 2 CO calibration standards

Sample %Mole Fraction Exact Moles

(µmoles)

*Volume injected

(ml)

1 0 0.0000 0

2 10 4.0599 0.1

3 20 8.1199 0.2

4 30 12.1798 0.3

5 40 16.2398 0.4

6 50 20.2997 0.5

* Value rounded off to accommodate syringe calibrations
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Table A. 3 CO2 calibration standards

Sample %Mole Fraction Exact Moles

(µmoles)

*Volume injected

(µl)

1 0 0.0000 0

2 0.2 0.08134 2

3 0.4 0.16268 4

4 0.6 0.24403 6

5 0.8 0.3254 8

6 1.0 0.4067 10

* Value rounded off to accommodate syringe calibrations

Table A. 4 H2S calibration standards

Sample Mole Fraction (ppm) Exact Moles

(µmoles)

*Volume injected

(µl)

1 0 0 0

2 100 0.082 2

3 500 0.409 10

4 1000 0.817 20

5 1500 1.226 30

6 2000 1.635 40

7 2500 2.043 50

8 3000 2.452 60

9 3500 2.861 70

10 4000 3.269 80
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Sample Mole Fraction
(ppm)

ExactMoles
(µmoles)

*Volume injected
(µl)

11 4500 3.678 90

12 5000 4.087 100

13 5500 4.495 110

14 6000 4.904 120

15 6500 5.313 130

16 7000 5.721 140

17 7500 6.130 150

18 8000 6.539 160

19 8500 6.947 170

20 9000 7.356 180

21 9500 7.765 190

22 10000 8.173 200

23 10500 8.582 210

24 11000 8.991 220

25 11500 9.399 230

26 12000 9.808 240

27 13000 10.625 260

28 14000 11.442 280

29 15000 12.260 300

* Value rounded off to accommodate syringe calibrations
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Appendix B – Sample Calculations and Equations

B.1 Pressure Drop calculation

The pressure drop across the desulphurization reactor bed was calculated using equation B.1, the

Ergun equation.

∆� 150�(1 − �)2�0
= 3 2

1.75(1 − �)��2
+

3
( . 1)

Where:

∆� Pressure drop across the bed Pa

Length of the packed bed m

Fluid viscosity Pa.s

Bed porosity -

0 Fluid superficial velocity m/s

Particle diameter m

Density of fluid kg/m3

Length of the packed bed was calculated by equation B.2 for both large and small particles:

=
4

2
( . 2)

Where:

Mass of sorbent used kg

Sorbent bulk density kg/m3

Desulphurization reactor diameter m

Bed porosity was calculated from the correlation shown by equation B.3 for both large and small

particles.

� = 0.373 + 0.917 exp(−0.824��⁄��) (�. 3)
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Fluid superficial velocity was calculated by dividing syngas volumetric flow rate with the cross-

sectional area of the desulphurization reactor. Particle diameters and their respective bulk densities

were determined from the procedure given in section 5.3.2. Fluid viscosity and density were

obtained from Perry and Green (1999) for gas mixtures similar to syngas.

Table B. 1 Parameters and their values for pressure drop calculations

Parameter Units Large Particles Small particles

m 0.0270 0.0270

m 0.0021 0.00163

- 0.3730 0.3730

Kg/m3 899.4 1023.54

Kg 0.03 0.03

m 0.0583 0.0512

0 m/s 0.00906 0.01207

Pa. s 1.5866E-5 1.5866E-5

Kg/m3 1.1752 1.1752

∆� Pa 0.028 0.264

B.2 Sulphur sorption capacity calculation Equations

To measure the sorbent utilization in the reactor the sulphur sorption (loading) capacity was

calculated. First the actual sulphur captured by the sorbent until the exiting concentration of H2S

exceeds 100ppm was calculated by equation B.4:

2 =
[���2� ∗ � ∗ � ∗ ��2� ∗ ��]

� ∗ ��
( . 4)

2 Actual sulphur captured g

2 Molecular weight of H2S g/mol

Pressure at reaction conditions bar

Volumetric gas flow rate L/min

2 Inlet H2S mole fraction -

Breakthrough time min

Temperature at reaction conditions K
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Universal gas constant L.bar/K.mol

The sulphur sorption capacity is given by equation B.5:

� % =
��2� ∗ 100 (�. 5)

% Sulphur sorption capacity %

2 Actual sulphur captured g

Initial mass of ZnO in bed g

To use the above equations it is assumed that all the sulphur is absorbed by the sorbent and none

leaves with the exiting gas (Sanchez-Hervas et al. 2005).

For complete sulphidation, the amount of sulphur captured in grams is given by equation B.6

= 0.195 ( . 6)

The theoretical breakthrough time is thus given by:

��= [���2�∗�∗�∗��2�]
�∗��

( . 7)










