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ABSTRACT

A waste acid stream 1s being produced by a {ocal petrochemical company (SASOL) at a rate of 10
000 —12 000 tons per annum and contains approximately 44-mole % buyric acid, 20 % isobutyric
acid and 10 % valeric acid. Whilst this stream is currently being incinerated, SASOL has requested
an investigation into the possibility of separating and purifying butyric acid and isobutyric acid

from this waste acid stream.

The goal of this project was lo determine a separation and purification route for bulyric acid and
1sobutyric acid from SASQOL'S waste acid stream. In order to achieve this. vacuum distillation and

freeze crystallization were chosen for the recovery and purification of the acids respectively.

Vapour-liquid equilibrium data for key component pairs present in the waste acid stream (propionic
acid + butyric acid, 1sobutyric acid + butyric acid. butyric acid + isovaleric acid and butyric acid +
hexanoic acid) were experimentally determined in a dynamic VLE still. The measured VLE data
was successfully correlated using the gamma-phi approach, with the NRTL ucuivity coefficient
mode! representing the liquid phase and the virial equation of state describing the vapour phase.
Using these equations, the VLE data obtained from the experimental work was then regressed to
provide interaction coefficients for the NRTL model. which were then used in the Hysys process

simulator to explore a range of design alternatives for distillation.

Hysyy simulations showed that greater than 80 % butyric acid and isobutyric acid can be recovered
from the waste acid stream in a single distillation column containing 18 theoretical stages and an
opumum reflux ratio of 3.8. The simulation was performed ai a pressure of 58kPa and a maximum

operating temperature of 150°C.

Bateh disullation experiments performed in a batch rectification column at 250kPa recovered more
than 90¢ % of both the butyric acid and isobutyric acid from a 450ml sample of the waste acid
stream. A subsequent baich experiment concentrated the recovered acids into a distillate containing

more than 95 % butyric acid and isobutyric acid combined.

To investigate freeze crystallization as a suitable operation for purifying butyric acid and isobutyric
acid a solid-liquid phase equilibrium curve for the system was generaled using the Van Hoft

equation. The generated curve showed that butyric acid and isobutyric acid could be theoretically
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purified (>98%) by operating two crystallizers at —20°C and —-55°C respectively. A simple freeze

crystallization experiment produced butyric acid with greater than 94% purity,

An economic feasibility study conducted on the process showed that separation and purification of
the acids by this process (distillation and crysiallization) could create a business opportunity with
revenue of approximately R47 million per annum. Preliminary estimates for capital investment
amounted 10 approximately RS5.4 million. for which the payback period was estimated at less than

one year.
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CHAPTER
ONE

INTRODUCTION

The fact that naturally oceurring processes are inherently mixing processes has been recognized
over a hundred years, and has led to the reverse procedure of “unmixing™ or separalion processes

becoming one of the most challenging categories of engineering problems (King {1971]).

The application of separation processes in Lhe chemical industry is becoming imcrcasingly
miportant. This is especially so in the chemical industry. where waste sireams conlaining vatuable
chemicals are produced during the production of high value products. For pollution contro)
parpases recovery ol the valuable products (rom wasle streams is becoming increasingly favored
over incineration ol the wasle streams because of the expense of the added fuel required for

incineration.

A local petrochemical company, SASOL (South African Coal & Oil Limited) is currently producing
a waste acid siream. which is formed during the production of high value petroleum products. This
streanmi. cimanating (rom SASOL Solvemis™ acid recovery plant, is produced at a rate of
10 000-12 000 10ns per annum and contains approximalely 44%; butyric acid, 20% isobutvric acid
and 10% valeric acid on a molar basis. Whilst the stream s presently being incinerated. SASOL has
requested an investigabion into the possibility of separating and parifying the acids. This will in (um
benefit SASOL. by:

» Adding value 1o this waste stream

> Frecing up capacity in the existing acid recovery incinerator

~ Reducing the company’s environmental emissions
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The above mentioned acids have many uses eilher direclly (e.g. butyric acid in plastics) or
indirectly for thc intermediale uses of 1heir numerous derivatives (e.g. butyl acetate in perfumes).
Currently butyric acid. isobutyric acid and valeric acid are being elohally traded at R9.80 per kg.
R16.70 per kg and R11.29 per kg respectively (Bizzan et al [1999]). Based on these prices and 80%
of extractable volumes from the waste acid stream, separation and purification of these acids could
create a business opponunity with revenue of approximately R80 miillion per annum. [However, due
lo the small volume nature of 1the project. Sasol has earmarked this project as polential {or a small

entrepreneurial business to process the stream.

The 1investization into the possibilily of separating and purilying the acids was given 10 the

University of Natal's School of Chemical Fngincering and was undertaken as a research topic

1owards an MSc degree. This project involved the following objectives:

» Perform an extlensive literature survey on the camponents present in the waste acid stream and
1ogether with reviewing separation processes select a separation and purification rouie lor the
valuable acids.

~  Undenake an economic study of the selected separation and purificalion route.

Most recovery processes beuin with the collection of 1he valuable components from \waste
processing operations. Following collection. purification of the valuable components 1akes place.
For this project distillation was selected tor recovery ol the valuable acids and crysiallizalion was

choscen for purifying the acids.

A lTowsheeting program (Husas) was used 1o simulale the distillation process for the recovery of the
valuable acids from the wasie acid stream. In screening distillation as a separalion process for
recovery of the acids. vapour-licquid equilibrium (VLE) dala of the components present in the waste
acid stream was required. This is because the mos! uncertainties in distillation applications
venerally arise from uncertainties in 1he vapour-liquid equilibnum data. Due 10 the scarcily of
experimental VLI data in literature and the failure of the process simulator 10 correctly predict VLE
dala for the components present in the wasle acid sireany, VLE dala for key component pairs present
in the waste acid stream were measured using a dvnamic VLE still developed by Raa) (Raal &
Miiblbauer [1898]). The measured data was then regressed to provide binary interaction coefficients
for correlating models. which was then used in the process simulator to accurately predict the VLE

dala and explore a range of design allernalives.
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After process simulation showed that recovery of the acids is possible. laboratory scale batch
distillation tests were conducted on an actval sample of the wuste acid suream to confirm that

recovery ol the valvable acids is possible.

For purification of butyric acid and 1xobutyric acid freeze crystallization was screened as a suitable
operation. This involved conducting simple freeze crystallization laboratory tests (0 determine if the

butyric acid and isobutyric acid could be separated from cach other and thus purified.

Finally, an economic study of the selected separation and purification route (distillation and

crystallization) was undertaken to determing the economic feasibility of the process.



CHAPTER
TWO

LITERATURE
REVIEW

The separation of au mixture into ils constituent chemical species is a non-spontaneocus process.
which requires an expenditure of energy. Much attenlion has been devoted to understanding
separation processes incloding the characteristics and selection of separation processes. As the
majority of the waste acid stream constitutes carboxylic acids, the chemisiry of these acids is also

reviewced.

2.1 Characteristics of separation processes

A simple representation of a separation process is shown below.

>
Separalion
Feed | -
Process Products
EEEE—

*

Separating Agent

Figure 2-1: Simple representation of a separation process.

The feed may consist of one streamn of matter, or of several streams. There must be at least two
product streams, which are different in composition with respecl to one another. Separation occurs

by the addition of a separating agent, which can take the form of another stream of matter, or of
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energy. This in wrn forces the different chemical components of the feed into different spatial
locations. Separation operations can be divided into two broad categories:
> Separation by phase addition or creation

» Separation by barrier or fields

Table 2-} is a compilation of individual separation operations adopted from the five general
separation techniques given by Seader & Henley [1998]). Only scparation processes using liquid or
vapour feed are considered in this project because of the nature of the feed stream. Although Table

2-1 may not include the latest technologies it does provide a range of aliermnatives.

To follow is a brief review of each of these techniqucs. The reader is referred 1o the excellent text of
Seader & Henley [1998)] for a detailed discussion on each of the techniques and individual

operations.

2.1.1 Separation by phase addition or creation

The most common indastrial technique involves the separation of a homogeneous single-phase
solution (gas, hquid or solid) by the creation or addilion of a second phase that is immiscible with
the feed phase. This second phase can be created by an energy separating agent or a mass separating

agent.

The energyv-separating agent is in the form of energy (heat. shaft work or pressvre reduction).
Examples of processes using energy separating agents incluode distillation, evaporation and

crystallization.

The mass separating agent takes the form of a second phase like a solvent that selectively dissolves
some of the components in the feed. Examples include liquid-liquid exiraction. absorption and

siripping.

The mass separating agent may also bc completely miscible with the mixture but may selectively
alter species volatilities resulting in greater separation belween certain species when used in

conjunction with an energy separating agent, as in extractive distillation.



Table 2-1: Liquid Separation Processes

Name Feed Phase  |Separating Agent Product Phases ~ |Principles of Separation Process
1) Separation by Phase Addition or Creation
1. Distillation Liquid/Vapour - |Heat Liquid & Vapor ~ |Difference in volatilities
2, Extractive Distillation Liquic/Vapour ~|Liquid Solvent and Heat |Liquid & Vapor [ Mass separating Agent increases
volatility.
3. Liquid-liquid Extraction ~~ |Liquid Immiscible Liquid Two Liquids Difterent Solubilities of different
species In the two liquid phases.
4, Crystallization Liquid Cooling Liquid & Solids | Difference in freezing tendencies.
S, Clathration **# Liquid Clathrating molecule  [Liquid & Solid Preferential participation in
and cooling crystal structure.
6. Desublimation * Vapour Cooling Solid & Vapor Preferential Condensation
7. Foam Fractionation *, ***  |Liquid Rising air bubbles or | Two liquids Tendency of surfactant molecules
complexing surfactants to accumulate at gas-liquid interface
and rise with air bubbles,
8. Reaction Disillation Liquid Heat + Reaction Liquid Difterence in Volatilities

MAIATT TAMNLVAIALI T



Table 2-1 ...continued

Name Feed Phase  (Separating Agent Product Phases  |Principles of Separation Process

b) Separation Operations Based on a Solld Agent

9. Jon Exchange ** Liquid Solid Resin Liquid + Solid Law of mass action applied to
avallable anions and cations,

10 Adsorption ** Liquid Solid Adsorbent Fluid and Solid Difference in adsomtion potentials

L1, Gel Filtration *,** Liquid Solid Gel Gel phase + Liquid ~ |Difference in molecular size and
hence ability to penetrate swollen
gel matrix,

12. Chromatography *,**  |Liquid/Vapour ~{Solid or liquid adsorbent |Liquid +vapour  |Preferental adsorption and desorption

‘ of species

¢) Barrier Separations

13. Osmosis ** Liquid Non-porous membrane | Two liquids Tendency to achieve uniform osmotic
pressure

|4, Ulirfiltration ** Liquid Membrane Two liquid phases | Different permeabiliies

15. Dialysis *# Liquid Selective Membrane  [Liquids Different rates of iffusional transport
through membrane,

16. Liquid Membrane ** Liquid /Vapor ~|Liguid membrane with  [Liquid  Vapor Different combined solubilities and

pressure gradient

diffusivities of species in mermbrane,

C AIFIIVHD
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Table 21 ...continued

Name Feed Phase  (Separafing Agent Product Phases ~ |Principles of Separation Process

d) Separation Operations by Applied Field or Gradient |

[7. Electrophoresis * Liquid Electric field Tiwo liquids Differcnt ionic mobilities of colloids

18, Electrolysis *** Liquid Electrical Energy Liquids Different rates of discharge of fons at

electrode.

19. Electrodialysis *** Liquid Anionic and Cationic ~ [Liquids Tendency of anionic membranes
Membranes + Elecctric {0 pass only anions ¢(c.
fields

Note

* Small scale separation processes
** Separation processes (hat are genermaly used to separate components present in dilute concentrations
o ¥ Separation processes that cannot be readily designed from a mathematical model and/or scaled up from laboratory data

T kAAdILAVHD
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Another form. which a mass scparating agent may lake. is that of a solid agent. Examples of

processes using solids as mass separating iieents are ion exchange and gel filtration.

2.1.2 Separation by barriers or fields

The separation operations discussed in the previous section involved the addition or creation of
another phase by the addition of an energy separating agent or a mass separating agent. Although
these operations :iare more commonly applied in industrial applications, alternatives to the unercy-
intensive or material-intensive operations have been developed. Methods of accomplishing these
sepuarations are based on the application of barriers or fields to cause different components (o

diffuse a1 different velocities.,

In barrier separation processes the separating agenl takes the form of a barrier that restricts or
enhances the movement of certain chemical components with respect to others. These types of
separalion processes are becoming increasingly common in industry duve to an increase in the need
for environmental protection from harmful industrial emissions. However they are limited to the
removal of components present only in low concentrations. Examples of such processes include

osmosis, ultrafiltration and dialysis.

Finally. processes such as electrolysis. which use external fields as separating agents lo take

advantage of the differing degrees of response of molecules and ions to forces and gradients.

2.2 Chemistry of carboxylic acids

Carboxylic acids are named systematically from their corresponding alkanes by changing the
ending -ane 10 -oi¢ acid. Methane thus gives rise to methanoic acid (HCOOH). while ethane gives
rise 1o ethanoic acid. Many carboxylic acids (especially those containing six or fewer carbons) have
been known for a long time and are commonly named after their sources rather than their chemical
structures. For example: formic acid refers to the Latin for ant; acetic to wine; butyric to rancid
buiter, and caproic 10 goal fat. Common names for some of the simplest carboxylic acids (most of
which are present in the waste acid stream) are given in Table 2-2 below. Jsomers of carboxylic
acids also exist and the isomers that are present in the waste acid stream are also shown in Table

2-2.
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Common Name

JUPAC Name

Chemical Structure

Formic Acid
Acelic Acxd
Propionic Acid
Isobulyric Acid
Butyric Acid
Isovaleric Acid
Valeric Acid
Caproic Acid

Enantlnc Acid

Methanoice Acid
Ethanoic Acid
Propanoic Acid
3-Methyl-Propronic Acid
Butanoic Acid
3-Merhyl-Butunoic Acid
Pentanoic Acid
I{exanoic Acid

Heptanoic Acid

11COOH
CH.COOH]
CH,CH,COON
(CH;),CHCOOH
CH\(CH,),COON
(CI11:).CH,CHCOOH
CHy(CHZCOOH
CH .(CH,);COQ}1
CHy(CH»)<C'OOH

2.2.1 Synthesis of carboxylic acids

Carboxylic acids can be prepared in the taboralory by several routes as showi in Figure 2-2.

on

Aldehydes

Alkvl halide Nat'N > Nitrile
|
:'\lg
H.O'
Grignard CO» -
£ > Carboxylic acid
reagent
. Oxidal
A(').- Oxidation \
Alkyl
benzenes Alcohols

“tgurce 2-2: Reaction map for the syvnthesis of carboxylic acids.

Perhaps the most important reaction in Figure 2-2. is the oxidation of aldehydes to form carboxylic

acids. This reaction is of imporiance as most carboxylic acids (especially butyric acid, isobutyric

acid and valeric acid) are currently being produced via this reaction in industry. Butyric acid.
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isobutlyric acid and wvaleric acid are produced by the oxidation ol n-butyraldchyde. iso-

butyraldehvde and n-valeradchvde respectively.

2.2.2 Properties of carboxylic acids

The most important property ol carbaxylic acids. and the one that is responsible for naming them
such. is their acidity. Carboxyhe acids are able to donate a proton more readily than most other
classes of organic compounds. so they arc said to be stronger acids, even though they are much

weaker than the most important mineral acids (sulphuric acid. nitric acid, and hydrochloric acid).

The first members of 1he carboxylic acid series are colorless liguids. The carboxylic acids with
carbons 4 - 6 have verv unpleasanl odors (e.g. rancid butter, old used socks cele), and the higher

carboxvlic acids have little odor due 10 their low volatility.

The solubility of carboxvlic acids in *vater is similar to that of alcohols, aldehydes. and ketones of
the same number ol carbon atoms. Acids with fewer than five carbon atoms dissolve in waiter: those
with a higher molecular weight are insoluble owing to 1he larger alkyl portion, which is
hydrophaobic. Aqueous hydroxides readily convert carboxylic acids into their salis and aqueous
mincral acids readily convernt the salts back into the carboxylic acids. The sodium. ammonium. and
potassium salts of the acids are generally quite soluble in water but insoluble in non-polar solvents.

Thus. almost any carboxylic acid can be made (o dissolve in water by converting it to such a salt.

Carboxylic acids arc polar. Like alcohols. they form hvdrogen bonds with themselves or with other
molecules. Curboxvlic acids have much higher boiling points than hydrocarbons. alcohols, ethers,
aldehydes. or kelones of 1he same carbon number. They have higher boiling points than comparable
alcohols. This is hecausc two molecules of a carboxylic acid form two hiydrogen bonds with each
other. 'The twao molecules can interact via a “head to 1ai)” hydrogen bonding scheme in the vapour
phasc as shown in IFigure 2-3. Thus. carboxylic acids exisl as dimers (pairs of inolecules) or trimers
and builing a carboxvlic acid requircs the addition of more heat than boiling the corresponding
alcohol, because:

(1) if the dimer or lrimer persists in the vapour state, the molecular weight is in effect doubled: and.
(2) il the dimer or trimer 1s broken upon boiling, extra energy is required 1o break the hydrogen

bonds.
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e} o_____. HO
V4 V4 \
2R <——> R
_C — C C __ R
~
OH OH _____ o~
Monomer Dimer

Figurce 2-3: Carboxylic acids exist as a monomers and dimers in the vapour phase

2.2.3 Reactions of carboxylic acids

An exiension of the properly of carboxylic acid acidity is that 1they react with strong bases such as
sodiumy hydroxide or potassium hydroxide to give water-soluble salts. They also react with
ammonia to give ammonium salts. Thiony! chloride (SOCI,) converts a carboxylic acid to a more
reactive acyl halide by replacing the hydroxvi group with a chloride group. Carboxylic acids are

also reduced by lithium tetrahydridoaluininate (LiAlIlL) 10 form alcohols.

Perhaps the nmost usefu) reaction of carboxylic acids in indusiry is the Fischer Esterification
reaction. When a carboxylic acid is hecated with an alcohol in the presence of a catalyst (usually
hydrogen chlonde or sulphuric acid). an equilibrium is eslablished with the ester and water. This
process i~ called Fischer Csterification. Although the reaction is an equilibrium. it can be used 1o
make esters in high yield by shifling the equilibrium to the right. This can be easily accomplished
by dishilhing the esters of as they form. This is because esters are much more volatile than the other

compounds. and especially more volatile than the carboxylic acids.

2.3 Factors affecting the choice of a separation process

In this section. a briel review on the various major factors that should be considered when selecting
a separation process for a particular application. Factars such as feed conditions also should be
considered 1n process selection but this 1s discussed in Section 2-4. Much of the material in this
section follows from the comprehensive presentations given by King [1971). Null [1987] and

Secader & Henley [1998)].
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2.3.1 Feasibility

The most imporant consideration in choosing a separation process for any particular application is
that the separation process must achicve the desired result. A large amount of screening for possible
separation processes can be achieved by considering feasibility alone. As an example. King [1971]
shows how the separation of lwo nonionic components (acetone and diethyl ether) cannot be
achieved by ion exchange or electrophoresis due Lo the absence of anions or cations. Also. since
these molecules do not differ enough in surface aclivity. processes such as foam or bubble
fractionation can be immeditely  eliminated. However this method of elimination becomes
increasingly difficult when the number of components being considered increases. [For multi-
component mixiures hybrid processes that use a combinatlion of different processes have been

suy

gested. Generally. for a mixture containing N components. N-1 process operations are required
to 1solate the N components. The problem then becomes which of the N components is to be
separated first. Many authors including Scader & Westerberg [1977], Nath & Motard [1981]) and
most recently Nadieir & Liu [1983] discuss the generation of separation sequences. Each of lhe
authors proposes shghtly different heuristic rules for separation sequencing. This will not be
discussed here. however the pencral rule is to performy the miost difficull separations first or to

remove the most plentiful components first.

2.3.2 Scale of operation

[n many cases. the scale ol operation is the main factor in choosing belween alternative separation
processes. Nowadays most n»Xtures are separated and analysed in laboralories by chemists using
chromaltograpbic scparations. Flowever, in large manufacturmg plants chemical engineers use other
separation processes such as distllmion 10 achieve the same separation. Null [1987) lurther
Nustrates this point by showing how air separations on a very large scale are accomplished more
cconamically by cryvogenic separanions whilst small scale air separations arc accomphshed more
economically by olher means such as pressurc swing adsompnion or hollow- filer gas separalion

membrancs.
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2.3.3 Design reliability

Perhaps the most important factor in choosing one process in preference to the other is design
reliability (Null [1987]). Above all considerations. the selected process must work when the plant s
built. Also capital requirements are indirectly affected by design rehability in that larger safety
factors are applied when the design methods are less reliable. A study by Keller [(1987). shown in
Table 2-3, reveals that the degree to which a separation is technologically mature correlates well
with ils commercial use. Table 2-4 lists a few separation processes together with their design
reliability to illustrigte this point. The need for pilot-plant operation is also considered for each

operanhon.

Table 2-3: Technological maturity vs. use maturity

Process Technological Maturity * Use Maturiry*
Distillation 87 87
Extructive Distillation 30 65
Solvent Extraction 73 Gl
Adsorption: Liquid Feed 50 40
lon Exchange 60 60
Membranes: Liqund Feed 37 30
Chromatography 20 22
Crystallization 64 . 62
Ficld Induced Separations 24 13

= A score of 100 denotes that a given process has reached an asympiole
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Table 2-4: Design reliability of separation processes and the need for pilot plant operation

Separation Method

Dcsign reliability

Need for pilot plant

1. Distillation

Proccess can be reliably designed with the pertinent

physical properties and VLLE data

Occasionally required

8]

. Extraction

Process can be designed with the pertinent physical

properties and phase-equilibrium retationships, However

process design nol as reliable as distillation.

Pilot plant recommended

3. Crystallization

Poor design reliability-proccss cannot be designed

without bench-scale cxperiments.

Always necessary

4. Adsorplion

Adsorption equipment can be reliably designed with
properly measured isotherm data and mass transfer

coellicients.

Occasionally required

. Reverse osmosis

"N

Poor design reliability

Always necessary

6. Ultrafiltration

Extensive testing required due to poor design reliability

Always necessary

7. Jon exchange

Process can be designed with a few laboratory tests

Always necessary

2.3.4 Separation Factor

Many indices are available to characterize separation power and to evaluate and compare the

outcome of various separation processes. The separation of two components (/ and j) 15 readily

achievable .

1. The concentration. C,ﬂ of component / in its preferred phase or region B well exceeds its

b

_ . .
concentration ¢ in phase W, ie. '/ >> |

8

2. Component j partitions itseif preferentally in phase 7 so that < o
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,» Which is referred (o as the separation factor. must be much

For separation processes the rutio &

greater than unity for an effective separation to occur. The separation factor 18 defined as:

ch /

! 4
e ('Ir o) I
rt‘/ B/ ('_ )
¢,/
/('r
Qualstatively, the separation factor is a measure of the extent of segregation of components between

two phases (e.g. liquid-liquid extrachon), regions (e.g. either side of a membrane filter), or product
streams (e.g. distillation). For a single separation step or stage, the separation factor must be large

for an effective separation. For certain mullistage separation processes. i separation factor clase to

unity (e.g. o,

, = 1.3) in one stage can often be effectively increased by linking stages in series to

achieve high sepiaration levels in the product.

2.3.5 Number of steps required

Another important factor that affects the choice of a separation process is the number of processing
steps required to accomplish the desired separation. An increase in the number of processing steps
ultimately leads 1o an increasc in the capital and operating expenses of the plant. However, this is
not entirely true, as there are situations where it is more economical to install a separation sequence
consisting of two or more steps in preference 1o a single-step process. A specific example is heavy
water separation. which can be accomplished in a single disti)lation column with many stages and a
very high reflux ratio but is accomplished more economically in a multicolumn chemical-exchange
process involving hydrogen sulphide (Null [1987)). In most cases though. single-step processes are
more economical than multi-slep processes. To follow is a discussion on a few separation processes

and their ability to accomplish complete separation in a single step.

> Disullation- Except for binary azeotropic mixtures, complete separation of most binary
mixtures can be achieved in a single distillation column.

»~ Extraction- A second step is always required (o separate the extracted component from the

extracting solvent. Therefore. more than one step is always required for extraction processes.

Crystallization- For those binary mixtures exhibiting no eutectic formation it is possible to

Y

separate the components in a single step. In most cases, however, a eutectic point is present and
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a second step is required 10 break the eutectic. In melt crystallization a wash and filtration step
is also required to remove occluded liquid from the pure solid.

~  Adsorplion- A regencration step 18 always necessary lo recover absorbed material.

~ Reverse osmosis- Additional processing steps are required to obtam high recovery of solvent.

» Uhrahhration- To obtain pure products additional processing steps are also required.

~ lon exchange- A regcneration step is required 10 recover the product and to reuse the bed.

~ Dialysis and electrodialvsis- 11 the translerred components are required in pure tform. additional

processing steps are required.

2.3.6 Energy requirements

Energyv requirements ol mos! separation processes gencrally contribute 1o most of the operating
costs of a2 plimt. Therefore. this {actor must always be considered in choosing a separation process.
It is very difficult to qualitatively discuss the encrpy requirements of the various separation
processes as the energy requirements are dependent on many other laclors and therefore require a
thorough 1reaiment. Nevertheless, Null [1980)] suggests thal bartier separations have a lower encray
requircment than most other separation processes. lHowever, barrier separations are limited to
nmodest concentrations ol verv dilute <olutions. Null [1980] also supgests 1hat operalions such as
crystalhzation and extraction require less energy than distillation processes. which may require high
rellux ratios. The rcader is relerred 10 the texts of King [1971] and Rousseau [1987] for a detailed

discussion on the cnergy requirenients of various separation processes.

2.4 Selection of separation processes

There is no eslablished procedure by which separation processes are chosen (Null [I987]).
However, there are certann guidelines, which assist in choosing a separation process for different
applications. The selection of a separation and purification route depends on many factors, although
the ultimate factor is based on economics. Sclecting an optimum separation scheme also depends on

the ime and money allocated lor process selection and analyvsis.

The steps 1aken in deciding which separation procuss would be suitable for the recovery and

purification of the valuable acids wil) now he discussed.
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2.4.1 Establishing feed and product conditions

The (irst step in the selection of a separation process is Lo establish the feed conditions, product

recoveries and product purilies. These conditions colleclively define the separation problem.

For this project establishing the feed conditions involved identification of the various components
of the waste acid strcam and the 1temperature. pressure, flow rate and phase state of the wasle
sireani. Details of 1hese conditions were supplied by SASOL and are shown in Table 2-3. The most
important f'eed conditions are composition and ow rate. because the other conditions (lemperature.
pressurc and phase state) can be altered by pumps. compressors and heatl exchangers. However this
wil) add further costs 10 separation. [From Table 2-5. it is evidenl that the bulk of the wasle slream
(feed mixture) consists of carboxylic acids containing between two carbon atoms (CILCQOQOH-
acelic acid) 1o seven carbon atoms (CHA(CH»)<COOH-heptanoic acid). These acids make up 94.3%
of (he wasle stream. with 2-cyclohexene-1-one and 4 buivrolactone being the only other

components of note (i.e. > 1%).

A simplified flowsheet of the Solvents acid recovery plant ait SASOL'S plant in Secunda is shown
in Figure A-1 of the appendix. The waste acid siream being considered in this projyect emanates
from the heavies column at a rale of 10 000-12 000 1ons per annum. b1 is imporant 10 note that the
composition ol the acid water stream entering the Solvenis acid recovery plant may fuciuate and
1herefore the compositions of 1the waste acid stream may also fluctuate. FHowever. only the

compositions given in Table 2-5 were used for design purposes.
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Table 2-5: Details of waste acid stream as supplied by SASOL

Temperature : 179.1 °C

Pressure 1 58.0 kPa (gauge)

Phase State : Liquid

Component Name Flow (kg/h) mol %
(other name)
|.Butyrie Acid 495.016 43.9
2.Iso-butyric acid 224.656 19.9
3.iso-Valeric Acid
(3-methyl-butyric acid) 135.158 10.3
4. Valenc Acid
(Pentanoic Acid) 135.158 10.3
5. Hexanoic Acid 67.079 4.5
6. Heptanoic acid 54.002 3.2
7. 2-cyclohexen..
1-one 27.693 22
8. Propionic Acid 18.986 2
9. 4 Butyrolactone 13.616 1.2
10. Phenyl Acetate 12.154 0.7
11.Phenyl propionate
(3-phenyl propionic acid) 9.693 0.5
12. 3-heptene-2-one trans 6.308. 0.4
13. Phenyl butyrate
(3-phenyl butyric acid) 5.846 0.3
14. Cyclopenryl Acelae
{Cyclopentanol acetate) 3.385 0.2
5. Cyclohexy) Acetate 3.385 0.2
16. Cyclopentanone 0.027 0.002486
17. Acetic acid 0.002 0.0003
18. IM-2EBenzene 0.002 0.00012
Total Flow 1212.165 ke/hr.
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The most important product condition is the required product purity. The other conditions (e.g.
phase state) can be allered once the desired separation has been successfully accomplished. When
very pure products are required, either large differences in cerlain properties must exist or many

slages niust be used.,

The valuable acids (butyric acid. isobutyric acid and valeric acid) were stipulated 10 be recovered
with §80% extraclable volumes and purities greater than 99%. These high purities are required for
the use ol the acids in food additives and pharmaccuticals. The acids are also stable liquids at

atmosphieric conditions.

Another 1mportant consideration of the project is that the selecled separation and purification
process should be flexible so that the techniques can be applied 1o the separation and purification of

sitmilar or related feed streams.

2.4.2 Present day separation and purification processes for carboxylic acids

An extensive literature survey was conducted on existing industrial separation processes that
separate and purify carboxylic acids. All processes found involved the recovery of carboxylic acids
presenl only in dilute concentrations. One example is the recovery of carboxylic acids with amine
extractants. The process was developed by Kertes & King [1986]. Presenlly no process exists for
the separation and purification of carboxylic acids (particularly those present in the waste acid

stream) from each other.

2.4.3 Property differences

Once the feed conditions and product specifications have been established. the next essenlial slep is
1o determuime which separation methods are reqyuired to seccess{ully separale and purify the acids, In
order 10 separafc two components, there must exist some difference in properties between them
(Null [1987]). Since the principle of separation processes are based on ihe properties of the
components involved. much time was spent linding these properties and are shown in Table A-3 of
Appendix A. Many of these values were found in specialized reference books (Weast [1983].
Prausnitz et al [198(¢] imd Reid et al [1587]). Those that couldn't be found were estimated using the

Huysvs process simulator and checked by methods described by Reid et al [1987].

20
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2.4.4'CIassification of unit operations

Table 2-1 lists the most commonly used industrial separation metheds. Although these operations
often depend on several property differences. for their overall success, there is usually one property
that forms the primary basis for separation. Therefore. Tuble 2-) lists each unit operation together

with its underlying principle of separation.

From the wide range of alternatives given in Table 2-1, those operations marked with asterisks were
nol considered in this projecl. These processes were eliminated after careful consideration of the
factors discussed in the previous section and are summarized as follows:

» Due 10 the nature of the components present in the waste acid stream and the scale of operation,
those opcorations marked with a single asterisk (%) were clinminated.

» The components to be recovered are not in dilute concentrations, thus barrier separations and
separations based on <olid agents which are vsually more expensive 1o stage, were not
considered (**).

» The remaining separation operations are not well understood and cannot be readily designed
from a mathematical model and/or scaled up o a commercial size from laboratory dara. This

ehiminated those marked with 3 asterisks (F=%),

This narrowed the list of operations down 1o distillation. liquid-liquid extraction, extractive

distillation, reaclive disnllation ard crystallyzation.

2.4.5 Selection of a base case

From the unit operations selected above one operation was chosen as a basc case (1.e. an operation
which was judged qualitatively as the most economical method that can be developed within the

time and money conslraints of the project).

Comparisons between the various separation processes discussed (o this stage lead rather strongly to
distillation being the most favorable separation process. Distillation has the most reliable design
procedures, doesn’t require any contaminaling mass separating agent. involves no solid phases that
make handling difficult and is easily staged in a single vessel. In fact, King [1971] suggests that the

most sound approach 1o selecting a separation process is to begin by asking “Why not distillation?"

2}
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Distillation is and will remain the key separation method acainst which altemale methods nust be

judged (Fair [1987]). Distillation in general provides the cheapest and best method for separation of

liguid mixtures. Kister [1992] lists the f(ollowing faciors. which most often operate against

distillation:

»~ The difference ol volatility 15 small, i.c. o separation factor too close to unity.

~ A small quantity of high-boiling-point component is to be recovered from the feed. Distillation
requires that the whole feed be vaporized in order 10 recover Lhis small quantily.

~ A compound is themially unstable even under vacuum conditions.

~  The mixture is extreniely corrosive or highly fouling.

For this project, rescarch conducted on the commercial produclion of fatty acids showed that acids
ranging from C,-C. are currently being separaled in the oleochemical industry by means of
distillation (Aly & Ashour [1992]). 1t also became clearly evident that most experienced engineers
and authors always chose distillation as an appropriate unit operation in the selection of an

appropriate separation process. Therelore distillation was chosen as a base case in this project.

A flowshecting program (Hysyw) was used to simulate the distillation process for the fraclionation
of (he waste acid stream. Atmospheric distillation was immediately disregarded because of
carboxylic acids decomposing at their atmospheric boiling points (Ellerbe [1980)). Chapters 3 and 4
are devoted 10 the process lollowed for proper simulation. The simualation results showed that

separation ol the acids is possible by distiliation.

2.4.6 Process flowsheets

Irom ihe Tew possible operations chosen in Section 2-4-4 and the separations obtained by the
distuiintion simulations on Hyvavs three hypothetical hyvhrid processes were developed for separation

and purification ol the acids. These flowshecets are shown in Figures 2-4 10 2-6.

22



CHAPTER 2

LITERATURE REVIEW

Distillation

Vacuum

Butyric Acid

lsobulyric Acid

—>
C.i o |L
|
Fosmmmmmmmmmmmeeees g Crp,'smlli'/,alion—>
Waste Acid : :
Stream e '
—». |

Valeric Acid

Heavies
Valeric Acid
Hceavies
Vacuum
Distillation
Figure 2-4: FFlowsheet 1
»  Water
EEE——
Waste Acid .
Stre: ) Butyric
Stream : Acids < C; Acid
Water ~
Acids < Cs Atmospheric
Distillation
?
_— .
LLE Heavy Acids
—»
£ ] o Isobulyric
.xlrach've [‘)ISllllﬂllOﬂ. Acid
Cryvstallization

Figure 2-5: Flowsheet 2
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Figure 2-6: Flowshcet 3

Flowsheet ) (Figure 2-4) is considered as the simplest and uses distillation as the main unil
operation for fractionation of the acids and purification of the valeric acid. Because simulation
showed that separation of butvric acid from its isomer would require many stages for a feasible
route. crystallization was selected to separale the isomers due 1o their large difference in freezing
pomts. The results obtained for the simulation sequence via distillation are shown in Figure 2-7.
The Birst distillation column separales the butyric and isobulyric acids into Lhe distillate and operates
with a pressurc of 38 ki’a and 20 1heoretical trays. Valeric acid with a purity greater than 95% and
80% recovery is produced by the combination of the second two columns. both of which operaie

under the same pressure of 38 kPa and have less than 15 theoretical trays.
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Butyric Acid = 490.05 kg/h
Isobutyric Acid = 224.61 kg/h

Vacuum
Distillation

Waste Acid
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Distillation
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Valeric Acid - 116,93 kp/h

Figure 2-7: Flowsheet obtained from Hyxys simulation

Flowsheet 2 (Figure 2-5) involves liguid-liquid extraction as the unil operalion for extraction of the
butyric and isobutyric acid for subsequent purification. The properiies of the acids show that the
acids wilh less than five carbon aloms are soluble in water whilst the remaining components are not.
Waler can therealler be easily removed by atmospheric distillation as waler has a high volatility in
organic media and is thus easily stripped. Research by Kertes at al [1990] also showed that amides
could be used 10 separate the acids from the rest of lhe waste stream, however Lhere was no

procedure available for separating the acids from the amides.

The third aliemative was lo use reactive distillation as a separation and purification route (Figure 2-
0). The process ulilizes chemiical reaction of acids in the presence of an alcohol to form an ester,
This is called Fischer Esterifcation. This process eliminates using vacuum distillation as esters have
much higher volatility than their corresponding acids (Hant [1991]). It also has (he advantage of
eliminaling working with the acids. which have a very undesirable smell as compared to esters and

reduces the possibility of corrosion that may be caused by the acids.
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Due to the time constraints of the project. only one of the process flowsheets discussed above had to
be selecied tor further investigation. This was decided upon at a meeling held with key members
from SASOL, who were closely involved in the project. At this meeting a decision was 1aken (o
furnther investigate process flowsheel | (Figure 2-4). The main reason for this choice is that the
separalion and purification roufe of distillation and crystallization could be used to separate and
purily other valuable products from similar 1vpes of waste streams. Distillation 1s an exlensively
applied separalion operation that separates most mixtures due to the differences in the boiling points
of the components present in the various feed mixiures. Waste streams conlaining isomers that are
generally more difficult 10 separate by distillation (due Lo small differences in boiling points) can be
separated by frecze crystallizalion because of large differences in [reezing points between the
tsomers and aiso the difierence in shape between he isomers. In general one isomer does not fit
easily into the first isomers crystal structure in the solid phase. Therelore. ideally the solid phase

formed by partial freezing contains one of the isomers in its pure form.

Al the meeling it was also decided 1o shightly change the problenm delinition ol the project. The
emphasis shifted from concentrating only on separating and purifying butyric and isobutyric acids
from the waste acid stream. The recovery and purification of valeric acid was to be considered in a
subsequent praject. once the butyric and isobutyric acids had been successfully separated and

purified.
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Separation of a liquid mixrture containing many different components can be achieved by
distillation. Thiys ix possible when the composition of the vapour coming from the liquid mixture is
different from that of the hiquid. Therefore, the retation between the vapour and hiquid compositions
must he known in order to compute fractional distillation relationships and thus determine if

separation is possible. This presents the need for vapour-liquid equilibrium (VLE) data.

In Chapter 2, distillation was selected as a base cuse for fractionation of the waste acid streant. One
of the major advanages of modern day computers is that they avoid many assumptions made by
enginecrs in calculating the height or number of trays required for distillation. This is due to the
many rigorous calculation procedures developed for distillation calculations that only modern day
computers can solve. Therefore. nowadays. most uncenainties 1in distillation design arise from

uncertainties in VLE information.

A study by Peridis et al [1993] showed that u 3% decrcase in relative volatility (See section below
for definition of relative volatility) resulted in 70% increase in the number of stages required for a
relatively difficult separation and an increuse of 105% in reflux ratio. To avoid uncenainties in VLE
it is thercfore recommended that vapour-liquid equilibria be experimentally determined. However.
for svstems of more than two components, the experimental work required for a reusonably

complele dexcription rapidly mushrooms to impractical proportions (Roal & Miihlbauer [1998)).

Multicomponent VLE is generally predicted using experimental data between binary interactions of
al) the components in the multicomponent mixture. As an example, for this project |8 components

are present in the waste acid stream. This would require measuring 153 binary systems over 306
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davs. Considering the time frame of this project measurements of all the binary systems would be
impossible, To aveid this Lime consuming and expensive process. Null & Roben [1980] suggests
measuring data for key component pairs present in a multicomponent system, These are generally
between the mamn component and the remainder of the components making up the bulk of the
mixture. Therefore. for thi¢ project measurements were made for the binary systems butyric acid +
isobutyric ucid. butyric acid + isovaleric acid. butyric acid + propionic acid and butyric acid +
hexunoic acid. The binary system butyric acid + valeric acid was previousty measured (DECHEMA

Data Buse [ 1999)) and was therefore not measured in this project.

For the remainder of the binaries not experimentally determined predictive techniques such as
UNIFAC (Fredunsland et al [1977]) and ASOG (Kojima & Tochigi [1979]) have been
recommended. Studies by Peridis et al [1993] show that the VLE of the nonkey components do not

have any sigmificant effects on the design of distillation processes.

To cvaluate the performance of distitlation in separation, the flowsheeting program (Hysys) was
used. Figure 3-1 outlines the inital steps in setting up the distillauon simulation. For the proper use
of the simulation program an appropriate thermodynamic model must be selected. The choice of the
thermodynamic model for a simulation can be one of the most important decisions for an engineer
as this 1s the first step in simulation and affects all subsequent 1asks in developing accurale physical

properties, expecially VLE dalu.

The importance of VLE in distillation cannot be overemphasived and much time in this project was
spent on this particular topic. however it is perhaps impossible to do justice 10 the wide topic of
VLE in a single chapter. This is evident from the numerous published texts and reviews on the
subject. The reader is referred to the excellent texts of Walas [1985]. Prausnitz et al [1986] and Raal

& Miihlbauer | 1998] {or an in-depth coverage of VLE.

In this chaprer Jow-pressure VLE is discussed wilh reference 10:

» The theoretical aspects of VLE

~ The equipment and procedure for measuring VLE

~ Anulysis of experimental results for subsequent calculation of interaction parameters

However. prior 1o this the concept of relative volatility is introduced and its relation to distillation is

discussed as the concept of relative volatility is used extensively in the proceeding chapters.
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Sceparauon of Waxte acid Socam

4/’/\

Key components Nonkey components

v

Arc there any VLE data No Mecasure VLE data . ]
available for key ™ Predict binary VLE
compaonents in hiterature?

Yc.\'l

Reduce experimental
data and xclect best-fit
mudel

A 4 A 4

Calculale imnteraction
parameters lor sclecled model

Proceed with simulation

IFigurc 3-1: Outline for starting distillation simulations
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3.1 Relative volatility

Distillation is a technique of separating components according to their relative volatility (o).
Therefore. the relative volatility ix a measure of the euse of separation. For a binary mixture

(component 1 & 2) relative volatility can be defined as:

v {l—1x)
2 = (3-1)
(=)
In the ubove equation above x| and y, ave the equilibrium niwole fractions of component | in the

liquid and vapour phase respectively. Component 1 is the more volarile component.

VLE datwu is generally presented as vapour-liquid (x-y) diagrams and lemperature-composition (T-
x-y) diagrams. Thexe are shown in Figurex 3-2 and 3-3 respectively. In Figure 3-2a the x and y axes
show the concentration of the more volatile component in the liquid and vapour phase respectively.
The 45" diagonal represents points at which vapour and liquid compositions are the same. The curve
in Figure 3-2u is the equilibriumi curve and shows how the more volatile component concentrates in
the vapour. Tracing the dashed lines in Figure 3-2a shows how a Jiquid mixture containing 0.4 mole
fraction of the more volatile component in the liquid is in equilibrium with vapour containing 0.6
mole fracuion of the same component. Therefore if this vapour is collected and condensed one will
end up with a mixture in which the more volatile component mole fraction has been enriched from

0.4100.6.

Figure 3-2b illustrates the effect of relative volatility on the tendency of the more volatile
component to concentrate 1n the vapour. The higher the relative volatility the greater the separation.
Far example. when the relative volatility ix 5, a liquid mixture containing 0.2 mole fraction of the
more volatile component is in equilibrium with vapour containing 0.56 mole fraction of the more
volatile component. For this mixture it will take only a few steps (0o obtain & pure liquid of the more
volatile component. Conversely. when the relative volatility is lower (e.g. o = 2). a liquid mixture
containing 0.2 mole {raction of the more volatile component is in equilibrium with vapor containing
0.38 mole fraction of the more volatile component. Under these conditions many more sieps will be
required to obtain a pure liquid of the more volatile component. x-y diagrams (also known uas unit

diagrams) and its use in screening distillation for separation is discussed in more detail in Chapter 4.
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Figures 3-2a and 2-2b are x-y diagrams of “normul™ mixtures. For certain systems there exists a
composition (the point of interscction of the equilibrium curve and the 45° line) for which the
vapour and liquid compositions are identical. Such systems are known as azcotropic. The x-y
diagram for such 2 system isx shown in Figure 3-4. At point A. once this vapour and bhquid
composition is rcuched the components can no longer be separated by simple distiltation and other

alternatives (e.g. extractive distillation and liguid-liquid extraction) need to be considered.

0.8 Equilibrium

0.6 -

Y1

0.4

0.2

X4 Xy

Figure 3-2: x-v diagrams. (a) Concentration of more volatile component in liquid (x) vs.
vapour conccntration {(v). (b) Effect of relative volatility on the concentration of the more

volatilc componcnt in the vapour.
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Temperature

mole fraction x, or y,

Figure 3-3: T-x-y diagram

1

yi

X,

Figure 3-4: x-y curve for an azeolropic system
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3.2 Theoretical Aspects of VLE

As discussed earlier. measurement of VLE is expensive and time consuming. It is thercfore
important that the data be correctly theoretically interpreted as this allows fer interpolation.
extrapolation and prediction of data to new conditions which subsequently provides a designer to

explore a wide range of design alternatives in process simulation.

The development of the criterion for thermodynamic equilibrium between two phases is covered in
Appendix B-1. For the case of VLE. a vapour phase (V) and liquid phase (L) are in equilibriom at

the same temperarure and pressure when Lheir respective fugacities (/) arc equal:

I ’

v s

= (3-2)
In the above equation ™ * ™ denotes the mixlure property.
To use Equation 2-2, il 15 useful 1o define the mixture fugacities in terms of measurable quantities
such as temperature. pressure and phase compositions. This s achieved by introducing
dimensionless auxiliary funcuons. These are known as the fugacity coefficient and activity
coefficient for the vapour and liguid phases respectively. The fugacity coefficient is related to the
vapour phase as follows:

_L
¢ = v P

In the above equation @, is the fugacity coefficient of the vapour phase. y, the vapour mole fraction

and P is the system pressure.

Similarly. the activity coefficient () is related to the liguid phase fugacity as follows:

f .
Oy,

In Equation 3-4. y, is the liquid mole fraction and f, is the pure component fugacity.

(3-4)
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The pure component fugacity i< given by (Prausnitz et al [1980]):

V.(P-PR™)

' = sar l_)\tl-’ exn
To=@7" B exi o7

(3-5)

In Equation 2-5, the exponential term is known as the Poynting correction factor, ¢,"" and P, are
the saturated vapour fugacity coefficient und saturated pressure of the pure component respectively.
According to Prausniiz et al [1980), the Poynting correction factor and the saturated vapour fugacity
coefficient can be treated as unity a1 low pressures. Therefore. Equations 3-3, 3-4 and 3-3 combined

result in the following equation for low-pressure VLE:

v, P=xy,P" (3-6)

To uxe Equation 3-6. various thermodynamic models have been developed. Equations of state are
generally used to predsct vapour phase non-idealities and activity coefficient models calculate liquid
phase non-ideulities. The reader is referred to the excellent text of Walas [1985] for a
comprehensjve review of the many available thermodynamic models and their applications. The
models vsed in this project for calculavon of the fugacity and activity coeffictents are discussed in

the following sections.

3.2.1 Evaluation of fugacity Coefficients

’

[n most cases, for low pressure VLE ¢, i< <et equal to one. This represents ideal vapour phase
behavior. However. for systems containing associaling components (especially carboxylic acids).
many authors including Prausnitz et a) [1980] have reported large variations from ideal phase
behavior even at very low pressures. This is due (o the formation of dimers or trimers in the vapour

phase. The mechanism and effect of dimerizalion 1 more clearly explained in Chapter 2.

Therc are very few cases in the literature where the problem of vapour phase associations is
discussed 'n VLE. Tamir & Wisniak [1975. 1976, and 1982]. Null & Robert [1980]. and Girano et
al [1981] discuss dimerization in VLE. For this project vapour phase fugacity coefficients were
culculated using the virial equations of state for vapour phase chemical associations as described by
Prausnitz et al [1980]. This was because this model was the only available one in the Hysys process

simulator that accounted for vapour phase associations.
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Carboxylic acids tend to dimerize through strong hyvdrogen bonding. The hydrogen bonding
process can be observed as a chemical reuction:

P+ e i (3-7)
where i and j are monomer molecules and ij is the complex (dimer) forrmed by hydrogen bonding.

In order 10 describe the chemical reaction the following may be writien:

; zird,
R (3-8)
ffi Pzzd, ¢
where: z ix the true mole fraction of the species in equilibrium
¢" is the fugacity coefficient of the true species
P is the svstem pressure
K, is the reaction equilibrium constant
To utilize Equation 3-8, it has been shown by Nothnagei et al [1973] that ¢; i« given by:
20
¢, = —— (3-9)
Y

1
where: y, is defined as the apparent mole fraction of component i in the vapour phase (apparent

meaning that dimerization hax been neglected) .

[f it is assumed that the vapour solution behaves like an ideal solution, ¢ can be calculated by the
Lewix fugacity rule:
PB"*
Ing"” = —— (3-10)
(P' RT

where: B, ix the “free” contribution 10 the second virial equation as calculated by the Hayden

& O 'Connell methoed [1975].

The chemical equilibrium constant can be found from the relation:

-(2-6.)R”
ky=—— (3-11)
RT
where: B,,IJ is the contribution of dimerization 1o the second virial coefficient ax calculated by
the Hayden & O’'Connel} method [1975].

5y=00=#j).d,=10G(=})
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The calculation of the fugacity coefficient for components / and ; is therefore accomplished by

solving the above equations with the restriction that the sum of z. z, and z; equal 10 |,

The Hayden and O'Conell method is a procedure for calculating contributions to the second virial
coefficients. The calculation procedure for this method is discussed in detail by Prausnitz et al
[ 1980]. Although this procedure is progriammed in the Hyevy process simulator, a separate program
was written in the Matlab programming language. This was required for regressing the experimental
datu 10 sepurately calculare interaction parameters for the activity coefficient model. Appendix B-2
contains the computer program that was used. The chemical theory was alse incorporated in this
program (o simultaneously calculate the fugicity coefficients. All input parameters required for the
Matlab program were available in the Hyviy simulation package. These values were checked with

valuex given by Weast & Grasselli [ 1989]. Reid et al [1998] and Prausnitz et al [1980}.

3.2.2 Evaluation of activity coefficients

For isobaric experimenation. x,. y, and T values are recorded and pressure (P) is set. The fugacity

coefficient is calculated as detailed above and the T values are used to calculate P™ values. Using

these values in Equation 3-6. the activity coefficient can be calculated. However. it is useful to
evaluate the aclivity coefficient independent of the vapour mole fraction. This is because jt is
impruacticable to obuain data sets in evaluating many different altermauves n process design. Jt s
therefore useful 1o have models that allow for the interpolation and extrapolation of VLE data. For
these purposes. many equitions have been proposed to correlate activity coefficients. These include
the Maurgules., Van Laar. Wilson., T-K Wilson. NRTL (Non-random Itwo liquid), UNIQUAC
(Universal Quasi-chemical). the regular solution method of Scathchard-Hildebrand and the group
contribution methods UNIFAC (UNIQUAC Functional-group Activity Coefficients) and ASOG
{Anualytical Solution of Groups). The reader is referred to the texts of Walas [1985]. Prausnitz et al

[ 1OR6] and Rual & Miihlbauer [ 1998] for u detailed review on each of these methods.

In this project the NRTL and UNIFAC models were used 1o correlate and predict the hiquid phase

activity coefficients.
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CHAPTER 3

3.2.2.1 The NRTL model

The aclivity coefTicients calculaled from the experimental data. with fugacity coelficients calculated
as described abov e, werce correlated by means ol the NRTL miodel. This equation was convenient in
that it is readily converted 10 multicomponent systems and requires the least amount ot data lor
distillation simulations. Also, as demonstrated in Section 3-6, valucs calculated using the NRTL
mode] compared well with the experimental data, For the NRTL model, the activity coefficients are
obtained using Equations 3-12 to 2-15:

Iny, =x: | r_.,L Jl‘ (3-12)

Iny,=x/ \‘r“ L —= | +| —2—=— (3-13)

where
T, = i 8au (3-14)
’ RT
G,= exp[—a},.r,__] (3-15)

From the above equations. it is evident that the NRTL equation has three adjustable parameiers. i.e.
(Lm0 (g2 and ana. whieh 1s equal 10 aay. The parameter g, iy an energy parameler. which is
characteristic ol 1he interaction between camponent j and i. These are calculated from experimental
data and used as inputs into the Hrsvs process simulalor. The parameter @ is related to the non-
randomness of the mixture and was set equal 10 0.2 for all calculations. Small vanations around this

value did not effect Uie quality of the caleulations.

3.2.2.2 The UNIFAC method

As it is impraclicable to measure all the binary systems present in 1the was(e acid stream. UNIFAC
was used to predict the vapour-liquid equilibria for the remaining nonkey svstems. UNIFAC is
uselul in this case. as it doesn’l require any experimental data and uses structural groups 1o estimate
component interactions. From structural information aboul organic compounds available in the
buili-in databank of the /7yvsyw simulation package. UNIFAC is able 10 predict aclivity coefficients.

This method has been sugpested by many researchers, including Carlson [1996] and is
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especially recommended lor components with a low priority (nonkey components). In principle the
UNIFAC method is a functional group contribution method developed by Fredenslund (1977} based
on the UNIQUAC muodel proposed by Abrams & Prausnitz [1975] and is claimed (o0 be superior to
most estimation techniques. Yhis model is lhercfore available in mosl modern day process
simulators, including AHhses, Fundamemally, the activily coefficiem is assumed 1o be made up of

two contributions known as configurational (C) and residual (R):

Iny, =lny" +Iny[ (2-16)
where In 7.( (the combinatorial term) and In;/,"i fthe residual term) are delined as Nunctions of the
following parameters:

my' = flg,.x,.0,.2,60.0) (3-17)

where ¢,.x,. D, . Z,0 .1 are parameters. calculated as shown in Appendix B-3. and

my*= /061 0 (3-18)

Jn Cquation 3-18. v\ T, . T"!"" are parameters. calculated as shown in Appendix B-3.

3.3 Equipment

Scveral teehniques have been developed for the experimental determination of VLE. These include
the foltowing:

~  Circulation (Dynamic) Method

» Bomb Method

~  Dwvnamic Flow Method

~  Dew and Bubble Peint Method

~  Distillation Method

Robinson & Gilliland [1950), Hala e1 al [1967) and most recently Raal & Miihlbauer [1998] discuss

cach ol these methods torcther with their advantages and disadvantages.

Fodayv. the most commonly used methods arc the swatic and dynamic methods. Although distillation
processcs can be evaluated either by isobaric or isothermal data. isobaric dala is prelcrred by (he
indusirial sector as 1t gives a truer reflection of an actual distillation column. Therefore, Tor 1his

particular project, isobaric data at sub-atmosphenc pressures were measured. Since static methods
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measures only 1sothermial data. the circulation method has been udopted. Circulation methods have
been known to produce results of high accuracy in a rapid and simple manner (Joseph [2001]). This
method operates by circulating vapour through a system and bringing it into repeated contact with
the liquid uniil no further change in the composition of either phase takes place. Joseph [2001]
pravides an excellent review on the development of the circulation method and the various types of

apparatus used in this method.

A block diagram of the experimental set-up is shown in Figure 3-5. The various components of the
experimenta) set-up include a VLE sull. Schott 10 / and Pyrex 5 ! ballast flasks. a TECHNE cold
finger. a Fischer VKH 100 pressure controller, a LABOTEC water bath with glyco) - water mix and

two pumps.

Ta atmosphere

CF

R EEEEEE TN

[}
v @ P2 Manual
WB sel-point

BF : Schott 10/ and Pyrex 5/ ballast llasks
CF TECHNE cold hnger
DS : Dynamic VLE still (Raal moditication)

=8|

FPT : Fischer Vakuum-Konstanthaller VKH 100 pressure controlier
81 1 Pump 1 (vacuum pump)
P2 . Pump 2 (waler recirculation pump)

PS : Fischer pressure sensor

QC : Pyrex glass condenser

TO : Eurotherm temperalure display

TS : PT 100 temperature sensor

V1 : Solenoid valve

V2 : Needle valve

WB : LABOTEC water baih with glycol - water mix

Figure 3-5: Schematic diagram of the VLE apparatus set-up
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3.3.1 Vapour-Liquid Equilibrium Still

A highly refined dynamic VLE still (Figure 3-6). based on the Yerazunis er al [1964] still has been

des

igned by Raal (Raal & Miihlbauer [1998]). The still is constructed from specially blown glass

and isx suitable for low-pressure measurements. Harris [2001} and Joseph et al [2001] have

described the still in detail. It is worth noting the advantages of the design:

-\

~

~

Correct positioning of temper.ature sensors provide for accurate temperature measurement.

The use of high-vacuum valves provide constant and stable pressure control.

Both liquid and vapour samples are extracted casily and do not affect equilibrium operaling
condttions.

The use of packing in the equilibrinm chamber ensures rapid attainment of equilibrium due to
intimate contact between the vapour and the liquid and the expansion of interfacial surface area.
Several vacuum jackets and lagging streamis prevent both heat losses and super heating from
occurring,

Surring in the condensate receiver eliminates temperature and concentration gradients. This
ensures high reproducibility of the vapour sample concentrations.

Surring in the boiling chamber which ensurex thorough mixing of the returning condensate
before evaporation. This prevents “flashing™ and produces smooth boiling.

A system of internal and external heaters in the boiling chambers. This feature cnsures rapid
boiling. permits precise caontrol of the circulation rate and provides nucleation sites for smooth

boiling.
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T'o Condenser

SS Wire Mesh
Packing

Driun Holes

P1OG Bull
Vacuum Jacker

Mapmenic Surrer

S5 Mixing
Spirial

Insulated
Cottrell Pump

Vacunm Jacket ——

Bare Wire
Heatng Elemen
External heater

Nognenc stirrer

Capillar:

51 : Ligquid sampling septum

Dram

S2 : Vapour sampling septum
Valve

Figure 3-6: Dynamic VLE still of Raal (Raal & Miihibauver [1998])
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3.3.2 Temperature and pressure measurement

A Eurotherm temperature display was used to indicare the resistance of the PT-100 temperature
sensor embedded in the equilibrium chamber. Thix accurately measured the equilibrium
temperature. Before experimentation, however, the PT-100 temperature sensor has 1o be calibrated.
This ix discussed n the section below. The accuracy of temperature measurement is estimated to be

within £0.02 K.

The pressure was monitored with a Fisher pressure transducer. Accuracy of the pressure

measurement is estimated 1o be within £0.03 kPa.

3.3.3 Pressure control

For isobaric operation the pressure is maintained at a constant set-point that is controlled by a
Fischer pressure controller which either vents to atmosphere through needle valve V. (Figure 5-1)
or connects to the vacuum pump through solenoid valve V, (Figure S-1). By actuation of the
solenoid valve, leading to a vacuum pump and atmospherc, the pressure in the still can be
controlled. Control of the still pressure is estimated to he within = 0.1% of the set pressure.
However, before the pressure controller can be used it is necessary to calibrate it to determine the

actual pressures 1o which it is controlling. This i< discussed in Section 2.4.2.

3.3.4 Composition analysis

The equilibrium compositions of the samples were determined using a gas chromatograph (GC).
Gas chromatography is a method of separating and identifying certain substances. For this project
two gus chromatographs was used. For the cyclohexune/ethano! system a Shimadzu. model GC 17A
cax chromatograph was used. Thix GC could not be used for the carboxylic acids. as the column in
the Slumadzu could not separite the carboxvlic acids. Therefore, for the carboxylic acids a Vanan,
model 3300. GC was employed. The column used in the Varian was a 30-m megabore capillary
colunmin of 0.53-mm diameter with 007-FFAP on fused «xilica, whilst a 2.5 m tong, 2.2 mm ID and
3.2 mm OD stainless steel column packed with 80 to 100 mesh Poropak Q was used in the
Shimadzu, A flame 1onisation detector was used in both gas chromatographs. The output from the
Shimadzu GC were analysed and converted into a peak area signal by Shimadzu integrated

software. The outputs from the Varian GC werc :u'mlysed by a Varian 4270 Integrator.
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3.4 Experimental Procedure

Experimental determination of vapour-liquid ¢quilibria involves many steps. Before commencing
with the actwal measurement of VLE data. the VLE equipment must be tested for leaks and cleaned.

The temperature sensor. pressure sensor and gas chromatograph must also be calibrated.

3.4.1 Detection of leaks

For sub-atmospheric conditions, 1o maintain stable operation and prevent contamination of the
fluids under investigation it is necessary to eliminate any leakage into the VLE equipment. This
involved drawing a vacuum in the equipment with a vacuum pump and then controlling the pressure
to a specified value. Once the pressure stabilises, the vacuum pump is switched off and the pressure
15 monitored An increase in pressure indicates the presence of a leak into the system Generally, if a
leak 15 present, it is difficult to detect. If there is a leak it must be eliminated before proceeding with

experimentation.

3.4.2 Pressure Calibration

Priar to uny calibration. the still must be thoroughly cleaned to clear the still of any impurities. This
i~ accomplished by circulating acetone in the VLE stll. Operation of the VLE sull is discussed
below. Once this procedure ix complete the acetone is emptied with any remuaining acetone removed

by creating a vacuum in the VLE still.

For calibration of the pressure sensor. a4 mercury manometer 1s connucted in parallel to the pressure
sensor. A pressure is set on the controller and once operation is steady the pressure reading from the
controller ix recorded. The manometer reading and atmospheric pressure (obtained from a NIST

traceable electronic barometer) are also recorded. The true pressure 1s calculuted as follows:

actaul

=P, —|Aheight(He)| (3-19)

This procedure 1s repeated several times. The actual pressure is then plotted versus the pressure
reading and a linear relationship is obtained. Calibration curves are shown in Appendix B-4 (Figure

B-1).
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3.4.3 Temperature Calibration

To calibrate the temperature sensor. the true temperature within the still is determined and plotted
versus the reading displayed. The true temperature is determined by boiling a pure component in
the still at several different pressures. Provided the chemical is of high purity (>99.5% pure) and
the pressure calibration i1s correct, the Antoine equation can be used to determine the vapour
pressure temperatures.  In this project cyclohexanc was used. A plot of these true temperatures
versus 1he temperature reading yields a finear relationship and can be found in Appendix B-4

(Figure B-2).

3.4.4 Calibration of the gas chromatograph

The gas chromatographs used n the experimentation were discussed in an earlier section. The
Shimadzu. mode! GC [7A was used for the test system {cyclohexane/ethanol) and the Varan,
model 3000. gas chromatograph was used for the binary systems involving butyric acid. The

operating procedures for both these gas chromatographs are given in Table 3-1.

[l is important to calibrate the GC detector. as the percentage composition given by the integrator
may not be a true representation. Calibration of the GC detector was based on the GC area ratio
method. which is discussed by Raal and Miihlbauer [1998]. In general, for a binary system, it is

possible 1o equute:
F,
=L (3-20)

In the above equation. x is the mole fraction in the sample, A is the area produced by the GC
integrator and F is the response factor.  From Equation (3-20) it is obvious that to calibrate the GC
It 15 necessary o obtain the response factor. Response factors are unique to systems but are
constant regardless of sample size (Raal and Miihlbaver [1998]). However. not all systems have

canstant response factors throughout the entire composition range.
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Table 3-1: Gas chromatograph operating conditions

(vas chromatrograph
condition

Shimadzu
GCI7A

Varian 3000

Binary system being measured

cyclohexane (1) | isobutyric acid (1) | propionic acid (1) butyric acid (1) | butyric acid ()
¥ ¥ ¥ ¥ ¥
chanol (2) | butyricacid (2) | butyric acid (2) | isovaleric acid (2) |hexanoic acid (2)
Nitrogen carrier gas low rate
[mlimin] 3 10 10 10 10
Oven temperature Profile
It temperature ') 10 3 20 13 150
Temperature ramp IDC/min] None None None None None
Final temperaure ') NIA NIA NIA NIA N/A
Hold Time [ruin] N/A N/A N/A N/A NA
FID detector
Temperatuee ' 0 0 0 0 0
Altemuation § § 8 § 8
Range 0 10 10 10 10
Hydrogen flowrate [ml/min] 10 30 30 30 30
Al flow rate [ml/m ) 300 300 300 300 300
[njector tempetature 20 Y 240 240 40

 AHLIAVHD
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For a clearer understanding on the use of this method, an example of detector calibration is shown

for the Isobutyric acid (1)+Butyric acid (2) system (Figures 3-7 and 3-8). The calibration graphs for

the other sysiems measured are given in Appendix B-4 (Figures B-3 to B10). Nine samiples were

gravimetically prepared and analysed. A plot of A /A, vs. Xy/x2 15 shown in Figure 3-7. If the slope

(Fo/F)), of Figure 3-7 is equal to the inverse of the slope, (Fy/F;), of Figure 3-8, it implies that the

response factor ratios are exactly constant over the full composition range. For this example, the F

ratios and their inverse are directly related and the response factor ratio is constant over the entire

composition range. It is vital that the applicability of a constant response factor be validated.

A1/ A2

1.4

1.2

0.8 -

0.6 -

0.4 -

0.2 -

Slope = F,/F, = 1.0226= 1/0.9799

0.2

0.4

0.6 0.8 1
x1/x2

1.2

1.4

Figure 3-7: Gas chromatograph (Varian 3000) calibration for isobutyric acid (1) + butyric
acid (2)
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6 Slope = F,/F, = 0.9803 = 1/1.0200

| 12 -

A2 /A1

0.8
06
0.4 |
02

0 . 1 1 T D L 0
0 02 04 0.6 0.8 1 12 14 1.6 1.8

x2 /x1

Figure 3-8: Gas chromatograph (Varian 3000) calibration for isobutyric acid (1) + butyric
acid (2)

3.4.5 Procedure for measurement of jsobaric VLE data

Once the equipment has been tested for Jeaks, cleaned and calibrated. the actual measurement of

VLE data can begin.

Afler the Eurotherm temperature display, pressure transducer and cooling water supply is switched
on, the VLE sul) is filled with the liquid of interest. It is suggested that srtarting with a pure
component and then adding more and more of the second component until the entire composition
range is covered. The pressure set point is then specified and the vacuum pump switched on. This

startx 10 decrease the pressure 1owards the specified set point.

Once 1the sysitem becomes stable at the specified pressure. the internal and extermnal healers are
turmed on. The power input 1o the boiling chamber should then be gradually increised until the
‘plateau’ region 1s reached. It 1s important to operate the still around this region, as operation
outside this region would result in erroneous boiling point readings. The reader is referred to work
done by Kneisl et al [1989] for further information in this regard. Tt is also important that sufficient

heat is supplied so that a fairly fast pumping action and good circulation is achieved.
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After a whiic (generally more than 30 minutes). and once the temperature has stabilised equilibrium
is reached. Equilibrium time differs for many components and it is suggested that once the
temperature has stabilised. the compositions of the vapour and liquid is analysed at short intervals.
A constant composition and temperature will verify eguilibrium conditions. For the systems

measured equilibriom times ranged from 30 minutes (0 90 minutes.

Once equilibrium has been reached temperature. liquid composition and vapour composition are
noted. Samples for the vapour and liquid are removed through the sample septa and analyscd by
gas chromatograph. For analysis, approximately 0.3ul of sample is injected into the gas

chromalograph over three times and an average of the resulis i1s used in calculations.

3.5 Experimental Results
The results for the cyclohexane + ethanol system are listed in Table 3-2 and shown in Figures 3-9
and 3-10. This system was measured at 40kPa. The GC detecior calibration curves for this system

are shown in Appendix B-4, Figures B-3 and B-4.

Table 3-2: Vapour-liquid equilibria for test system cvclohexane (1) + ethanol (2) at 40kPa.

X4 V1 T (K)
0.000 0.000 329.59
0.028 0.180 325.23
0.155 0.503 317.56
0.315 0.588 315.00
0.391 0.600 314.38
0.513 0.804 314.40
0.550 0.601 314.70
0.652 0.616 314.80
0.695 0.620 314.88
0.848 0.640 314.80
0.928 0.686 316.42
1.000 1.000 325.76
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Figure 3-9: x-y diagram for cyclohexane (1) + ethanol (2) at 40kPa
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Figure 3-10: T-x-y diagram for cyclohexane (1) + ethanol (2) at 40kPa

The results for the binary vapour-liquid equilibria for the systems involving butyric acid are shown
in Tablc 3-3 and Figures 3-10 to 3-17. All the systems were measured at ]4kPa. Representative
calibration curves for each of the sysiems under the operating conditions of Table 3-1 for the Varian

3000 gas chromatograph are shown in Appendix B4, Figures B-5 10 B-10.
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Table 3-3: Experimental vapour-liquid equilibrium data for the acids

X1

1.000
0.918
0.787
0.625
0.546
0.456
0.349
0.223
0.145
0.000

Y1 T (K)
Propionic Acid(1) + Butyric Acid(2)
1.000 361.32
0.948 362.76
0.88 364.60
0.769 367.40
G.705 368.73
0.624 370.70
0.511 373.15
0.358 376.10
0.255 378.10
0.000 383.40

Isobutyric Acid (1) + Bulyric Acid (2)

1.000
0.975
0.877
0.792
0.663
0.521
0.361
0.260
0.212
0.000

Butyric Acid (1) + Isovaleric Acid (2)

0.000
0.034
0.082
0.186
0.521
0.683
0.810
0.895
1.000

Butyric Acid (1) + Hexanoic Acid (2)

0.000
0.042
0.154
0.323
0.545
0.625
0.856
1.000

1.000
0.987
0.927
0.865
0.731
0.584
0.407
0.299
0.251
0.000

0.000
0.052
0.119
0.266
0.615
0.759
0.858
0.918
1.000

0.000
0.192
0.511
0.732
0.835
0.853
0.970
1.000
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327.16
373.10
374.33
375.43
377.09
378.90
380.80
381.89
382.38
383.40

396.18
394.83
394.12
392.56
388.83
387.18
385.95
385.15
383.40

411.41
410.47
401.95
395.86
391.62
390.39
386.82
383.40
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Figure 3-11: x-y diagram for propionic acid (1) + butyric acid (2) at 14kPa
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Figurc 3-12: T- x-y diagram for propionic acid (1) + butyric acid (2) at 14kPa
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Figure 3-13: x-y diagram for isobutyric acid (1) + butyric acid (2) at 14kPa
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Figure 3-14: T-x-y diagram for isobutyric acid (1) + butyric acid (2) at 14kPa
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Figure 3-15: x-y diagram for butyric acid (1) + isovaleric acid (2) at 14kPa
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Figure 3-16: T-x-y diagram for butyric acid (1) + isovaleric acid (2) at 14kPa



CHAPTER 3 VAPOUR-LIQUID EQUILIBRIUM

0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1

Xy

Figure 3-17: x-y diagram for butyric acid (1) + hexanoic acid (2) at 14kPa
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Figure 3-18: T-x-y diagram for butyric acid (1) + hexanoic acid (2) at 14kPa

54



CHAPTER 3 VAPOUR-LIQUID HQUILIBRIUM

3.6 Discussion

To obtain accurate VLE data il is crucial that high purity chemicals be used in expenmentation.
Cyclohexane. ethanol and butyric acid was purchased from Riedel-de Hagn, whilst the remaining
chemicals were purchased from Fluca Enterprises. The reagents were used without further
purification after gas chromatographic analysis showed no significant impurities. The purities of
the reagents were also checked by their refractive indexes and comparisons with literarure values

are shown in Table 3-4.

Table 3-4: Refractive Index and purity of chemicals

Reagent Refractive index (293.15 K) Minimum Purity (%)
Experimental Reference” | (as stated by supplier)
Cyclohexane 1.4266 1.4265 99.7
Ethanol 1.3611 1.3612 99.8
Butyric Acid 1.3978 1.3980 99.0
Isobutyric 1.3935 1.3930 99.0
Propionic Acid 1.3807 1.3809 98.0
Isovaleric 1.4025 1.4030 98.0
Hexanoic Acid 1.4169 1.4163 89.0

The results for the cyclohexane + ethanol system are listed in Table 3-2 and shown in Figures 3-9
and 3-10. This svstem was measured at 40kPa. This system was measured to lest experimental
equipment and procedure and was selected because 1t 1s highly non-ideal and has been used by
various authors including Joseph [2001]. Figures 3-9 and 3-10 shows excellent agreement between
the expenmental duta and those measured by Morachevsky & Zharov [1963] at 40 kPa. Gmehling
und Onken [1977] assessed the quality of the data by Morachevsky & Zharov [1963] and found the

dina to be thermodynamically consisient.

Becuuse the experimemal data for the cyclohexane + ethanol compared well 10 the literature data
(which wax also found to be thermodynamically consistent). a high degree of confidence was placed
in the performance of the sull and the operating procedure. This gave confidence in measuring VLE

data for unknown systerns.

The results for the binary vapour-liquid equilibria for the systems involving butyric acid are shown
in Table -3 and Figures 3-11 1o 3-18. All the systems were medsured at [4kPa, as this was the
lowest pressure at which the equipment showed no pressure fluctuations. Once the data has been

measured, it i< important 1o access the quality of the measured data. This is usually done by means

I
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of some thermodynamic consistency test. Over the years. many tests have been proposed 1o rest the
thermodynamic consistency of the VLE data. Thermodynamic consistency tests for binary Jow-
pressure VLE data is extensively discussed in many thermodynamic textbooks (c.g. Raal &
Miihibauer [1998]. Walas [1995] and Prausnitz et a) [ 1986]. For this project the direct test proposed
by Van Ness [1995] was used (o test the experimental data for consistency. Basically rhe tests
require ninimizing the sum of rthe squares of the difference between the calculated and measured
excess Gibbs Energy (which is a function of the activity coefficients) during the reduction of the
experimental data. Subsequent calculation of the root mean square (RMS) value of 8In (y,/y2) then
measures the consistency of the data. For clarity on this test refer to Appendix B-5. According to
Van Ness [1995] values greater than 0.2 implies inconsistent data. The calculated root mean square
vulues are listed in Table 3-5 and shows that all the systems measured were thermodynamically
consistent except for the system butyric acid + hexanoic acid. The inconsistency for this system
could possibly be attributed to the formation of trimers in the vapour phase. which were not

considered in calculation of the vapour phase fugacity coefficients.

Table 3-5: Activity coefficient model parameters (g;-g;;) for NRTL equation and calculated

RMS 3&In (vi1/v.) values for consistency test.

System 912 Q11 912 —922 RMS 3In(vi/y2)
Propionic{1) + Butyric Acid(2) 1739.70 -1077.60 0.098
Isobutyric(1} + Butyric Acid(2) -795.80 1032.50 - 0.0625
Butyric(1) + Isovaleric Acid(2) -652.28 807.30 0.0281
Butyric(1) + Hexanoic Acid(2) 422.73 224.11 0.3735

As demonstrated in Figures 3-10 1o 2-17 all the systems measured do not exhibit any azeotropes.
This confirms that the acids can be separated by distillation. As explatned earlier, azeotropes
immediately disqualify simple distillation as a separation option. Another, noticcuble feature of the
x-y diagrams is that as the difference between the acid molecules increase. so does the relative
volatilities. The closencss of the isobutyric acid + butyric acid equilibrium curve to the 45" line,
however suggests that although sepuration between butync and isobutyric acids is possible by

distillation. it may not be feasible.
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To determine whether separation would be feasible or not. the number of stages and reflux rano
nced to be calculated. This was done using the process simulator Hvsvs and is discussed in Chapter
4. As explained carlier, for the proper use of Hysys an appropriate thermodynamic model must be
selected to represent the liquid and vapour phases and ultimately the VLE of 1the mixture. For this
project the NRTL model was used 1o describe the liquid phase and the virial equations of state for
the vapowr phase. These models are discussed in carlier sections. The process simulator requires
interaction parameters for the NRTL model and these parameters were calculated by modeling the
experimental data using the gamma-phi approach as discussed by Raal & Mihlbaver [1998]. VLE
data reduction is discussed in many thermodynamic texts and has also been discussed by Joseph
[2001) and Harris [2001]. The calculated interaction parameters are shown in Table 3-4. It is
important to note that all the calculated curves in Figures 3-19 to 3-26, excluding Figure 3-20, using
the NRTL activity coefficient model and the virial equation of state showed good representation of
the experimental data. The calculated T-x-y curve for the system isobulyric acid + butyric acid
(Figure 3-20) does not predict the experimental data too well. Although the experimental data
points were verified in subsequent measurements. the irregularity in the T-x-y curve stll existed.
The reason for this irregularity therefore could nort be explained. However, in spite of this the
remitining curves (Figures 3-19 (o 3-26) show good agreement between calculated and experimental
values and provide confidence when using the NRTL and virial equation of state models in the

Hyxvy process simulator to prediet VLE for simulating distillation.
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Figure 3-19: Fit of NRTL model to x-y diagram of isobutyric acid (1) + butyric acid (2) at
1dkPa
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Figure 3-20: Fit of NRTL model to T-x-y diagram of isobutyric acid (1) + butyric acid (2) at
14kPa
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Figurc 3-21: Fit of NRTL model to x-y diagram of propionic acid (1) + butyric acid (2) at
14kPa
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In Chapter 2, distillation was chosen ax a base case for separation of buivric acid and isobutyric acid

from the rest of the stream, for subsequent purification by crystallization.

Distillation is a process in which a liquid or vapour mixlure of two or more substances is separated
into its component fiactivns of desired purity. by the application and removal of heat. The extent of
separation depends on the differcnce in volatililty between the components. This is directly related
10 the VILE data of the mixtures. Therefore, proper application of any distillation operation would
require appropriate VLE data. Several types of distillation are reported in literature, each of which
are designed to perform specific types of separation and each varying in complexity. One broad way
of classifying the type of distillation is the mode of operation. This could either be represented by

batch distillation or continuous distillation. Continuous distillation is discussed 1n this chapier.

A typical diagram ol a simplc continuous distillation column is shown in Figure 4-1. The feed (F)
enters the column at a certain flowrate, temperature and pressure. These conditions define the
condition of the feed (q). The product from the top of the column is removed as a liquid distillate
(D) containing the more volatile components of the feed. The heavier components are removed as
the bottoms (B) product. Some of the liquid from the top of the column is sent back to into the
column uas reflux (L) 1o increase the purity of the distillate. The reflux ratio (R). which is equal 1o
the ratio of the reflux to the distillate therefore, controls the desired component purity in the

distillate.
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I'igure 4-1: Sketch of a tvpical conlinuoas distillation column.

A llovwesheeting program. Hyevs, was usced to simulite the continuous distillation process employed
for fractionation of the waste acid strcam.  However before simulation, VLE wvmit diagrams,
approximate estimation methods and various rigorons methods are briefly reviewed. This is done 1o
judge whether the simulation refleets the real world, understand how the simulator works and

analyse the results obtained by a converged stimulation.

4.1 VLE unit diagrams

Nowadays, computers are bemg widelv used for distillation design. Hoswever, Kister [1992] stnes
that graphical techniques are still widely used in modern distilation technology. He suggests using
araphical technigues as an analytical ool to visuahse and enable spotting pinched conditions.
excessive reflux, incorreet feed points, and nonoptimal thermal conditions of the feed. For this
project, VLE unit diagrams (also known as x-y diagrams) were employed mainly for screening

distillation us o unit operation and visuahzing the results obtained by computer shimulation.

The McCabe-Thicle |1925] design method 1s the most widely used graphical technique in
distillation design By the simplc application of this method te an available VLE x-y curve
‘ebtained as discussed in previous chapter), the number of trays required to perform a binary

separation is esumated. This method 15 extensively discussed in most books involving distillation,
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viz. Kister [1992]. Geankoplis [1993]. Trevbal [1980] and Perry & Green [1997). The major

assumption for this imethod is that it assumes constant moluar overflow and this implies that:

A2

The molar heats of vaporization of the components are the same.

\Q

Heat effects (heats of solutian, heat losses to and frony column. etc.) are negligible.

# Torevery mole of vapour condensed, | mole of iquid s vaporised.

The application of the McCahe-Thiele method m screening distillation for separating butyric acid
from isobutyric acid is shown in Figure 4-2. The diagram was construcled with the following
specifications:

7 Mole raction isobulvric acid in fced = 0.3

»  Distillate composition (isobutyric acid ) = 0.9

» Botioms composition (isobulyric zcid ) = 0.1

~ Feed available as saturated vapour

The above values were sclecled because (hey represent (he existing feed conditions and the acids

are 10 be produced in purities greater (than 90% to be coonmercially altractive.

A mimnanm reflux ratio of )7 and 24 1heoretical plates is vbained via the McCabe Thiele method.
Two imporntant conclusions that immediately eliminate distillation for purification of these two
acids are drawn from thesc results. Firstly, for product purities greater 1than 90% exceptionally high
reflux rmios will be required. This resulls in higher condenser and reboiler duties and therefore
much higher operating costs. Sccondly. the actual number of plates will be much greater than the
theoretical value. This is because 1ray efficiencies are nol considered in the methed. Also. 1o run at
an oplimal reflux ralic more than 50 trays would be required to obtain desirable separation. This
increasex the capital and maintenance coxis of the plant drasuically. In such inslances. Seader &
Henley [1998] suggest that distillation not be considered ag a base case and other altematives be

invelsigaed.
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Figure 4-2: McCabe Thicle diagram for separation of Isobutyric acid and Butyric acid

Unforunately. the McCabe Thiele method is only limited to binary distillation. Hengstebeck [1961]
extended the use of x-y diagrams 1o multicomponent sysiems. However it is not as widely reviewed
as the McCabe Thiele method. Hengstebeck's book [1961]) should be consulted {or a detailed
discussion on his method. Briefly, llengsiebeck [1961] treats a mullicomponent separation as a
binary separation between the key compaonents, This is based on the fact that in a typical distillation
the Nlowrates of the nonkey components approaches constant. limiting rates in both the rectifyiny
and stripping sections. Therefore. this method should nol be used if the presence of non-key
components has any significant effect on the volatility of the key components. llengstebeck

diagrams are apphed in visualizing simulation results and is discussed in Section 4.5.
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4.2 Numerical Short Cut Methods

Graphical techniques (x-y diagrams) are generally applied to visualize a separation problem.
Shortcut numerical methods provide a starting point for various rigorous sotution techniques. For
most process simulators, it is recommended that a short cut distillation be performed prior 1o
simulation by rigorous technues. Theretore s important 1o be famihar with the various shortcut
numerical methods which could be used by process simulators. [1 must be emphasized, however,
that shortcut methods are only accurate under the followimnz two conditions:

»~  The components involved must form an ideal solution with constunt relative volatilites.

» The nonkey components do not have volatility values between the 1wo key components.

For this particular project the above conditions are not satisfied.

The two most frequently used empirical methods for estimating stage requirements  for
muliicomponent distillations are correlations published by Gilliland (1940} and by Erbar and
Maddox [1961]. These relate the number of ideal stages (N) required for a given separation. at a
civen reflux ratio (R), to the minjimum number of stages (N, ,) at total reflux and the minimum
reflux ratio (Rp,,). For computer use the empirical curve of Gilliland has been replaced by an

cquation published by Eduljee [1975]. This is shown in Equation (4-1).

0 5688
N — N =
NN _ 6.75-0.75[ B=Bun )
N +1 L R+ J

(4-1)
To use Equation (4-1) estimates of the number of stages at total reflux and the minimum reflox ratio

ure necded.

- Minimum number of stages

The tvwo most common methods used (o determine minimum number of stages are by Fenske
(1932} and Winn [1958]. These methods are known as the Fcnske equation and Winn’'s
modification respechvely. The mole fraction of the key components in the distillate (D), in the
bottoms (B) and the average relaiive volatility of the key components are related to the minimuam

number of stages (Na,,) by Equation (4-2).
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This cqualion was proposcd by Fenske [1V32], and calculates Ny, it conditions of total reflux.
q prop y

P

: N
In| | 2 | | Xux J
z

N\ Xox

N oy = (4-2)

In (Of“_- ! H \).“

Winn's modification is similar 10 the Fenske equation, however it accounts for situations where an

average relative volatility cannot be used due 10 Jarge volauliy vamations with lemperature.

- Minimum reflux ratio

Colburn [194 1] and Undcrwood [1948] derived equalions for estimating the minimum reflux ratio
for multicomponent systems. Kister [ 1992] sucgests the Underwood method as the most widely
used. The equation can he stated in the form (4-3):

Ol 4
2_—_ = RI:II.‘I + I (4-3)
o; —8

where: a, = the relutive volatility of component 7 with respect to the heavy key component.
R, = the minomnum reflux ratio.
X;a¢ = mole fraction of component i in the distillate.
and 8 15 e rool mean square of the Equation (4-4):
oL X,
>t =1—yg (4-4)
o, — 6
where: x,; = the mole fraction of component 7 in the feed. and ¢ depends on the condition of the
leed.
6 is calculated using Equation 4-4, by a trial and error procedure. The value of © must lic betwveen

the vitlues of the relative volatihity of the light and heavy keys.
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- Feed Stage Location
Estimates ol the feed stage localion are also required f(or specificaion in rigorous distillation

methods. Kirkbridge [1944] developed an approximate method for determining feed locations:

13 2

L_ﬂz ﬂ\_[_\i_LJ _/‘i (4-5)

Sia U D

where: Ny = number of stages above 1he feed, including the candenser
Ng = nuimber of stages below the feed. including the reboiler
Znk.Z1 . = component mole fractions ol the heavy key and light key in the feed
B. D = Bottoms and distillate low respectively.
Xnik = mole fraction of light key componem in bottoms

Xp ik = Mmole fraciion of heavy key coniponent in distllate
The results produced by simulating a shorteut distillation in //vwiys are shown in Table 4-1.

Table 4-1: Results obtained by shortcut distillation using Hy<ys

Operating pressure (kPa)* 50
Feed flow (kmol/h)" 12.81
Operating reflux Ralio 38
Mole fraction light key in bottoms * 0.13
Mole fraction heavy key in distillate” 0.015
Bottoms Flow (kmol/h) 4. 60
Distillate Flow (kmol/h) 8.21%
Minimum reflux ratio” 2.0
Minimum number of \rays 12
Number of theoretical trays 18
Feed slage location

(from top) 11

* Parameters used as input in /vsvs simulation. These values were chosen o obtain an optimum

separalion between the two key components.
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Data for composition and flow of (he wasic acid stream as supplied Sasol (Table 2-5) were used to
define the feed surcum for the shoricut distillation. Buyric acid was chosen as the light key
component and jsovaleric acid us the heavy key component. This s because distillation wag
selected for separating the lighter acids (Butyric acid and isobutyric acid) from the rest of the waste
stream. Since isovaleric acid is closest to butyric acid in compositien and volanlity i s likely o
expect all components less volatile than isovaleric acid (e.g. valeric acid and hexanoic acid) 1o end
up it the hottoriny of a distitlation coinmn. Similarly, any component more volatile than bulyric acid
will ¢nd up ax the top product of a distillation column. The concept of key components is discussed
more clearly in Section 4-5. Results obtained by this shortcut distillation procedure are then used 1o

provide estimates for simulations usimg rigorous solution techniques.

4.3 Rigorous Distillation Calculations

Ax stated carlier, shorteult distillation caleulations are limited o ideal solutions und mostly to binary
dictillation. Rigorous distillation calcutations provide much higher accuracy and accounts for many
l[tmitations encountered by shortcut distillation calculations. Most authors, including Holland [1981])

uand Kister [1992] insist on using rigorous methods for all distiltation designs.

A rigorous distilation calculalion basically involves solving a group of equations (atso known as
MESII equations which describe the steady state behavior of o distillanion column. These cquations
arce as follows:

»  Material and flow rate balance equations, both componcnt and total.

~  Equilibrinm equanions including the bubble point and dew point equations.

~ Summalion or stoichiometric equations.

~  Heator enthalpy or energy balances.

Also. when o rigorous calenlation is performed. 1the following is usually specified:
»  Rate, coniposities and condition of the feed.

» Number of stages in the column.

»  Fred stage location,

~ Svparation specifications.

“f

Column pressure profile.
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Over the past years many mcthods have been developed to solve the MESH equations. Up until
recently eight busic classex have been published. These are listed, together with their applications,
in Table 4-2. The rewwder ix referred 10 Kister's book [1992) for a more delailed review on these
methods. The inside-oul methods have become the most commonly used method in most process

simulators because ol its robustness and 1ts ability to solve a wide variety of columns.

Table 4-2: The cight basic methods for rigorous distillntion calculations

Method Application
Boiling Point Narrow boiling, idea) systems
Sum Rates Widest boiling systems
2N Newlon Narrow boiling systems, few (rays
Global Nowion All types of mixtures including nonideal.
Reluxavon Nonideal and reactive systems
Instde-out Wide variety of boiling systems. including ideal and nonideal systems
Nonequilibrium Highly nonideal and reactive systems
Homotopy Difficul( to solve columns

For the purposes of this project. the flowsheeting program Hysys was available for use and it was
programmed using (he mside-out method published by Russel {19831, This method is suggested to
work weli for svstems containing a wide variety of boiling point ranges and for both ideul
nonideal syxtems. It also allows for a wide variely of specifications including muluiple purity.
However, there must be a balunce between the number of specifications and the variables. One
apparent limitation in this method is the failure of the program 1o account for enthalpy ¢fteets of the

acids due to agsociations 1n the vapour phase.
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4.4 Hysys simulation

Using a process simaliator can be time consummning and frustrating if used in a haphazard manner.
More importantly, not understanding the correct procedure can provide incorrect resulis. The

following discussion deals with the procedure used 1o simulate distillation of the waste acid stream.

a) The most imporianlt consideration when starting the simulagon 1s (o select the correcl
thermaodynamic puckave. All future resudes depend primarily on the thermodynamic package
(Carlson [1996]). Since the NRTL equation worked well for modeling the VLE data of
carboxylic actds (Chapter 3). it was decided to use the NRTL model for the thermodynamic
packaec.

b) The componenis present in the wasle stream were selected from the Hysyy database, Most of the
componenls were available on the database. Components heplanoic acid, 2-cyclohexen-1-one, 3
heptence-2-one trans, phenyl butyrate, cyclopentyl ucctate, cyclohexyl acetate were treated as
hypothetical components, the properties of which were predicted using the UNIFAC method.

c) Experimental binary interaction cocfficients for key component pairs were then entered. These
interaction coefficients were obtained using experimental VLE data and are discussed in
Chapter 3. For dictilation it ix vital to have interaction coefficients which accurately estimate
vapor-liquid cquilibrinm. Interaction coefficients for the nonkey components were estimated
using the UNIFAC estimation technique. Althongh, this could lead to decign uncerntainties, the
jyustificavion for this upprouach 15 the assumption that the nonkey camponents do not affect the
volatility of the key components. This is verified n the next chapter concerning batch
distillation.

d) The feed stream was then defined using conditions supplied by Sasol (Table 2-5).

~
~—

A shorteut distillation was then run to provide estimates for the namber of equilibrium stages
reflux ratio and feed tray location. Shoricut distillation methods have been discussed in Section
E |

fy Finally. the rigorous distillaton was simuolated with estumates obtained by the shorteut

distillation.
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4.5 Simulation Results

Resulis obtained by the converged Hysvs simulation are shown in Table 4-3. The feed enters the
column as subcooled liquid. The product compositions are given in Table 4-4. Figure 4-3 shows
changex of vapour composition from stage (o stage for the main components in the feed. Figure 4-4

shows the composilion profile in the hquid phase.

Tablc 4-3: Hysyx simulation resulis

Average operaling pressure 45
(kPa)
Maximum operating temperature (“C)

146
Number of theoretical
stages 18
Optimum reflux ratio 3.8
Stage efficiency 60%
Recovery of Butyric Acid 89%
Recovery ol Isobutyric Acid 98%
Feed Flow-Waste acid stream (m*/h) 1.33
Distillate Flow - Recovered stream (m®/h) 0.82
Bottoms Flow- Heavy acids (m®/h) 0.51
Tablc 4-4: I"'ced and product flow rate for main components

Volume Flows (m*/h)
Feed Distillate Boticms

Propionic acid (n-C;) 0.02 0.02 0.00
{sobutyric acid (i-C.) 0.28 0.27 0.01
Butyric acid (n-C.) 0.51 0.45 0.06
Isovaleric acid (t Cs) 0.14 0.02 0.13
Valeric acid (n-Cs) 0.14 0.00 0.14
Hexanoic acid (n-Cg) 0.07 0.00 0.07
Heptanoic acid (n-C;) 0.07 0.00 0.07
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4.6 Analysis of Simulation Results

The profiles obtained in Figures 4-3 and 4-4 are best interpreted by the volatiliti=s of the viarious

species. Average relative volaltilities are as follows:

Table 4-5: Volatility of main componcnts

Component Volatility (relative to n-C,)
n-Cj 1.9
i-Ca 1.3
rn-C. 1.0
i-Cs 0.7
n-Cs 0.5
n-Cg 0.3
n-Cy 0.2

The separation 1s being achieved primarily between butyric acid and isovaleric acid, since, as shown
in Tuble 4-4. most of the butyric acid and almost all of the more volalile components appear in the
distitlate, while most of the ixovaleric acid and almost 2ll of the less volatile components appear 1n
(he bottoms. Butyric acid and jsovaleric acid are therefore called the key components. the more
volatile (buryric acid) being the light key and isovaleric being the heavy key. These components
appeiy in both the disullate and botioms, while the other components (called nonkeys) arc present
almost exclusively in cither the botioms or distillate. Propionic acid and isobutyric acid are called
Jight nonkeys since they are more volatile than the light key. while valeric acid. hexanoic acid and
heptunoic acid are considered hecavy nonkeys as they are less volatile than the heavy key

component

Considering Figurex 4-3 and 4-4, it is apparent that all components are present in their significant
amounts at (he feed stage. This is logical since all components are present in the feed which 1s
introduced at that point. Above the feed the heavy nonkeys (n-Cs. n-C¢ and n-C5) in both the liquid
and vapour die out rapidly. Because of their low relative volatility with respect to all the other
components present, these components do not enter the upflowing virpour on the stages above the
feed to a large extent, and thus arc not able to pass upward in the column far above the feed. A few
stages suffice 1o reduce the mole fraction to a very Jow value. Valeric acid is more volatile than

hexanoic acid and heptanoic acid and hence persists for a greater number of stages. Similarly the
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Jight nonkeys, propionic acid and isobutyric acid. are so volatile that they do not enter the liquid to
uny greal exient and (hus are unable to flow down the column to any substantial extent. Therefore,

these components drop to very low concentrations a few stages below the feed.

Next. it should be nated that the hght nonkeys, propionic acid and isobotyric iicid. have relatively
constant mole iractions in the liguid uand vapour above the feed until a point some 1wo 1o three
stages trom the top of the column. These twn components appear more significantly in the distillate
product. The same ipphics for the heavy nopkey~ with valeric acid. hexanoic acid and beprimors
acrd being present in the bottom product at more significant amounts. King [1971] derived « simple
cquation for extimating the himiting mole fraction of the nonkey components in i zone where it has
o canstant mole fraction below the feed. For the heavy nonkeys he proposed Eguations 4-6 and 4-7

for limiting vapour and liquid compasitions respectively.

' a
Xpvie.n L "T ‘
~— (4-6)

ANTIC T
Oy n s s

where! Ypnsonm = limiting vapor mole fraction of heavy nonkey
Xpxkop = bottoms liquid mole fraction ef heavy nonkey
Oy e = relatve volaulily of Tight key with respect to heuvy nonkey

B, V' = botioms liquid and vapor flow respectivelv

Yoirpiree
— HNK i (4_7)
K

'xl/.\’k' Jim
HNK

where Xy nm 18 the limiting liquid mole fraction of the heavy nonkey and Ky is an equilibrium

vilue { = vVipse/X k).

For the light nonkeys King [1971) proposes Equations 4-8 and 4-9 for Jimiting liquid and vapor

compositions respectively.

(4-8)

'\"./\/KJIIH =

Ay wk 1 x
where: X vk = limiting liquid mole fraction of heuvy nonkey

yinkn = distillate vapar mole fraction of heavy nonkey
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oy nemix = relative volatility of light nankey key with respect 10 heavy key

D. L = Distillate and reflux flow respectively

Yoan s = Xipnso X K p (4-9)
where vy s the himiong vapor mole fraction of (he light nonkey and K is an equilibrium value
( = yi/X1 ). Table 4-6 below shows valies obtained using equations proposed by King [1971] and
those from the Hysys simulation. Caleulated values compare reasonably with those from profiles in

Figures 4-2 and 4-4.

Table 4-6: Limiting compositions for nonkey components.

Limiling liguid composition  |Limiting vapour composition
Light Keys a b a b
Propionic acid (n-C,) 0.012 0.090 0.027 0.02
Isobutyric acid (i-C.) 0.243 0.194 0.263 0.23
Heavy Keys
Valeric acid (n-Cs) 0.056 0.050 0.048 0.04
Hexanoic acid (n-Cg) 0.032 0.025 0.022 0.02
Heptanoic acid (n-C5) 0.029 0.022 0.009 0.001
Nolcs

a denotes values caleulated by King's [1971] equations.

b denotes values estimated from profiles in Figures 4-3 and 4-4.

The mole fraction curves for the two keys. butyric acid and valeric acid. in Figures 4-3 and 4-4 may
be uvnderstood in light of the above discussion of the nonkey profiles. The keys adjust in mole
fraction so as to accommodale fractionation against the nonkevx ns well as against one another.
Therefore, the mole fraction of butyric acid tends 1o increase upwind. ind the mole fraction of
isovaleric sicid 1ends 1o ncrense downward in the column os a reflection of the fractionation
between the hwoy hevs. At Lthe very bouom of the column the composition of both the keys tend to
start decreasing downward This is the result of fractionation of the kevs with the heavy nonkeys.

Similarly, at the very top of the column, there is fraclionation of the light nonkeys against the keys.
The temperature profile for the simulation 1s shown 1n Figure 4-5. As can be scen the temperature

changes most rapidly at the top of the ecolumn and 1n the vicinity of the feed stage location. These

are the regions where the compositions of the components are changing the fastest.
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Iigure 4-5: Tempceratuorce profile for distillation column

Compasition profile plots often chow the buildup of components in the column, forced there by the
heavier or lighter components, These profiles do not show the relative separation between the kev
components and therefore x-y diagrams are better suited. Hengstebeck [1961] suggested analyzing
the performance of o multicomponent distillation in terms of an cquivalent binary distillation based
upon the keys alone. This procedure has the feature of providing u familiar graphica) representation

of the distillation process which assists in understanding through visualization,

Hengsiebeek s method suggests treating a muluicomponent distillation as a binury involving the
Kheyvs if the Nows and compositions are based on the two keys alone. Therefore the composition of
the light key (v a.cay X nca) 18 related 1o the actual composition and are calculaled using Equations 4-

9 und 1-10 respectively.

‘ \ln— T -
Npopa = (4-9)
3 n-Cc+ T .\ﬂ—CS
. X, _
A‘n—C-‘ = __L (4-10)

X, s A s
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Figure 4-6 shows the vapour liquid equilibriom curve for the equivalent binary system obtained
using Hengstebeck s method. [f the nonkeys do not affect the volatility of the key components, it is
important that the curve obtained by this method compares favorably with the equilibrium curve

obtained experimentally in Chapter 3.

V.n'cl

[} E;mn_m:-nt_aﬁ
| VLEdatla

Figurc 4-6: VLE curve obtained by Hengstebeck's method

Ax con be seen in Figure 4-6. there 15 good agreement between the curve produced by the simulator
(shown by the bold line) and the experimental curve (denoted by circles). It must be noted.
however, that the simulation in this instance was run at an operating pressure of l4kPa for
comparison with experimentally measured VLE data. I the relative volatility of the key
conmiponents were constant, there would not be a sudden shift in the curve as shown in Figure 4-6.
Flowever, in this parveular casc the relative volatility s a function of temperature. This portion of
the curve relates 1o the position of the feed and as noticed in Figure 4-5 there is a sudden change in

temperature at this location.
Rose [1985) suggests checking simulation programs by testing the program sensitivity to

parameters. In this way a decision can be made as to which properies need to be determincd!

experimentally. Generally, the most uncertainties in distillation simulations arise fromy uncertaintics
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in the VLI data (Nelson et al [F983]). For this project. simulations with an incorreel representation
of the VI data ol the key components drastically changed the simulation resulis. Therelore, the

VLE data olhe key components were experimentallv detenmined.

Ulumately. the simulation resulls show that butyric acid and isobutyric acid can bhe econonyically
separated from the rest of the waste acid stream in a single distillation column. Since distiillation is
widely practiced and well documented. no experimental work was donce 1o verilvy the sumulation
resulis and continuous distillation experiments should be considered al a pilol plant stage. However.
balch work was undenaken to verify the relative separation between the key components. This is

discussed in Chapter 5.
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The resull of simulating a continuous distillation column in Chapter 4 showed that separation of
butyric and ikobulyric acids from the rest of the wasle acid stream is theoretically possible. Due 1o
the huge expenses and time required to build a continuous distillation column a simple buich
distillation experiment was rccommended and undertaken. The main objective of this experiment
was 1o verify separation of the aicids using a sample of the waste acid stream obtained from Sasol.
Kaich distillation also provides invaluable insight into the actual process of distilling the waste acid

stream and identifics possible problems that can not be identified by simulations.

Batch distillation as a specific industrial unil operation, has received renewed interest during the last
few years (Furlonge et al [1999])). This is especially so since there has been an increase in the
market for small volume, high value, specialty chemicals. Also batch distillation is more flexible
than other unit operations because the same equipment can be used for several products and
operating conditions. Batch distillation is discussed in many texts inveiving distillation viz. Perry
[1998), Seader & Henley [1998] and Kister [1992]. The reader is referred to these texts for in-depth

discussed. Experimental resulis are alse presented and discussed.
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5.1 Experimental Setup

The batch distillation equipment set-up is shown in Figure 5- |. The various components of the
experimental set-up include a Batch Disullation still, Schott 10 / and Pyrex S I ballast flasks, a
TECHNE cold finger, a Fischer VKH 100 pressure controller, a LABOTEC water bath with glyeol

- waler mix and two pumps (a vacuum pump and a water recirculation pump).

To atmosphere
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P, Mauanual g’ 2
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B F: Schott & Pyrex ballast flasks

Cr: TECHNE cold linger

BS: Batch distillation still

FPC: Fischer pressure controtler

Py Pump 1 (vacuum pump)

P2 Pump 2 (water recirculation pump)
PS: Fisher pressure sensor

QC: Pyrex glass condenser

V' Solenoid valve

V. Needle valve

WB: LABOTEC water bath with glycol — water mia

Figure 53-]: Experimental sct-up for batch distillation.
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5.1.1 Batch Distillation Apparatus

There are various types of batch distillation column configurations. Figure 5-2 shows the virious

1ypes of column configurations thal are most commonly used.

The simplest form of a batch sull (Figure 5-2a) consists of a heated vessel (pot or reboiler) and a
candenser. No trays or packing are used; therefore these stills do not provide separation to any great
extent. For o more detailed discussion on these types of columns the reader is referred 1o the text of

Seader & Henley [1998].

By analogy with continuous distillation columns, the conventional batch distillation column is
Known as a “bateh rectifier” (IFigure 5-2b). This column consists of a heated vessel (pot or reboiler),
a condenser and a tray or packed column (rectilying column). The rectifying column concentrates
the more volatile components in the vapor, The feed mixture is introduced at the bottom and the

desired product is removed through the top of the column (distillate).

In contrast 1o a “batch rectifier”, an inverted batch distillation column (Figure 5-2¢) concentrates the
less volatile components 1n the liquid. This columin is also known as “batch stripper”, where the
feed mixture is introduced at the top of the column and the desired product is removed from the
reboiler (bottoms). The reader is referred to work by Bernot et al [1991] for a comprehensive

review on this type of column.

The most recenmt development in the configuration of batch distillation columns is the middle vessel
batch distillation column (Figure 5-3d). This type of column was first proposced by Devyalith et al
[1981] and 1s extensively reviewed by Safrit [1996] and most recently by Barlo & Bottean [1997].
In this tvpe of column the feed is split between the condenser and the reboiler with the more volatile
products being removed as distillate and the less volatile products being removed as bottoms

simultancously.
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()

Notes

x-ligmd flow

y- vapour flow

(d)

L-product flow

Tigurc 5-2: Batch distillation — (a) simple distillation, {b) batch rectifier, (c) batch stripper,
{d) middle vessel column.
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Fipure 5-3: Batch Distillation apparatus.

For the purposes of this project, a batch reclification still was used (Figure 5-3). This still was used
in experimentation since the aim of baich distnllation in this project was to recover butyric and
isobutyric acids, which are the mors volatile components. The sull consists of a rectifying column
(RC) with a condenser (C). reboiler (R) znd d'stillate collecting equipment (D). The rectifying
column ix a vacuum jacketed gluss apparatus equipped with siainless steel packing providing an
equivalent of four theoretical trays. The reboiler is electrically heated and a glycol-water mixture
cools the condenser. A thermoneler (T) is also located in the reboiler. The flow of liquid from the
condenser can be split into (a) reflux 10 the column und (b) overhead distillate product, which fills

into the distllute collecting equipment. This is athieved by opening or ciosing valve Vg
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5.1.2. Temperature and pressure measurement

A lhennumeter presem in the reboiler measured the temperature. The pressure was monitored with
a tischer pressure transducer. The accuracy in lemperature and pressure MeEAsuremMents was not
imestigated in the baitch distillation experinients. as the main aim of the experimen(s was 10

determine if separation of the acids is possible.

5.1.3. Pressure contro/

For isobaric operation the pressure was maintained at a constant set-point that was
controlled by a Fischer pressure controller which either vents to atmosphere through needle
valve Vi or connects 1o the vacuum pump through solenoid valve V (These valves are
shown in Figure 5-1). By actuation of the solenoid valve, leading to a vacuum pump or
atmosphere. the pressure in the still was controlled. Control of the still pressure was

estimated to be within £ 0.) % of the set-point pressure.

5.1.4. Composition analysis

The compositons ol the distillate samples were determined using a Varian, model 3300. pas
chromatograph (GC). The column used was a 30-m megabore capillary column of 0.33-mm

diameter with Q0O7-TFI'AP on lused silica. The Name ionisalion delector was used.
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5.2 Experimental Procedure

The apparatus was first cleaned and tested for leaks in a similar procedure described in Chapter 3.

Onee this was successfully completed the aclual batch distillation experiment was conductad.

5.2.1 Start-up

A sample of the waste streamy as obtained fromy SASOL was first analysed by the gas
chromatograph to determine the compaosition of the waste acid stream. The reboiler was then filled
with 450m1 of this s:imple. The pressure controlier was tha:i switched on and a pressure of 250kPa
was then set. At this point the vacuum pump was swiltched on, afier which the solenoid valve (V in
Figure 5-1) was open. This decreased the pressure towards the set-point pressure. The cold finger
(Figure 5-1) was then turned on to maintain a temperature of 15°C in the water bath. The coohing

liquid pump (P2 in Figure 5-1) was also switched on.

5.2.2 Heating of the fluid in the Reboiler

Once the system had reached the set-point pressure, the power input (o the reboiler was switched
v The power input was then gradually increased to prevent the fiquid in the reboiler from boiling
too last and therefore flooding the column. The liquid was brought to boil with the system under
total reflux. This meant that the reflux valve V¢ (Fizure 5-3) had to be closed. A cycling procedure
was then used to set the pattern for column operation. Operating procedures have been developed
by Bogart [1937]). Smoker & Rose {1940] and Scrodth et al [1967]. For this project the method
devetoped by Scrodith et al (1967) was adopted as it is recommended for difficult industrial

separations. The unit was then operated at (otal reflux until equilibrium was established.

5.2.83 Sampling and analysis

Samples were withdrawn according to the following established procedure (developed by Scrodth et

al [1967]:

» Once equilibrium was established at otal reflux, reflux valve Vg (Figure 5-3) was fully open. A
S0ml distillate sample was then removed as total draw-off for a short period of time, after which

the column was again returned to total-reflux operation until equilibnum was established.
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The distillale samples were then analysed using a gas chromatograph. The procedure for operating

the gas chromatograph is discussed in Chapter 3 and the operating conditions are shown in Table

5-1. This cycle was repeated until the desired recovery and separation was obtained.

Table 5-1: Gas chromatograph operating conditions

Gas chromatograph

condition

Nitrogen carvicer gas flow rate

[ml/min] 30
Oven temperature Profile
Inital teynperature [OC] 130
Hold Time [min) 30
Temperature ramp [°C/min) 5
Final temperature [°C) 180
Hold Time [min] 15
I‘ID dectector
Temperature [°C) 200
Atlenuation 8
Range 10
Hydrogen flowrate [mY/min) 30
Air flow rate [ml/min] 300
Injector temperature 220
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5.3 Results and Discussion

T'wao separale batch distillation experinients were conducted, each with different ohjectives.

The first batch distillation (batch 1) was an attempt 1o recover more than 80% of the butyric and
isobutvric acids from the waste acid stream. The operating conditions for distillation of this batch
are shown in Table 5-2. The lowest pressure at which the svstem showed no Mucluations was 25kPa

and was therefore sc¢t as the operating pressare.

Table 5-2: Opcrating conditions for distillation of first batch

Pressure 25 kPa
Average reboiler temperature|  130°C
Reboiler size 500 ml
Temperature - cooling liquid 15°C

The sample Irom SASOL’S waste acid stream is a dark. viscous liquid. The experiment was run
over six hours during which time a colorless. less viscous liquid was produced from the inilial
sample of Sasol s waste stream. However. at the cnd ol the run some form of black tar had formed
in the reboiler, Systems contdining saaterials that fornm 1ars plug or foul continuous distillation
columns thus rendering them inoperable. The Hysys simulations discussed in Chapter 4 could not
have predicted this imporiant faclior. However. it is believed thal these vars could have been formed
bv the decompaosition of certain materials present in the waste acid streamy in smaller compositions

and can be elininated by running a continuous distillation column at a lower pressure.
Due to the many components present in 1the wastle siream. it was nol possible to calibrate the gas

chromatograph as discussed in Chapler 3. Thereivre. relative concentrations were used 1o delermine

composil:anx. Results at the end of the first run (batch 1) are shown in Table 5-2.
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Table 5-3: Material balance for distillation of first batch*

Reboiler
Componcent Start (ml) | End (ml) Distillate |% Recovery
(ml)
Propionic acid 15.0 4.4 10.6 71
Isobutyric acid 63.0 0.6 56.4 90
Butyriv acid [78.0 16.5 161.3 91
Isovaleric acid 69Y.0 1.0 58.0 84
Valeric acid 45.0 22.0 23.0 51

* Crude esuimates have been used as results have been rounded ofT (o accommodate {or material

Leing hield up in the column.

The results in Tabhle 5-3 are best explained by considering the material balance for one of Lhe
components as an example. At the start of the experiment there was 178 ml butyric acid in the
reboiler. At the end of the first run (aller six hours), only 6.5 ml remained in Lhe residual left in1he
rcboiler. The remaining butyric acid (161.5 ml) is seen in the accumulated distillate culs. [his

means that 91% ol the butyric acid was recovered from the waste acid stream by batch distillation.

Figure 5-4 shows distillate composition profiles for this run. The profiles are analogous o the
profiles obtained by the Hvsvy simulations discussed in Chapier 4. In contfinuous distillation Lhe
profiles are discussed in terms ol (ray location with the concentration of 1he more volatile
components increasing {rom feed 10 condenser and the less volatile components increasing from the
feed location to the reboiler. For batch distillation, the profiles can be interpreted in terms of time
with the more volutile components (i.c. propionic acid. butyric acid and isobutyric acid) increasing
in concentration durig the first three hours and the less volalile componenis increasing in the next
threc hours, Therefore. this confirms the assumplions thal the nonkey components do nol alfect the

volanlity of the kev components.
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Mole Fraction

Time(min)

Figure 5-4: Distillate composition profile for batch distilation of waste acid stream —Batch |1

The rccovered distillate from the first batch was (hen used as starting material for the second batch
distillation (Baich 2). This experinien. was run with the same operating conditions as the previous
haich. The ohjeciive of this expcrimenl was 1o explore the possibility of producing a distillate
containing more 1than 90% of the butvric and 1sobutyric acids combined This was necessary for

subscequent purification by crystallization.

The resulis ol the sceond haiteh dist)lation are shown in Table 5-4. where it 1s seen that the Jight key
componenl (butyric acid) and light nonkey components (propionic acid and 1sobutyric acid) end up
almost exclusively in the accumulated distillate cuts. The residual left in the reboiler aller
approximately ve hours contain mostly the heavy key component {isovaleric acid) and the heavy
nonkey component (valeric acid). Approximately 93%; ol the total recovered distillate compusition
consisted only of butyric and isobutyric acids. Distillale composition prafiles for the second batch

are shown in laeure 5-5. These profiles [ollow the same patltem as those discussed f(or the [irsl

baich.

Ultimately. batch distillation results show thal separation af butyric acid and isobutyric acid from

the rest of the waslc acid stream by distiltation is possible.
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Table 5-4: Material balance for distillation ol second batch¥®

Stil
Component Start (ml) End (ml) | Distillate (ml)
Propionic acid 2.1 0.1 20
Isobutyric acid 24.0 0.3 23.7
Butyric acid 69.0 11 67.9
Isovaleric acid 14.6 11.5 3.1
Valeric acid 18.0 17 4 0.6

* Crude estimaies have been used as resulis have been rounded off to accommodale for material

being held up in the colunin.
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Figure §-5: Distillate composition profile for batch distiliation of waste acid stream —Batch 2
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CHAPTER
SIX

FREEZE
CRYSTALLIZATION

The process of forming a solid phase from a liquid phase is known as crvstallization. Crystatlization
is in itsell a broad topic and has many applications ranging from separation of isomers to
precipitation of salts. An excellent 1ext thal extensively covers crystallization is by Muallin [1961).
As discussed in Chapler 2, freeze crystallization was selected for purification of butyric and
1sobutyric acids. In freeze crysiallisation, two or more soluble species, in the absence of a solvent,

are separated by partial freezing.

The understanding of crystallization as a separation process (more specifically. freeze
crystallization) is known to a lesser extent than distillation. This 1s demonstrated by the voluminous
litcrature on distillation compared to the lilerature on frecze crystallization. Solid-liquid phase
equilibria forms the basis for all erystallization processes and is vital in screening the feasibility of
crystallization as a scparation process. Therefore, the basis of freeze crysiillization and a theoretical

framzawork for detearmining solid-liquid equilibria is presented in this chapter.

A simple experiment was also conducted 1o prove that solidification of butyric acid from a liquid
mixwure of bulyric and isobulyric acids 15 indecd possible. The results of this expernnment are also

presented and discussed in this Chapter.
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6.1 The basis of Freeze Separation

In essence, frecze crystallization is a very simple concept. If an impure liquid material is cooled (o
its freezing point and further heat is removed, then some of the material will solidify. In most
systems this solid will be a pure component (Wynn [1992]). Impuritics will concentrate in the
rem:ining lignid, which is known as the residue. Puritied product is recovered by separating the

solid from the residue and remelting it.

All freeze separation processes are based on the difference yn componznt concentrations between
solid and Tiquid phases that are in equilibrium. This is most easily understood by referring to Figure
G-1. A eulectic svstam i< shown in Figure 6-1, as a study by Mutsuoka & Fukushima (1986} found

that over 85% of systems oof binary mixwures were eutectic ones.

Solution

o
& Solid B
o
= . +
E | solid A | Solution
So!u(inng
v Solid A + Solid B

0 e« \Wecighl fraction A S ¢

<« \Wecight fraction B - 5 0

100

Figurce 6-1: Binary solid-liquid equilibrium diagram

Poinls E and A are 1he freezing points of component A and B respeclively. Al these temperatures
the pure components are present in a solid phase. Temperature-composition points located above
the curve ADE correspond to a homogenous liquid phase. In a binary mixture. a point 1s evenmally
reached where both components crystallize simultaneously. This is known as the eutectic point and

is shown by point D.
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If a Ii‘quid solution of composition and tempcerature represented by point B is cooled atong the
vertical dashed ling, it will remain a hquid until the hne intersects curve AD at point C. At this
point, usually only one component in the solution crystallizes (in this case component A) and that
crystal isx pure. This is because most solids are immiscible with other solids du - 10 the geometry of
the crystal Inttice of differeni substances. Therefore. impurities cannot fit inlo the growing solid

phase.

IT the temperature 18 cooled further, more crystals of component A will form and the remaining
liquid will become richur in component B As the temperature is lowerad, a point is reached (Point
H) corresponding 1o the eutectic temperature. At this point the two-phasc sy stem consists of solid A
and a liquid of the cutectic composition given by point D. Any further cooling causes the eutectic
solution to solidify. Theretore, the two components solidily simultaneounsly, however 1wo distinci

solid phases will be formed.

The above discussion means that most compounds exhibiting eutectic behavior can be theoretically
completely purified in a single stage of frecze crystallhization. The only restriction is that enough of
crvatallizing component must remain in the solution to prevent the liguid phase from reaching the

euteclic point.

6.2 Evaluating freeze crystallization as a separation operation

Many points necd to be considered when selecting freeze crysiallization as a separation operation.

Wynn [1992] lists and discusses these points as the following questions:

1. Can the mixture be purified by distillation?
If the components in a mixture can be separated in their desired specifications by disnliation
then freeze crystallization should not be considered. This is because it is cheaper to install and
operate a distillation column as compared to crystallization equipment. Distillation is generally
not recormmended for mixtures containing components wilh low relative volatilities and those

mixtures that are thermally unstable.
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{8
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1%

Will the material crystallize?

Because rate processes are critical in freeze crystallization, it is difficult to pradict how a
mixture will separate without pilot plant results. If a chemical has not been pilot tested, then a
simple freeze test in the laboratory will give some indicition of its behavior. Such a test was
conducted in this projecct and is discussed in alater section. Generally, if the freeze-test analyses

show a promising degree of purification. then an industrial separutian may be (casible.

Is melting point important?

Tl Jower the melting point of a component, the more expensive the process. This is because
refriceration is required 1o crystallize low-melting-point components and these costs increase
with o decrease in meliing point temperatures. Insulation costs also increase at lower
temperatures and at very low temperatures the ductility of materials of construction becomes an

1SS,

How important is producl purity?
In most cases the solid phase contains a pure component. Impurities generally arise during
separation of the solid and liguid phase, however implementing a subsequent washing operation

can prevent this.

How important is product recovery?

Recovery in most systems is limited by the existence of a eutectic. In some cases. freeze
crystallization produces higher purities and lower product recovery than distillation. In such a
case both techniques can be combined to form a process known as fractional crysiailization.
Lipowicz [1981]). Dyve & Ng [1995] and most recently Berry and Ng [1997} discusses these
tvins of hybrid processes together with their applications and tradeoffs. The reader is therefore
referred 1o these reviews for further infoermation on combining distilation and freeze

crystallization processes.
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6.3 Solid-liquid equilibria

Tiwe method of predicting or experimentally determining solid-liquid equilibriun is no1 important so
long ax 1t provides the accuracy for the intended use. Preliminary analysis requires muuch less
precise data than would o final design. Experimental methods are cumbersome, time consuming and
expensive, Heist [1980] recommends using them only when a decision to use a freeze-separation
process has already been made and accurate design data are required. For preliminary evaluations,

predictive techniques have been developed.

Ax in the case of vapor-liquid equilibrium (Chapter 3). the calculation of sohd-hquid phase
equilibrium can start from the criterion for equilibrium, which has been developed by Smith & Van
Ness [T987] and is illustrated in Appendix B-1. Therefore, at equilibrium, the respectve fugacities
) of the components in both the solid phase (S) and liquid phase (L) are equal:

2 S

A A

S =/, (6-1)
In Equation (6-1). * ~ 7 denotes the mixture property'.
The fugacity of the mixture (), ) is related o the product of the mole fraction (x;), activity

cocfficient () and the Mugacity of the pure species ( /), ). Therefore, 1he following expressions

i
for the solid and liquid phases are obtained:
” ]
: $.,8 S
.f| = '\r ‘}’, ./-;,'H.'irl‘ (6-2)
AL
A S AP )
-/' - '\1 y} j‘n,lml( (6-3)

Substituting equations (6-2) and (6-3) into {6-1) and rearranging gives:

- S Lo L
Tiwire _ X 70 (6-4)

Jr;.l;'.'rr. ".f ‘)/IS

In most systems the pure solid crystallises out, so that the fugacity of thz solid phase at equilibrium
can be replaced by the fugacity of the pure solid (,\‘fy,: =1)

N
-l:..('urr

— xbyt 6-5)
L e '\i ‘}’[ (7
f-».'mrc
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) s P { . .
The ratio of the pure component fugacities (f;_SM“_ / f,",...) can be calculared via a (hermodynamic

cycle discussed by Prausnitz et al [1986]. If the temperalure-dependence of the heat capacity

difference is neglected, the following equation is obtaincd:

. ffk""” B A/l,,:_?:__: ~ T \_ Hes (], -—T) . ACsiy In T, .
St RT T, J RT R T

In the above equation. A/, is the latent heat of fusion al the wviple point, T is system
temperature, T, the triple point temperawre of component 1, and Ac,, ; is the difference in liquid and

solid molar heat capacities for component ¢,

To simplify Equation (6-6) furthes, lakob et al {1995] state thar conditions at the triple point are

usually close (o the melting point. Therefore this allows the substitution of melting point conditions

for riple point conditions (i.e. T,, ;= T,, ; and Ah,, ; = Ali, , ;). In addition, the last two terms in

Equation (6-06) are of opposite sign and tend to cancel out in the vicinity of the melting point.

Subsututien of Equation (6-5) into ((6) with these simplifications gives:

N
Inafyh = ot |y _ T (6-7)
RT 7

[N

Equation (6-7) is uscd 1o predict the solid-liquid phase behavior for preliminary process-design
¢.oculations. The data required are the latent heal of fusion at the melting point temperature, the
melting temperature and the activity cocfficient of the solution. Melting temperatures and latent
heats for organic compounds may be found in books by Weast [1983] or Weast & Grasselli [1989].
Activity cocfficients in solid-liquid systems are sparse but they do exist for many binary vapour-
liquid equilibrium systems. Therefore, Roussecau & Moyers [1987] suggeast estimating solid-liquid
activity coefficients directly from vapor-hquid equilibrium data obtained at higher temperatures.
With this information. the freezing -point temperature of a solution may be calculated as a function

of liquid composition.
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IT a solution js assumed to be ideal, Equation (6-7) further simplifies to the following cquation:

. Al T 3 _
Inx! = . (6-5)

RT T,

IN|
Equation (6-8), also known as the Van Hoft equation. is recommended to predict solid-liguid
equilibria of binary systems containing isomers (Muir & Howat [1982]). To demonstrate its use as a
predictive 1ool for systems containing isomers, comparison between the predicted and experimental
phase curves for the 1.3-xylene+1,2-xylene system is presented in Figure 6-2. The prediction is very
good with a mean deviation of 0.3K over the temperature range and therefore ensures confidence in
using the developed equations to determine solid-liquid equilibria of binary systems containing
isomers. It must be made clear, however, that these techniques become less accurate as the

difference 1n molecular size increase.
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Figurc 6-2: Solid-Liquid equilibrium curve for 1,3-xylene (1) + 1,2-xylenc (2)
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6.4 Experimental Set-up and procedure

A simple experiment was sel-up (Figure 6-3) 10 demonsirate selidification of butyric acid oul of a

liguid mixture of butyric acid and isobutyric acid.

Open-ended test-tube
- H Temperature
Cold Fmger Dlsplay
Stirrer
| Temperature
Liquid Sensor
Solution @
Solid
Cooling ———[=
Medium

Figure 6-3: Experimental set-up for crystallization experiment

A solution consisting approximately 87% butyric acid and 13% isobutyric acid was made up 10 a
volunre of 10 m} in a Pyrex glass tube. The butyric acid was purchased fron: Riedel-de Haén, whilst
the isobuiyric acid was purchased (Ttom Fluca Enterprises. The reagents were used withoul further
purilication afler gas chromatographic analysis showed no significant impurities. The purities of the
reagents were also checked by their refractive indexes and comparisons with lilerature values are

showy in Table 3-4, Chapter 3.

The glass tube containing the acids was 1hen placed inte a liquid bath (cooling medium) with
polystyrene providing insulation against the atmosphere. A Eurotherm temperalure indicator was
usad Lo display the resistance of the PT-100 tcmperature sensor placed in the liquid solution. A
TECHNE cold finger. with a minimum operating temperature of —20"C was used 1 miaintain the
temperalure ol the cooling medium, The cooling medium consisted of a mixture of waler and
ethylene glycol. Manipulation of the relative concentranions of ethylene glycol and water in the
couvling medium prevents the cooling medium from solidilying. This relationship is determined
from the solid-liquid equilibrium of the binary mixture and has been measured by Ot et al [1972]
and is shown in Figure 6-4. Using this figure. a mixture of 80-val% water and 20-vol% ethylene

glycol was chosen to make up the cooling medium (o prevent it from solidifying.
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FFigure 6-4: Solid-liquid equilibrium curve for cthylene glvcol (1)/water (2)

6.5 Results and Discussion

The solid-liquid cquilibrium curve for the isobutyric acid/bulyric acid syslem as predicled by

Equation (6-8) is shown in Figure 6-3.

Temperalture (K)

0 0.1 02 P o3 0.4 0.5 0.6 0.7 0.8 0.9 1

Xy

Fignre 6-5: Predicated solid-liquid equilibrinm curve for isobutyric acid (1)/butyric acid (2)
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Many cxperiments were atlempled o crystallize butyric acid {rom the mixture of butyric acid and

isobutyric acid. However, initial attempts were unsuccess(u) because of the following reasons:

»  The mixture ol acids was initially placed in a ¢losed container. This prevented (he solution from
being in contact with air particles. 1t has been suggesied by Tammann [1898] that dust panticles
from air are. in many cascs, responsible for initation of crystallization. Therelore, an open
ended tube was used (Figure 6-3).

» The surface of (he conlainer had 1o be scralched 10 provide a rough surface, The initial smooth
surface was not appropriate as studies (Price [1997]) showed thal scraped surfaces are more

elficient than smooth surfaces.

With the above considerations and changes. a solution of pure bulyric acid was crystallized. This
encouraged experimentation with a mixture of both the acids. The results of the expcriment are best
explained by referring 1o the solid-liquid equilibrium curve in Figure 6-5. The experiment began
with a cryslal free undersaturated solution with a composition ol 87-mole % butyric acid and 13-
molc % isobutyric acid (Point A. Figure 6-5). This composilion was used as it was suitable for use
with the limiations in the equipmem (A mixture with a composition freezing below -20°C had 10

be selected). This was determincd by the solid- liquid equilibrium curve (Figure 6-5).

AL -12°C, afler 1.5 hours. the first cryslal started to form. This corresponds closely 1o point B in
Figure 6-5. The temperature of the solulion continued 1o drop. with the solid phase increasing in
size. until a temperature of —19'C (Point C. Figure 6-3). Afier this point. the temperature remained
constant and no more solid appeared to fonn. This was the lowest temperature that could be

achieved by the available equipment.

Analyses ol the solid and liquid phases by uas chromatograph are shown in Table 6-1. The
operating conditions for the gas chromatograph are the same as those used to determine vapor-
liguid equilibrium (Table 3-1). The compositions compare well with those prediclied (Point D.

Iruure 6-5).
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Table 6-1: Results of cryvstallization experiment

Butyric acid
(mole fraction)

isobutyric acid
(mole fraction)

FRELZE CRYSTALLISATION

Start 0.87 0.13
Ligquid 0.78 0.22
Solid 0.94 0.06

[1is believed that a small amount of the isobutyrie acid from 1he liquid phase was carried over with
the solid when separating the 1wo phases. This resulted in the small amount of the isobulyric acid in

the analysis ol 1he solid phase. This can be remedicd by washing the solid with excess butyric acid.

It would have been appropriate 10 delermine the eulectic compositions experimentally because this
point determines il sufficient recovery is possible. However, this was not possible because of
cquipment hmitatrions. Nevertheless. the experiment has shown (hat pure butyric acid c¢an be

produced by crystallization.

No mennion of purifyiug isobutyric acid has yel been made. In order 10 effect 2 complete separation
of both butyric and isobulyric acids, 1he separation process must recover bulyric acid in its pure
form and then sobutyric acid. This is acliieved by using 1wo crystallizers at (wo different operating
temperalures. For (the purification of isobutyric acid, the solid-liquid curve (Figure 6-5) shows that a
starting mixture o! 80% isobutyric acid and 20% butyric acid would produce pure isobulyric acid

crystals by operating a crystallizer at —=55°C.

Although purification of butyric acid by {reeze crystallization has been experimentally verified. it
must be noted that (his chapler has< just briefly revicwed frecze crystallization as a separation
operation and serves mosily 16 demonstrate that purification of bulyric and isobutyric acids is

possible by freeze crysialhization.
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ECONOMIC
FEASIBILITY

The goal of most engineering feasibility studies is to determine whether the project is economically
viable. Although many aims of this project relate 1o reducing hazardous environmental emissions,
the succexsful implementation of this project will ultimaiely depend on the profitability over the
existing technology (incineration). Therefore an economic evaluation was undertaken to determine
if separation and purification of Uiz acids is profitable. Preliminary estimates {(accurate to within *+
30%) were employed to obtain costs for the selecled separation and purification route.  These
estiniates included:

~ Market evaluation and forecasting

~ Capital cost estimation

~ Operating cost estimation

~ Profitability Evaluation

7.1 Market Evaluation and Forecasting

Market evaluation and forecasting is a key element in cvaluating the economic feasibility of a new

project Factors affecting the product market are.

~ Sales revenue — The product of sales volume and selling price. This affects the financial income
of the project directly.

» Volume of product required — This factor has a direct bearing on the sizing decision of the

plant.

Y

Specification of product quality — This influences process and equipment design. It also affects

the environmental rimpact of the product over its entire life cycle.

103



CHAPTER 7 ECONOMIC FEASIBILITY

Butyric and isobutyric acids may be classified as fine chemicals because they are currently made in
lower volumes and are required to adhere to tighter specifications for their functions in food
additives and pharmaceuticals. Therefore, these acids have to be produced in high puritics (see table

below for sales specifications as stipulited by Celanese Chemnicals).

Tablce 7-1: Specifications for the production of butyric and isobutyric acids.

1. Buryric acicd

Bulyric acid wi, 9 mimimum 99.5
[sobutyric acid  wi. % maximum 0.2
Water wi. maximum 0.1
Heavy melals ppm” maximum 0.1

2. Isobutvric acid

Isobutyric acid  wt. % minimum 99.5
Butyric acid wi. Y maximum O.15
Waler wl, % maximum O.1
Heavy metals ppm’ maximum 0.1

Butyric and isobutyric acids arc currently being produced by five international companies viz.:
BASF. Celanese, OXENO. Eastman and Daicel Chemical industries. Table 7-2 below lists

approximate production figures for cach company.

Table 7-2: Production figurces for butyric and isobutyric acids (Bizzari ¢t al [1999))

Compuny ! ocalion Annual Production (1pa)

-Burvrie acid

Eastman United States 8500
Celanese United States 4500
BASF Germany 10 000
OXENO Germany 10 000
Daicel Chemical Industries Japan 300

- Isobutyric acid

Eastman Unitcd States 10 000
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Bulyric acid is widely known for ils presence in butter. However, it is consamed mainly in the
production of cellulose acetate butyrate (CAB). Thix 1s a plastic that 15 vused in many applications
such as pen barrels, eyeglass framces and screwdriver handles. Although recent reports have shown a
decline in CAB usiayge due to competition from other plastics, there has been a growth in aliernate
uscs for buiyric acid. These include the production of various flavorings, fragrances and herbicides.
Furthermore, butyric acid 1s gaining impertance in the pbarmuacentical industry. where recent

stuchies (Gillet et al {31997]) hitve showwn its need 1o (he form of cancer treatment.

The main use of isobutyric acid is its conversion lo plasticizer, which is used for plastics and
lacquers. It is also used to extract mercaptans from petroleum and for conversion to esters, which

are used in flavors and fragrances.

Figure 7-1 demonstrates the trends in the U.S consumption figures for butyric and 1sobutyric acid. It
is estimaled that the U.S constitutes roughly 40% of the internutional markets for these acids
(Bizzari et al [1999]). The remainder includes exports to countries such as Canada, Mexico. Japan,

Israel and the Netherlands.

E lo- 'OButyric acid |
e E 14 - B (sobutyric acid |
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Figurc 7-1: U.S consumption figures of thc acids for the past years

These results show an average growth rate of 1.6 4 and 4.6 % per annum for butyric acid and
inobutyric acid respectively. Currently butyric acid and isobutyric acid are selling for 55 US c/Ib

(R9. 80/kg)” anc 94 US ¢/Ib (R16, 70/kg)” respectively on world markets (Bizarri et al [1999]).

* Calculuted assuming R8, 00 to the dollar
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These products are globally traded. Assuming that eighty percent of cxtractable volumes from the
waste acid stream are possible, approximately 3209 tons of butyric acid and 1000 tons isobutyric
acid could be produced annually. This will result in producing 13% of world's butyric a.1d and
2.5% of the world's isobutyric acid requirements. The projected revenue for these production

figures amounts to approximalely R47 million per annum.

7.2 Capital Cost Evaluation

Onre of the major costs in determining economic viability is the fixed capital nvestment cost. Therc
are many cdhfferent methods. which could determine these costs, all of which depend on the
accuracy required by the esbmate. Baase) [1990) and Timmerhaus et al [1981]) discuss various
technigues for estimating capital costs. For this particular project the fuctored estimate approach.
with accuracy within 30%, was adopted. This melhod is based on knowledge of the major itlems of

cquipment required for separation and purification of the acids.

Equipment costs were delermined using published cost data as given by Timmerhaus et al [1981].
These costs were also calculited using correlations by Mulet et al [1981]). Details of equipment
costs are shown in Table C-1 of Appendix C wilh the calculated values lying within 0% literature
(Thumerhaus ac al [1981]). Because the costs oblained from lilerature were based on monetary
value 1n the year 1979, Equation (7-1) was used to determine current day costs. A 1ol of

approximately R 1,524.000 was estimated for equipment costs.

: index value at present ime (1979)* )
Present Cost = | - : — : - (7-1)
index value at time original cost obtained (2001)*

* Marshall iind Swift inchees ax supplied in Chemical Engineering [1979,200)].

Once equipment costs were determined. the fixed capital investment was calculated using the
percentage of delivered equipment cost method as described by Timmerhaus ct al [1981). This
method was suggested for prehminary cost estimation and only required equipment costs. Other
iterns required in the total cost were determined as a percentage of the equipment costs. Table C-2
(Appendix C) shows a breakdown of the costs involved in estimating fixed capital investment. A

total of approximately R 5,400,000 was estimated for fixed capital investment.
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Due o (he importance of capital costs 1in determining process f{casibility, o second estimation
technique (the Rapid Esumation Technigue) was employed. This mcthod suggested by Viela
[198]], claims to be accurate to within 15% when compared to the factored estimate approach.
Although the method was not used to determine cconomic viability. 1t is suggested 1o the reader
hecanse it requires the least amount of effort ang tisne in determining capital costs. With knowledge
of the major unit operations (Distillation and Crystallization), the plant capacity (10 000tpu),
materials of construction (Staintess steel) and type of plant (solid-fluid plant) an estimate of
R 5,000,000 wus obtained. This value compares well against the vilue obtained by the factored
estimate approach. It must be noted. however, that the rapid estimation fechnique has not yel besn

properly lested

7.3 Operating Cost Estimation

Operating costs are those that occur over (he lifespan of the project and are dirccetly associted with
production. Thesc costs usually consist of raw material costs, conversion costs (e.g. labour), and
indircet expenses (e.g. finance charges). For this project raw material costs were not accounled for
as the feed 1o the process is a waste stream that is currently being destroyed by incineration. Details
of the operating cosis are shown in Table C-3, Appendix C. A tolal of approximately R 1,701.000

per anpum was esiimated for operating cosls.

7.4 Evaluation of Project Profitability

A fundumental objective of any company or business is that it operates profitably [Brennan, 1998].
Before capital 1z invested in a project. it is necessary 1o know how much profit can be obtained or
whether st might be more advantageous 1o invest the capital in another form. There are ax many
ways 1o nccess project profitability as there are ways to determine capital costs. Timmierhaus et al
[19817. Buaase) (1990] and Brennan [1998] discusy these methods in detiil. However. in this
particular project, it is evidently clear (from the cash flow charl, Table C-4, Appendix C) that the
income generated by the project exceeds the expenses and capital investment by a huge amount.
This in wrn results in high rate of returns and a payback period of less than one year for the
investment required in implementing the project. It must. however, be noted that other factors such

as risks involved in the project would also affect investment decisions. As this project is only in its
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first phase. most of the risk can be associated with the author's inexperience in industry and the
assumptions taken in the design stayres of the project. This however should decrease once pilot plant

work on the project has been completed.
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CHAPTER
EIGHT

CONCLUSIONS
& RECOMMENDATIONS

8.1 Conclusions

In an anempt 1o deternine a suitable separation process for the recavery and purification of bulyric
acid and isobuivric acid fron1 SASOL’s wastc acid stream vacuwnm distillalion was chosen as a base

case.

To evaluate the perfonmance of distillation in recovering the acids. a flowsheeting program (/7ysis)
was used. For the proper use ol the simulation program an appropriate thermodynamic model had to
be selected. Therefore. vapour-liquid equilibrium (VI.E) studies on the components present in the
waste acid stream were conducled. VLE data for the binary systems propionic acid + bulyric acid.
isobuiyric acid + butyric acid. butvric acid + isovaleric acid and butyric acid + hexanoic acid were
experimentally determiined in a dynamic VLE still. All systems were measured at J4kPa. All the
measurced sysiems. excluding butvric acid + hexanoic acid. were found to be thermodynamically
consistent according Lo the direct test (Van Ness [1Y95]). The inconsistency for the binary system
butyric acid - hexanoic acid was altributed 10 the formation of trimers in the vapour phase. which
were not accounted for in the consistency tesls. The measured VLE data was successfully correlaled
using the gamma-phi approach and was regressed to provide binarv interaction coefficients for the
NRTL model. which was then used in the //vsvs process simulator to explore a range of design

altermatives for distillation.
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Results from the process simulator showed that recovery of the acids from the waste acid stream by
distillition is indeed possible. Simulation resulis were analysed using Hengstebeck’s method [1961)
and showed that the simulation results could be regarded as a reflection of the “real world™.
Recovery of the valuable acids was confirmed in a subsequent batch distillation experiment, where
areater than 90% of both acids (approximately 180ml butyric acid and 60ml isobutyric acid) were
recavered from a S00ml sample of the waste acid stream in approximately six hours. A subsequent
batch experiment concentrated the recovered acids into a distilliate containing morc than 95 %
butyric acid and jsobulyric acid combined. However, ximulation results also showed that
purification of butyric acid and 1sabutyric acid would require a distillation column with many stages

and would thus not be feasible.

For purification of butyric acid and isobutyric acid freeze crystalhization was selected as a buse case.
Exanmination ol the predicled solid-liguid equilibriuny curve for (he binary system showed that
butyric acid and isobutyric acid could be separated from each other by using two crystallizers at
operating temperatures of —20°C and --S5°C respectively. Simple freeze crvstallization  (ests
produced butyric acid with grealer than 94% purity. However. isobutyric acid could not be purified

due to lhmitations in the experimental operating conditions.

Market analysis of the acids showed that butyric acid and isobutyric acid are currently being
globally traded a1 R9.80/kg and R16.70/kg respectively. Based on these hgures and 809 oxuactable
volumes a revenue of approximately R47 million was estimated for recovery and purification of the
acids. A o1zl of approximately RS5.4 million was estimated for fixed capital. Operating costs for the
project were also estimated at a tetal of approximately R1.7 million per annum. Using these
estmated costs {accurale 10 within & 30%). a cash flow statement was generated showing high rate

of returns for this project and a payback period of less than onc year.

8.2 Recommendations

Preliminary studies have shown that 1t is possible (and economically feasible) to recover and purify
butyric acid and isobutyric acid from SASOL’S wusle acid stream by distillation and crystallization.
Although il may be necessary 10 experimentally verify the eutectic composition (as discussed in
Chapter 6) for the crystallization operation, consideration should be given into pursuing pilal plant

studies as the next phase of this project.
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From the production figures presented in Chapter 7, it was noted that recovery and purification of
80% of the butyric acid and isobutyric actd present in the waste stream would resull in producing
134, of the world's butyric acid and 2.5% of the world s 1sobutyric acid requirements. Due to the
nature of the markets, production on this scale could decrense the currem market prices of the acids,
which is undesirable. Therefore, consideration may be viven into treating a small amount of the
waste acid stream imitially and then steadily incrensing the scale of production by using batch
cquipnecnt In this way, the current market prices of the acids may be maintained because batch
equipment have the unique feature of separating a variety of feed mixwures. easily accommodating

the frequent change in market demand.

Finally, swdies have shown that the two unit operations, distillation and crystallization. can be
simultancously applied in a single piece of equipment. This 1s known as fractional crystallization
and was very briefly discussed in Chapter 6. Because fractional crystallization 1s more efficient than
the conventional manner of using two separate equipment for chi<titlation and erystallization. it may
also be worthwhile considering further studics on investigating fractional crystallization for this

project.
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~ APPENDIX A

A.1 Details of Solvents acid recovery plant

Simplified flowsheet of the Solvents acid recovery plant at SASOL'S plant in Secunda is shown
in Figure A-). The components present in Lhe feed stream to the acid recovery process 1s shown

in Table A-1.

Table A-1: Composition of acid water stream

Componcnt Coniposition (Mass %)
Acetic acid 0.930
Proplonic acid 0.250
1-butvric acid 0.050
n-butyric acid 0.110
i-valenc acid 0.020
n-valeric ucid 0.030
Hexanoic acid 0.015
Heplanoic acid 0.012
Non-acid chemicals 0.030
Methanol 0.025
Waicr 98.518
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Figure A-1: Simplified flowsheet for acid recovery plant at Secunda
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APPENDIX A

A.2 Physical propeties of components present in waste acid stream

Physical properties of all the components present in the waste acid stream are shown in Table A—
2. All critica) properties were obtained from Reid et al [1987]. Normal boiling points, densities
freczing points and solubility were obtained from Weast [ 1983]. Dipole moments. accentricity
and radius of gyration were obtained from Prausnitz et 2l [1980]. Physical properues for
heptanoic acid, 2-cyclohexen-1-one. 3 heptene-2-one trans, phenyl butyrute, cyclopentyl acetate,
cyclohexyl acctate were not availuble and was therefore estimated using the Hyavy process

simulator.
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Table A-2: Propertios of components present in waste acid stream

Chemical | Molecular Liggid | Normal*(Freczing

English Name Formi | weight | Density ™ Boiting {Point (C) | Te (K) | Pefbar) | Velem o) Solubility*

(olher name) gmo) | o) | i
| Buyic Acil RO |8 | 0™ | ywes | a5 | o | s il 1l
Lso-butyric aci GO | s | oo™ | s | e | o | s ) et
Yiso-Valeric Acid
melybbyicadit) | CHO, |03 | 0 | s | g B[R Mo | alelhel
4. Valeric Acid
(Petanic Aci) G0y | | 0™ | s | o | e | M| alehy
5. Hexanaic el Cl0y | miele | 0™ | s | a0 | e | ows i) et
6. Heptanic acd GO, |1 098™ | e | a5 | oas | g 8] acealel
1. 2-cyelohexen., :
l-one GHO | 96l | oo™ | GLS | 1) W el
5 Proponic Acid GO, o oo™ e | s | g | M| ey
9.4 Buyrolactone C,H,0. $0.09 1286 20513 139 592 05 Jaccalbreth
10, Phenyl Acetaie GO, | 1365 L™ sy O3 | 06 aeealglh
[1.Pheny! propiomate
phenylpropionicacid) | ¢ 0, | rsoxs | ppgro il 0657 | 1 Bl | aceala
L ¥qeetoeims | GO | am | oosee | 03 | a4 et

V XIANTIJAYV
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Table A-2...Continue

Chemical | Molecular | Densiy™ | Nogya! Frevuing

English Name Formula | weight (g/tml] Doling - Point (C} | Te (K) | Pebar) \"c[ch/molJ Solubility*

(other name) (o/mal) | Daint(C)
13 Pheny! buyratc
(3-pheny! butyric acid Colti0y | 1642 | 1oos™ 25 1585|308 SIS alelh
14, Cyclopeniy!

Acctate
Cyclopentamlaceta) | G0, | 15 | 0o 5| 8061 | 314 0
15. Cyclohexy

Acttl GHO, |2 | 09es™ | g 0816 | /I |4 il
6. Cyclopennone GHO | %12 | 09s™ | sy 0346 | sl M| acealeh,
17 Aovlic acid GHO, | 00 | 1 | g 1| 519 M| el
8, 1K-2EBemenc Glly | lg | 08s™ | s 80| W |0 | aeaein

*ace = acclone

al=aleohol (generally eyl aloohol)

bz = benzene
chl = chlrofom

tth=cther (generally diethyl ether)

W= waler

V XIAONTJIJAYV
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Tahle A-2... Continued

English Name

Radius of gyration Accentricity | Dipole moment
(other name) (A) (debye)
| Butyric Acid 36 0.683 13
Llso-butyric acid 0234 0623 1.3
31s0-Valeric Acig 3762 0648 |
(3-melhyl-butyric acid)
3. Vileric Acid 3.963 0614 0
(Pentanoic Acid)
3. Hexanoic Acid 44 067 .2
6. Heptanoic acid 48 0718 0
1. 2-cyclohexen. 3 0463 0
|-one
8. Dropionic Acid (.J83 052 B
9.4 Butyrolactone 1l 0,369 603
10. Pheny! Acelale 436 043 19
[1.Pheny! propionate
(3-pheny! propionic acid) 4.765 055 0
12. 3heptene-2-one. _
lrans 431 0443 0

V NIANZIJdJAV
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Table A-2...Continued

English Name Radius of gyration | Accentricity Dipole moment
(olher name) (A) (debye)
3. Phenyl bulyrate
(3-phenyl butyric acid) 545 0.587 (
14. Cyclopenty
Acelale
(Cyclopentanol acetate) 4103 0355 0
15. Cyclohexyl
Acelate 4.9 06 0
16. Cyclopentanone 0.26 0.35 }
7. Acelic acid 0.20] 0447 3
18. 1M-2EBenzene 0.26 0294 (

VO OXIANZIIdJAY



APPENDIX B

B.1 The Criterion for phase equilibrium

Counsider a closed system consisting of two phases. o and 8. in equilibrium. Within thix closed
system, each of the individuzal phases i an open system. free o transfer mass e the other.
A<suming that at equilibrium, the temperature and pressure ire uniforn throughout the cenrey

system. the following equations can be wrillen for each of the phuses ¢ and 3:
AdnGY = VY dP —nS) dT + Z,u,“ dn’ (B-1)
AdnG)Y =Wy dP—S)PdT + Z,u,“ dn’ (B-2)

where (i the chemical potential and it is defined in terms of the Gibbs energy as:

U, :[Q%:IIQ} N (B-3)
Cquations (B-1) und (B-2) may be added to give the total changes for the systen.
dnGY=VYIP —(nSYIT + Z pldn” + Z;I,ﬂdn.ﬂ (B-4)
In Equation (B-313, the total system properties were obtamed vsing the following relation:
nM = M) + (M)’ (B-5)
Since the two-phase system is closed. the follawing equation is valid:
d(nGY=nVYdP —(nS)dT (B-6)
Coemparison of Equation (B-4) and (B-6) shows that at equilibrioum:
Souldn? +> pfdnf =0 (B-7)
Since the conservation of mass requires that (/nf = —(lnf‘ . Equation (B-7) reduces lo:
S = pPydn® =0 (B-8)

Since the quantities (/i are independent and arbitrary, Equation (B-%) can only be satisfied if the
term in the purenthesis is separiaely zeroed. Hence

pe=ul (B-9)
This result may be generulised to more than two phases by considering the phases by pairs. The

general resull for w phases with N chemical species is:

pt=ul =t G =12,...N) (B-10)
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An alternative and equally gencral criterion for equilibrium can be derived from the following

equation:
(I—G_, =RTdn f,  (constamt T) (B-11)

where /) is the fugacity of species i in solution and G, is the partial molar Gibbs energy which is

given by:

— l[ome)
G = c (—nG) (B-12)
dn; |,

Comparison of LEquation (B-12) and (B-3) implies that 4, = CT’ . Thus Equauon (B-1 1) becomes:
du, = RTdIn f (constant T) (B-13)
Integration of Equation (B-]3) at constant temperalure gives:
H, =RTIn f, +0(T) (B-14)
Since @ is dependent on temperature only and since and since all the phases are at the same
lemperature, substitution of Equation (B-14) into (B-10) yiclds:

fraeff=.=/" (i=1.2._..N) (B-15)
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B.2 Program for calculation of fugacity coefficients

The following program was written in the Madab programming lunguage. The program that was
used for the butyric acid (1) + valeric acid (2) syslem at 14Kpa is shown,

(The comments are denoted by * %™)

(]

eneral Constants
83.14; %Universal gas constant (cm® bar mol 'K™!)

o o
il

% Properties of chemicals

mu2 = 1.0; 2Dipole moment (debyes)
mal = 1.5;

Tcl = 627; %Critical Temperature (K}
Tc2 = 632;

Pcl = 39.8; %Critical Pressure (bar)
Pc2 =31.6;

% Calculation of Vapour Pressure (4, B, C constants for Antoine
Eguation)

R2 = T7.6;

B2 = 2000;

C2 = -186.3;
Al = 7.7;

Bl = 1999.98;
Cl = =-177.3;

Plsat = exp. ((A1-(B1./(Cl+(T))))); % Vapour pressure (bar)
P2sarc = exp. ((AZ2-(B2./(C2+(T)))1))

% Calculation of non-polar accentric facrtor
Rl = 3.60988; %Mean Radius of Gyration (Prausnitz et al. [1980]7)
R2 = 32.762;

wprimel = 0.006026*R1 + 0.02096*R1°2 - 0.001366*R1"3;
wprime2 = 0.006026*R2 + 0.02096*R2"2 - 0.00136€6*R2"3;

wprimel2 = 0.5* (wprimel + wprime2);

i Prime Molecular size parameter for pure polar and assoclating pairs
siglprime = (2.44 - wprimel)* (1.0133"Tcl/Pcl)~(1/3);

sigZprime = (2.44 ~ wprime2)*(1.0133*Tc2/Pc2)~(1/3);

%Calculation of Prime Characteristic Energyl{e/k = ek)'-pure componant
parameters

nl = 4.5; %Asscociation parameter (Prausnitz et al.[l1980])

n2 = 4.5;

ekprimel = Tcl*{0.748 + 0.91*wprimel - 0.4*nl/ (2 + 20*wprimel));
ekprime2 = Tc2*(0.748 + 0.91*wprimeZ ~ 0.4*n2/(2 + 20*wprime2));

% Calculaticn of angle averaged polar effect for component 1
1f mul < 1.45

etl = 0;
else

etl = 1.7941e7*mul"4/((2.882 - 1.882*wprimel/(0.03 -
wprimel) ) *Tcl*siglprime~6*ekprimel) ;
end
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% Calculation of angle averaged poclar effect for component 2
if mu2 < 1.45

et2= 0;
else

et2 = 1.7941le7*mu2~4/((2.882 - 1.882*wprime2/(0.03 +
wprime2) ) *Tc2*sig2Zprime”~6*ekprime2) ;
end

2Calculation of Characteristic Energy (e/k = ek)-pure component
parameters

cll = (16 + 400*wprimel) /(10 + 400*wprimel);

cl2 = (16 + 400*wprime2) /(10 + 400" wprimel2) ;

ekl ekprimel* {1l - etl*cll* (1l - etl* (1 + cl1)*0.5)
ek2 ekprime2* (1 - et2*cl2* (1 - ec2*(1 + cl12)~0.5)

i
) ;
% Calculation of free contributions (nonpolar{(Bfnp)& polar(Bfp)) to
second virial ceoefficient.

c2l = 3/(10 + 400*wprimel);

c22 = 3/{(10 + 400*wprime2);

sigl = siglprime* (1l + etl=*c2l)~(1/3);

sig2 = sigZprime* (1l + etw2*c22)°(1/3); %Molecular size parameter for
pure polar and associating

% pairs (A)

muly = 7243 .8*mul"2/(ekl*sigl~3); %Reduced dipole moment (Debye)
muzZr = 7243.8*mu2°2/(ek2*sig2°3);
if mulr < 0.04
mulyprime = mulr;
elseif mulr > 0.25
mulrprime = mulr - 0.25;,
else
mulrprime = 0;
end
if mu2r < 0.04
muZ2rprime = mulr;
elseif muZr > 0.25
muZrprime = mu2r - 0.25;
else
mu2rprime = 0;
end

“Calculation of eguivalent hard sphere volume of molecules (cm”~3/mol)
bol = 1.26184*sigl"3;
ba2 1.26184*sig2°3;

%Calculation of reduced temperature (K)
Trl = 1./(ekl./T - l.&*wprimel):
TrZ = 1./(ek2./T - 1.6"wprime2);

iCalculation of Bfnp

Bllfnp = bol.*(0.94 - (1.47./Trl) - (0.85./Trl.~2) + (1.015./Trl."3));
B22fnp = bo2.*(0.94 - (1.47./Trx2) - (0.85./Tr2.72) + (1.015./Tr2.73)):
$Calculation of bfp

Bllfp = -bol.*mulrprime.*(0.75 - 3./Trl + 2.1./Trl.”2 + 2.1./Txl."3);
B22fp = -boZ.*mul2rprime.* (0.75- 3./Tr2 + 2.1./Tx2.%2 + 2.1./Tx2.°3);

13)
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% Calculation of free contributions
Blf = Bllfnp + Bllfp;
B2f = B2Z2fnp + B22fp;

% Calculation of true fugacity coefficientc
truephil = exp. ((P.*B1f) ./ (R.*T));
truephi2 = exp. ((P.*B2f)./(R.*T));

$Calculation of Cross parameters
eklZprime = 0.7* (ekl*ek2)"(1/2) + 0.6/(1/ekl + 1l/ekl);

cllZprime = (16 + 400*wprimel2)/{(10 + 400*wprimell);
sigl2prime = (sigl?*sig2)”0.5; % molecular size-Cross parameter'’
if mul »= 2 & muz == 0

etlZ2prime =
(mul~2=* (ek2)~2/3*({sig2)"4)/((ekl2prime)*(sigl2prime) ~6) ;
elseif mu2 >= 2 & mul == 0
etl2prime = (Mmul” 2~ (ekl)"2/3*(sigl)~4)/((ekl2prime)*(sigllprime) ~6);
else
eclZ2prime =0;
end
c2l2prime = 3/(10 + 400*wprimell) ;
sigl2 = sigl2prime* (1l - etl2prime*c2ll2prime)~(1/3});
ekl?2 = ekll2prime* (1 + etlZprime*cllZprime) ;
mul2y = 7243 .8*mul*mu2/(ekl2*sigl2”3):
if mul2r < 0.04

mulZrprime = mul2r;
elseif mul2r >= 0.25
mulZrprime = mul2ry - 0.,25;
clse
mul2rprime = 0;
end
Tril2 = 1./(ekl2./T - 1.6*wprimell2);
bol2 = 1.26184*sigl2"3;
Bl2fnp = bol2.7(0.94 - 1.47./Trl2 - 0.85./Tr12.72 + 1.015./Trl2.73),
Bl2fp = -bol2 .’ mulZ2rprime.*(0.75 - 3./Trl2 + 2.1./Txl2."2 +

2L PELZ . ~3) 5
Bl2f = Bl2fnp + Bl2fp;

3Calculation of effective enthalpy of formation of physically bound
pairs (ergs/molecule)

dHl = 1.99 + 0.2*mulr"2;

dHZ = 1.99 + 0.2*mu2r"2;

dH12 = 1.99 + 0.2"mulZ2r"2;

L1 = -0.3 - 0.05*mulrxr;
L2 = -0.3 - 0.05"mu2r;
Al2 = -0.3 - 0.05"mulZr:

Bllmb bol*Ll*exp(dHl./ (T/ekl)): $cm*3/mol
B2Zmb boZ2*L2*exp{dH2./ (T/ek2));
BlZ2mb = bolZ=*AlZ*exp(dH1l2 ./ (T/ekl2));

1l

|
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%Calculation of Bchemical (Bc)
nl2 =4.5; % association parameter (Prausnitz et al.[1980]).
if nl < 4.5

El = exp. (n1*(650/(ekl + 300) - 4.27));
else

El = exp.(nl1*(42800/(ekl + 22400} - 4.27));
end
if n2 <« 4.5

E2 = exp. (n2*(650/(ek2 + 300) - 4.27));
else

E2 = exp. (n2* {42800/ (ek2 + 22400) - 4.27));
end
TE 5l 2 #4.5

E1l2 = exp.(nl2*(650/(ekl2 + 300) - 4.27)});
else

El2 = exp. (nl2*({(42800/(ekl2 + 22400) - 4.27}});
End
Bllc = bel*El*{(l - exp. (1500*nl./T)) ; %cm”3/mol

B22¢c = hoZ2*E2"{1l - exp. (1500*n2./T));
BlZc = bol2*El2* (1 - exp.(1500*nl2./T));
Bl2dimerized = Bl2c + BlZ2mb;
Blldimerized Bllc + Bllmb;
B22dimerized = B22c + B2Z2Zmb;

% Calculation of equilibrium conscants (Hi)

Kl = -Blldimerized./(R.*T);
K2 = -B22dimerized./ (R.*T);
Kl2 = -2*BlZdimerized./(R.*T):

tExperimental data required
$Butyric acid {(l)+ wvaleric acid (2) system at 1l4kPa

$Pressure (bar)
P=0.14;

$Temperature (¥)
T = 273.15+[122.1147, 121.0405, 119.4393, 115.9127, 114.16%96, 112.743%8,
111.7781;

$Vapour mole fraccion
vl [ 0.05097, 0.114251, 0.264827, 0.612579,0.759547, (.B56703,

% Calculatrion of yi(apparent mole fraction) and zi({true mole fraction)

Bl2dimerized = -K12Z.*R.*T/2; % virial coefficient for dimerized
molecules

Blldimerized = -({(K1.*R.*T)/1;

B22dimerized = -(KZ2.*R.*T)/1;

Cl2 = -(2.~Bl2dimerized) . (P./(R.*T)).*exp. ((P./(R.>*T)).~(B1lf+B2€-
B12f£f));

Cil = -(l."Blldimerized).*(P./(R.*T)).*exp. ((P./{R.*T)).*(B1£));
Cc22 = -(1.=-B22dimerized).*(P./(R.*T)).*exp.{((P./(R.*T)).~(B1£f));
cz2zl = Cl2;
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Plm = (-1
apparent
PZm = (-1
1E G111 ==

zl = W

(N
1
<

= W

z12 =
zll =
z22 =
z21 = z12
gammal =
gammaz =
zlr = (vl
(C21.*=22)
22y = (vz
(€21 *zX)
errorl =
erroxr’2 =

c12
0 B

while any(abs(errorl)

zl = z
z2 = Z
z1l2 =
zl1
z22
2%
gammal
gammea2
zly =
(C21 .*%22)
Zor =
(C21.%z1)
errorl
errorz
end

It

nwn

C22.

B
+ (1+(4.*Kl.*Plsat)).~0.5)./{(2.
dimerization
+ {1+ (4.*K2.*P2sat)).~0.5)./(2.
0.5 & Cl2 <= 0.5
1
2
2> 0.5 & vl > 0.5
2.%{1+{(C12.*v1l}))."*-1; % change

1,.*{1+ (12, *z2)) ., *=1;

L.*{1+({C12,%*w2)) .~=1;

2% {1 (CL2*23Y ) + " =X ;
Lzl *z2;
] oEEls
k22, %z
z11 + z11 + =z21;
z21 + 222 + z22;
.*{(1 + (0.5.*gammal)
) :
{1+ {0.5.*gammal)

)
abs(zlr~zl});
abs(z2x-~-2z2) ;

11
2%
CL2 v®zl Mz2Z;
1l . .*¥zho* 2k}
C2Z . %22 . Yz23;

a8 B

= z11 + z11 + =z=21;

= z21 + 222 + z22;

(vli.*(1 + (0.5.*gammal) =+ (0.5.*
Y3

(v2.*{1 + (0.5.*gammal) + (0.5.*
)3

= Elr=z1;

= z2r-z2;

t change

*K1l): % vapor pressure for
YK2) ;
egquatiocn for suite

egquation for suite

+ {(0.5.*gammaz2))) ./ (1+(2.*Cl1l.*z1l) =+

+ (0.5. gamma2))) ./ (1+(2.*C22.%22) =+

>0.0001 & abs{error2) =

¥ Calculation of fugacity coefficient

phil =
phiz =

-
Z &

zlr.*truephil./vil:

r.*truephi2, /v2;
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B.3 The UNIIFAC method

For n binary sysiem (1)-(2). the activity coefficient is determined as the sum of a residual and

combinatorial activity coefficient:

Iny, =tny +Inyf (B-10)

where the combinatorial term is expressed as follows:
0, D,

. D
Inyl = ]n—x—‘- -:F-Zz—q, ln-q)—'—:!, “—\__'-"11: + ./ (B-17)
! I =3

The . D, 8, and I values are calculated as follows:

=2 w'R, (B-18)
A

q, = v, (B-19)
L.

D, =t (B-20)
20X,
J

6, = a;, (B-21)

- 2(/}'\‘}
!

Z = 10. and the Ry and Qy values arc group contribution values derived from literature lables
(Fredenslund et al [1977] and Raal & Miihlbauer. [1998)).

The residual activity coefficient is calculated from equation (B-21):

Inyf=>v"nT, —=InT") (B-21)

18

where both T, (contribution of solute group in the sojution) and I‘;" {(contribution of solule

groups in the pure-component environment) are calculated (rom equation (B-22):
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InT, =Q,| I - 1.1[29”;%.\ J Z 26,91% . (B-23)

¥ "U "

and 8. X W values are caleulated as follows:

Q X,
6 (B-24)
" ZQ“X "
(B-25)
XZ\
Y, =expla,, 17T) (B-20)

M 18 2 group interaction parameter obtinned from literature tables (Fredenslund et al. [1977] and

Ranl & Miihibauer [1998]).
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B.4 Célibration Curves

Calibration curves for the pressure transducer, temperature sensor and gas chromatographs were

required to obtain actual readings.

B.4.1 Pressure Calibration

1200
|
1000
Pactuar= 1.1502(P 00a) -
= 800 -
«©
E
= 600
2
= 400
200
o :
0 100 200 300 400 500 600 700 80D 900 1000
P cag (Mmbar)
Figure IB-1: Calibration curve for the Fisher pressure transducer
B.4.2 Temperature Calibration
70
&0
&8 Tacwar = 0.999(T,e0a) + 0.4B11
S a0
'é',
5 30
=
20
10
0
0 10 20 30 40 50 60 70
T rgad (C)

Figure B-2: PT-100 calibration
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3.4.3 GC calibration curves

A1/A2

Slope =F,/F, = 3.9886 = 1/0.250625

05

1.5 2
Xq/ Xq

Figure B-3: Gas chromatograph (Shimadzu) calibration for cyvclohexane (1) + cthanol (2)

0.6

0.

o

D3 -

A2/ A1

0.2

Slope = 0.2533 F/F, = 1/3.947888

0.5

L 1.5

XQ/X,

Figurc B-4: Gas chromatograph (Shimadzu) calibration for cyclohexane (1) + cthanol (2)
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2.5 Slope = 0.9879 F./F, = 1/1.1137
2 .|
i
g 1.5
=
.
0.5
0 : :
0 0.5 1 1.5 2 2.5
X,/ X,

Ifigure B-5: Gas chromatograph (Varian 3000) calibration for propionic acid (1) + butyric

acid (2)

1.2

Slope = 1.0087 F,/F, = 1/0.991375
0.8

0.6

A2 A1

0.4

0 0.2 0.4 0.6 0.8 1
Xz IX,

Figure B-6: Gas chromatograph (Varian 3000) calibration for propionic acid (1) + butyric

acid (2)
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1.8
1.6 - Slope = 0.7457 F./F, = 1/1.341022
1.4 -

1.2

A1/A2

0.8 -
0.6
0.4 -

0.2

X, 1 X5

Figure B-7: Gas chromatograph (Varian 3000) calibration for butyric acid (1) + isovaleric
acid (2)

|8 T e e e e = = R e e . =

1.6 Siope = 1.3476 F,/F, = 1/0.74206 [

A2/ A1

0 RSO % = = . Y
0 0.2 0.4 0.6 0.8 1 T2 |

X2 IXy

[Figure B-8: Gas chromatograph (Varian 3000) calibration for butyric acid (1) + isovaleric
acid (2)
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1.6 -
Slope = 0.6588 F./F, = 1/1.517911

0.8

A1/A2

06 -

Figure B-9: Gas chromatograph (Varian 3000) calibration for butyric acid (1) + hexanoic

acid (2)

1.2 ——

Slope = 1.5228 F /F, = 1/0.656685

A2/ A1

0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8
X, /X,

TFigure B-10: Gas chromatograph (Varian 3000) calibration for butyric acid (1) + hexanoic
acid (2)
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.5 Thermodynamic consistency tests

Thermodynamic consistency tests are based on the Gibbs-Duhem equation:

"/E r
> xdny, =—=dP - F{ =T (B-27)
RT RT"

For a system 1o be thennodynamically consistent the VLE data must satisty the Gibbs-Duhem
cquation. In this project the Direct test proposed by Van Nesx [1995] was used. The test ix

formulated us follhws:

The aclivity coefficient is related 10 the excess Gibbs enerav (G as

GE
RT =Z.\', ny, (B-28)

For o binury system Equation (B-28) becomes:
g =xIny +x Iy, (B-29)

. I: . .
In the above equation g = G /RT and the asterisk denotes experimental values,

Differentiation of Equation (B-29) yiclils:

le ’ ! Iny, /ny.
°E - ]ny—'_+&? + amy + x, Ak ~£ (B-30)
dy, e v, Ty,
where. for isothermial data,
VE AP
€= —_ {(B-31)
RT dy,
or, for isobaric data.
—H* dT
e (B-32)
RT™ dx,

AU this point an equation inter-relating the excess thermodynamic properties (G7, V¥, and H") us

derived by Van Ness [1959] is introduced:

L L r
f{nl ;’T ﬂ = ”RVT 1P~ ’l':;z a7 + > Iny,dn, (B-33)

Applying equation (B-323) to onc mole of a liguid phase containing species ) and 2. the following

equation results (written for only isothermal or only isobaric dita):

d—gzlnh+6 (B-34)
ey, 7
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By subtracting equation (B-30) from cquation (B-34), the following cquation is oblained:

dIny, L dln yvi

X; A 3 (R-35;
dyv, dx, Ys Y dx, dx, '
In terms of residuals, this equation becomes:
d(6p « dIny, dny. 1 )
———( ) =0 lnLH X, b + 2, £2 g | (B ¢
dx, Y dx, dy,

Il & data set, cither isothermal orisobaric is reduced with 2(5): )' as the objective function, then

d (8g)/cly, is effectively zero. and

! ) /1n y,
(5an'—?:}',( In7, +)_1( ny,

(B-37)
7 dy, T ody,

According to the Gibbs-Duhem equation, the right-hand side of equation (B-37) should be zero
for consistent data. The rexidual on the lefl is therefore & direct measure of deviations from the
Gibbs-Duhem equittion. The extent to which valucs of this residual fuil to scatter about zero

measures the departure of the data from thermodynanuc consistency. Thus the application of this
lest involves two basic steps.  First the VLE data are reduced using Z(5y )2 as the objective
lfunction and second the residual S 1In(y,/y,) is determined.  Van Ness [1995] developed a
consistency index [Table B-1] based on the root-mean square (RMS) value of & In (“/,/’y:).

which bewins at one for highly consistent data and ends at ten for dita of very poor quality. Thig
replaces the woally fnadequnte 4+ /=" or “yes/no™ designation presently employed by other fests

to characterise the consistency of o data set,
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Table B;J: Consistency index for dircct test of Van Ness [1995]

Index RMS 8In(v,/v2) Comments
] >0 =0.025 excellent
2 >0.025 <0.050 very good
3 =0).050 <0.075 good
4 =0.075 =0.100 satisfactory
5 =0.100 <0.125 poor
4] >0.125 <0.150 very poor
7 >0.150 <0.175 inconsistent diat
8 =>0.173 <0.200 inconsistent data
9] =>0.200 <0.225 inconsistent data
10 >0.225 inconsistent data
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APPENDIX C

C.1 Capital Cost Estimation

C.1.1. Equipment Costs

- Weight of Tower as calculated by method suggested by Kister [1992]

= 3175 ke

- Arci of Reboiler caleulated by method suggested by Sinnot [1993] = 3.4

- Arca of Condenser calculated by method suggested by Sinnot [1993]

. . . K]
- Estimated capacity of Crystallizer = 3.00 m

Table C-1: Costing for Equipment obtained vsing published equipment data.

Jtem Costs
- Continuos Distillation Column
Cost of stainless steel tower, Timmerhaus et al [1981]
(excluding trays + conncctionx) $40.000.00

Cont of stainless steel tower by correlation Mulet el al [1981 ]
texcluding trays + conncclions)

Cost of 25 stainless steel trave, Timmerhaus et al [1981]]

Cost of 25 «tainless stecl trays by correlation Mulet el al [1981]
Cost for reboiler with above arco. Timmerhaus e1 ad {1981)
Coat for condenser with above area, Timmerhaus et al [1981]

Total Cost for Distillation Column (including reboiler and Condenser)

- Batch Crystallizer
Cost of Steel Crvstallizer, Timmerhauvs et a1 [1981) (x2)

Total Equipment Costs[197Y]

-Conversion to Present Dayv Value
1979 Cost index ()st quarter), Chemical Engineering [1979)
2001 Cost index (1st quarter). Chermcal Engineering [2001]

Total Equipment Costs[2001]. @ R8.00 to the dollar

$35,872.72
$20,000.00
$25.197.68
$2.000.00
$1.500.00
$64.570.40

$35.000.00
$99,570.40

576.5
1089 4
R 1,524,064.45
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C.1.2. Fixed Capital Investment Costs

Table C-2: Estimation of Fixed Capital Investment as sugpested by Timmerhaus et al [1980]

Jtem Yo af Costs

Total

Direct Coxsus

Purchaxed Lguipment 28 R 1,524.064.45
Purchased Eqguipment Installation 11 R 59438514
Instrumentation + Controis(Instalicd) 4 R 198,128.38
Piping (Installed) 9 R 472,459.98
Flectrical (Installed) ) | R 609,625.78
Service Fucilities 6 R 304,812.89
Total Dircet Coxts R 3,703.476.62

Indirect Costs

Enginecring iind Supervision 8 R 457,219.34
Total Direct Costs + Indirect Cosix R 4.160.695.95
Contingency Costs 8 R 416,069.60
Fixcd Capstal Inveximznt R 4,576.765.55
Waorking Capital 15 R 823.817.80
Total Capitul Investment R 5,400,583.35
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C.2 Operating Cost Estimation

Table C-3: Estimation of Operating Costs as suggested by Brennen [1998]

Products

Plant Capacity
Total fixed Capital
Product selling price
Butyric Acid
Isobutyric Acid

Uyr

R/
RA

Butyric Acid and Isobulyric Acid
10 000
R 540058335

R 7,.260.00
R 12,400.00

Production Costs

Annual Cosi

Raw Materials

Unit usage unit/yr.®
0

Unit Costs R/unit = =
0 0

Utilities

Steam

Clectricity

Cooling Water
Total Utilities Cost

Unit usage, unit/yr.

27512
1965132

222294413

Unit Costs \R/unit

15.3
(.23
0.0006

R 421,108.07

R 451,980.42

R 136,044.18
R 1.009,132.67

Labour
Opcrators
General Labour

Numbcr

N

Salary, Rfvr.
100 D00

60 000 R 440.000.00

[nsurance

(147 of fixed capital)

R 54.005.83

Non-AMisnufacturing Costs

Administration {includes packaging)
(3% of production costs)

R 45.094.16

Sclling F.xpcnses
(10% ol production Costs)

R )5U.312.85

Total Operating Costs

R 1,698.546.51

7 Calculated from energy balances obtained by Hysys simulations

sk -

Utility costs s given by Timmerhaus et al [1981)
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C.3 Evaluation of Project Profitability

Table C-4: Cash IFlow Statement

ltem / Time (yr.)

0

Codc
A
B
C
D
E=C-D
I'_'
G=L-F
H
[ =0.25(J7-E)
J =E+H+I
K= A+033+}

Capital Invesiment
Working Capital

Sales !

Operating Costs *

Net Income before Tax
Tax Allowances
Taxable income

Income Tax @ 35% p.a.
Tax saved on excess allow
Nct Income after tax
Net Cash Flow

-4.576,765.55
-823.817.80

-5.400.583.35

47.640.000.00
1.698,546.51
45,941,453.49
1,601.867.94
44,339.585.54
-15.518,854.94
0.00
30.422,598.55
30.422,598.55

47.640,000.00
1.698,546.51
45.941,453.49
372,.029.66
4.568,423.82
-15,598,948.34

30,342,505.15
30.342.505.15

47,640,000.00
1.698.546.51
45,941.,453.49
1,144,191.39
44.797,262.10
-15.679.041.73
30,262,411.75
30,262+

Table C-4...

continued

Code Item / Time (yr.) 4 s
A Capital Investment
n Working Capital
C Sales 47.640.000.00 47.640,000.00
D Operating Costs 1,.608.546.51 1,698,546.51
L =C-D Nect Income before Tax 45,941,453.49 | 45,94].453.49
I Tax Allowances
G = E-IF Taxable income 45,941,453.49 | 45,941,453.49
H Income Tax @ 35% p.a. -16,079.508.72 | -16,079.508.72
I =0.35(1-E) |Tax saved on excess allow
J =E+H-+I Net Income after tax 20.861,944.77 | 29.860).,9344.77
K= A+I3+] Net Cash Flow 29.861.944.77 20.861,944.77

Pavback Period (.18

Notes

I Sales delermined at 80% extractable volume. 4% inflation rate used to account for changes in

selling price.

12

changes over five ycar period.
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