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ABSTRACT
Salinity is one of the most critical environmental problems for water scarce countries,
deteriorating water quality and threatening economic and social consequences. This research
encompasses the investigation of a system to appropriately manage concentrated aqueous
brines. Membrane distillation and crystallisation is a useful adjunct to seawater and other
desalination processes in order to further process the resulting brine streams. This technique
becomes particularly valuable when treating solutions of extremely high concentration which
other processes such as reverse osmosis are incapable of handling. The process uses low grade
heat (which is often present in excess in many industries) and operates at about atmospheric
pressure. This work demonstrates how membrane distillation and crystallisation was used to
obtain pure crystalline products and water from solutions of sodium chloride and magnesium
sulphate of concentrations near to saturation (exceeding 5 m).

A problem that is faced during membrane distillation is that of a rapid decline in distillate flux
once crystal disengagement begins, after which the flux diminishes to zero. In order to gain a
better understanding of the process, a new approach to the modelling of the membrane
distillation process enables the prediction of driving force for the process by estimating the
vapour pressure from chemical speciation calculations.

The measurement of the vapour

pressure is not readily achieved during the course of the experiment itself. The calculations
were verified by performing experimental vapour pressure measurements in a dynamic vapour
liquid equilibrium still.

The modelling of vapour pressures and hence driving force enabled it to be compared with the
distillate flux. The thermodynamics of high ionic strength solutions were used to arrive at this
correlation. This comparison revealed a marked similarity between driving force and distillate
flux implying that reduction in the driving force is one of the mechanisms which causes the
distillate flux to fall zero, along with membrane fouling and crystallisation on the membrane.
Further simulations were performed which illustrates how membrane distillation could be used
to recover solid products from a mixed solution of salts whilst maintaining a positive driving
force at extremely high solute concentrations thus reducing both the cost and environmental
impacts of brine disposal while being an energy conserving process. It was found that in order
for reverse osmosis to operate at these concentrations, pressures exceeding 45 MPa have to be
applied in order to overcome the osmotic pressure barrier.
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Chapter

1

INTRODUCTION

This research encompasses the investigation of a system to appropriately manage
concentrated aqueous brines. In this thesis, the main process being investigated is
the membrane distillation of concentrated brine solutions for the recovery of
crystalline products from brine effluents. This chapter provides a background to
this work. Section 1.1 serves as an overview of the water situation in South
Africa. The utilisation and distribution of water within the Sasol industrial
complex is specifically discussed. Section 1.2 addresses the issue of salinity in
South Africa as a whole, and in industry in particular. Section 1.3 introduces the
concepts of green chemistry and sustainable development and discusses their
indispensability in any research or thought process in general. Section 1.4
summarises the various approaches that industry have adopted and those still
under consideration in order to address the issue of salinity and brine disposaL
Section 1.5 lays down the hypotheses and project objectives, and briefly describes
the technique of membrane distillation that would be used to reach these
objectives. Also described in Section 1.5 is the series of methods that would be
followed to achieve the overall goal. This chapter concludes with the outline of
this thesis in Section 1.6.

1.1 THE INDUSTRIAL WATER SCENARIO

Water is the backbone of the country's economy. The demand for pure water is on the rise
within the social and economic sectors, whilst the availability of pure water is on the downward
trend. South Africa experiences an average rainfall of 500 mm per year and, together with other
natural resources such as rivers and lakes, is still inadequate to meet these demands
(FAO, 2005). Industry poses as one of the chief consumers of large volumes of water together
with the generation of vast quantities of wastewater (Mann and Liu, 1999). Industrial water
traverses various operational arrays within the industrial domain.

The Sasol group of companies encompasses a diverse field of manufacturing and marketing
operations within the sphere of fuels and chemicals. Sasol is world leading in the conversion of
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low-grade coal to fuels, chemicals and gas and in so doing is South Africa's single largest
industrial investor directly contributing about R 40 billion (ca 4 %) to South Africa's annual
gross domestic product during the year (SASOL, 2005).

The unique Fischer-Tropsch

technology is the heart of this process. The initial stage in this process, known as gasification,
requires coal to be reacted under pressure and high temperature and, following exposure to
steam and oxygen, is converted into crude synthesis feed. As such, Sasol utilises large volumes
of fresh water for the various operations which includes steam generation, process cooling and
generation of electricity. The Sasol operations in South Africa alone consume water in excess
of 300 MiVd (Ginster and Jeevaratnam, 2003).

Figure 1.1 is a schematic representation of

Sasol's incoming water supplies and how these various water sources are distributed within the
plant.

PROCESS WATER SYSTEM

UTILITY WATER SYSTEM
Raw water from Vaal
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Mine water

I
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Concentrate

Blowdown
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preparation
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plant
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liquor & Fischer
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Schematic diagram of the Sasol Secunda complex water distribution systems
(Phillips and du Toit, 2002)
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Three main organic effluent streams arise from Sasol's operations:

(i)

Stripped Gas Liquor (SGL) is the largest effluent stream. SGL emanates from the
condensate of gasification which has undergone separation processes such as gravity
separation, liquid-liquid extraction and steam stripping in order to retrieve
by-products.

(ii)

Oily sewer water, resulting from plant drainage from the operations, gives rise to the
second largest effluent stream.

(iii)

Fischer-Tropsch acid water forms the third largest of these effluent streams. Residual
water emanating from the Fischer-Tropsch reaction is rich in organic compounds.
These compounds are recovered by distillation, concomitantly yielding a distillate
stream rich in organic acid (C! to C6). This stream is known as the Fischer-Tropsch
acid water.

Appropriate treatment of these organic effluent streams renders possible the recycling of these
effluents as process cooling water. The majority of the blowdown from the process cooling
water system is sent to the wet ash handling system and the remainder is recycled to the water
recovery plant. The reason for the large flow of blowdown to the ash system initially arose
from low rates of evaporation from the evaporation ponds. In order to overcome this hurdle, all
initial downstream unit processes at the water recovery plant, such as clarification, filtration and
ion exchange, were eliminated which facilitated a reduction in saline effluents. However, to
compensate for the reduced quality of make-up to the process cooling water system, the cycles
of concentration in the cooling system were reduced with the net effect of doubling the
blowdown to the ash system.

1.1.1

The Ash Water System

Ash is a residue of coal combustion. Sasol produces large quantities of utility boiler ash
comprising a mixture of fly ash and bottom ash. Sasol adopts a wet ash handling system. In
this system the ash is conveyed to the ash heaps as a slurry. The excess water is recovered and
stored in a series of dams prior to re-use. To overcome the positive water balances in the wet
ash water system (due to the increased load from the process cooling water system), a combined
reverse osmosis (RO) plant comprising of a primary tubular reverse osmosis (TRO) unit and a
secondary spiral wound reverse osmosis (SWRO) unit has been installed to treat clear ash
effluent (Figure 1.1). Regeneration effluents from the boiler feed water preparation plant is sent
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to the ash handling system. Permeate from the SWRO unit is recycled as boiler feed water.
The chemistry of the ash water (TRO brine) is similar to that of mine water, with sulphate and
sodium forming the major components. Some iron, potassium, manganese, copper and silica
are also present in small amounts. Most of the ash produced in South Africa is disposed on
landfills. However, the rapidly increasing size of the ash systems is becoming a mounting threat
to industries.

1.1.2

The Mine Water System

South Africa holds fifth position on a global basis as a coal producing country (Azzie, 2001).
Moreover, Sasol alone operates one of the world's largest underground coal mining complexes.
Coal mining requires large volumes of water for operations including, amongst others, drilling,
dust suppression, environmental cooling and hydropower generation. The remains of these
activities tend to increase the contamination of mine water which collects in the underground
mining complex. The characteristic mine water can be typified as acidic, saline and containing
high metal concentrations. A system was installed to purify this water for re-use as boiler feed
water. It consisted of an electrodialysis reversal (EDR) plant followed by a SWRO plant
(Figure 1.1). A major portion of the chemistry of the EDR and mine water constitutes sulphate,
sodium, calcium, chloride and magnesium, in order. A small fraction of potassium and silicate
are also present giving rise to a total dissolved solids (TDS) content of 20 g/l and 5 g/t for EDR
and mine water, respectively. Depending on the particular treatment technology that the mine
water undergoes, the correspondent waste residue stream may be in the following forms (Du
Plessis, 2005):

a

Neutralization sludges with a typical composition of metal hydroxides, carbonates and
gypsum.

•

Sulphur sludges from biological treatment processes.

•

Softening sludges with a high calcium carbonate content.

a

Brines with variable concentrations of various salts dependent on the chemical profile
of the mine water feed.

Despite the recovery and re-use of the mine water, another problem which will be aggravated
over the years is that of seepage of surface and underground water into the mined-out areas. A
proposal for the treatment of this water to produce water which could substitute or complement
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the raw water stream is being analysed, however the capital and operating costs of this process
may make the system uneconomic.

A generic water balance, developed by Pulles et al. (2001) for the South African coal mining
industries, explicitly describes the industry-wide patterns of water sources, water utilisation and
water disposal around coal mines. This water balance enables industries or other role players to
set benchmarks that can be used to evaluate the water management performance of individual
mines. With the accumulation of mine water being on the increase, it seems improbable that the
solution to the problem lies simply in the treatment of this water. An alternative and possibly
innovative strategy needs to be devised before this challenge can be overcome.

1.2 THE SALINATION SCENARIO

Salinity is the general term associated with the build-up of salts in soil or water. Saline water,
in particular, refers to water containing dissolved solids which are in excess of the limits of
potable water (U.S. Bureau of Reclamation and Sandia National Laboratories, 2003). Salinity
has become one of South Africa's most critical challenges, threatening economic and social
consequences.

Saline waters have two major origins - natural and anthropogenic (DWAF,

2005). The salination of river water is a natural, inevitable cause borne by the geology of the
land. Man-made causes are manifold. The large volumes of aqueous waste that are discharged
by industries represents one of the sources of salts. However, a greater predicament is that of
diffuse pollution as it impacts over a much larger area on the water resource. This scattered
form of pollution has its origins from, amongst others, poor or deficient administration of urban
settlements, land pollution from waste deposits and accumulation of the remains of mining
activities.

The Sasol operations alone contribute two of the major sources of saline aqueous effluents, i.e.
internal to the water circuits and ash systems or external on the mining operations. Figure 1.2 is
an illustration of the distribution of water and salt within the Sasol Synthetic Fuels (SSF)
complex together with an indication of the quantity of these streams that pass through the plant
on a daily basis.
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Figure 1.2:
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Average daily figures of water and salt flows within the SSF complex
(SASOL, 2004)

The internal salt generation arises from water treatment processes such as desalination for water
recovery, ion exchange regeneration for water softening to produce boiler feed water and
cooling systems which produce blow down. Furthermore, when ash comes into contact with
water a saline alkaline leachate is formed.

With the increase in the demand of fresh water in South Africa, particularly within the industrial
sector, and with salination reducing the availability of pure water, an urgent need arises for the
clean-up or prevention of saline effluents. Numerous measures against salination are being
implemented both in industry and on the urban frontier. These include reducing salts in the
water supply and during domestic and industrial use, proper management of water resources
(release of part of the water resource to sea), suitable irrigation systems and practices, soil
conditioning and desalination of water and wastewater (Juanico, 2005). However, if one would
consider treatment of the source of the problem in the first instance, this would ultimately
prevent build-up and a dilemma at the end-of-pipe stage.
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1.3 GREEN CHEMISTRY AND SUSTAINABLE DEVELOPMENT
The United States Pollution Prevention Act of 1990 prompted the U.S. Environmental
Protection Agency to take action and develop preventative approaches against pollution
(Nameroff et al., 2004). The Office of Pollution Prevention and Toxics (OPPT) was founded
and focuses on being able to improve existing infrastructure and to prevent the recurrence of
previous shortcomings in new developments (Hjeresen et al., 2000).

It was the U.S.

Environmental Protection Agency who first introduced the concept of Green Chemistry and
defined it as the utilization of a set of principles that reduces or eliminates the use or generation
of hazardous substances in the design, manufacture and application of chemical products
(EHSC, 2002). Globalisation of the concept of green chemistry has expanded this definition
and it now covers a wider range of issues than those reflected in the original statement. The
green chemistry programme has impinged on many areas of society and developed various
collaborations with academia, industry and other governmental agencies such that green
chemistry is now being envisaged as a way to think rather than just a new branch of science.
Over the years it has been realised that through the implementation of various sub-disciplines of
chemistry and molecular sciences, there is a rising positive reception that this flourishing area of
chemistry is needed in the design and attainment of sustainable development.

In 1987, the United Nation's Brundtland Commission defined sustainable development as
meeting the needs of the present without compromising the ability of future generations to meet
their own needs (United Nation's General Assembly, 1987). This definition is very broad and
could have many different interpretations. As such, there have been many debates over the
definition of sustainability.

Since the Brundtland Report, sustainability has been given

numerous definitions as (i) maintaining intergenerational well-being, (ii) maintaining the
subsistence of the humankind, (iii) satisfying the productivity of economic systems,
(iv) maintaining biodiversity, and (v) maintaining evolutionary prospective (Tisdell, 1991).
However, despite these various ways of defining sustainability this is a concept that is vague by
nature. The concept of sustainability may assist in decision making for the establishment or
progression toward a sustainable business, enterprise or society; however the ambivalent
character of the concept, i.e. trying to sustain something that exists in a milieu of perpetual
change, is both theoretically and functionally challenging. But if one considers that life itself
revolves around change, it is not surprising then, that sustainability is a principle of life about
both sustaining a particular resilient state and adjusting to changing internal conditions (Kohn et
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al., 2000). Over the years sustainable development has become an accepted aim of the world.
This paradigm may also be explained by the perception, from the late 1960s, that the world is
facing a meta crisis, including crises of development, environment and security (Kirkby et al.,
1995).

With Green Chemistry and Chemical Engineering, one works toward sustainable development
by inventing, designing and implementing chemical products that fulfil the following ideologies
of overcoming the environmental pollution hurdle (Anastas and Warner, 1998; Frederick, 2005
and ACS, 1987):

•

Preventative approach - seizing the problem at the roots thus preventing aggravation
with time and adversity at maturity.

•

Atom economy - making maximum use of starting materials to yield the final product.

Q

Minimisation of the use of hazardous products - a synthetic route should be planned
so as to prevent the use and generation of harmful or toxic reagents and products or, if
certain auxiliaries are indispensable, the minimum quantities should be used.

•

Design of safer chemicals and chemistry - chemical products should be designed with
reduced toxicity and potential for chemical accidents, while still maintaining efficacy
in functionality.

•

Energy conservation and waste minimisation - energy and use of non-renewal
resources should be reduced as much as possible during the manufacture and use
phases of a product.

•

Less hazardous solvents and auxiliaries - selecting the most appropriate solvents with
minimum toxicity.

a

Design of appropriate starting materials and products - a raw material or feedstock
should carry renewable end properties while products should be biodegradable.

Q

Reduction in derivatives - use of protection / deprotection groups and blocking groups
during chemical syntheses should be minimal or avoided if possible as such steps
generate additional waste.

a

Efficient use of catalysts - selective catalysts should be preferred wherever possible.

Q

Real-time analysis for pollution prevention - development of analytical methods to
allow for real-time in-process monitoring and control prior to hazardous material
formation.
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If the above mentioned principles are adhered to, particularly by industry, it is proposed that
within two decades the following should be possible (Sanghi, 2000):

•

Complete eradication of emissions from polymer manufacturing and processing.

a

Substitution of all environmentally hazardous solvents and acid-based catalysts with
solids or more eco-friendly alternatives.

a

Waste reduction between 30 and 40 %.

a

More than 50 % reduction in the amount of plastics in landfills.

Recently, a strategy for implementing the relationships between industry and academia has been
proposed.

This philosophy known as the triple bottom line predicts that an enterprise or

business association would be economically sustainable if the objectives of environmental
protection, societal benefit, and market advantage are all satisfied (Tundo et al., 2000). This
three fold philosophy is a strong hypothesis for evaluating the success of industry or
environmental technologies.

Industry would be a good starting point for the promotion and implementation of green
chemistry thus providing the pathway for others to follow to a cleaner and greener country.
Recent advancements to Sasol's industrial chemical plant have proved to be making valuable
progress in this direction. A project involving the utilisation of natural gas, brought in from
Mozambique, as a substitute to their large coal requirements as a source of energy, lead to
significant reductions in this industries overall environmental emissions. The use of natural gas
has decreased Sasol's coal requirements by a factor of 60 to 70 % and was said to yield
significant environmental benefits (BCSD, 2003).

Any technical solution to the problem of salinity needs to be assessed by applying the principles
of green chemistry and sustainable development.

1.4 INDUSTRIAL APPROACH TO SALINITY

Desalination technologies have been recognised as the primary method of generating surplus
water supplies and is so rapidly developing that the efficiency of desalination technologies
evolves at a rate of approximately four percent per year (U.S. Bureau of Reclamation and
Sandia National Laboratories, 2003). It is therefore this approach of desalination that industries
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have adopted in order to produce freshwater from saline effluents for re-use or recycling and
forms an attractive approach, especially if the particular industry is situated within water scarce
catchments. Section 1.4.1 lists some of the desalination technologies that are currently in use.
However, it must be realised that every desalination and water purification technology generates
two process streams - a water product stream and a brine or concentrate stream. The latter
contains species that did not pass through the membrane during desalination using membrane
technologies or of the backwash from low pressure processing. These waste streams contain
high concentration of salts and other contaminants. Disposal of these streams is currently
posing a major problem to industries. Some approaches that have been considered by industries
for brine handling and disposal is discussed in Section 1.4.2.

1.4.1

Desalination Technologies

Recent years have seen significant progress in the improvement of desalination technologies in
industry and mining and a number of new desalination plans are currently being devised. Listed
below are some of the technologies that are used for the desalination and purification of saline
water.

a

Membrane technologies - makes use of semi-permeable or selective membranes in
order to remove contaminants during the desalination or purification of water.
Examples include microfiltration, ultrafiltration, nanofiltration, reverse osmosis and
electrodialysis (these are discussed in detail in Chapter 2).

•

Thermal technologies - requires energy (heating or cooling) for selective retention of
contaminants with the production of pure water.

a

Reuse / Recycling technologies - modified membrane or alternate technologies which
are appropriately adjusted to accommodate for increased contaminant loads due to
their end applications (valuable or saleable products).

The basis of all desalination technologies is conversion of part of the inlet feedwater flow into
fresh water. This inevitably results in a stream of water which is relatively concentrated in
dissolved salts. This concentrated stream is a major obstacle which creates uncertainty and
hinders the implementation of desalination technologies, as the management and containment of
these inorganic waste products (sludges and brines) pose a serious problem.
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1.4.2

Brine handling options

In the past most of the waste streams arising from the various mining and manufacturing
activities were discharged to surface waters or the ocean. However, more rigid current and
future environmental regulations will make these disposal routes less feasible, therefore other
disposal options need to be sought. It seems that technologies that are available for managing
these waste products are either prohibitively uneconomic (exceeding the cost of water treatment
or desalination) or unsatisfactory because of long term liabilities and associated risks they pose
to water resources (Du Plessis, 2005).

Andrews and Witts (1993) have discussed some options concerning the handling of RO
concentrates and, more recently, Du Plessis (2005) has suggested future trends in brine disposal.
Apart from surface water discharge, they have described the following as typical means of
concentrate disposal:

•

Spray irrigation / land application.

a

Deep well injection in appropriate geological environments.

•

Waste water treatment facilities which are capable of accommodating concentrate
loads without disturbing its own treatment operations.

•

Thermal evaporation and solar evaporation ponds.

a

Drain fields and boreholes where discharge is to the surficial aquifers.

Q

Disposal in old underground mine workings, similar to existing backfill operations.

•

Solidification and deposit in underground vaults.

However, the extent of use of these methods is subject to the composition or, in some instances,
quality of the concentrate, government regulations, economic implications and site-specific
factors.

Table 1.1 lists an evaluation of some brine disposal options considered by industry, together
with the advantages and disadvantages associated with these technologies.
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Table 1.1: Summary of the various brine handling technologies at Sasol (Ginster et al, 2003)
Name

Description

Advantages

Disadvantages

Brine to Brick

In this process an ash

A stronger brick as

Performance over

cement brick which is

opposed to bricks

prolonged periods is

more economical is

manufactured using

unknown and

made from brine.

tap water.

requires further
investigation.

Evaporator / crystalliser

Further concentration

Tried and tested.

The crystallised

of brine coming from

A dry product is

salts do not carry

EDR membrane

produced which is

high saleable value.

desalination.

preferred for land

Added cost for salt

disposal.

disposal.
Little or no further
brine handling
options.

Waste backfilling

Co-disposal of brine

The formation of

with ash backfills into

acid rock drainage

been well-applied

mine workings.

is suppressed and

internationally;

less water can seep

however, local

into the mine.

implementation is

Mine-life can be

limited.

prolonged.

• This concept has

• Pumping and flow
rates are limited.
• Requires
cementitous agent to
bind the salt.

Salt splitting

Solar ponds

Uses bi-polar

Generation of

membranes to split

reagents that can be

are intolerant to

salts of sodium

re-used within

certain impurities

sulphate to sodium

process streams.

such as iron and

•

Bi-polar membranes

hydroxide and

silica present in

sulphuric acid.

brine effluents.

Modification of

•

Widely used.

existing salt storage

•

Operationally

ponds.

economic.

•

Contamination to
groundwater.

• Temporary solution.

Considering the two major sources of saline aqueous effluents within the Sasol complex
discussed in Section 1.2, the internal salt generation needs to be addressed through a range of
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interventions including waste minimisation, process optimisation and water pinch but ultimately
concentrated brine streams will be produced. Considering the mining operations there are three
ways to respond to salinity:

i)

A preventative approach - by changing land use practices responsible for the
aggravation of the problem and to prevent further damage,

ii)

Management and containment - by schemes such as salt interception to control the
groundwater movement through the subsurface or by lowering the water tables,

iii) Considering the salts as a sustainable resource for the next two thousand years instead of viewing salinity as a problem, it could be viewed as an opportunity to obtain
value while simultaneously improving the situation.

Much work has been performed on being able to solve this salinity crisis. However, bearing in
mind the concept of sustainable development, the third tactic to this problem of salinity forms
an attractive approach. We can view these saline waters as an environmental problem or we can
turn this environmental problem into an economic resource by viewing these saline waters as a
sustainable resource of salts (Mariah et al., 2004).
potentially recoverable and saleable products.

Several of the waste streams contain

Sustainable salt sinks can be achieved by

considering the formation of valuable salts when designing a saline water circuit and the
composition of the streams that enter the circuit. The separation and concentration processes
need to be combined to produce high value products.

1.5 PROJECT OBJECTIVES

Based on the premise that inorganic concentrates can be separated into high purity chemicals
and reusable water, this research addresses the need for industries such as Sasol to ensure an
adequate supply of water of sufficient quality while at the same time being able to manage the
inorganic brines arising from its manufacturing and mining activities. The chlor alkali salt
preparation circuit is an example of a process that requires a pure sodium chloride feed for a
subsequent synthesis step (electrolysis) (Gianadda, 2002). Suitably purified and concentrated
brine streams could substitute for the imported raw salt which is used as the feed chemical. A
technique is therefore required in order to separate and recover these concentrates with the
concomitant release of pure water. Section 1.5.1 discusses a membrane technique which is
proposed. Section 1.5.2 describes the approach that was followed during this study.
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1.5.1

Proposed Membrane Technique

Many techniques have been investigated for the desalination of water and separation of salts.
The most commonly used is that of RO although other techniques such as thermal desalination
and evaporation have been investigated (Kurbiel et al., 1995). The main shortcoming of RO is
the need for excessively high pressures at high solute concentrations, as is the case of high
saline industrial water such as ash and mine water (Mariah et al., 2006a). This elevated pressure
is required in order to overcome the osmotic pressure barrier in concentrate processing. In
processes such as thermal evaporation, for example, high temperatures are required in order to
achieve evaporation and salt recovery. A need therefore seems to arise for a process which
would achieve the recovery of crystalline products and pure water and is capable of operating at
high solute concentrations while still maintaining engineering feasibility of simple operating
conditions.

Membrane distillation (and crystallization) is a technique which potentially leads to an almost
complete water recovery and the elimination of the brine disposal problem.

Chemical

manufacturing complexes frequently have an excess of low-grade heat. This energy can be used
to create a temperature gradient across a hydrophobic microporous membrane. The resulting
vapour pressure difference produces a flux of water vapour through the membrane thus aqueous
brine solutions can be concentrated and crystallised. This process does not have the limitations
of processes such as RO and thermal evaporation as this process can operate at high solute
concentrations, at low concentration gradients, moderate temperatures and atmospheric pressure
(Mariah et al., 2006b). Recent innovative designing of integrated membrane processes have led
to process intensification and reduction in pre-treatment costs (Drioli et al., 2002). Integration
of various single membrane units might assist in overcoming the shortfalls otherwise
experienced if these units operate independently, i.e. many specialised separations as opposed to
one big concentration step.

1.5.2

Specific Aims

This thesis is concerned with the technique of membrane distillation for the separation and
recovery of salts from concentrated brine effluents. A study into the process of membrane
distillation, paying attention to the driving force for the separation process, is examined. This
work addresses the problem faced by membrane scientists of the decreasing flux trend by
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evaluating the driving force during a batch membrane distillation experiment and examining if
this could be correlated with the distillate flux. The following approaches were identified in
order to reach the necessary goal:

Q

Proof of concept - the ability of recovering crystalline salts and pure water from
concentrated brine solutions using membrane distillation crystallisation would be
investigated. The brine solutions that would be studied consist of single and mixed
electrolyte systems of magnesium sulphate and, sodium chloride and magnesium
sulphate, respectively.

For the mixed salt solutions the objective would be the

crystallisation of sodium chloride.

•

Vapour pressure modelling - in order to evaluate the driving force during a batch
membrane distillation process, the vapour pressure difference across the membrane
needs to be measured. However, this is impossible during the experiment itself hence
the possibility of modelling these vapour pressures using a geochemical speciation
program will be investigated. The accuracy of the computer program will be verified
by experimental vapour pressure measurements. These will be performed using a
dynamic vapour-liquid equilibrium still.

•

Evaluation of driving force - the vapour pressure driving force during the
course of the membrane distillation experiments need to be calculated using the
geochemical speciation program and correlated with the distillate flux to
examine the implications.

An underlying criterion that was necessary for the facilitation of this work was an understanding
of high ionic strength electrolyte chemistry.

In order to gain this proficiency the initial

theoretical work involved an examination of the brine stream used as a feed for a chlor alkali
circuit at the Polyfin Umbogintwini (Sasol Polymers) plant (now closed) (Gianadda, 2002). This
work has necessitated an understanding of high ionic strength aquatic speciation chemistry and
the associated modelling (Mariah et al., 2003).
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1.6 THESIS OUTLINE
Chapter 1 provides an introduction to the research work presented in this thesis. The scope of
this work is outlined together with the project objectives and the series of methods that would
be followed in order to achieve these aims.

Chapter 2 summarises the relevant literature and outlines the important concepts necessary for
the development of this work. The review begins with a description of the chemistry of natural
waters followed by a discussion of the various techniques of desalination leading to the
technique of membrane distillation crystallisation that will be used in this work.

The

advantages and disadvantages of these methods are specifically discussed.

Chapter 3 presents the results of the membrane distillation of single salt solutions of
magnesium sulphate and that of mixed salt systems of sodium chloride and magnesium sulphate
in varying mass ratios, chosen in order to crystallise sodium chloride.

Details of the

experimental procedure are provided together with a discussion of the implication of the results.

Chapter 4 provides a background of the chemistry of high ionic strength solutions and the
various models available for the determination of the thermodynamic properties of these
solutions. The use of chemical speciation models for the determination of these properties is
discussed focussing on the particular model used during this work.

Chapter 5 forms the core results and discussion of this work. This Chapter begins by providing
the results obtained from speciation modelling procedures used to determine the vapour
pressures of the salt solutions. This is then followed by experimental verification of the
computed results. The experimental technique used to obtain the vapour pressures of the salt
solutions is described together with the outcome. This research is then drawn together by a
correlation of the results obtained from the individual procedures and a discussion thereof.

Chapter 6 brings this work to a close by concluding all major findings and suggesting
possibilities for future advancements.
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Salinity is a broad concept and the chemistry of saline waters is complicated.
Section 2.1 introduces the concept of salinity; it is followed by a description of the
chemistry of brine. A significant amount of research has been performed concerning
the desalination of these waters to produce, amongst other components, pure water.
Desalination processes and their principle of separation are described in Section 2.2.
The operation and evaluation of these membrane processes are described within this
Section. As membrane distillation is the subject of this thesis it is described in detail in
Section 2.3. Section 2.4 concludes this chapter by demonstrating how these various
desalination and separation operations can be brought together to form integrated
membrane systems ultimately leading to process intensification.

2.1 SALINITY

The term salinity encompasses a description of a range of waters of differing total dissolved
solids (TDS) content. These include fresh water, brackish water, saline water and brine. The
TDS content governing the distinction between these terms is < 1 g/£, 1 to 20 g/£, 20 to 50 g/£
and > 50 g/£, respectively (Smith, 2000). As described in Section 1.2, industrial mine water has
a TDS content of more than 20 g/£. These waters are therefore considered saline or brine. The
chemistry of brine is complicated and is described in Section 2.1.1. However, if this saline
water can be desalinated to produce pure salts, Section 2.1.2 describes how the value of these
salts could be exploited.

2.1.1

Brine Chemistry

Brine is a form of water which is significantly more saline than seawater. The chemistry of a
brine is determined from the chemistry of the inflow waters (Eugster, 1980). Section 1.2
outlined the major industrial sources of brine. Natural brines consists of six primary ions, Na+,
Mg2+, Ca2+, CI", S042" and HC03", although the major contributor to the TDS of mine water is
S042" resulting from bacterial and chemical oxidation of pyrites (Juby et al., 1996). The
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abundance, diversity and interaction of these ions in solution are complicated and are
determined by chemical speciation of the sample. In evaporation ponds, saline waters are
concentrated until minerals become saturated. If the saturation index (SI) of a particular mineral
is reached, i.e. SI = 0, the mineral will precipitate out of solution and certain elements are
removed from the brine while the remaining elements become residually enriched. According
to Eugster and Jones (1979) this evaporation and crystallisation process causes all inflow waters
of varying chemical composition to tend towards a similar end product.

This type of

crystallisation is known as fractional crystallisation and implies that the crystallised minerals
have no further interaction with the brine (Harvie and Weare, 1980).

Equilibrium

crystallisation, on the other hand, differs in that the precipitating minerals continue to react with
the brine while maintaining equilibrium with the brine. These types of mineral crystallisation
are described in more detail in Section 2.1.1.1 and Section 2.1.1.2.

2.1.1.1 Fractional Crystallisation

The Hardie-Eugster model (Figure 2.1) describes how brines evolve through the chemistry of
the waters.

Mineral precipitation gives rise to chemical divides - junctions where the

composition of the brine can change course and follow a new path. Based on the general
principle: whenever a binary salt is precipitated during evaporation, and the effective ratio of
the two ions in the salt is different from the ratio of the concentrations of these ions in solution,
further evaporation will result in an increase in the concentration of the ion present in greater
relative concentration in solution and a decrease in the concentration of the ion present in
lower relative concentration, a series of pathways can be followed (Drever, 1997).

Calcite (CaC03) is typically the first mineral to precipitate and therefore demarks the first
chemical divide. The initial pathway is then governed by the ratio of bicarbonate to alkali-earth
metals, i.e. whether the calcium concentration (2wC(j2+ ) is greater or less than the carbonate
alkalinity (/»„„-_ + 2 m „ . ,

), where T signifies total analytical concentration. In a water

where solutes are completely obtained from atmospheric C0 2 and dissolution of calcite, the
charge balance equation is:

2m

Ca»

If m

+ and

m

+

" V = mHCO;

+ 2m

C0r

+ m

OH-

P'1]

are ignored then:
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2m Ca2+ = mHCO;
ar,n. +2mCO;

[2.2]

This case defines the balance point of the chemical divide (Drever, 1997). Evaporation of these
waters will result in the precipitation of calcite, without the accumulation of Ca2+ relative to
alkalinity or vice versa. If the conditions of Equation 2.2 are not fulfilled this will result in
either the build up of Ca2+ or alkalinity following which, one of a series of five pathways may
be followed.

Na, Ca, Mg, HC0 3 , S0 4 , CI

] [ Calcite (CaC0 3 ) precipitates
alkalinity < 2m

9.

alkalinity > 2m

Na, Ca, Mg, S0 4 , CI

Na, Mg, C0 3 , S0 4 , CI
Sepeolite [MgSi306(OH)2]
W precipitates

Gypsum (CaS04.2H20)
precipitates

alkalinity < 2m

o.

Ca 2+

Ca2+

Na, Ca, Mg, CI

2+

Na, Mg, S0 4 , CI

Na, Mg, S0 4 , CI

alkalinity > 2m

o.
Mg2+

Na, C0 3 , S0 4 , CI

Figure 2.1: Possible pathways for the model evaporation of natural waters (adapted from
Drever, 1997 after Hardie and Eugster, 1970)

The pathways are described below (Eugster and Jones, 1979 and Drever, 1997):

•

Pathway I: HCO3 » Ca. A low Ca concentration restricts the amount of calcite that
can precipitate. During evaporation essentially all the calcium will be removed from
solution and the solution will consequently tend toward an alkaline carbonate brine.
This ion deficiency results in a brine that is rich in Na-Mg-CCvSCvCl. Following this
pathway the next mineral to precipitate and cause a chemical divide is sepiolite
(MgSi306(OH)2). This chemical divide involves three species - Mg"\ HC03" and
H 4 Si0 4 . The determinant is whether the Mg concentration is greater or less than the
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carbonate alkalinity after calcite precipitation.

Depending on this criterion either

pathway III or IV will be followed.

a

Pathway II: HC0 3 « Ca. This case is the converse of pathway I. The surplus calcium
allows for the formation of gypsum (CaS04.2H20) and the eventual precipitation of this
mineral results in a chemical divide. The solution then tends towards a neutral sulphate
or chloride path consisting of Na-Ca-Mg-S04-Cl.

Depending on the calcium

concentration after calcite precipitation either pathway V or VI can be followed.

Q Pathway III: HC0 3 » Mg. If the magnesium concentration, after calcite precipitation,
is less than the alkalinity, either gypsum or mirabilite (Na2SO4.10H2O) can precipitate
and the resulting water will become an alkali carbonate brine consisting of Na-C0 3 SO4-CI.

Q Pathway IV: HC0 3 « Mg. If the magnesium concentration, after calcite precipitation,
is greater than the alkalinity, the solution will tend toward a carbonate-free sulphate or
chloride brine, Na-Mg-S04-Cl.

•

Pathway V: S0 4 «

Ca. If the calcium concentration, after calcite precipitation, is

greater than the sulphate concentration the resulting brine will have chlorides of Na-CaMg as the major solutes.

•

Pathway VI: S0 4 » Ca. If the calcium concentration, after calcite precipitates is less
than the sulphate concentration, the resulting brine will be in the form of Na-Mg-S0 4 Cl.

In summary, the Hardie-Eugster model demonstrates that the composition of the brine could be
determined by the composition of the water source from where the brines were derived and
should contain relatively few ions as the major species. However, criticism has arisen as to the
simplicity of the Hardie-Eugster model and since then more sophisticated models have been
developed (Al-Droubi et al., 1980, Drever, 1997 and Harvie et al., 1984).
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2.1.1.2 Equilibrium Crystallisation

In this situation both the mineral sequence and quantities of precipitation differ from that of
fractional crystallisation. This process can occur, for example, when fresh water flows into a
pond with existing water. A process known as back-reaction occurs when the new brine begins
to equilibrate with the old brine or its precipitates. An example is anhydrite (CaS04) and
gypsum back-reacting with the brine to form glauberite (CaS04.Na2S04) and polyhalite
(2CaSO4.MgSO4.K2SO4.2H2O). The remaining brine composition is changed and new minerals
are formed which are often compound salts (Smith, 2000).

The chemistry of brine is complex and suitable chemical speciation methods need to be carried
out before the chemical composition of a particular brine can be fully understood. Furthermore,
chemical speciation requires the thorough knowledge of thermodynamic properties such as
activity coefficients - the modelling of which is rather complex.

2.1.2

Uses of Salts

Salt is one of the basic raw materials of all modern industries. The total salt produced in the
world in 2002 was 225 million tons, the majority being produced in the United States of
America (Salt Institute, 2005). South Africa does not form part of the top ten salt producing
countries but contributes a significant proportion to the overall production.

Listed in

Sections 2.1.2.1 to 2.1.2.6 are just some of the uses of salt.

2.1.2.1 Industrial Uses

One of the most important uses of salt (NaCl) is as a feedstock to the chlor-alkali industry, used
for the manufacture of chlorine and caustic soda and many other industrial and inorganic
chemicals, and allied products. Chlorine is an effective disinfectant and bleach. Downstream,
vinyl chloride and polyvinyl chloride (PVC) and their derivatives are produced from chlorine.
Caustic soda is used in pulp processing, and to make cellulose chemicals and their derivatives.
Sodium chlorite is used in the textile industry. Other chemicals manufactured from salt are
metallic sodium and sodium chlorate. Salt is used directly by many industries such as in textile
dyeing and in industrial uses like curing animal hides whether done commercially or
domestically (Salt Institute, 2005). A variety of materials, each of which is used in the
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production of many products, are produced by different treatments, or processing of rock salt or
salt brine. Some of these include sodium carbonate and sulphate, used in the manufacture of
glass, pulp and paper; sodium nitrate, a component of fertilizers and explosives; liquid sodium,
used as a coolant or heat exchanger; metallic sodium, used in making brass or bronze and
hydrochloric acid, used in making synthetic rubber, amongst other uses.

Salt is also

significantly useful in the manufacture of soap and glycerine. Fats and oils are saponified using
caustic soda while the soap is salted out from solution using a strong brine (Hugo, 1974).
Saturated brine is used during the drilling of oil wells to preserve the core intact.

2.1.2.2 Water softening

The hardness of water is defined as the concentration of ions in the water that will react with a
sodium soap to precipitate an insoluble residue (Drever, 1997).

Hard water containing

excessive magnesium and calcium has become an increasing problem in many parts of the
world. Zeolites used for water softening are hydrated aluminosilicates with exchangeable Na or
K ions (Grillot, 1956). Therefore, when hard water is passed through a tank containing zeolites,
the Ca and Mg are retained by the zeolite in exchange for Na and K. After numerous exchange
processes, such that the original sodium zeolite becomes almost completely converted into a Ca
and Mg zeolite, the original zeolite may be restored by passing an excess of NaCl through the
bed.

2.1.2.3 Human and animal nutrition

Salt is an essential and one of the most demanding components of a human being. Apart from
being essential to the nutritional and physiological processes of the body, salt also forms an
important flavouring substance in food. Animals have a more well-defined appetite for sodium
chloride than any other compound in nature, except water (Salt Institute, 2005). In addition to
the basic nutritional requirements in animals, salt functions as a carrier of trace minerals such as
iron, copper, zinc, manganese, cobalt, iodine and selenium.

2.1.2.4 Highway de-icing and anti-icing for safety and mobility

When salt is applied to ice and snow it creates a brine that has a lower freezing temperature than
the surrounding ice or snow. The use of salt for snow and ice controls was first introduced in
the 1930s (Salt Institute, 2005). In the late sixties it increased in popularity facilitating easy
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mobility without danger during the winter seasons. Its availability, low-cost, harmless and
easily manageable properties makes salt ideal for this purpose.

2.1.2.5 Food Industry

Salt is extensively used in the food industry as an antiseptic and a preservative. It is added to a
variety of food products to control the microbial populations therein (Hugo, 1974). Recently,
the simultaneous brine thawing / salting operations has been proposed for the processing of
frozen meat products which are salted after thawing (Barat et al., 2005). Particularly, Barat and
co-workers (2005) showed that the post-salting period is shortened when using the brine
salting / thawing method as compared to the tradition pile-salting method, during the production
of Spanish cured ham. Salt is also used in aquaculture for example, by fish farmers to keep
their product healthy. During the canning of vegetables, salts are added to hot blanching water
to add tenderness to peas, beans, cucumbers, etc. (Hugo, 1974).

2.1.2.6 Uses of Epsom salt (magnesium sulphate heptahydrate, MgSO*. 7H?Q)

Epsomite, MgS0 4 .7H 2 0, is a widely used fertilizer and has other important applications in the
medical field such as the administration during cardiac arrest, hypokalaemia, eclampsia and
severe asthma. General uses are listed below (Mani Agro Chem, 2005):

•

Micro nutrient in agriculture.

G Raw material in soaps and detergents.
•

Laxative in medicine.

•

Refreshing additive in bath water.

•

Raw material in the manufacture of other magnesium compounds.

•

Feed supplement in the manufacture of poultry and cattle feed.

•

Coagulant in the manufacture of plastics.

The use of these various salts such as sodium chloride, epsomite, caustic soda, etc. in the
numerous fields discussed, makes it an indispensable part of many technological processes. The
spent solution containing salt, together with several organic matter such as protein or
polysaccharides are produced during these processes. Biological methods are traditionally used
for wastewater treatment however more stringent government regulations have further lowered
the limit of effluent discharge (Gryta et al., 2001). As a result these methods are becoming less
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popular as they are unable to meet these new restrictions. However, the demand for freshwater
and the increasing value of salts requires processes to be able to desalinate brines with the
concomitant production of fresh water and high value chemicals.

2.2 DESALINATION

Desalination can be defined as any process that removes salts from water (Krishna, 2004). This
process is used commercially around the world to produce fresh water for many communities
and industrial sectors. Desalination processes are divided into (i) thermal methods, in which
water is heated to its boiling point to produce water vapour, and (ii) membrane processes, which
make use of a relatively permeable membrane for the transport of either water or salt to induce
two zones of differing concentrations to produce fresh water (Winter et al., 2001). Descriptions
of these desalination processes are given in Sections 2.2.1 and 2.2.2 that follow. Section 2.2.3
outlines some of the drawbacks of these desalination processes.

2.2.1

Thermal Desalination Processes

The main thermal method employed for desalination is distillation, where saline water is
progressively heated in subsequent vessels at lower pressures and then condensed to produce
fresh water. The various distillation processes that are used to produce fresh water are multistage flash distillation (MSF), multi-effect distillation (MED) and vapour compression
distillation (VCD). In all of these processes conservation of thermal energy is a fundamental
objective, therefore distillation involves the production of vapour using low temperatures by
reducing the vapour pressure inside the unit thus reducing the boiling point temperature
requirement. It therefore appears that the major requirement for these distillation processes is
providing the heat for vaporisation to the feedwater.

2.2.1.1 Multi-stage Flash Distillation

MSF is the most widely used desalination method forming 70 % of the total world installation
desalination plants (Ismail, 1998). Figure 2.2 provides a schematic representation of the MSF
plant setup. In this process saline water is heated in flash chambers to very high temperatures
and then passed through vessels of reducing pressure to induce maximum vapour production
(Winter, 2001).
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Figure 2.2: Schematic of multi-stage flash distillation process (adapted from Darwish and ElDessouky, 1995)

The vapour pressure in each stage is carefully controlled so that the brine enters each stage at
the precise temperature and pressure (each lower than the previous) to ensure instantaneous
violent boiling / evaporation (UNEP, 1997). The water vapour is condensed to produce fresh
water which is collected at each stage and passed on from stage to stage in conjunction with the
brine. The product water is also flash boiled at each stage so that it can be cooled. The surplus
heat that is subsequently generated is then recycled and used for preheating the feedwater. The
exhausted brine is partially re-circulated to gain a higher water recovery, and partially rejected
to the sea in order to maintain a proper brine density in the system (Van der Bruggen, 2003).

The main advantage of MSF distillation is the ease and reliability of the process. Further
advantages are listed below (Van der Bruggen and Vandecasteele, 2002):
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a

There is little or no contact between the heat exchanging surfaces and the brine which
avoids problems of corrosion and erosion therefore minimising the likelihood of
reduced heat transfer by scaling.

•

The precipitation of inorganics within the chambers is a possibility but the occurrence
of such may be reduced by applying acid or antiscalants.

•

The growth of bacteria may be suppressed by the addition of biocides. Due to the
concept of operation of MSF these biocides will not be present in the final product
water.

•

MSF is insensitive to the initial feed concentration and the presence of suspended
particles.

a

The product water has a TDS content of less that 50 mg/£ which is within the potable
water limits of less that 1 000 mg/£ (Drever, 1997).

The most important disadvantage of MSF is the low performance ratio which is limited at about
1 £ related to a maximum top brine temperature of approximately 110 °C (Van der Bruggen,
2003). Consequently, MSF requires a much higher energy consumption making the process less
economic.

However, much work is still being carried out with regards to the energy

consumption during MSF distillation, and in other studies, modifications to the design of the
plants for improved performance with reduced cost factors are being undertaken (Cardona et al.,
2003, Farwati, 1997 and Garcia-Rodriguez and Gomez-Camacho, 1999).

2.2.1.2 Multi-effect Distillation

This technique represents one of the oldest techniques of desalination (Al-Shammiri and Safar,
1999). Figure 2.3 provides a schematic representation of a MED setup. The principle of
operation of this process is similar to that of MSF only with a lower temperature requirement.
As the name suggests, in MED steam is condensed in multiple-effect units on one side of a tube
wall while saline water is evaporated on the other side (Krishna, 2004). The steam produced in
this way is used for a subsequent step or effect which operates at a slightly lower temperature
and pressure as with MSF. The heat produced during the condensation of the steam is used as
the energy for the evaporation process. The saline water is introduced to the tubes in the form
of a thin film. This ensures rapid heat transfer rates and hence evaporation. The process
efficiency is proportional to the number of effects that the brine passes through. A typical range
is between 8 and 16 effects for MED (Van der Bruggen, 2003).
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Figure 2.3: Schematic of multi-effect distillation process (Van der Bruggen and Vandecasteele,
2002)

MED however, unlike MSF, is more susceptible to corrosion effects due to direct contact
between the brine and heat exchange surfaces. Scaling of heat exchangers by oversaturated
compounds such as calcium sulphate is more likely to occur in MED. Although MED has been
in the market longer than MSF, it has not been as extensively utilised as a primary method of
desalination compared to MSF. However, recent developments in MED is threatening technical
and economic performances of MSF (Engelien and Skogestad, 2005 and Kumar and Tiwari,
1999).

2.2.1.3 Vapour Compression Distillation

This process is a variation of MED and is normally run in combination with MED, but also
operates independently. The difference with VCD is that the heat for evaporating the water
comes from the compression of vapour as opposed to condensation of the vapour like in MED
and MSF. The subsequent latent heat of the vapour released during the compression is reused in
the evaporation process (Figure 2.4).
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Water vapour is drawn from the evaporation chamber by a compressor and, apart from the first
stage, is condensed on the outside of tubes in the same chamber as shown in Figure 2.4 (Howe,
1956).

Due to its complex nature, the independent application of VCD is limited to small-scale plants
although combination with MED may result in improved process control (Krishna, 2004).

2.2.1.4 Assessment of the Suitability of Distillation Technologies for Desalination

The technical factors affecting the choice of thermal desalination processes can be summarised
as follows (Darwish and El-Dessouky, 1995):

Q VCD appears to be a better choice of thermal desalination when desalters are directly
operated by conventional or waste-heat boilers.
Q MED is superior to MSF in terms of thermodynamics and heat transfer efficiency.
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a

MED can operate at low top brine temperatures to reduce scale formation. However, it
is impractical to run MSF at similar temperatures, as a result MSF is more susceptible
to scaling and corrosion of the chambers.

a

For the same energy consumption VCD uses much smaller heat transfer surfaces than
either MSF and MED.

Some of the major advantages and disadvantages of desalination using distillation methods are
listed below.

Advantages (UNEP, 1997):

a

In comparison to other desalination technologies, distillation was found to have lower
operating and maintenance costs associated with the process.

•

Usually distillation does not require pre-treatment of the feedwater such as the addition
of chemicals or water softening agents.

a

Low temperature distillation plants are energy-efficient and economic.

•

Due to automation of the distillation plants only a few number of personnel are required
for operation and control.

a

The impact on the environment by distillation processes is not so harsh, provided that
brine disposal is accounted for in the design.

a

The technology produces fresh water of high quality with TDS content within the limits
of potable water consumption.

•

Distillation can be integrated with other processes, for example, coupling of heat energy
from an electric power generation plant.

Disadvantages (UNEP, 1997):
•

Large distillation plants may not be as economic in terms of energy efficiency.

a

The cost factor for running distillation processes, particularly MSF, is very high.

•

The design and operation of the distillation process requires significant technical
knowledge and aptitude.

a

In some instances, the technology may require the use of acids which require
precautionary handling and utilisation.
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With the development of newer and improved desalination technologies the use of distillation
methods for desalination is becoming less popular and is limited to use in countries where cheap
energy is available or in resort hotels and high-value-added industries.

2.2.2

Membrane Desalination Processes

Until recently, membrane technologies for desalination were subdivided into two main
categories, electrodialysis/electrodialysis reversal (ED/EDR) and reverse osmosis (RO)
(nanofiltration (NF) is also included in this category).

These are described in the

Sections 2.2.2.1 and 2.2.2.2.

2.2.2.1 Electrodialysis and Electrodialysis Reversal

ED was first introduced commercially in the 1960s primarily for the desalination of saline,
brackish water. In this process, an electric potential is applied across a membrane causing salts
to move through the membrane leaving pure water behind. The principle of operation of the
process is depicted in Figure 2.5.

Concentrate
Diluate

+
cathode

anode

e
Cationexchange
membrane

Anionexchange
membrane
_Feed
solution

Figure 2.5: Principle of operation of electrodialysis (Mulder, 1996)
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The process consists of cation- and anion-exchange membranes alternatively placed between a
cathode and an anode. The principle of separation is basic. When a saline solution is fed into
the system and a current is applied, the positively charged sodium ions (from NaCl) migrate to
the cathode and the negative chloride ions migrate to the anode. These ions are unable to
permeate the similarly charged membrane and thus a build up of ionic concentration occurs in
alternating compartments and a decrease in ionic concentration in the other compartments. As a
result, concentrated and dilute solutions are created in the spaces between the membranes.

The production of potable water is one of the most important applications of electrodialysis.
One other important application of electrodialysis is the contrary, i.e. the production of salt. In
this case the concentrate is the product stream whereas, during the production of potable water,
the diluate stream is the product stream (Mulder, 1996).

Other applications include the

treatment of industrial effluents where ions have to be removed from process streams such as
demineralisation of whey, the production of boiler feedwater, the deacidification of fruit juices
and the separation of amino acids from each other (Bhattacharyya and Williams, 1992).

2.2.2.2 Reverse Osmosis and Nanofiltration

RO and NF are pressure driven membrane separation processes. As such the production of
water is achieved by applying a pressure as the driving force to transport pure water through a
semi-permeable membrane. This results in a product water stream and a concentrated brine
stream.

Both processes have the same basic operational principles (Mulder, 1996).

Furthermore, they are both used for desalination of water, NF having a more open structure
membrane network, is specific for the retention of multivalent ions such as Ca2+ and C0 2 3 \
therefore suitable only for brackish water desalination whilst RO is particular for the retention
of Na+ and CI" and can therefore treat both brackish and seawater. Slight differences arise with
regard to the selectivity of the membrane and energy consumption. Whilst RO achieves a finer
filtration process it lacks the economic energy reduction of NF (Al-Shammiri and Al-Dawas,
1997).

RO, as the name suggests, is based on the principle of osmosis, only in that an applied pressure
provides transport in the reverse direction. Figure 2.6 (I) is an illustration of a RO (or NF) plant
that may be used for desalination.
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Figure 2.6: (I) Simplified RO/NFplant setup. A: feed tank, B: pressure pump, C:
Feed Stream, D: Membrane module, E: Retentate Stream, F:
Permeate Stream (Drioli et al, 2002).

(II) Schematic showing

mechanism of separation with associated plot of waterflow (Jw) as a
function of applied pressure (AP) (Mulder, 1996)

The membrane assembly consists of a pressure vessel and a semi-permeable membrane that
permits the pure water to pass through it. During passage through the module, the feed inlet
stream (C) will split into two streams, i.e. a retentate stream (E) and a permeate stream (F). The
membrane is permeable to water but not to the salt. The permeate stream represents the fraction
of the feed stream which passes through the membrane whereas the retentate stream is that
fraction which is retained. As seen in Figure 2.6 (II), only if the applied pressure overcomes the
osmotic pressure, will water pass from the concentrated solution to the dilute solution. This can
be represented by Equation 2.3,

Pnel=APappl-A;r

[2.3]
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where the applied pressure (Pappi) is necessary to overcome the osmotic pressure (71) and the
remaining pressure forms the net pressure (Pnet) which drives the water through the membrane
(Hassan et al., 1998). Until this constraint is overcome the water will flow in the opposite
direction. As more and more water passes through the membrane, the retentate stream becomes
increasingly concentrated. In NF and RO the applied pressure ranges from 1.5 to 2.5 MPa for
brackish water desalination and for seawater desalination using RO, pressures between 4 and
8 MPa are applied (Mulder, 1996).
2.2.2.2 (a) Membrane Configurations for RO and NF

Membranes for RO and NF are available in several different configurations, viz. tubular,
hollow-fibre, plate-and-frame, and spiral-wound. The versatility of an individual membrane
design depends on the particular application and is affected by factors such as viscosity,
concentration of suspended solids, particle size, and temperature.

Furthermore, the

configuration and material composition of the membrane used is of environmental significance
as it represents an important factor in the selection of the method for pre-treatment and chemical
conditioning of the feedwater (Morton et al., 1996). The spiral-wound membrane module
(Figure 2.7) is one of the more common modules used for NF or RO.

Figure 2.7: Spiral-wound membrane module commonly used during NF and RO
(adaptedfrom Mulder, 1996)
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A spiral-wound module constitutes several pairs or envelopes of flat sheet membranes wrapped
around a central permeate collection tube. The membrane envelopes constitute two flat sheets
of membrane with an external active surface, separated by a thin support mesh and glued
together along three sides (Rautenbach and Albrecht, 1981).

The open end of the envelope is glued to a perforated collection tube.

The pressurised

feedwater follows a spiral path along the membrane envelope, and desalinated water is collected
in the central tube. The direction of the feed flow is axial to the cylindrical module, parallel
along the central pipe, whereas the permeate flows radially toward the central pipe.

The spiral wound membrane configuration offers several attractive advantages for industrial
users. These include higher membrane area per unit volume, which allows greater flows, and
also spacers between membranes, which promote turbulent flow, an important feature that
reduces fouling and extends membrane life (Bhattacharyya and Williams, 1992).

The selectivity of a membrane for a given solute is expressed by the retention coefficient or the
rejection coefficient, R.

The Spiegler-Kedem equation for the rejection is represented in

Equation 2.4 (Spiegler and Kedem, 1966):

/L.
=1- rej
\-or

^-J^
exp

[2.4]

(<WJ

The solute rejection, Rrej, is given as a function of the water flux, Jm and the solute permeability,
p. The reflection coefficient, o>, of the membrane towards a particular solute, accounts for the
fact that in reality the membrane may not be entirely non-permeable to solute and there may be
some passage of low molecular weight solutes through the membrane.

Considering that c = —- where cp is the solute concentration in the permeate, and the solute
flux Js = BsAcs ,where Bs is the solute permeability coefficient and Acs - cf -cp,

where Cf is

the solute concentration in the feed, Equation 2.4 can then be simplified to Equation 2.5.
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^ - - ^ — 2 - 1 — 2 .
cf
cf

[2.5]

Equation 2.4 shows that as rejection increases the water flux also increases until the limiting
value ar (at infinitely high water fluxes) is reached. At this limit, the diffusive flux of the solute
transport is negligible, leaving the reflection coefficient o>, as a function of the convective
transport of the solute alone. A reflection coefficient of 100 % indicates that solute transport
through convection is absent, as is the case of RO membranes as these membranes have a
denser structure with no pores thereby preventing the convective transport of solutes. However,
solute transport may take place by solution-diffusion yielding a reflection coefficient less than
100 %. In the case of NF membranes, the pores on the membranes allow for the passage of
small solute molecules yielding a reflection coefficient less than 100 %.

2.2.2.2 (b) Applications of RO and NF

NF and RO have gained popularity mainly due to their application in desalination of waters with
a TDS content in the range of brackish and seawater. These processes are also used when low
molecular weight solvents have to be separated from solutions. Some examples of these solutes
are inorganic salts or small organic molecules such as glucose and sucrose. Furthermore, NF
has a high retention for micropollutants or microsolutes such as herbicides, insecticides and
pesticides and for other low molecular weight components such as dyes and sugars and is
therefore used in the production of potable water from polluted low TDS surface water. NF is
also used in water softening, fractionation and demineralisation of effluents and concentration
of organic dyes (Garcia-Aleman and Dickson, 2004). It was also found that NF membranes are
able to keep their retention selectivity for ions in electrolyte solutions up to concentrations of
200 g/S (Karelin et al., 1996). This feature enables NF membranes to be used for the separation
of multicomponent solutions into binary ones, from which the corresponding salts can be
recovered by vaporization.

Apart from the desalination of seawater that governs the applicability of RO, this process is also
useful in the electronic industry during the production of ultrapure water, in the food industry
for the concentration of fruit juice and milk, for the recovering and recycling of valuable
products in waste streams from various industries and in the pharmaceutical industry for the
clarification and concentration of fermentation broth. RO can be extensively used in the
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treatment of industrial effluents such as electroplating process effluents, power station effluents,
pulp and paper bleach effluents and mine drainage (Buckley et al., 1993)

2.2.2.2 (c) RO versus Thermal Processes

The 1970s saw the rapid growth and utilisation of thermal desalination, particularly MSF, as the
primary desalination process. Following this era, the introduction and advancement of RO as a
method of desalination has grown and mostly overcome MSF as the primary desalination
technique. RO has almost succeeded thermal desalination processes for the following reasons
(Brandt et al., 1993):

•

It requires only half the amount of energy as opposed to the energy demand of thermal
plants (Espino et al., 2003).

a

Ambient temperatures are sufficient and no phase changes are needed for the operations
ofRO.

•

The RO plant is designed using non-corrosive polymeric materials rather than metallic
materials, as is the case in thermal operations.

a

The RO plant requires a smaller area capacity for installation as opposed to thermal
plants.

a

Transport and installation of RO plants are more facilitated as the entire plant is built in
modular components.

a

RO can be easily started up and shut down.

Q The operation of RO requires minimal technical skills due to its simplicity.

Overall the choice of RO or thermal processes for desalination depends on economic factors and
aptness of the surrounding environment to accommodate the technology.

2.2.3

Problems in the Desalination of Concentrated Salt Solutions

One of the major drawbacks for the use of RO for desalination is the susceptibility of the
membrane to scaling, particularly pronounced during the desalination of waters with high TDS
content such as seawater.

In general, scaling refers to the formation of mineral deposits

precipitating from the feed stream on to the surface of the membrane (Van Paassen et al., 1998).
The main constituents of scale are the alkaline soft salts CaC0 3 and Mg(OH)2 and the nonalkaline hard salt CaS0 4 and its derivatives, although BaS0 4 , SrS0 4 , CaF2 and SiO? can also
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result in membrane scaling (Van de Lisdonk et al., 2000). The formation of non-alkaline hard
salts is pronounced at high temperatures as their solubility is inversely related to the
temperature. During the production of fresh water by RO, the concentration of dissolved salts
increases in the retentate stream inevitably leading to deposition of precipitates on the
membrane surface. This scaling phenomenon hinders the maximal operation of the RO unit by
half of its full potential (Ohya et al., 2001). Four methods of overcoming this hurdle of
membrane scaling are currently in place (Al-Shammiri and Al-Dawas, 1997). The first method
is used when the major scale component is calcium carbonate. In this case acid is added for the
partial consumption of bicarbonate in the feed for the conversion to carbon dioxide. The second
method involves the use of antiscalants such as sodium hexametaphosphate (SHMP). These
antiscalants function as inhibitors against the formation and growth of scale-forming
components. The third approach is to run RO at lower recovery levels thus remaining under the
saturation levels of scaling salts. The final method employs a water softening approach in
which lime or soda ash is added to precipitate the carbonates as CaC0 3 . A novel approach to
this problem was described by Juby et al. (1996) for the desalination of calcium sulphate scaling
mine water.

The membrane desalination technology which is termed SPARRO (slurry

precipitation and recycle reverse osmosis) incorporates seeded reverse osmosis (SRO)
technology which is based on incorporating a slurry of seed crystals into the feed water to
conventional tubular reverse osmosis (O'Neail et al., 1981). During the concentrate processing
to produce desalinated water, as the concentration of ions such as Ca2+ increases in solution, the
seed serves as a growth medium for these ions. Due to preferential growth on the seed, this
prevents the precipitation and build-up of scale on the membrane surface itself.

Seeded

crystallisation may be carried out in one of two forms: (i) seeds of the same material as the
crystallising salt can be incorporated in the slurry which leads to the spontaneous growth of the
seeds or (ii) seeds of a foreign (heterogeneous) material may be incorporated in the slurry. In the
latter case nucleation is still required for crystallisation but the energy barrier for the
heterogeneous seeded nucleation is lower that that of the homogenous nucleation resulting in
the former occurring at a much lower saturation level (Sluys et al., 1996). The SPARRO
process addressed and overcame, to some extent, the shortcomings of other seeded systems
concerning energy consumption and recirculation rates, however, this process failed with
regards to stability of membrane performance particularly concerning the salt rejection and
membrane flux values, which indicated overall membrane fouling and shortened membrane life.
This is due to the high concentration of salts or certain ions within the water at which point this
process failed.
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Another problem during the desalination of waters containing high concentrations of strong
electrolytes is that of impurities, macroparticles and macroorganisms, which may lead to
membrane fouling. In order to prevent fouling of the RO membrane surface, pre-treatment of
the source water must be performed. Large, suspended solids present in the water must first be
removed and the water appropriately pre-treated to prevent precipitation of salt or microbial
growth on the membrane. Furthermore, apart from high degree of hardness of the water, a high
turbidity in the feed lowers the plant performance.

Waters that contain a high TDS content pose a significant economic problem during
desalination as considerable amount of pressure is required to overcome the osmotic pressure
barrier (Mariah et al., 2006a). This can be explained by considering Equation 2.3 again. The
higher the TDS content of the water, the higher the ionic molar concentration resulting in
increasing feed osmotic pressure. From Equation 2.3 this consequence implies that a higher
applied pressure is required to overcome this osmotic pressure barrier in order to gain a net
pressure to transport the water through the membrane. As a result considerable pressure is
required during RO concentrate processing and, together with membrane scaling, is the major
drawbacks of RO.

2.3

MEMBRANE DISTILLATION-CRYSTALLISATION

Membrane distillation (MD) may be considered as a combination of both of the main categories
of desalination processes described in Section 2.2, i.e. MD is a thermally driven membrane
desalination / separation process (Mariah et al., 2006b). After a few subtle prefaces to MD in
the 1960s under U.S. patents, MD was finally introduced commercially on a small scale in the
1980s (Lawson and Lloyd, 1997). As the name implies, the process combines both the use of
membranes and distillation which occurs across the membrane. In the process, saline water is
heated to enhance vapour production, and this vapour is exposed to a membrane that can pass
vapour but not water. After the vapour passes through the membrane, it is condensed on a
cooler surface to produce pure water. In the liquid form, the pure water cannot pass back
through the membrane, so it is trapped and collected at the output of the plant. The main
advantages of MD lie in its simplicity and the need for only small temperature differentials to
operate.

One important advantage of MD, which differentiates it from other membrane

processes such as RO for example, is the independence of the quality of the permeate from the
quality of the feed solution; MD can handle highly concentrated feed solutions without a
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significant decay in membrane activity. RO, however, is strongly affected by the osmotic
pressure if the feed solution is very concentrated resulting in higher applied pressure
requirements furthermore, increasing the susceptibility of the membrane to fouling.
Sections 2.3.1 to 2.3.7 serve to expand the concept of MD describing how a separation is
achieved, membrane properties, factors affecting MD and applications of this process.

2.3.1

Process Description

During thermally driven membrane processes, the membrane separates two phases held at
different temperatures. Typically this will result in heat flow from the high-temperature side to
the low-temperature side (Figure 2.8). Fourier's law governs the heat flux (Jh) according to the
thermal or heat conductivity (A). Fourier's law therefore describes the heat flux through the
membrane as:

[2.6]

dx

Cooled surface

Thf
Warm feed
side
Vapour flow
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Cooling water
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Figure 2.8: Schematic representation of the air gap MD process showing
the flow of vapour and temperature profile across the
membrane (Fane et ah, 1987, Kimura and Nakao, 1987 and
Kurokawa et al, 1990)
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Figure 2.8 is a schematic representation of the transport of vapour molecules across the
membrane.

This concept is expanded in Section 2.3.1.2.

During MD a microporous

hydrophobic membrane separates a warm aqueous solution from a cold solution. If the liquids
do not wet the membrane, then pure water vapour is transported from the warm side to the cold
side. This process has been described as a sequence of events: (i) the formation of a vapour gap
at the warm solution-membrane interface (ii) transport of the vapour phase through the
microporous system and (hi) condensation at the cold membrane-solution interface (Drioli and
Wu, 1985). The hydrophobicity of the membrane prevents the aqueous solution from entering
the pores thus creating a vapour-liquid interface at each of the pore entrances. The driving force
for the separation process is therefore the vapour pressure difference arising from the
temperature difference across the membrane. The distance between the membrane and the
cooling surface is referred to as the diffusion gap and its composition varies according to the
membrane configuration that is chosen.

2.3.1.1 Membrane configurations

There are numerous types of methods that can be used to maintain the vapour pressure
difference across the membrane to produce an overall solvent flux. MD can be configured as
direct contact membrane distillation (DCMD), air-gap membrane distillation (AGMD), vacuum
membrane distillation (VMD) and sweeping gas membrane distillation (SGMD). Figure 2.9
provides a schematic illustration of these methods.

I

E
3

o
CO

| .
Aq ^Sweep
Soln % Gas

Aq % Aq
Soln g Soln

(b)

(a)

I

(c)

>
Soln;Z

I

(d)

J£J22# Membrane

Figure 2.9: Types of membrane configurations, (a) direct contact membrane distillation, (b)
air gap membrane distillation, (c) sweeping gas membrane distillation,
(d) vacuum membrane distillation (adapted from Lawson and Lloyd, 1997)

2-24

CHAPTER 2 - LITERATURE REVIEW

In the DCMD configuration, two solutions are held at different temperatures in direct contact
with the membrane surfaces, while vapour is trapped within the membrane pores. The permeate
side contains a cooler solution in direct contact with the membrane. The membrane serves to
establish a vapour-liquid interface through which solvent molecules from the warm solution
side evaporate, diffuse through the membrane and condense on the cooler side. DCMD is the
most frequently applied membrane configuration during MD processes and is most useful for
desalination and concentrating aqueous solutions where water is the major permeate component.
This method is also most attractive as it requires the least equipment and is easy to operate
(Calabro et al., 1991, Fujii et al., 1992, Lagana et al, 2000, Schofield et al., 1990 and Zolotarev
etal., 1994).

La AGMD a condensing surface is separated from the membrane by an additional air gap; in
VMD a vapour phase is stripped away from the liquid through the membrane and the
condensation, if necessary, takes place in a separate vessel and in SGMD a stripping gas is used
as a carrier instead of a vacuum (Gostoli and Sarti, 1989). In DCMD and AGMD a diffusive
flux of volatile components takes place at the vapour-liquid interface. In VMD the downstream
pressure (on the permeate side) is lowered below the equilibrium vapour pressure so that the
mass transfer is ruled by the convective transport mechanism (Bandini et al., 1992). The
driving force for the process is therefore linked to both the partial pressure gradient and the
thermal gradient across the membrane (Cabassud and Wirth, 2002). SGMD and VMD are more
suited to applications such as removing volatile organic components such as the removal of
ethanol from fermentation broths or when dissolved gases need to be removed from solution
(Basini et al., 1987, Cabassud and Wirth, 2003, Saavedra et al., 1992 and Sarti et al., 1993).
AGMD covers a much wider spectrum of applications, being useful in almost any type of
application (Banat and Simandl, 1993 and Kimura and Nakao, 1987). In particular, the AGMD
configuration is very suitable for the desalination of geothermal resources, and the energy
demand for pumping is lower (El Amali et al., 2004).

2.3.1.2 Transport across the Membrane

The theory of heat and mass transport has been used to establish a MD theory that is widely
used for the description of the MD process. This theory is a combination of heat and mass
transfer coefficient functions through both the membrane and the liquid surfaces contacting the
membrane on either side. The development of this theory is explained in Sections 2.3.1.2
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(a) and 2.3.1.2 (b). Most of the deiivations are based on the description of the process as
depicted in Figure 2.8.

2.3.1.2 (a) Mass Transfer

Literature provides two models for the description of mass transfer, or the vapour flux across a
DCMD membrane. These are the Dusty Gas Model (DGM) and a model proposed by Schofield
et al. (1987), albeit, the latter being a combination of different models based on the DGM
(Lawson and Lloyd, 1997). Both models are based on the kinetic theory of gas transport to
describe the vapour flux through the membrane pores. The choice of an appropriate model
depends on the properties of the vapour and the membrane, i.e. the mean free path and mean
free pore size (Phattaranawik et al., 2003). Vapour transported through the membrane pores are
subjected to two types of molecular resistance: (i) by air trapped in the pores of the membrane
and (ii)by the physical structure of the pore (Cath et al., 2004). Figure 2.10 illustrates these
mass transfer resistances in MD.

Viscous

^x/v
Surface

Figure 2.10: Mass transfer resistances in MD (Lawson and Lloyd, 1997)
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Resistance to mass transfer within the membrane stems from the transfer of momentum to the
membrane (viscous or momentum transfer resistance), or Knudsen resistance resultingfromthe
collisions of a diffusing molecule with other molecules (Lawson and Lloyd, 1997). The model
proposed by Schofield et al. (1987), to account for the resistances imposed by the membrane
structure, assumed that in the transition region between the Knudsen and viscous flows, the
permeability of the membrane can be considered as a linear combination of the Knudsen and
viscous permeabilities, being described by the Knudsen diffusion and the Poiseuille flow
models, respectively. The latter dominates when the membrane pore size is larger than the
mean free path of vapour molecules, but as this is not the case in MD, both models were
considered (Schofield et al., 1987). The mass flux from the Knudsen diffusion model is
expressed according to Equation 2.7.

YF

JK = 1 . 0 6 4 — {]2{H-P:)
%S{RTj

[2-7]

where r is the pore radius, s the membrane porosity, x the pore tortuosity, § the membrane
thickness, M the water molecular weight, R the gas constant, T the temperature and Pm and P ^
the vapour pressures at the membrane surface of the feed and permeate, respectively. However,
Ffm and Ppm are also dependent on the temperature at the membrane surface of the feed and
permeate, respectively; hence the flux dependence on temperature is not simply T 1/2 .

The mass flux from the Poiseuille flow model is expressed as,

2 „ /

Jp= 0.125

MP,
z:\(Pl-Pmp)
XS^TJRT.

r

[2-8]

where Pm is the water vapour pressure in the membrane and 77 is the gas viscosity.

To account for the resistance imposed by the air trapped in the membrane pores, the molecular
diffusion model was described (Equation 2.9),

=

±DeM_, ,_ }
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where Y,n is the mole fraction of air and D the diffusion coefficient.

A common trend is displayed by these three models and as such the linear relationship
according to Equation 2.10 can be approximated,

J = CAPm

[2.10]

making C a membrane mass transfer coefficient for the system and AP the vapour pressure
difference across the membrane. C is temperature dependent and dependent on membrane pore
geometry or the mole fraction of air within the pores, the discriminating factor being whether
convective or diffusive transport is dominant, respectively. Many authors refer to this model, or
modifications thereof, when describing vapour flux across the membrane. Furthermore, as the
vapour pressure within the membrane is not directly measurable, some authors have found it
more convenient to express Equation 2.10 in terms of temperature (Hsu et al., 2002 and
Schofield et al., 1987),

y = c K fe-r.')

p.n]

al JT

where (7^-7*^ is the temperature gradient across the membrane. When T*m-Vm < 15°C (dilute
solutions), then (dP/dT) can be approximately evaluated using the Clausius-Clapeyron equation,

dP

PAHM
vap
RT T

dT

[2.12]

where AHvap is the molar heat of vaporisation and P can be evaluated from the Antoine
equation,

lnP = 4 +
1

1

—
T + Cx

[2.13]

where P is the pressure in Pascal, T is the temperature in Kelvin and Ah B, and C, are constants
which are substance dependent. Furthermore, it has been shown by Sarti et al. (1985) that
Equation 2.11 must be modified before its application to more concentrated solutions, in order
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to account for the reduction in vapour pressure caused by dissolved species. Equation 2.11 then
becomes,

J = C §)[fc-T;)-ATth\l-xm)

[2.14]

where ATth is a threshold temperature defined as,

„

R.1
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' vap

where x is the mole fraction of dissolved species. If (T,-T0) < ATth, a negative flux will be
observed as a consequence of vapour pressure reduction brought upon by dissolved species in
the feed solution.

The second model available in literature for the vapour flux across the DCMD membrane is the
Dusty Gas Model (DGM). This model involves three adjustable parameters viz. ordinary,
binary and Knudsen diffusivities. When the mean free molecular path of the vapour molecules
is approximately equal to the average pore size, surface and ordinary diffusion is neglected and
the DGM is found in the Knudsen-viscous transition regime (Figure 2.10) (Imdakm and
Matsuura, 2004). In this case, following Schofield et al. (1987), the total pressure drop becomes
the sum of the two momentum transfer processes, Knudsen and viscous resistance and the DGM
is given by two equations as described by Lawson and Lloyd (1996 and 1997),
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[217]

where Jf is the diffusive flux, Jj the viscous flux and a combination of these yields the total
flux Jj. VP and Vpt are the gradient in the total pressure and the partial pressure of the i'h
component, respectively, ju the fluid viscosity and D the effective diffusivities being defined as,
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where Dy is the ordinary diffusion coefficient and Mt is the molecular weight of the f
i
r

component and the term

SRT^

KnMu

is the mean molecular speed. K0, Ki and B0 are constants

depending on the membrane geometry and molecular interactions with the membrane.
Evaluation of these parameters have been performed by various authors (Guijt et al., 2000,
Lawson and Lloyd, 1996). A combination of the above equations can be re-written to yield a
general expression for the DGM (Imdakm and Matsuura, 2004 and Drioli et al, 2004),

J,=

RT„avg

K,

SRT,avg Yi

Vpi+B0^VP

[2.19]

TM i J

Following the work of Schofield et al. (1987) and Lawson and Lloyd (1997) many theories have
been developed, some of which are simply modifications of the above (Banat and Simandl,
1993, Ding et al, 2002, Fane et al., 1987, Kurokawa et al., 1990, and Martinez and FloridoDiaz, 2001(a)) or entirely new models on their own (Agashichev and Sivakov, 1993, Bouguecha
et al., 2002 and Imdakm and Matsuura, 2004). For example, Burgoyne and Vahdati (1999) used
these theories to develop a model to predict permeate fluxes produced at specific operating
conditions.

Gryta and Tomaszewska (1998) arrived at a heat transfer model with the

assumption that the flow of vapour was non-isenthalpic and the temperature distribution was
non-linear. These are related to the theories that were developed by Gaeta et al. (1992) for the
non-isothermal transport of matter in porous membranes. They then used the temperature at the
membrane boundary on the permeate side as the thermodynamic reference temperature in the
derivation of their model.

2.3.1.2 (b) Heat Transfer

Simultaneous to mass transport, heat transport occurs across the membrane. This heat transfer
occurs by two mechanisms, viz. the latent heat associated with the vapour which directly serves
the evaporation process and the heat conducted across the membrane and boundaries of the
system (Martinez-Diez et al., 1999). The latter is considered as heat loss as it is no longer
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available for use in evaporation.

These two forms of heat transfer are described in

Equations 2.20 to 2.22.

For dilute solutions the latent heat flux is:

QL =

[2.20]

JAH

v

From Equation 2.11, Equation 2.20 becomes,

QL=C\^-\
KdTjr

(TJ-r:)AHvap

[2.21]

And the conductive heat flux is,

0c-fyV;-I?)

[2.22]

where km is the thermal conductivity of the porous membrane.
The total flux is then given by Equation 2.23,

Q = QL+Qc
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[2.23]
or simply
Q = HATm

where H is the effective heat transfer coefficient. This series of equations is a demonstration of
how mass transfer gives rise to heat transfer during the MD process. Much work has been
undertaken to explain the flow of heat across the membrane, most of which recognise that heat
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transfer and mass transfer are related, the latter giving rise to the former (Bandini et al., 1991,
Phataaranawik et al., 2003 and Phataaranawik and Jiraratananon, 2001).

In this work, the average spatial values of inlet parameters will be considered and the local
variations (axial and radial) of concentrations, temperatures, flows and partial pressures will not
be considered. To describe the variation between inlet and outlet parameters a logarithmic
average between the high temperature and low temperature sides of the module will be
calculated. The logarithmic mean is considered as the most appropriate average driving force in
a counter-current mass or heat transfer device.

2.3.2

Process Parameters

Probably the main criterion of this process is that the membrane must not be wetted by the
liquid, in other words, the pores of the membrane must only be filled with vapour. Once the
liquid wets the membrane, the membrane's pores become immediately filled with the liquid as a
result of capillary action. One of the criteria for the prevention of wetting is a low affinity
between the liquid and the polymeric material of the membrane. This low affinity was found to
occur at contact angles greater than 90° (Pena et al., 1993). The relationship between a
membrane's largest allowable pore size and operating conditions is given by Equation 2.24, also
known as the Laplace (Cantor) equation.

P
liquid

- P
* vapour

= AP.

< AP

^ ^ interface

entry

_ -2ByLcos0

[2.24]

r
max

Where yL is the liquid surface tension, 6 is the liquid-solid contact angle, rmax is the largest pore
radius, and B is a geometric factor determined by pore structure. It is therefore evident that the
wettability of the membrane depends on all three of these factors. If 6 > 90° then cos 6 < 0 and
AP > 0, and the Laplace equation demonstrates that only if a threshold pressure is applied will
the liquid penetrate the membrane. Therefore, from Equation 2.24 it can be deduced that in
order to avoid wettability of the membrane, the maximum pore size must be small (0.1 to
0.5 um), the surface tension of the liquid high and the surface energy of the membrane material
low (Banat and Simandl, 1993). Membranes fabricated from hydrophobic microporous material
such as polypropylene (PP), polytetrafluoroethylene

(PTFE), polyethylene (PE) and

polyvinylidene fluoride (PVDF) meet these requirements (Wu et al., 1992). The value of
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yL cos 6\ is reduced by strong surfactants, therefore care must be exercised to prevent solutions
with detergents or other surfactants from coming into contact with the process equipment
(Franken et al., 1987).

One of the main problems of MD is a possible long-term non-

wettability. However, some long term modifications of wettability can indeed occur when
adsorption, fouling and membrane ageing occur.

2.3.3

Membrane Modules and Design

Due to the criteria of non-wettability, the surface energy of the polymer of the membrane must
be as low as possible. Very hydrophobic materials such as PTFE, PVDF, PE or PP combined
with liquids with a high surface tension such as water, provide suitable membrane materials. A
variety of membrane modules are available for the MD process. Schematics of typical flat sheet
MD modules are shown in Figure 2.11.

Gas or
liquid

Cooling
fluid

Vacuum

• * : #

(a)

/X////A

Membrane

(b)

(c)

Support

Figure 2.11: Cells for MD membrane module: (a) direct contact or sweeping gas cell, (b) air
gap cell and (b) vacuum cell (adapted from Lawson and Lloyd, 1997)

Figure 2.11 represents the different types of cells and their orientations with respect to the
membrane. In cell (a) the liquid or the sweep gas makes direct contact with the membrane, in
(b) the permeate is condensed onto a cool wall, and in (c) permeate is first removed before
condensing externally under vacuum. It is also important to choose an appropriate support for
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the membrane, one that does not significantly affect the heat and mass transfer resistance, but
must be strong enough to prevent deflection or rupture of the membrane.

Characteristics of a well-designed membrane module are one that provides optimum heat and
mass transfer between the bulk solution and the solution-membrane interface. Numerous work
in this field has demonstrated that DCMD is probably the most simple, economical and efficient
configuration to achieve the vapour-liquid equilibria necessary for the operation of the MD
process (El Amali et al., 2004, Fane et al, 1987 and Sarti et al., 1985).

2.3.4

Advantages of Membrane Distillation

The main advantages of MD over conventional membrane and distillation processes can be
summarised as follows:

Membrane distillation,
a

Can be performed at lower operating pressure and lower temperatures than the boiling
point of the feed solutions (Andersson et al., 1985, Khayet et al., 2003 and Sarti et al.,
1985) and a relatively low temperature difference between the two liquids in contact
with the membrane surface gives relatively high fluxes.

•

Requires lower vapour space as the vapour-liquid interface is developed by a
hydrophobic membrane in MD as opposed to conventional distillation which relies on
high vapour velocities to establish a vapour-liquid interface (Jonsson et al., 1985). As
such they are very compact and very little equipment space is required. Furthermore,
the possibility to overcome corrosion problems by using plastic equipment exists (Banat
andSimandl, 1993).

a

Is not limited by high osmotic pressure and fouling as the membrane works at
atmospheric pressure and is not directly involved in the separation process but acts
merely as a support.

As such there is reduced chemical interaction between the

membrane and process solution (Hsu et al., 2002).

Furthermore, due to this

characteristic membranes can be fabricated from a variety of chemically resistant
polymers (Gekas and Hallstrom, 1987).
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•

Displays selectivity higher than any other membrane process (Alklaibi and Lior, 2004).
MD therefore allows very high separation factors for ions, macromolecules, colloids,
cells and other non-volatile solutes in comparison to UF, NF and RO processes
(Martinez-Diez and Florida- Diez, 2001(b) and Lawson and Lloyd, 1997).

a

Has low sensitivity to feedwater concentrations and has potential applications for
concentrating aqueous solutions or producing high-purity water even at very high
feedwater concentrations (Alklaibi and Lior, 2004, Kubota et al., 1998, Mariah et al.,
2005(a) and (b), Tomaszewska, 1993, and Wu et al., 1991).

•

Does not require elevated temperatures therefore the heat can be supplied by solar
collectors or other forms of heat such as low-grade waste heat from factories or
geothermal energy (Hogan et al., 1991 and Walton et al., 2004).

MD is one of the membrane processes in which the membrane is not directly involved in the
separation. The membrane acts only as a support for a vapour-liquid interface and does not
contribute to the separation mechanism.

Selectivity is determined by the vapour-liquid

equilibrium involved. Hence, the component with the highest partial pressure will show the
highest permeation rate. For this reason, the separation of NaCl from salted solutions is
achieved in very high purity with MD. This is because in water-NaCl mixtures, only water has
a vapour pressure (the vapour pressure of NaCl can be neglected), which implies that only water
can permeate through the membrane, hence achieving very high selectivities.

2.3.5

Applications of Membrane Distillation

One of the most important applications of MD is in the production of pure water. Studies have
shown that a high quality permeate can be obtained during MD. This feature of MD makes this
process invaluable in the desalination of seawater, in industry for boiler feedwater and in the
semiconductor industry (Mulder, 1996). Other area in which MD is used to treat waste water is
in the textile industry (Calabro et al., 1991 and Wu et al., 1991). In the case of a solution
containing non-volatile components, e.g. NaCl, only water vapour flows through the membrane,
therefore, the retention degree of solutes in MD is close to 100 % (Gryta et al., 2001). This
allows the concentration of solutions up to solute saturation (Mariah et al., 2006b).

The

concentrating process of MD may be exploited in the food industry for the concentration of fruit
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juices and milk (Calabro et al, 1994, Kimura and Nakao, 1987 and Lagana et al., 2000).
Gostoli and Sarti (1989) and later Sarti et al. (1993) have found VCMD to be very useful for the
separation of alcohol-water mixtures such as the extraction of organic components, ethanol and
methylterbutyl from aqueous streams.

Similarly, Bernado et al. (2003) investigated the

potentiality of membrane technologies, including MD, for the substitution of some typical
technologies during a traditional ethylene process. Criscuoli et al. (2002) evaluated MD for the
treatment of uraemia by employing this process for the purification of human plasma
ultrafiltrate and the re-circulation of the purified water to the patients. The feasibility of
breaking down azeotropic mixtures by the removal of water has been explored by Udriot et al.
(1994). Gryta et al. (2001) used MD for the treatment of NaCl solutions subsequent to use in
the food industry.

The concept was to produce pure water together with a concentrate

containing substances present in the initial solution which could be separated by crystallisation
thus facilitating their disposal and potential recycling of the water produced. Based on a similar
concept, Tomaszewska (1993) used MD for the concentration of the sulphuric acid solution
obtained after the removal of apatite phosphogypsum.

This residue contains lanthane

compounds which may be recovered by crystallisation after successive concentration steps with
MD.

2.3.6

Potential Problems of Membrane Distillation

MD has significant advantages over other processes as described in Section 2.3.4. However,
some factors that significantly affect the performance of MD do exist.

These include

concentration phenomena and flux decay, the former leading to the latter. These constraints are
discussed in Sections 2.3.6.1 and 23.6.2.

2.3.6.1 Temperature and Concentration Polarisation

Due to the presence of boundary layers at both sides of the membrane, the transmembrane
temperature difference, ATm, is lower than the bulk temperature difference, ATb.

This

phenomenon is called temperature polarisation and the useful energy for mass transfer of
vapours to the total energy input to the process then becomes known as the temperature
polarisation coefficient (TPC),x, (Cath et al., 2004). The value of the TPC is given as the ratio
of the temperature difference between the evaporation and condensation surfaces, and the bulk
of the feed and permeate (Smolders and Franken, 1989).
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From Figure 2.8 it is obvious that the differences between 7/and Tj and between T„ and Tbp
will increase as the mass flux increases (i.e. with increasing evaporation rates) and as such the
membrane boundary on the feed side has the highest salt concentration (Hsu et al., 2002). This
further gives rise to concentration polarisation and the concentration polarisation coefficient
(CPC),y, is defined (Equation 2.26) to measure the increase of solute concentration on the
membrane surface with respect to that in the bulk (Martinez, 2004).

cfm

-cbf

[2.26]

Tj, Tmp and cj cannot be measured directly, but many models have been proposed for their
approximation (Gostoli and Sarti, 1989, Gryta and Tomaszewska, 1998 and Martinez, 2004).
These polarisation phenomena restricts the permeate flux as an increase in the latter tends to
induce more severe polarisation (Hsu et al., 2002). Fane et al. (1987) used the model developed
by Schofield et al. (1987) of mass and heat transfer to deduce the source of potential
inefficiencies due to these transport processes. Three main causes were highlighted: (i) air
present in the membrane pores which restricts vapour flow, (ii) heat loss through conduction
and (iii) temperature polarisation which results in loss of driving force.

Two of these

inefficiencies, (i) and (ii) were found to decrease significantly through deaeration which
increases the permeate flux seven-fold, however, the consequence of such was a drastic increase
in temperature polarisation (Schofield et al., 1990). Schofield et al (1990) found that in order to
overcome this, very high film heat transfer coefficients had to be used. Much work has been
performed by MD researchers in order to bring the TPC as close to unity as possible. It was
found that the dominating factor determining the temperature polarisation coefficient is the
thickness of the heat conduction boundary layers on either side of the membrane (Dittscher and
Woermann, 1994). . The main concept behind the reduction of the TPC was around the
improvement of module design and / or operation, such as, using higher flow rates to achieve
better mixing and the use of channel spacers to induce turbulent flow (Lawson and Lloyd, 1996,
Martinez-Diez and Vazquez-Gonzalez, 1998 and Ortiz De Zarate et al., 1990 and 1993). More
recently, Lagana et al. (2000) found that temperature polarisation is more important than
concentration polarisation, during their experiments on the concentration of apple juice. Flux
rates were found to be dependent on the TPC and the effect of the CPC was negligible.
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Chemyshov et al. (2003) developed a model that was capable of predicting supersaruration
fields of sparingly soluble salts such as BaS0 4 . Their model calculations demonstrated that if
the solubility of the salt is an inverse function of temperature, then maximum supersaruration
can occur in the bulk of the flow rather than at the membrane surface thus reducing
concentration polarisation.

Kurokawa et al. (1990) studied the effect of concentration

polarisation by using concentrated solutions of LiBr and H 2 S0 4 . They found that by using
concentrated solutions as the feed, this drastically effected the permeate flux due to polarisation
phenomena. Accounting for concentration polarisation together with heat and mass transfer,
they were able to accurately estimate these permeate fluxes.

2.3.6.2 Flux decay

Although the concentration of the solvent has only a slight effect on the flux the phenomenon of
flux decay has still been observed by the majority of MD researchers. The exact explanation as
to the cause of this decline is not well understood as very few researchers have performed long
term experiments in order to quantify and characterise this phenomenon. Drioli and Wu (1985)
are some of the researchers who performed long-term experiments on MD. They observed a
decrease in permeate flowrate after the first four days of the experiment, after which the
permeate flow rate reached steady-state. They found that transmembrane fluxes increased at
constant AT with a decrease in the solute concentration of the warm solution and increased with
increasing temperature, when the concentration of the warm solution was kept constant. Similar
conclusions were also arrived at by other researchers (Li et al., 2003). The work of Drioli and
Wu (1985) was expanded by Drioli et al. (1987) when studying the MD of solutions of glucose
and NaCl (of maximum feed concentration of 0.5 M).

Apart from the above mentioned

conclusions, they attributed the flux decline at higher concentration to the increase in solution
viscosity, being related to transport phenomena occurring at the membrane-solution interface.
This flux decline is therefore expected to increase at higher solute concentrations. Long-term
MD experiments were performed by Banat and Simandl (1994) who found that the flux
increased during an initial two day period. However, during the course of this period, the flux
was only steady during short time intervals (3 h) but could be considered unsteady over the
average length of time. After this initial increase period, there was a decline in flux for about
seven days before reaching steady state.

Many hypotheses have been proposed for the explanation of this flux decay. Kubota et al.
(1988), found that the permeate flux not only depends on the operating temperature and
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temperature difference across the membrane, but that the flow rate of the brine and cooling
water also play an important role. Franken et al. (1987) explained this phenomenon in terms of
membrane wetting. Their theory was that with time during MD, an increasing number of pores
became wetted, which result in a back flow of permeate to the feed. They justified their theory
experimentally by changing the hydrostatic pressure of the permeate and observed an inverse
relationship between the permeate pressure and flux. However, this theory does not hold for the
case in which the hydrostatic pressure of the feed is higher than that of the permeate and the
pore wetting leads to enhanced flux, but a deterioration in quality. Apart from membrane
wetting, another cause of flux decline is membrane fouling. However, this phenomenon is not as
pronounced in MD as is in RO or ultrafiltration (UF), for example, due to MD membranes
having larger pore sizes therefore being less susceptible to clogging (Alklaibi and Lior, 2004).
Despite this advantage, fouling of the membrane in MD still occurs. There are several factors
which lead to membrane fouling and subsequently, pore clogging which include, biological
fouling through bacterial growth on the membrane surface, scale build-up due to high solute
concentrations and the entrapment of particulate or colloid species at the membrane-liquid
interface (Lawson and Lloyd, 1997). Gryta et al. (2001) also observed a rapid decline in the
flux due to fouling caused by the deposition of organic matter on the membrane surface. Hsu et
al. (2002) studied the effect of the type of feed on permeate flux, product water quality and
membrane fouling. They found the build-up of scale on the membrane can be suppressed by
reducing the degree of polarisation if NaCl solution is used as the feed fluid. However, this is
not effective when seawater is the feed. Martinez-Diez and Florido-Diaz (2001) studied the
effect of recirculation rate, mean temperature and salt concentration on water fluxes. They
found that water flux: (i) increases as the mean temperature in the membrane system increases,
(ii) increases with the recirculation rate and (iii) decreases, almost linearly, with the salt
concentration of the feed solution. Cath et al. (2004) found that by applying a slightly negative
pressure to the permeate stream, reduced temperature polarisation and permeability obstructions
in the DCMD salt solutions could be achieved. They showed that fluxes are almost doubled by
running the DCMD at reduced pressure as compared to fluxes in the DCMD mode alone. A
recent work performed by Tun et al. (2005) looked at the MD of concentrated solutions of
sodium chloride and sodium sulphate. They found that a steep decline in the flux occurred
beyond the supersaturation point. They attributed this to the growth of crystal deposition on the
membrane and loss of membrane permeability.

During these investigations the main drawback was the inability to evaluate the flux and driving
force during the distillation operation. This was due to the fact that the vapour pressures cannot
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be directly measured during the MD process and, as a result, can only be evaluated by a series
of equations derived from the theoretical models described. The direct estimation of the vapour
pressure driving force would be an advantage in estimating membrane performance and flux
decline.

2.3.7

Membrane Crystallisers

The high value commercial exploitation of inorganic salts requires that crystalline products have
the correct quality and structural properties. Crystallisation from solution is a widely used
technique to produce large quantities of pure solid product, usually in a single processing step.
However, some crystallisation techniques may require large energy inputs and process
requirements in order to obtain a good quality product. For example, to produce vacuum
evaporated salt with high purity from a natural feedstock, a relatively high volume of mother
liquor needs to be purged. These purge streams not only result in a loss of salt but also pose
large environmental problems (Samhaber et al., 2001). Recent advances in MD have led to the
extension of this process to the crystallisation stage. Membrane crystallisation (MCr) was
introduced by Curcio et al. (2001) who undertook investigations to produce high quality crystals
from solutions.

The advantages of this technique become evident when compared to

conventional crystallisation techniques such as the circulating-magma crystalliser. In the latter
case solvent evaporation and solute crystallisation occur in the same place. This results in
temperature gradients between the surface and the bulk of the body often compromising the
suspension uniformity of the crystalline products (Curcio et al., 2001). In MCr however, these
two phenomena occur in separate reactors - the solvent evaporation occurs within the MD
module whereas the crystallisation takes place in a separate crystalliser.

Furthermore,

membrane crystallisers functioning under forced solution flow conditions are characterised by
an axial flux, in laminar regime of the crystallising solution through the membrane fibres
(Curcio et al., 2005). This apparently induces a well-organised orientation of the particles thus
resulting in crystals with improved quality and size distribution which is important when
crystals need to undergo further treatment or reactions (Curcio et al., 2005).

In the MCr unit (Figure 2.12) the warm brine (retentate) flows counter current to the cold
distillate (pure water). The two streams are separated by a microporous hydrophobic membrane
in the form of capillary tubes. Continual removal of water from the retentate increases the
concentration in the mother liquor. Nucleation and crystal growth is initialised in the
crystalliser. The crystallisation process must be controlled in order avoid crystal deposition on
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the membrane thus blocking the membrane pores. Therefore, a suitable heating system must
exist which would ensure that the solution flowing through the membrane is always at an
appropriately high temperature in order to maintain under saturation conditions, while the
crystallisation tank should be at a temperature that would favour crystal formation.

Figure 2.12: Schematic of a membrane crystalliser unit (Curcio et al, 2001)

A significant feature of membrane crystallisers is that the membrane does not merely serve as a
support for the vapour-liquid interface, but it also induces heterogeneous nucleation due to the
low supersaturation ratios (Curcio et al., 2005). The crystals obtained show improved quality
and size distribution which is important for the quality of the final product and in turn
influences the performance of downstream processes, crystals separation from mother liquor,
drying and storage (Drioli et al., 2004).

Recently, Curcio et al. (2003) used this technique in the field of protein science for the
crystallisation of lysozyme from supersaturated solutions. Another recent study performed by
Drioli et al. (2004) used the membrane crystalliser to obtain epsomite (MgS0 4 .7H 2 0) and
sodium chloride as solid products from NF retentate streams. The kinetics of crystallisation for
sodium chloride were studied in this and an earlier investigation by Curcio et al., 2001.
Preliminary data concerning the growth rate and morphological quality of magnesium sulphate
crystals has been evaluated for low ionic strength solutions (Drioli et al., 2004).
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2.4 INTEGRATED DESALINATION AND SEPARATION TECHNOLOGIES

In order to address some of the shortcomings of membrane processes such as RO, UF and NF,
integrated membrane operations have gained much popularity within recent years. Integrated
operations involve the combination of various membrane processes to achieve process
intensification - a concept with a strategic approach towards major improvements in processing,
reduction in equipment size / production-capacity ratio, reduced energy consumption, waste
production, raw and hazardous materials utilisation, and recycling waste materials, resulting in
more economic and sustainable technologies (Stankiewicz and Moulijn, 2002). Furthermore,
the unified effect of the integration of various single membrane units might assist in overcoming
the shortfalls otherwise experienced if these units operate independently. Various pre-treatment
stages have been studied in order to treat the feedwater, prior to exposure to the RO membrane,
in order to remove hardness, turbidity and microorganisms which ultimately lead to higher
water recovery levels coupled with a reduction in energy consumption. Section 2.4.1 describes
some of the more common pre-treatment operations such as NF, UF and microfiltration (MF)
integrated with further water recovery processes such as RO, and Section 2.4.2 describes how
MD and MCr can be incorporated into integrated membrane systems.

2.4.1

Pre-treatment with Pressure Driven Membrane Operations

One method of reducing fouling phenomena and prolonging the lifetime of RO membranes is
by using pressure driven membrane processes, such as MF and UF for pre-treatment. The
principle of separation in these techniques is based on a sieving mechanism using microporous
hydrophobic membranes. The pore size for MF and UF membranes range between 10 and
0.05 urn and 0.05 um to 1 nm, respectively (Mulder, 1996).

This therefore makes these

processes suitable for the retention of suspensions and emulsions or macromolecules and
colloids, depending on their respective size range. Research has shown that when MF or UF is
used as a pre-treatment to RO a 39 % reduction in operating and maintenance costs of water
treatment for potable water production is achieved together with a reduction in RO capital costs
(Drioli et al., 2002). In another study performed by Cassano et al. (2003) UF was placed ahead
of RO followed by osmotic distillation (OD) in order to clarify and concentrate citrus and carrot
juices. UF functioned to clarify the raw juice while RO acted on the UF permeate by preconcentrating it before entering the OD stage for the final concentration. The advantages of
concentrating fruit juices using membrane technology as opposed to conventional thermal
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concentration are that the juices retain their colour and a large part of their aroma which is
otherwise lost in conventional processes. Hsu et al. (2002) studied the effect of product water
quality and permeate flux using different feed solutions. They found that in the case were the
raw water was pre-treated by MF, the permeate flux increased by about 25 %. It is now a
common practice to use MF and UF as pre-treatment to RO and has become the industry
standard for the treatment of municipal wastewater in indirect potable reuse projects including
aquifer recharge, industrial uses and irrigation (Durham et al., 2001 and Schaefer, 2001).

Another pretreatment option considered by Kedem and Zalmon (1997) includes the use of
compact accelerated precipitation softening (CAPS) as a pre-treatment for membrane
desalination.

This process achieves the rapid precipitation of calcium carbonate by cake

filtration through a fast equilibration. This pretreatment step reduces potential scaling effects
thereby increasing the recovery ratio in membrane desalination. Pretreatment by CAPS also
acts as an effective filtration step reducing the turbidity and the silt density index consequently
reducing the potential for membrane fouling. In another study performed by Turek (2002), an
integrated membrane system which couples ED-MSF-crystallisation stages has been described
for the simultaneous production of desalinated water and valuable products.

Together with MF and UF, the removal and recovery of scale components from seawater by NF
ahead of RO units is increasing in reliability. Based on this premise, investigations on NF
membranes are underway, as pretreatment systems in order to remove hardness, to reduce TDS
and decrease turbidity thus achieving recovery factors near to 70 % coupled to a reduction of
energy consumption by about 25-30 % (Drioli, 2002). Hassan et al. (1998) have investigated
the first NF-RO, NF-MSF and NF-ROreject-MSF fully integrated systems for seawater
desalination. They reported that when NF is placed ahead of RO, the NF unit reduced turbidity
and microorganisms, removed hardness ions of Ca2+, Mg2+, S042", HC03" and total hardness by
89.6 %, 94 %, 97.8 %, 76.6 % and 93.3 %, respectively. Furthermore, the system also effected
a reduction of monovalent ions of CI", Na+, K+ and an overall TDS reduction of 57.7 %. This
led to the added benefit of being able to run a MSF plant at top brine temperatures of 120 °C
without the risk of added antiscalant or acid formation. This integrated system also fulfilled
many of the principles of green chemistry including lower thermal load with reduced chemical
consumption thereby making the process less hazardous to the environment. An earlier study
performed by Turek and Gonet (1996) demonstrated how pre-treatment of coal-mine brines by
NF decreases the concentration of divalent ions in the permeate with almost no changes in the
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NaCl concentration. This pre-treatment then facilitated subsequent concentration in evaporation
processes such as MSF, using lower energy, as there was no risk of gypsum crystallisation.

From their work on energetic and exergetic analyses of an integrated system, Criscuoli and
Drioli (1999) showed that by operating a RO unit without NF pre-treatment, the quality and
quantity of freshwater produced is reduced and the energy consumption remains high.
Figure 2.13 represents an integrated system of MF-NF-RO proposed by Drioli et al. (2002) for
the desalination of seawater.

Water recovery from the individual pressure-driven membrane units, MF, NF and RO was
found to be 94.7 %, 75.3 % and 50.5 % respectively through this integrated system (Drioli et al.,
2002).
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Figure 2.13; An integrated MF-NF-RO system for seawater desalination (adapted from Curcio
et al., 2005 and Drioli et al, 1999)

2.4.2

Integrated MF/UF-NF-RO-MCr/MD System

Following the integration of the membrane units represented in Figure 2.13, Drioli et al. (1999)
extended this system to incorporate a MD unit to process the RO brine and proposed an ideal
high-recovery process for the desalination of seawater (Figure 2.14). The integrated system
proposed a pre-treatment stage which included MF/UF-NF-MC and a processing stage
consisting of RO-MD. The pre-treatment stage included a gas-liquid membrane contactor unit
(MC). This MC operation serves to reduce the amount of dissolved gases such as C0 2 and 0 2
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that are present in the feed solution, if deemed necessary. The MC operation is simply a
distillation across a microporous hydrophobic membrane.

These membranes serve as an

interface for the mass transfer between phases of the adsorption stage. An energetic and
exergetic analysis of this integrated membrane system indicated that the recovery factor of the
MD unit was 77 % and the RO unit alone yielded a recovery factor of 40 %. However, by
coupling these two membrane units the global recovery factor was a high of 87.6 % (Criscuoli
and Drioli, 1999).
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r^—
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^1

NF.
^

Feed

MC

\J

rrRQ.

Fresh water

^J

RO brine

blowdown

MD

Fresh water
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Figure 2.14: Proposed ideal integrated membrane system for seawater desalination (Drioli
et al, 1999)

Later, Drioli et al. (2004) exploited this C0 2 removal by MC for the reactive transfer into
sodium hydroxide solutions for the production of NaHC0 3 / Na 2 C0 3 salts. These carbonate
solutions were necessary for the precipitation of Ca2+ ions as carbonates. The aim was to lower
the Ca2+ ion content in solution as this led to the formation of CaS0 4 which is one of the major
scale-forming components. Furthermore Drioli et al. (2004) aimed at the crystallisation of
MgS0 4 .7H 2 0 (epsomite), as one of the salts, from solution and the formation of the soluble
CaS0 4 ion pair hindered the formation and precipitation of epsomite by harbouring S042" ions.

Further conclusions were drawn from the exergetic and energetic analysis by Criscuoli and
Drioli (1999) on the systems similar to the ones described above. From their analyses it was
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found that by placing NF ahead of RO the osmotic pressure of the feed solution is lowered and
hence a lower applied pressure is required to move water through the membrane. The added
electrical energy that is required to run NF as a pre-treatment to RO can be offset by using the
NF concentrate to pre-pressurise the feedwater thus reducing the RO electrical energy
requirements. For the coupling of RO with MD a higher thermal demand arises due to the MD
process. However, when these two units are further coupled with NF it was found that this
energy demand is lowered. In summary, the NF-RO-MD integrated system operates at the
highest performance level, and is particularly appropriate if excess low-grade thermal energy is
available.

Other integrated MD operations proposed by Wang et al. (2001) consisted of the integration of
MD and OD to form the overall process which they termed membrane osmotic distillation
(MOD). Furthermore, their experimental system involved the circulation of brine in the cold
side of the MD. They found that with the integration of these systems, and with brine circulated
on the cold side, the water flux increased through the membrane due to a decrease in the water
vapour pressure in the brine side. Furthermore, the integrated MOD process resulted in higher
heat efficiencies.

Following the proposal of the ideal integrated system of Figure 2.14, a further investigation by
Drioli et al. (2002) incorporated a membrane crystalliser to form the NF-RO-MCr integrated
system. The membrane crystalliser achieves the complete recovery of desalted water and solid
salts. Feeding the MD unit with RO retentate allows the production of sodium chloride crystals.
Although this system represents a higher thermal energy requirement, it does, however,
eliminate the environmental problems related to brine disposal and if there is excess low-grade
thermal energy available within the plant, it could be used making the overall energy
requirement then comparable to an NF-RO coupled system (Drioli et al., 2002).

Van der Bruggen et al. (2004), proposed an integrated membrane system which leads to process
intensification in the textile finishing industry. This system consisted of MF as a pre-treatment
to used finishing baths, followed by a dual NF unit. Furthermore, the concentrate stream from
the first NF unit is fed to a MD unit, making advantageous use of the high temperature for
further concentration, and the concentrate from the second NF unit is fed to a membrane
crystalliser for salt recovery and reuse for new finishing baths. Although their concept needs
experimental verification they nonetheless proposed an overall waste minimisation and
reduction in energy and water losses thus fulfilling the concept of process intensification.
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Curcio et al. (2005) extended the work of Drioli et al. (2004) by performing an energetic,
exergetic and cost analysis on the systems MF-NF-RO and NF-MC-RO-MCr. In one instance,
the NF retentate from the integrated system represented in Figure 2.14 was mixed with Na2C03,
produced from the reactive adsorption of C0 2 via MC, for the removal of Ca2+ ions as CaC0 3 ,
before entering the MCr unit. In the second instance the RO brine was subjected to CaC0 3
precipitation before reaching the crystalhser. In the former case a global recovery factor of
water of up to 58.6 % was achieved and in the latter case a 70.1 % global water recovery was
achieved. Although the membrane crystalhser requires additional energy for its operation, in
addition to drinking water this system allows for the recovery of solid salts of NaCl and
MgS0 4 .7H 2 0. Proceeds arising from the sale of these salts could counterbalance the high unit
cost of water production. A further advantage of completing this integrated system with a
crystalhser stage is that both the cost and environmental impacts of brine disposal operations are
considerably reduced thus favouring the concepts of green chemistry and moving towards
sustainable industrial growth.
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Chapter %J
MDC OF CONCENTRATED BRINES

Having studied the various desalination processes and their advantages and
disadvantages, it appears that membrane distillation forms a very attractive
approach to the production of pure water and recovery of crystalline products,
from concentrated salt solutions. This chapter therefore forms the first in the
series of methods outlined in Section 1.4 for providing a proof of the concept of
membrane distillation crystallisation for the recovery of solid products from
concentrated salt solutions. The experimental equipment design and operational
characteristics are described in Section 3.1. Section 3.2 provides and discusses the
results for two series of experiments that were identified, Le. single electrolyte and
mixed electrolyte systems. The important findings from this experimental work
are then summarised in Section 3.3.

3.1 EXPERIMENTAL

The experimental plant design that was used during these series of membrane distillation and
crystallisation (MDC) experiments is shown in Figure 3.1. The MD equipment was operated in
a batch concentration mode where the recirculating permeate stream, consisting of deionized
water, and the retentate stream flowed countercurrent through the membrane module. The
membrane module, MD 020CP-2N, supplied by Microdyn, contained 40 hydrophobic
polypropylene capillary tibres of 0.1 m2 total interfacial area and 45 cm in length. The nominal
pore size of the polypropylene membranes was 0.2 urn and the internal and shell diameters of
the fibres were 1.8 mm and 21 mm, respectively. The thickness of the membrane was 120 um
with a packing density of 70 %.

During the process the solution in the retentate line was heated. A vapour-liquid interface was
established at the membrane surface and water vapour molecules from the retentate stream
diffuse across the membrane and condenses in the permeate stream.
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The performance of the membrane was evaluated by calculating the water flux or permeation
rate (Equation 3.1).

mass of water extracted (g)
Flux = •
unit area (m 2 ) x time interval (h)

[3.1]
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Figure 3.1: Experimental setup for membrane distillation crystallisation of concentrated salts

Continual removal of pure water from the retentate leads to the concentration of the remaining
solution resulting in a mother liquor in which nucleation and crystal growth is initialised.
Crystallisation occurs in a separate vessel from which a centrifugal pump (Caster Pump monophase 0.25 CV, 2780 rpm) circulates the mother liquor through the membrane module. Both
the feed and crystallisation tanks were plastic containers of approximately 3 i in volume. The
temperature was measured at module inlet and outlet for both the retentate and permeate lines as
shown in Figure 3.1 and the precision was estimated to be ±0.1 °C. The pipes that were used to
circulate the solution were plastic pipes of approximately 20 mm in diameter. The flowrate was
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of the order of 100 Mi. Samples were routinely withdrawn from the crystallisation tank and
visually examined and photographed using a video-camera, (Axiovert 25), equipped with
optical head 25 X, to determine the crystal size distribution. Nucleation rate has been evaluated
by microscopic visualization, i.e. monitoring the evolution in time of the crystal size
distribution.

3.2 RESULTS AND DISCUSSION

For the series of MDC experiments, two types of systems were investigated. Although some
work has been done concerning the MDC of magnesium sulphate for the recovery of crystalline
product (Drioli et al, 2004), solutions of high concentration (close to saturation) have not been
performed.

Therefore, the first part of this work investigated the MDC of concentrated

solutions of magnesium sulphate for the crystallisation of epsomite. This was then followed by
the MDC of concentrated solutions of a mixture of sodium chloride and magnesium sulphate, in
varying ratios, aimed at the crystallisation of sodium chloride.

3.2.1

Single Electrolyte System

For this purpose, concentrated solutions of magnesium sulphate of 375 g/£ (1.93 m) and 625 g/£
(3.98 m) were prepared by dissolving the appropriate amount of solid magnesium sulphate
heptahydrate (MgS0 4 .7H 2 0) in demineralised water. The solution was fed into the membrane
distillation equipment which operated in the manner described in Section 3.1. The temperature
was set to an approximate value for the feed solution and the solution gradually heated before
starting the MDC process. Once the appropriate temperature was reached the permeate cooler,
circulating pumps and weighing balance were switched on. However, the temperature did
fluctuate during the initial stages of the process as the temperature difference across the
membrane was established. The average temperatures at module inlet on retentate and distillate
sides were 29.8 ± 1.6 °C and 17.6 ± 4.4 °C, respectively, (the effect of temperature polarisation,
cf. Section 2.3.6.1, was beyond the scope of this work, but could be a useful parameter to
evaluate). The water flux was evaluated by measuring the amount of water extracted at time
intervals during the course of the experiment according to Equation 3.1.

The peimeate

conductivity was measured at random time intervals to ensure that there was no salt passing
through the membrane, thus implying membrane wetting. The approximate Reynolds number
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on the tube and shell sides were 448 and 2389, respectively, corresponding to calm and regular
laminar flow.
3.2.1.1 Crystallisation ofEpsomite
For the solution containing 375 g/f of epsomite, the first visual appearance of crystals
was observed after approximately 15 h of operation of the distillation plant.

The

crystals were sampled and immediately photographed (Figure 3.2) and it was seen that
the salt crystallised in the typical orthorhombic geometry characteristic of epsomite
crystals, at a concentration of 1.34 kg/L Figure 3.2 represents the crystal samples that
were withdrawn at the indicated times after the first appearance of crystals together with
the average length of the crystals in each sample. The crystal size distribution (CSD) was
determined by evaluating the coefficient of variation, CV, for each crystal sample withdrawn.
This parameter, which governs the shape of CSD, is defined in Equation 3.2.

CV = Fso% " Flw° xlQO
IF

[3.2]

where F is the cumulative crystal size distribution. Analysis of the experimental cumulative
size distribution functions enabled CV values to be calculated and was found to be in the range
of 10 -30%.
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Figure 3.2: Epsomite crystals obtained from the MDC of a single salt solution of initial
concentration 375 g/2, first sampled approximately 17 hfrom the start of the MD
process.

Concentration of magnesium sulphate at precipitation was 1.34 kg/2.

The average crystal size per sample is indicated. The indicated times refer to the
sampling times after the first visual appearance of crystals

The CSD for the crystallisation of epsomite (Figure 3.3) shows that the initial peak of the CSD
progressively migrates towards increasing crystal size due to the crystal growth process. The
indicated times (t) refer to the time intervals at which the crystals were sampled after the first
visual appearance of crystals.
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Fisure 3.3: Crystal size distribution for the crystallisation of a concentrated solution of
magnesium sulphate of 375 g/C using MDC The indicated times refer to the
experimental sampling times after the first visual appearance of crystals.

From a plot of the average crystal length per sample against the sampling time, the crystal
growth rate can be determined from the linear regression (Figure 3.4). A crystal growth rate of
38.8 |imh" »1.08x10 ms' was found for the crystallisation of epsomite.

Furthermore,

Figure 3.4 also indicates that the initial crystallisation occurred more than 3 h before the first
crystals were detected. Al-Jibbouri et al. (2002) reported a growth rate of 2.82x10"7 ms"1 for the
crystallisation of epsomite at 24 °C at a supersaturation of 0.64 gepsomite/lOOg H 2 0.
Ramalingom et al. (2003) showed that epsomite, in the presence of urea, crystallised at a rate of
1.85xl0"8ms"1 through seeded crystallisation. Drioli et al. (2004) reported a growth rate of
5x10" ms" of epsomite at 25 °C from a solution containing a mixture of salts representing that
of seawater.
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Figure 3.4: Average length of crystals in sample at time of sampling from the start of
crystallisation, to determine the crystal growth rate

Apart from the highly concentrated solutions used in this work, the techniques and experimental
conditions under which the mentioned crystallisations were performed differ from those used in
this work. Therefore, the diminished growth rate observed in this work could be attributed to
the fact that kinetics of crystallisation as well as crystal morphology is strongly related to the
different components present in the crystallising solution, degree of supersaturation,
temperature and hydrodynamic conditions. However, it is difficult to draw any meaningful
conclusions from the comparison between the crystallisation rate observed in this study and
those from the literature, because of the different composition of the solutions. For example,
Al-Jibbouri et al. (2002) showed that the presence of NaCl in the crystallising solution tends to
increase the growth rate of epsomite which explains the increased growth rate observed by
Drioli et al. (2004) for the crystallisation of epsomite from a solution in which NaCl was present
in an appreciable amount, as opposed to that observed in this experiment where epsomite
existed alone in solution.

The flux for the distillation was evaluated and plotted as a function of elapsed time during the
MD process (Figure 3.5). However, the flux trend could not be adequately evaluated as seen by
the gap in the graph from 2 to 12 h of the MD process. The reason for this was that the
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distillation was performed overnight, hence only a few data points were recorded during the first
stages of the distillation and the majority of the data points were recorded during the final
stages, just before and during the crystallisation.

Figure 3.5:

Transmembrane flux and electrolyte concentration during MDC of
magnesium sulphate of initial concentration 375 g/£

Nevertheless, the overall decrease in transmembrane flux with a concomitant rise in the
electrolyte concentration until supersaturation and crystallisation is evident.

The continual

concentration of the solution through the extraction of water resulted in a decrease in the
solution activity coefficient and hence a decrease in the vapour pressure of the solution. As a
result the transmembrane flux, which is governed by the vapour pressure difference across the
membrane, decreased during the process. This effect is more severe when one deals with
solutions of high concentration (Sarti et al., 1985).

A second set of experiments was performed on a solution of epsomite of initial concentration of
625 g/€. The operating conditions of the equipment were not changed. For this distillation
process the transmembrane flux was evaluated, paying particular attention to the first portion of
the experiment in order to fill the gap in Figure 3.5 and improve the understanding of the
behaviour of the transmembrane flux before the onset of supersaturation and crystallisation.
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The corresponding trend in transmembrane flux and electrolyte concentration with time is
featured in Figure 3.6.

Figure 3.6; Trend of transmembrane flux and concentration of magnesium sulphate
during the first half of the MDC of a concentrated solution of magnesium
sulphate of 625 g/t

The experiments were performed in a closed (non-continuous) membrane system evolving with
time. At the beginning of the experimental run depicted in Figure 3.6 (and Figure 3.5), the brine
heater, the permeate cooler and the circulating pumps for both streams were switched on. There
was an initial rise in flux as the temperature difference across the membrane was established.
Thereafter the flux declined as the brine concentration increased. Thus the initial rise in the flux
that is observed in Figures 3.5 and 3.6 (and Figures 3.9, 3.11 and 3.12 below) is due to the
stabilisation of concentration and temperature profiles as well as fluid dynamic conditions
inside the membrane module. In Figure 3.6 from an initial value of approximately 600 gh'm"2,
the water flux progressively decreased in accordance with the increase of solution concentration
and the consequent decrease of the solution activity coefficient. After the solution had been
concentrated to supersaturation, i.e. once a metastable phase had been formed, the global
reduction in transmembrane flux was evaluated at approximately 52 %.

Furthermore, the

salinity increase displays a linear increase at a rate of 39.1 g/lfh. As exhibited by Figure 3.6,
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after this metastable stage and crystal disengagement, the transmembrane flux decreases rapidly
reaching a zero value as observed in Figure 3.5.

In general, it is typical that when a

crystallisation run is carried out in a batch concentration mode i.e. the retentate line is not
continuously replenished with fresh feed solution, the flux will decrease with time (once the
system has stabilised) as the solution becomes more concentrated (Crisuoli and Drioli, 1999 and
Drioli et al., 2004).

This has been variously attributed to the growth of crystals on the

membrane thus blocking the membrane pores (Tun et al., 2005) and to the reduction of the
vapour pressure gradient due to the increase of the concentration of salts in the solution (Drioli
et al., 2004). Knowledge of the vapour pressures of the salt solutions, and hence the driving
force during the distillation process, will highly facilitate a deeper and more rigorous
understanding of the latter postulation. Furthermore, some crystal deposition was seen to form
within the pipes (and suspected to form on the membrane surface as well) after crystal
disengagement began as the crystals were re-circulated to the membrane module. This is
thought to be an added factor to flux decline as established by Tun et al. (2005).

3.2.2

Mixed Electrolyte System

During the series of mixed electrolyte system experiments, solutions of magnesium sulphate and
sodium chloride were prepared and subject to MDC, which aimed at the crystallisation of only
sodium chloride. Aqueous solutions of analytical grade magnesium sulphate heptahydrate
(MgS04.7H20) and sodium chloride were prepared in mass ratios of 1:1, 1:2 and 1:3,
respectively, with initial concentrations of 225 g/£ of MgS0 4 and NaCl for the 1:1 mix (i.e. 1.16
and 4.89 m, respectively); 138 g/l and 275 g/l of MgS0 4 and NaCl (i.e. 0.686 and 5.78 m),
respectively, for the 1:2 mix; and 93 %jt and 280 gI2 of MgS0 4 and NaCl (i.e. 0.451 and
5.72 m), respectively for the 1:3 mix. These were fed into the distillation plant, the conditions
of which, and characteristics of the membrane module, being the same as that described in
Section 3.1. The average temperatures at module inlet on retentate and distillate sides for the
1:1 mix was 32.6 ± 1.7 °C and 16.0 ± 0.5 °C, respectively; for the 1:2 mix 32.6 ± 1.2 °C and
16.8 ± 0.4 °C, respectively; and for the 1:3 mix 33.6 ± 2.6 °C and 14.8 ± 0.5 °C, respectively.
The average temperatures at module outlet on retentate and distillate sides for the 1:1 mix was
29.3 ± 1.4 °C and 16.9 ± 0.7 °C, respectively; for the 1:2 mix 30.5 ± 1.0 °C and 17.4 ± 0.7 °C,
respectively; and for the 1:3 mix 27.6 ± 1.0 °C and 16.1 ± 0.6 °C, respectively. The water flux
was evaluated and samples were routinely withdrawn from the crystallisation tank and visually
examined and photographed.
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3.2.2.1 Crystallisation of Sodium Chloride

For the 1:1, 1:2 and 1:3 mixes, the first visual appearance of crystals was observed after
approximately 8, 13 and 17 h of operation of the membrane distillation equipment, respectively.
The crystals were sampled and photographed as shown in Figure 3.7. Although, the general
trend in the crystal geometry seems to follow the characteristic cubic geometry typically
displayed by sodium chloride crystals, there does, however, in some instances seem to appear a
distortion of the crystal geometry exemplified by an elongation of the crystal shape.

Figure 3.7: Sodium chloride crystals obtained from a mixed salt system of varying ratios of
sodium chloride and magnesium sulphate as indicated (25 X)
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It was noted that this effect is more intense for the 1:2 mix whereas the 1:3 mix shows less
distortion of crystal geometry. The 1:1 mix, however, lies in the middle of these two extremes
as can be seen from the crystal size distribution of samples taken approximately 1 h from the
start of crystallisation of each of the mixes (Figure 3.8).

Figure 3.8: Evolution of crystal size distribution for the crystallisation of sodium chloride
with increasing amounts of magnesium sulphate in solution.

Again, as described in Section 3.2.1.1, this change in morphology of the crystal structure is
attributed to the fact that crystal kinetics and morphology is strongly affected by other
components present in the crystallising solution (Al-Jibbouri and Ulrich, 2001 and 2002). The
authors studied the effect of MgC^ on the crystallisation kinetics of sodium chloride in a
fluidised bed crystalliser. They found that the solubility of NaCl is reduced with increasing
amount of MgCl2 in the solution. Furthermore, the growth rate of the NaCl crystals is also
inhibited; being more pronounced at high MgC^ concentrations.

This offers a plausible

explanation of the increase in times of solution supersaturation and onset of crystallisation of
NaCl as the concentration of magnesium sulphate in the solution is increased, i.e. as we move
from the 1:1 mix to the 1:3 mix the time of the first visual appearance of crystals is lengthened.
The authors did not specify the effect of impurities on the morphology of the NaCl crystals.
However, it is known that significant changes in ionic strength could effect the growth of the
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crystal and its morphology (Davey and Garside, 2000). Furthermore, this change in crystal
shape could merely be just a change in external shape but not necessarily a change in the crystal
lattice, i.e. the crystal still displays cubic geometry with the same space group. This can only be
verified by performing a crystal structure analysis of each of the crystals either by Xray
crystallography or powder diffraction to examine the crystal lattice and point group of these
different crystal shapes.

The fluxes for each of the runs were evaluated and are shown, together with the concentration of
the salts, in molality units, for the three mixes in Figures 3.9, 3.11 and 3.12. The overall trend
of an initial rise in the flux, followed by gradual decline, is generally observed in Figures 3.9,
3.11 and 3.12.

Figure 3.9: Trend of transmembrane flux and concentration of salts during the course of
the MDC of the 1:1 mix
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The initial rise is again due to the stabilisation of the temperature and concentration profiles at
the beginning of the experiment as described above. Figure 3.10 shows the temperature profile
for the distillation run for the 1:1 mix. As can be seen, there is a slight increase in the
temperature at the beginning of the distillation therefore causing a rise in the transmembrane
flux, where after it begins to plateau off.
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Figure 3.10: Temperature profile for the 1:1 mix during the MD process

The reduction in transmembrane flux for the 1:1 mix, from the highest flux of 303 gfr'm"2 that
was reached after 2 h of operation, is approximately 49 %. The rate of salinity increase for each
salt displayed a linear trend, up to the metastable state, of 0.26 kg of NaCl/kg of H 2 0/h and
0.19 kg of MgS0 4 .7H 2 0/kg of H 2 0/h.

For the 1:2 mix (Figure 3.11), the reduction in transmembrane flux, from the highest flux of
315 gh' m" that was reached after 1.7 h of operation of the distillation plant was approximately
30 %. The salinity increases were calculated as 0.24 kg of NaCl/kg of H 2 0/h and 0.11 kg of
MgS0 4 .7H 2 0/kg of H 2 0/h.
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Fieure 3.11: Trend of transmembrane flux and concentration of salts during the course
of the MDC of the 1:2 mix

The transmembrane flux for the 1:3 mix (Figure 3.12) was reduced by 60 % from its highest
value of 278 gh'm"2 that was reached after 3 h of operation of the distillation plant. The salinity
increases were of the order 0.12 kg of NaCl/kg of H 2 0/h and 0.04 kg of MgS0 4 .7H 2 0/kg of
H 2 0/h.
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Figure 3.12; Trend of transmembrane flux and concentration of salts during the course
of the MDC of the 1:3 mix

The characteristic trend of decreasing transmembrane flux will be investigated by examining the
vapour pressure driving force for the MD process to see if these two relationships could be
correlated. This is discussed in Chapter 5 of this thesis.

3.3

CONCLUSIONS

The MDC technique has proved successful for the recovery of solid products from concentrated
salt solutions. Due to the characteristics described in Chapter 2, this process overcomes many
shortcomings of conventional purification and crystallisation processes.

A maximum

temperature of only 33 °C on the retentate line and a minimum of approximately 17 °C on the
distillate line was necessary to afford a significant vapour pressure difference and hence driving
force for the separation. Furthermore, pure water was produced with the recovery of crystalline
product without the need for additional applied pressure or elevated temperature gradients.
However, one of the main shortcomings of this process as seen above, is the rapid decline in
flux that is observed after the metastable phase, when crystallisation occurs. This flux decline
prevents the concentration process from proceeding after the initial crystallisation has
commenced. The flux could be more accurately evaluated if knowledge of the vapour pressures
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of the solutions was possible. This would enable the assessment of the process on the basis of
the driving force and improve the predictability of the separation. Therefore it becomes crucial
to be able to evaluate the vapour pressures of the solutions. However, this determination cannot
be performed during the experiment itself. Furthermore, the chemistry of strong electrolytes is
complicated and the evaluation of the activity coefficient of these systems leads one to
encountering a series of complex thermodynamic models.
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HIGH IONIC STRENGTH ELECTROLYTE
MODELLING

Knowledge of the thermodynamic properties, such as activity and osmotic
coefficients, of the components in a system is essential in any chemically related
field. This chapter therefore provides an overview of the methods that are
available for the modelling of electrolytes systems, particularly focussing on high
ionic strength electrolyte systems. In Section 4.1 the theoretical equations
concerning the calculation of osmotic and activity coefficients of high ionic
strength solutions are described together with an evaluation of the shortcomings
of certain models and suitability of others for modelling these systems. The Pitzer
approach appears to be the most suitable for modelling of high ionic strength
electrolyte systems. Section 4.2 describes the geochemical equilibrium computer
model known as PHRQPITZ which uses the Pitzer virial coefficient approach for
calculation of activity coefficients in brines and other related systems. The
features and ability of this program for modelling high ionic strength systems are
described.

4.1 THERMODYNAMICS OF HIGH IONIC STRENGTH SOLUTIONS

In subjects such as sea water desalination, solution crystallisation, extractive distillation,
geothermal energy recovery, chemical oceanography, pulp and paper chemistry and prediction
of vapour-liquid equilibrium data in systems containing salts, knowledge on the solubility of the
electrolytes is essential (Anderko et al., 2002, Das, 2003 and Hu and Guo, 1999). In order to
ascertain these solubility predictions, thorough knowledge of the principle thermodynamic
properties, such as the chemical speciation and osmotic and activity coefficients, is mandatory.
Failure to do so could lead to large errors when predicting the solubility in aqueous
multicomponent ionic solutions of high ionic strength, irrespective if only a few chemical
species are present in the solution.

For this purpose, there is a growing interest in the

determination of activity coefficients and solubility data of electrolytes in solutions.

4-1

CHAPTER 4 - H I G H IONIC STRENGTH ELECTROLYTE MODELLING

There have been extensive experimental and theoretical investigations into the thermodynamic
properties of aqueous electrolytes. Literature provides various models for the determination of
these thermodynamic properties (Anderko et al., 2002, Bromley, 1973, Davies, 1938,
Guggenheim and Turgeon, 1954, Hu and Guo, 1999, Meissner et al., 1972, Meissner and Kusik,
1972, Meissner and Tester, 1972, Pitzer, 1973 and Wang et al, 2002 and 2004). Most of these
models are based on work performed by Debye and Hiickel (1923) on the thermodynamic
properties of electrolyte solutions. The formulae derived by Debye and Hiickel were based on
the model of rigid ions, all of which were assumed to have equal diameters. The Debye-Hiickel
Limiting Law calculates the mean activity coefficient, y±, according to Equation 4.1,

iog 1 0 r ± =-z + K|£ 7 V7

[4.i]

where, B/ is a quantity that depends on properties such as molar absorptivity and temperature, z
is the charge on the ion and / is the ionic strength of the solution and is described according to
Equation 4.2,

/ = ^c,.z,2

[4.2]

where c, is the molar concentration of the ions of type i (Laidler and Meiser, 1999). The
limiting law depends only on the valences of the ions, the temperature and dielectric constant of
the solvent. However, in concentrated solutions the sizes of the ions and their effects on the
dielectric constants must be taken into accounted (Scatchard, 1936). If the theory is modified to
account for the space occupied by the ions by assuming that the ions are restricted to a distance
a between them, then Equation 4.1 is modified to Equation 4.3,

tog»yt"-

z+ \z \B.4l
V ~rh=
1 + aBj y/I

[4.3]

where B,' is the new constant. Furthermore one needs to take into account the orientation of
solvent molecules by the ionic atmosphere (Equation 4.4),

z \z \B,41
l o g „ r t — 7 -'. £ +C,I

[4.4]
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where C/ is a constant and the term C/, known as the salting-out term, which dominates at high
ionic strengths thus accounting for the lowered solubility of salts under these concentrations
(Laidler and Meiser, 1999). Equation 4.4 is known as the extended Debye-Hiickel formula. The
application of the extended Debye-Hiickel equation to binary systems (e.g. NaCl in H 2 0) has
been well studied by Robinson (1965). They found reasonable agreement to ionic strengths of
up to 1 m. However, the use of this model for more complex systems of higher ionic strength
has been found to be inadequate (Harvie and Weare, 1980). For this reason numerous attempts
were made in order to establish equations to fit the high ionic strength behaviour of brines. One
of the most primitive attempts for mixed electrolyte systems was the Bronsted-Guggenheim
specific interaction model.

This approach, proposed by Guggenheim (1935) based on

Bronsted's (1922) principle of specific interaction, appears to be theoretically and
experimentally consistent, and is an extension of the Debye-Hiickel limiting law for mixed
electrolytes by using a second virial expansion of the activity coefficient. In the BronstedGuggenheim model the second virial coefficient was included to account for the short range
forces that are experienced by pairs of ions of opposite charge as well as the solvent structure
(Harvie and Weare, 1980). The general form for the activity coefficient, yMX, and the osmotic
coefficient, </>, for a mixed electrolyte is shown in Equations 4.5.

3

Ay

Z

Z

\MX

P

^7MX=-

2v M

+ •
V

2v,

V

0-1 = Z w c+X m *

[4.5a]

f 1^
I2
+ YZ™c™Jca

[4.5b]

V

M+ X

l+I'-

Y.mcPcX

+ •
Ma
L™J.
a
M+ X

-2AJ2a

V c

V

J

where vM and v x are the numbers of ions in the formula, m is the conventional molality and the
sums cover all cations c and all anions a. The function a(x) and the Debye-Hiickel parameters
^ 7 and A^, have the form shown in Equations 4.6.

f i

cr(x) =

\

r3 I

1 + x-

L(i+*).

- 2 1 n ( l + jt)

[4.6a]
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Ar and At axe the Debye-Hiickel coefficients for the activity and osmotic functions, respectively,
iV0 Avagadro's number and J w and Dw are the density and dielectric constant of water at 25 °C,
respectively, i is a parameter which expresses the distance at which the electrostatic energy for
singly charged ions in the dielectric just equals thermal energy (Pitzer, 1973). The parameters B
are constants at a given temperature.

For single 1-1 electrolytes, Equations 4.5 takes the form of Equations 4.7 below.

In 7 = -

Aym2

+ 2f3MXm

[4.7a]

l + m:
(
\\
>-l = -AAm2(7 m'- + Puxm
V

[4.7b]

J

Guggenheim and Turgeon (1954) demonstrated that Equations 4.7 were in good agreement with
experiment data up to concentrations of 0.1 m for 1-1 electrolytes in water at 0 °C and room
temperature.

However, above these concentrations considerable discrepancies occur.

For

mixed electrolyte systems, the work of Whitfield (1973 and 1974) confirmed that this theory is
accurate for concentrations up to 4 m.

However, for concentrations above 4 m Scatchard

(1968), Scatchard et al. (1970) and Pitzer (1973) demonstrated that third or higher order virial
coefficients must be.included to account for the short range potential between like-charged ions
and solvent structure which become important at significantly high concentrations. Mayer
(1950) suggested that the virial expansion will result in Equation 4.4 taking the form of,

In y. = In yDH + J B.. (/)«,. + £ CiJk {l)mjmk +...

[4.8]

;*

4-4

CHAPTER 4 - HIGH IONIC STRENGTH ELECTROLYTE MODELLING

where By(I) and Cijk(I) are the second and third virial coefficients respectively, and lnyDH is the
Debye-Hiickel coefficient from Equation 4.4. Harvie and Weare (1980) demonstrated that
second and third virial coefficients

are essential to predict mineral solubilities and

thermodynamically stable paragenesis. For this reason the Pitzer equation seems to be the most
appropriate choice to model high ionic strength electrolyte systems.

The Pitzer approach begins with a virial expansion of the excess free energy and takes the form
of Equation 4.6. This approach is used because, in order to predict mineral solubilities
knowledge of the osmotic and activity coefficients is required. However, these quantities are
not independent and must be consistent with the laws of thermodynamics (Harvie and Weare,
1980). The excess free energy, G^, is the difference in the actual free energy and the free
energy of an ideal solution of the same composition.

—— = nv
RT

/ M + 1 1 ^ (7Kw ; + Z Z E % mimJmk
i

j

i

j

[4.9]

k

where nw is the mass of water, m; and ntj the molality of species i and j , respectively, f(I) is the
Debye-Hiickel type term and Xifl) and fty, are the second and third virial coefficients
respectively. Xi/I) represents short-range interaction in the presence of the solvent between
solute particles i and j .

This second virial coefficient parameter, for ions, depends on ionic

strength, the type of solute species i and/, and the temperature and pressure. For neutral species
however, there is no composition dependence (Pitzer, 1991).

The third virial coefficient

parameter //p, in principle should be ionic strength dependent, but there is no experimental
verification for this observation (Pitzer, 1991). The derivative of Equation 4.9, with respect to
the number of moles of each component, results in expressions for the osmotic and activity
coefficients. Since the functionality Xy(I) cannot be determined experimentally, but sums and
differences of A.'s are measurable, Equation 4.9 is re-written in terms of the sums and
differences of the measurable quantities /Ts and /u's. Therefore in the Pitzer ion interaction
model the fundamental equations for the osmotic coefficient, <j> and activity coefficients, yM and
yx, for cations and anions respectively, in a mixed electrolyte system, are given in
Equations 4.10 (Harvie and Weare, 1980, Pitzer, 1973, Pitzer, 1991 and Plummer et al., 1988).
The equations considered below are for those in mixtures of strong electrolytes, as is the case of
this work.
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where mc is the molality of cation c with charge zc. The subscripts M, c and c' refer to cations
and X, a and a' anions. The summation index c refers to the sum over all cations and the double
summation index c<c' the sum over all distinguishable pairs of dissimilar cations; similarly, for
the anions. The other quantities have the form as shown in Equations 4.11 to 4.13.

The quantity F includes the Debye-Huckel terms amongst others as shown by Equation 4.1 la.

F = -A<

V7

In (i + W7) +
\ + byfl b

YjHmcmaBCa

+Hc<c^mcmc&'cc'

[4.11a]
+ Z

a

<

a

' E ^ ^

0

and v^has been defined in Equation 4.6b. A* is 0.392 for water and b is a universal empirical
parameter assigned to be 1.2 at 25 °C.
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The coefficients BMxa.re functions of ionic strength and are defined as,

D

MX

PMX

>(1) -a-Tl
^ P.MXy

B

[4.11b]

where g and g' are,

g(x)

_2[l-(l + x>~Jf]
1-

1

2

[4.11c]

1+X+-X
2

*'(*)
and x = a^Jl.

The remaining terms in Equations 4.10 contain either single electrolyte third virial coefficients,
CMX, or mixed electrolyte coefficients, &y and y/ijk. The latter two terms account for interactions
of like sign. Z is a concentration dependence function.

z=E

m, | z,

[4.12]

The parameters <% and y/yk are determined from aqueous mixtures of two salts, fy accounts for
like-charge interactions, cation-cation and anion-anion, while y/ijk accounts for interactions of
the form cation-cation-anion and anion-anion-cation. Values of Oy are given in Equation 4.13.

*j«* f +**,(0+/**;(/)
[4.13]

dij is a single parameter for each pair of anions or cations and the terms E6y(I) and Edy(I)
account for electrostatic unsymmetric mixing effects of cation-cation and anion-anion pairs.
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The main characteristics of models of Pitzer and similar ion interaction models, take into
account interactions between pairs of ions of like sign and also triplets of ions.

This

consideration enables calculations to be performed for multicomponent solutions at high
concentrations (Pitzer, 1991). Pitzer's model has gained much popularity since the 1990s
especially within the geochemical field. Perhaps the most extensive geochemical application of
the Pitzer model is for the studies of mineral solubilities in brines (Pitzer, 1986). These are
widespread and include the calculation of gypsum and halite solubility, study of evaporate
sequences, alkaline earth sulphate solubilities in deep brines, scale mineral formation in oilfield
brines and equilibria in acid mine drainage waters (Furst and Renon, 1982 and Pitzer, 1991).
The model has also been extended to include neutral species and incorporated into geochemical
computer models such as PHRQPITZ (Plummer et al., 1988).

4.2 GEOCHEMICAL EQUILIBRIUM MODELLING

The origin and evolution of natural systems has been described by numerous geochemical
models based on thermodynamics from as early as 1912 after Van't Hoff s first interpretation to
clarify field observations (Harvie and Weare, 1980 and Harvie et al., 1984). Reviews of
Nordstrom et al. (1979), Kerrisk (1981) and Bethke (1996) exemplifies the extent of work that
has been performed on thermodynamic equilibrium modelling of natural saline brines. A
number of mathematical models encompassing years of research is now available for the
modelling of geochemical systems. These include programs such as PHREEQE, PHREEQC,
MLNTEQA2 and WATEQ, amongst others. For the representation of the behaviour of mixed
electrolyte systems up to high concentrations, a specific model based on virial expansion with
ionic strength dependent virial coefficients is required (Harvie et al., 1984). For this reason the
models mentioned above are inappropriate as the activity coefficient calculations are mainly
based on equations such as the Debye-Huckel and Davies equations. As such these models are
limited to calculations in systems of low ionic strength. For systems of high ionic strength the
Pitzer virial coefficient approach for calculating osmotic and activity coefficients therefore
seems to fit the above requirements aptly.
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4.2.1

PHRQPITZ

The computer program, PHRQPITZ, is able to perform geochemical calculations in brines and
other electrolyte systems to high concentrations (Plummer et al., 1988). This is possible as the
main code of this program uses the Pitzer virial coefficient approach for activity coefficient
corrections according to the works of Harvie (1980) and Harvie et al. (1984) for the prediction
of mineral solubilities in natural waters for the Na-K-Mg-Ca-H-Cl-SCVOH-HCOs-CCVCCV
H 2 0 system to high ionic strengths. PHRQPITZ is an adaptation of the original program called
PHREEQE in that the aqueous model of the latter has been replaced with the Pitzer virial
coefficient approach, in order to extend the modelling capability range in terms of ionic strength
(Parkhurst, 1995). This approach is described mainly in the equations presented in Section 4.1.
The activity of water, aH2o, is computed from the osmotic coefficient, <f>, given in
Equation 4.10a, according to Equation 4.14.

\naHn=
"2°

'•
55.50837

[4.14]

where m,- is the molality of the ith ion in solution and there are 55.0837 moles of water per
kilogram of water.

The main input parameters into the program include the total analytical content of the system as
well as information such as pH and temperature. However, the number and type of input
parameters that the program would require varies according to the reaction being modelled
(Appendix A gives a detailed description of the input and output files from PHRQPITZ). Some
of the main reaction modelling potentials of PHRQPITZ includes (Plummer et al., 1988):

•

Aqueous speciation and mineral-saturation index.

•

Mineral solubility.

a

Mixing or titrations of aqueous solutions.

•

Irreversible reactions and mineral-water mass transfer.

Q Reaction path.

The general types of reactions that can be simulated in PHRQPITZ are as follows:
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Q Mixing of two solutions.
•

Titrating one solution with a second solution.

•

Adding or subtracting a net stoichiometric reaction (changing total concentrations of
elements in proportion to a given stoichiometry).

a

Adding a net stoichiometric reaction until the phase boundary of a specified mineral is
reached.

Q Equilibrating with mineral phases. Any condition which can be written in the form

log(jO=2>,,log(a,.)

[4-!5]

i

where at is the activity of the i aqueous species, cp?i is the stoichiometric coefficient of
the i'h aqueous species in the p'h phase, and Kp is the equilibrium constant for the p'h
phase, is considered a mineral phase.
•

Changing temperature.

The output of the calculations performed with PHRQPITZ includes the osmotic coefficient,
water activity, mineral saturation indices, mean-activity coefficients, total-activity coefficients,
and scale-dependent values of pH, individual ion activities and individual ion activity
coefficients.

4.2.1.1 Precautions and Limitations of PHRQPITZ

Although the program can be applied to a wide range of hydrogeochemical environments, there
does exist some limitations to the use of this program for modelling. Of the precautions and
limitations described by Parkhurst (1995) and Plummer et al. (1988) a few of the more possibly
applicable ones to the modelling performed in this work are described below:

•

The temperature range for the equilibria in the PHRQPITZ database is variable and is
from 0 to 60 °C, if AHr is known. However, the values in the database for the NaCl
system are valid to a temperature of approximately 350 °C, and those for the carbonate
system are consistent to approximately 100 °C. The precaution in terms of temperature
limitations is provided, as the solubility of the minerals in the PHRQPITZ database is
not precisely known and could lead to large errors if calculations are made outside these
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temperature ranges for these solids. Furthermore, PHRQPITZ provides a (nonfatal)
warning when the temperature is outside the interval 0 to 55 °C.

•

PHRQPITZ is based on the Na-K-Mg-Ca-H-Cl-SO^OH-HCOs-COs-CCVHsO system
of Harvie et al. (1984). The mineral database is therefore limited to these mineral
precipitates. Other minerals such as Fe2+, Mn2+, Sr2+, Ba2+, Li+ and Br" have been
manually included, however, this extension to the database has not been validated.

O As the individual ion activities and activity coefficients are not independently
measurable quantities, Equations 4.10b and 4.10c are only valid when individual ion
activity coefficients are combined to define properties of neutral combinations of ions,
e.g. in the calculation of mean activity coefficients, saturation indices and solubility. As
such, the individual ion activities and activity coefficients are only meaningful on a
relative scale. Therefore, the individual values of these parameters would depend on
the choice of scale convention. PHRQPITZ provides a choice of two scale conventions,
viz. no scaling which results in Equations 4.10b and 4.10c being used to calculate the
individual ion activity coefficients, or scaling using the Machines convention. In the
latter case the activity coefficient of CI is defined to be equivalent to the mean activity
coefficient of KC1 in a KC1 solution of equal ionic strength, i.e. ya{Mac)

= Y±Ka • A

problem may arise when the measured pH is introduced in geochemical calculations
and may lead to erroneous calculations of mean activities and saturation indices. This is
because the measured pH is unlikely to be on the same activity coefficient scale as the
aqueous model as the buffers used to define pH are conventional (Plummer et al.,
1988). Furthermore, it has been observed that even if the measured pH is on the same
scale as the aqueous model, uncertainties in the calibration of pH in brines, like those
due to liquid-junction potentials, will introduce inconsistencies in activity coefficient
computations (Bates, 1973 and Wescott 1978). Therefore, when using measured pH
values of brines, it is important to recognise the magnitude of error that can accompany
the evaluation of mean activity and saturation indices due to the differences in the scale
of activity coefficients. This problem of pH is particularly important when performing
calculations in carbonate systems of high ionic strength brines.
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4.2.1.2 How to Solve a Problem with PHROPITZ

Like in any analyses, one is initially faced with a problem relating to real world situations
(Figure 4.1). The first step therefore, is the conversion of a real problem into chemical terms.
Ideal components necessary to formulate the problem must be considered together with possible
separations (if necessary). Once the problem has been formulated, it then needs to be input into
the computer program.

There are certain limitations considering the use of a program for modeling and these must be
considered before commencing with the problem solution. Restrictions such as the available
species in the thermodynamic database and ionic strength limitations must be taken into
account. The application of a geochemical equilibrium model to an environmental problem
involves four basic steps (Allison et al., 1991 and Wadley and Buckley, 1997):

i)

Formulate one or more precise and relevant chemical questions that can be answered
if one knows the equilibrium composition of the system. The formulation of the
chemical questions must respect the inherent limitations in the site-specific data such
as incomplete sampling or incomplete chemical analyses of samples.

ii)

Pose the chemical questions to the model in terms of those symbols and formats
appropriate to the computer program and from which the program may interpret a
mathematical problem.

iii) Cause the program, i.e. the geochemical equilibrium model, to solve the mathematical
problem.
iv) Interpret the output from the model in terms of the original environmental problem.

PHRQPITZ is designed to carry out a series of simulations in a single computer run. Each
simulation consists of two separate problems - processing of an initial solution and / or
modelling of a reaction (Plummer et al., 1988). The first step is almost always the most
difficult - the ability to do this well improves with each application of the program. The input
file for the program is PITZINPT and is designed to perform step (ii) by asking questions about
the chemical system to be modelled and building the appropriate input file from the answers
(this is described in detail in Appendix A). Step (iii), the actual execution of the calculations is
automatic once initiated.

In some instances computational problems may occur during

execution which would require the user to modify the input file accordingly.

4-12

CHAPTER 4 - HIGH IONIC STRENGTH ELECTROLYTE MODELLING

Analytical
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separations, etc.

"Real world"
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translate
Add other
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'Chemistry"
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Input information
into model

Exclude kinetically
unfavourable
reactions
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interactions between
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PITZINPT
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thermodynamic
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Obtain formation
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empirical
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problem
Are results
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Figure 4.1: Sequence of solving a problem in PHRQPITZ (adaptation of Allison et al, 1991
and Wadley and Buckley, 1997)
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Step (iv) is executed by the user by examining the PHRQPITZ output file and relating the
results to the initial problem. This is then followed by validation of the results. This can only
be performed physically by the necessary experiments and comparison with the appropriate
literature.
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Chapter +J
VAPOUR PRESSURE MODELLING AND
EXPERIMENTS

This Chapter forms the second and final approaches in the series of methods
described in Chapter 1, Le. the determination of vapour pressures and evaluation
of driving force. The decline in transmembrane flux experienced during the MD
experiments described in Chapter 3 is addressed by evaluating the vapour
pressures of the solution and hence driving force of the MD process which will
indicate the nature of the flux decline. Section 5.1.1 illustrates the use of the
computer program PHRQPITZ to model vapour pressures. The suitability of the
program to accurately model vapour pressures was validated by vapour-liquid
equilibrium experiments performed using the dynamic vapour-liquid equilibrium
still which is described in Section 5.1.2. The results obtained are described in
Section 5.2 - the results of the VLE experiments are discussed in Section 5.2.1
while the comparison between the experimental data and those modelled are
shown in Section 5.2.2. PHRQPITZ was then used to model the vapour pressures
of the solutions throughout the MD process which led to the evaluation of the
driving force. Section 5.2.3 compares and discusses the trend displayed between
the flux and driving force. Section 5.3 demonstrates the potential of PHRQPITZ
to predict and thus possibly enable finer control of the MD process. This chapter
ends with a summary in Section 5.4.

5.1 DETERMINATION OF VAPOUR PRESSURES

The initial purpose of this stage of the research stems from the work that was performed with
MD as described in Chapter 3. The problem of the decline in transmembrane flux that was
observed during the batch MD of concentrated salt solutions is an inhibiting factor to the
prolonged functioning of the process.

Our aim is to establish why the flux declines, in

accordance with the process description. The only way in which this transmembrane flux could
be evaluated is by measuring the actual driving force for the process, i.e. the vapour pressures of
the solutions which give rise to the driving force for the flux and transport. Since this cannot be
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performed during the experiment itself, one needs a means of evaluating the vapour pressures.
Being able to computationally model the performance of the system outside to the process itself
is an excellent and valuable means of predicting the outcome of the process. The computer
program PHRQPITZ described in Chapter 4 seems to contain the necessary modelling
capabilities for the purposes of this work

Therefore, this program was used in order to

determine the vapour pressures of the solutions that were subject to MD and the results are
described in Section 5.1.1. Before this program could be used further to evaluate the flux
decline during MD, its suitability and accuracy for modelling vapour pressures was validated by
experimental vapour-liquid equilibrium measurements, described in Section 5.1.2.

5.1.1

PHRQPITZ modelling

The program PHRQPITZ is designed to execute a series of simulations in a single computer run
by solving two separate problems: (i) processing of an initial solution/s and (or) (ii) modelling
of a reaction (Plurnrner, 1988). There are a variety of reactions that can be modelled but in each
type of reaction the initial solutions must be specified. The total concentrations of species as
well as information such as pH and temperature are input into a specific solution which is
assigned a unique number. Any further reactions or mineral equilibria are then performed on
this solution. The output of the calculations performed with PHRQPITZ includes the osmotic
coefficient, water activity, mineral saturation indices, mean-activity coefficients, total-activity
coefficients, and scale-dependent values of pH, individual ion activities and individual ion
activity coefficients. For the purposes of this work, the activity of water was the crucial output
required from PHRQPITZ which was then used to obtain the solution vapour pressures directly
(Equation 5.1), of the three mixes of salt solutions over a range of temperatures. The effective
vapour pressure of a solution (Pmh) is defined as the product of the vapour pressure of pure
water (Pmo) at the same temperature as the solution and the activity of water (aH2o) in the
solution.

An example of a section of a typical output file, containing the necessary information required
for the purposes of this work, is shown in Table 5.1 with the key information highlighted. The
initial information that was fed to the program was the concentration of the solutions, as shown
under "TOTAL MOLALITIES OF ELEMENTS" and the temperature of the solution. The aim was to
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obtain the activity of water of this solution from which the corresponding vapour pressure was
calculated Further details of the modelling procedure are explained in Appendix A.

Table 5.1: Example of a section of an output file from PHRQPITZ
MD p r o c e s s f o r r e t e n t a t e t e m p e r a t u r e s
0000020000 0 0
SOLUTION 1
time=0
4 0 0
7.00
5 1.163D+00
16
1SOLUTION NUMBER 1

0.00000

4.00
1.163D+00

27.3
1.00
6 4.895D+00
14

4.895D+00

TOTAL MOLALITIES OF ELEMENTS
ELEMENT

MOLALITY
1.. 163000D+00
4 .895000D+00
4 .895000D+00
1.. 163000D+00

MG
NA
CL
S

LOG MOLALITY
0.0656
0.6898
0.6898
0.0656

DESCRIPTION OF SOLUTION•7-0000
IS =
ACTIVITY H20
0.7391
OSMOTIC COEFFICIENT =
1.3853
IONIC STRENGTH =
9.5469
TEMPERATURE = 27.3000
PRESSURE =
1.0000 ATM
DENSITY OF H20 =
0.9964 G/CC
ELECTRICAL BALANCE = -7.0283D-05
TOTAL ALKALINITY =
7.0567D-05
ITERATIONS =
1

DISTRIBUTION OF SPECIES

I

SPECIES

1
3
5
6
14
16
31
40
85

H+
H20
MG+2
NA+
CLS04-2
OHHS04MGOH+

Z

MOLALITY

1.0 3.005E-08
0.0 7.391E-01
2.0
1.163E+00
1.0 4.895E+00
-1.0 4.895E+00
-2.0 1.163E+00
-1.0 2.526E-07
-1.0 . 2.539E-07
1.0 7.031E-05

LOG M O L A L
-7.522
-0.131
0.066
0.690
0.690
0.066
-6.598
-6.595
-4.153

UNSCALED
A C T I V I T Y LOG A C T
1.000E-07
7.391E-01
1.179E+00
3.882E+00
8.073E+00
2.982E-02
8.822E-08
3.029E-07
1.651E-05

-7.000
-0.131
0.072
0.589
0.907
-1.526
-7.054
-6.519
-4.782

GAMMA

UNSCALED
LOGGAM

3 .327E+00
1 . OOOE+00
1 . 014E+00
7 .930E-01
1 . 649E+00
2 . 564E-02
3 .493E-01
1 . 193E+00
2 .348E-01

0.522
0.000
0.006
-0.101
0.217
-1.591
-0.457
0.077
-0.629

Initially PHRQPITZ was used to gain the activity of water for mixtures of the compositions of
the salt mixes that were used during MD, i.e. 1:1 mix (225 g/l NaCl and MgSCu, i.e. 4.89 and
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1.16 m, respectively), 1:2 mix (275 g/£ NaCl and 137.5 g/£ MgS0 4 , i.e. 5.78 and 0.686 m,
respectively) and 1:3 mix (280 g/t NaCl and 93.3 g/£ MgS0 4 , i.e. 5.72 and 0.451m,
respectively) as described in Section 3.2.2, with arbitrarily chosen temperatures ranging from
303 to 373 K in order to test the applicability of PHRQPITZ to model vapour pressures.
Figures 5.1 and 5.2 show the vapour pressure curves that were obtained for each of the salt
mixes together with that of pure water for comparison.

90-

o

pressure

I
3
O
Q.

n
>

y S

..••'

301:1 mix
—

310

290

330

350

Water

370

Temperature (K)

Figure 5.1:

Vapour pressure curve for the 1:1 mix predicted through PHRQPITZ
modelling; pure water vapour pressure curve shown for comparison.

The vapour pressure of pure water is higher than that of the hot brine (1:1 mix) at a particular
temperature. It is this difference in vapour pressure that drives the separation during the MD
process as described in Section 2.3.1. The same is true for the other salt concentrations shown
in Figure 5.2 below.
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Figure 5.2: Vapour pressure curves for the 1:2 and 1:3 mixes predicted through
PHRQPITZ modelling; pure water vapour pressure curve shown for
comparison.

Before proceeding with any further calculations concerning the actual MD process and the
actual temperature and concentration changes occurring during the process, as described in
Section 4.2.1.2, the next stage, in any modelling procedure, is the validation of the vapour
pressure predictions.

This can be performed by physically conducting the necessary

experiments or by comparison with the literature.

5.1.2

Vapour-liquid equilibrium measurements

Apart from the purposes of our measurements, which are to obtain the vapour pressure of
inorganic salt solutions, vapour-liquid equilibrium (VLE) data are required in the design of
chemical processes as well as mass transfer equipment such as distillation and absorption
columns (Seker and Somer, 1993).

However, the acquisition of VLE data is not a

straightforward task. Accurate theoretical determination of VLE data is often less feasible due
to the uncertainties in the properties of liquid mixtures. These include parameters such as
fugacity and activity coefficients that cannot merely be estimated by simple theoretical
approaches as they are dependent on the chemical structure and compositions of the compounds.
Furthermore, the majority of theoretical approaches are based on dilute solutions which are not
always appropriate in real situations such as concentration and precipitation.

Therefore,

experimental methods for the measurement of VLE data in non-ideal solutions become
mandatory. Various methods exist for the direct measurement of VLE data.
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They are grouped according to the following (Seker and Somer, 1993):
•

Distillation methods.

•

Circulation method - mechanical circulation of vapour,

a

Static method.

Q Dew and bubble point method.

Each of these metiiods has their characteristic operational parameters and advantages and
disadvantages associated with them (Raal and Miihlbauer, 1998). In the present work the
apparatus known as the vapour-liquid equilibrium still was used to measure the vapour
pressures of solutions of mixtures of inorganic salts, sodium chloride and magnesium sulphate,
as a function of temperature.

5.1.2.1 The vapour-liquid equilibrium still

The particular VLE still developed by Raal and Miihlbauer (1998) has two essential parts:
(i) vaporiser and (ii) equilibrium chamber (Figure 5.3). The binary liquid mixture is placed in
the boiling chamber where it is vaporized by an electrical heating coil within the chamber and a
further external heater which permits rapid boiling of the mixture. The mixture in the boiling
chamber is stirred which ensures that the returning equilibrium mixture is thoroughly mixed
with the original mixture before further evaporation - this prevents flashing. The vapour-liquid
mixture is then forced up the Cottrell tube into the equilibrium chamber. The mixture then
flows downwards through the packing which consists of stainless steel wire mesh cylinders of
3 mm dimension. Close contact between the liquid and vapour in this packed section allows
rapid attainment of equilibrium (Joseph et al., 2001). The temperature in the chamber is
recorded by the thermometer (Pt-100) which extends well inside the equilibrium chamber. The
resulting equilibrium mixture leaves the chamber through die drain holes perforated at the
bottom of me chamber. The released equilibrium liquid tiien flows down over the stainless steel
mixing spiral before a portion of the liquid is caught in the liquid trap for sampling, whilst the
remainder is returned to the boiling chamber.
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SS wire mesh packing
Drain holes
Pt-100 bulb
Vacuum jacket
Magnetic stirrer

Condenser
attached here

SS mixing spiral
Liquid and vapour
sampling points
Insulated Cottrell tube
Vacuum jacket

Internal heater
Capillary

Drain valve

Figure 5.3:

Schematic diagram of the vapour-liquid equilibrium still
(Joseph et al, 2001).

The discharged vapour, on the other hand, flows upward forming a thermal lagging around the
equilibrium chamber and, together with the vacuum jacket that insulates the upper portion of the
still, provides an adiabatic environment for the operation of the equilibrium chamber. The
vapour then flows through the condenser where it is cooled and condensed into the condensate
receiver where it can be sampled before returning to the boiling chamber. The condensate
receiver is equipped with a magnetic stirrer which prevents the possibility of temperature and
concentration gradients which enables sample concentrations to be reproduced accurately.
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The VLE still is incorporated in an environment where the temperature and pressure is
monitored and controlled. A block diagram of the VLE measurement system is shown in
Figure 5.4.

Multimeter
Mercury
Manometer

Vacuum
Pump

Vacuum Valve
VLE
Still

i

1

Pressure
Transducer

Atmospheric
Valve
Ballast
Flask

|

i

Ballast
Flask

Figure 5.4: Block diagram of VLE system (Joseph et ah, 2001)

The central component of the system consists of the VLE still whilst secondary components
which enable pressure and temperature to be controlled consist of a 6.5 digit multimeter, a
Sensotec Super TJ pressure transducer, two solenoid valves, a vacuum pump, differential
mercury manometer, two ballasts flasks and a computer. The multimeter functioned to record
the temperature of the Pt-100 temperature sensor; the pressure transducer serving the purpose of
monitoring the pressure. The two solenoid valves together with the computer are used in a
method based on pulse-width modulation which controls the temperature within a range of 0.01
to 0.05 K, depending on the composition of the mixture (Joseph et al., 2001).

5.1.2.2 Experimental

The VLE still was used to measure the vapour pressure of the solutions of sodium chloride and
magnesium sulphate of a similar range in compositions to those used in the MD experiments.
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The still was initially calibrated in order to determine the correction factors that needed to be
applied to the temperature and pressure that were recorded by the computer. The calibrations
led to the corrections taking the form of Equations 5.2 and 5.3 for temperature and pressure,
respectively.

7 (OC) =2.58817? (oAm) -259.61

[5.2]

^,=0.9945/^-0.3267

[5.3]

Where Rahm is the resistance in ohms measured by the multimeter and Pdisp is the pressure
displayed by the computer.

The composition and concentration of the mixed electrolyte solutions are the same as those
described in Section 3.2.2 of this thesis. However, before these measurements took place, the
performance and suitability of the still to measure vapour pressures of inorganic salt solutions
were tested by performing measurements on solutions of known concentrations of sodium
chloride and comparing the experimental results to those reported in literature. For this purpose
concentrated solutions of analytical grade sodium chloride were prepared in concentrations of
20 g/t, 200 g/l and 280 g/€ and the vapour pressure of these solutions were measured as a
function of temperature between 298 and 373 K. The temperature and pressure in the still were
computer controlled and the accuracies were estimated to be ±0.02 K and ±0.03 kPa,
respectively.

The desired temperature was set and once vapour-liquid equilibrium was

established, the corresponding pressure was recorded.

5.2 RESULTS AND DISCUSSION

Section 5.2.1 provides the results that were obtained from the VLE experiments on pure and
mixed salt solutions, the former being performed to test the applicability of the VLE still for
measuring the vapour pressures of inorganic salts, by comparison to literature. The vapour
pressures measured for the solutions of mixed salts at different temperatures were then
compared to those modelled using PHRQPITZ. This comparison is illustrated in Section 5.2.2.
Section 5.2.3 then shows how PHRQPITZ was used to measure the vapour pressure of the
solution throughout the MD process and, when compared to the transmembrane flux,
demonstrates the importance of taking into account the activities of water when calculating the
driving force for the MD process.
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5.2.1

Vapour pressure measurements using the VLE still

Section 5.2.1.1 describes the results that were obtained from the measurements of pure
solutions of sodium chloride that were used as a verification of the VLE method. The results
were compared to two literature sources. Once the suitability of the method was verified,
measurements concerning the mixed salt solutions were undertaken. These results are described
in Section 5.2.1.2.

5.2.1.1 Verification of VLE method

Figure 5.5 represents the vapour pressure curves that were obtained for each sodium chloride
solution followed by the vapour pressure locus curve in Figure 5.6. The Antoine equation
(Equation 2.13) was fitted to the experimental vapour pressure data by using a regression
procedure to determine the parameters. The constants A, B and C in the Antoine equation that
were obtained from the regression procedure are given in Appendix B.

100-
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Vapour Pressure (kPa)

80-

• 208/1
• 200 g/l

20-

• 280 g/l
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:310
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370
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Figure 5.5: Vapour pressure curves together with the fitted Antoine curves for solutions
of sodium chloride in varying concentrations
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Figure 5.6: Vapour pressure locus curve for sodium chloride solutions

The experimental vapour pressure data were compared to two literature sources. Liu and
Lindsay (1972) performed vapour pressure lowering experiments on concentrated solutions of
sodium chloride (from 4 m to saturation) and at temperatures from 348 K to 573 K. The vapour
pressure measurements performed in this work on the concentrated sodium chloride solutions
were performed at temperatures from 298 K to 373 K.

As no literature data were found

containing measurements which fall within these precise concentrations and temperature ranges,
graphs of vapour pressures against concentration at each of the temperature ranges studied by
Lui and Lindsay were plotted (Appendix B) from which the vapour pressures at the
concentrations used in this work were extrapolated and plotted against the temperatures studied
by Lui and Lindsay. The Antoine equation was then fitted to these points and then extrapolated
to the temperatures studied in this work.

The plots of Antoine's regressions to Lui and

Lindsay's data are shown in Figure 5.7.
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Figure 5.7: Antoine fit to the data of Lui and Lindsay (1972) for each concentration of
sodium chloride at the corresponding temperature

The sum of the square of the residuals for the fit of the Antoine regression to the experimental
data of Lui and Lindsay were 6.202 x 10^, 6.787 x lfj 4 and 6.249 x lO^kPa2 for the 20, 200
and 280 g/l sodium chloride solutions, respectively. A comparison between the experimental
data obtained from the VLE measurements performed in this work and that of Lui and Lindsay
for each concentration studied is shown in Figure 5.8.
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Figure 5.8:

Comparison between literature (Lui and Lindsay, 1972) and measured
vapour pressures for each concentration of sodium chloride solution

The relative error between the VLE experimental data and those extrapolated from literature,
range between -0.030 to -0.19 for the 20 g/£ solution, -0.057 to -0.19 for the 200 g/£ solution
and -0.065 to -0.18 for the 280 g/t solution. Considering the accumulated error that would have
occurred during the extrapolation procedures, it can be concluded that there is good agreement
between the experimental and literature data.

The empirical equations presented by Sparrow (2003) for thermodynamic properties of aqueous
NaCl were used as a second comparison with the data obtained from these VLE experiments.
The empirical equations of Sparrow are functions of temperature and concentration and are
useful for estimating the solubility, density, vapour pressure, specific enthalpy and entropy of
aqueous sodium chloride for temperatures from 273 to 573 K, and concentrations extending to
saturation (Sparrow, 2003). The equation derived by Sparrow for the evaluation of vapour
pressures is shown in Equation 5.4 with the explanations following.

PVAP=A + BT + CT2+DT3+ET4

[5.4]
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when 273.15K < T < 423.15^
A = (o.9083-0.569X + 0.1945X2 -3.736X 3 + 2.82X 4 )lO~ 3
B = (-0.0669 + 0.0582^-0.1668X 2 + 0.676X 3 -2.09Uf 4 )lO~ 3
C = (7.541-5.143X + 6.482X 2 -52.62X 3 +115.7X 4 )l0^
£> = (-0.0922 + 0.0649X-0.1313X 2 +0.8024X 3 -1.986X 4 )lO- 6

E = (l.237-0.753X + 0.1448X2 -6.964X 3 + 14.61X4)lO"9
whereof is the salt massfractionof a solution and is related to the molality of the salt according
to Equation 5.5.

(lOOO + m A / ^ )
The comparison between the experimental vapour pressure measurements and those calculated
from the empirical equations of Sparrow are shown in Figure 5.9.
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Figure 5.9: Comparison between literature (Sparrow, 2003) and measured vapour
pressures for each concentration of sodium chloride solution

The relative error between the VLE experimental data and those calculated from the empirical
equations of Sparrow range between -0.021 to -0.11 for the 20 g/£ solution, 0.0030 to -0.11 for
the 200 g/£ solution and -0.035 to -0.10 for the 280 g/C solution. There is therefore good
agreement between the measured vapour pressures and those calculated from literature.
From the above work, the agreement between literature and the measured vapour pressures for
each of the sodium chloride solutions was substantial to acknowledge VLE as a suitably
accurate apparatus for obtaining the vapour pressures of inorganic salt solutions. This apparatus
was then used to measure the vapour pressures of the solutions of the mixed salts.
5.2.1.2 Measurement of vapour pressures of the mixed salt solutions using VLE

The temperatures and concentrations that were used during the modelling using PHRQPITZ
were adhered to for comparison. The vapour pressure curves that were obtained for these salt
mixes are shown in Figures 5.10 to 5.12 together with the Antoine fit to the experimental data.
The regression constants for the Antoine fit are featured in Appendix B.
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310

330

Temperature (K)

Figure 5.10: Experimental vapour pressure curve obtained from VLE measurements for
the 1:1 mix together with the fitted Antoine curve

Figure 5.11: Experimental vapour pressure curve obtained from VLE measurements for
the 1:2 mix together with the fitted Antoine curve
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Figure 5.12: Experimental vapour pressure curve obtained from VLE measurements for
the 1:3 mix together with the fitted Antoine curve

5.2.2

Comparison between modelled and experimental vapour pressures

Having successfully measured experimentally the vapour pressures of the salt solutions, these
data were compared to the modelled data in order to ascertain whether the modelling procedure
is accurate. The comparison between the experimental VLE data and that modelled using
PHRQPITZ is shown in Figure 5.13 for each of the salt mixes.
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Fi2ure 5.13: Comparison between modelled and measured vapour pressures for each of
the salt mixes

The relative errors between the vapour pressures modelled and those obtained experimentally
range between -0.0014 to 0.096 for the 1:1 mix, -0.019 to -0.058 for the 1:2 mix and -0.014 to 0.033 for the 1:3 mix. There is therefore excellent agreement between the modelled data and
those obtained experimentally through VLE measurements. The larger deviations are those at
higher vapour pressures. This is due to the limitation of the input data to PHRQPITZ, with
regards to the uncertainty in PHRQPITZ calculations above 60°C (cf. Section 4.2.1.1). This
uncertainty, however, does not affect the outcome of the results in this study as the maximum
retentate temperature did not exceed 33 °C and it is seldom that MD, in general, would operate
at temperatures above 60 °C. It therefore appears that the vapour pressures of concentrated
mixed salt solutions of sodium chloride and magnesium sulphate can be sufficiently accurately
modelled using PHRQPITZ.

5.2.3

Evaluation of driving force using PHRQPITZ

Knowing the temperature and concentration of the inlet and outlet retentate and distillate
streams during the course of a batch concentration run, the vapour pressures of these streams
were calculated at each time interval (water recovery level) during the MD process.
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Figures 5.14 and 5.15 show the variation of the vapour pressures of each of the streams as
indicated in the legend for the 1:1 and 1:2 mixes1. The pure retentate stream refers to the pure
hot water that enters the module, i.e. the activity of water at the temperature of the brine at
module inlet and outlet. The retentate stream on the other hand, refers to the activity of the
brine according to its temperature when entering and leaving the module. The permeate streams
refer to the cooling pure water streams at module inlet and outlet.
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Figure 5.14: Vapour pressures of respective streams in membrane distillation of a
1:1 mix, emphasising the significant change in activities of the pure water
retentate streams at outlet and inlet of the membrane module. The curves
labelled "pure retentate (hot water)" are calculated for pure water at the
same temperatures as the brine at that point in the run.

The vapour pressures for each stream for the 1:3 mix could not be completely evaluated as data were
for the temperatures
difficulty.

at the module outlet for the retentate and distillate streams due to some

unavailable
experimental

The calculations therefore performed for the evaluation of flux and driving force included the 1:1 and

1:2 mixes only.
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Figure 5.15: Vapour pressures of respective streams in membrane distillation of a
1:2 mix

The most salient feature of these plots is the significant difference in vapour pressures over time
between the pure retentate streams at module inlet and outlet contrasted to the negligible
difference between the pure water vapour pressures for the distillate at the module inlet and
outlet (the gradual increase at the beginning of the distillation process up to approximately
lOOmins, is again due the instability in temperature during the start of the process,
cf. Section 3.2.1.1). It then follows that when determining the driving force for the process it
becomes mandatory to take into account these changes in water activities of the pure rentetate
streams. For this reason the logarithmic mean vapour pressure (APim) differences between the
high temperature and low temperature sides of the module were calculated when evaluating the
driving force for the process (Equation 5.6).

(Retentatein - distillate o u t ) - (Retentate out - distillate in)
(Retentate in - distillate out)
In
(Retentate out - distillate in)

[5.6]
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The logarithmic mean is generally considered as the most appropriate average driving force in a
counter-current mass or heat transfer device. The log mean vapour pressure difference is
plotted together with the transmembrane flux time relationships in Figures 5.16 and 5.17 for the
1:1 and 1:2 mixes, respectively.

Figure 5.16: Variation of transmembrane flux and the log mean vapour pressure driving
force as a function of time for the 1:1 mix, indicating that the flux decline is
due to a decline in driving force as seen from the similarity in these trends
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Figure 5.17:

Variation of transmembrane flux and the log mean driving force as a
function of time for the 1:2 mix indicating the similarity in these trends

Figures 5.16 and 5.17 reveal a marked similarity between the transmembrane flux and driving
force for the process. The flux and driving force show a constant rise after which it slightly
plateaus before rapidly declining. As previously described, the initial rise in flux is due to the
stabilisation of concentration and temperature profiles as well as fluid dynamic conditions
inside the membrane module. However, Figure 5.17 also demonstrates that a simultaneous rise
in the driving force occurs during this period hence the relationship between flux and driving
force also holds during this phase. As the initial solute content of the 1:2 mix (275 g/£ NaCl
and 138 g/€ MgS0 4 ) is lower than that of the 1:1 mix (225 g/£ NaCl and 225 g/£ MgS0 4 ), the
flux decline is less profound for the former as opposed to the latter as can be seen from their
corresponding plots (Figures 5.16 and 5.17). From the relationships above, it can be deduced
that one of the reasons for the decline in the transmembrane flux is due to a decline or loss of
driving force for the process. This has been revealed by accounting for the activity of water at
module inlet and outlet which seems to play an important role, particularly concerning
concentrated salt solutions.

In Figure 5.18 the data are re-plotted to show the relationship between flux and vapour pressure
driving force.
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Figure 5.18: Transmembrane flux as a function of log mean driving force during the
distillation of 1:1 and 1:2 magnesium sulphate and sodium chloride
solutions. The graph displays a non-zero intercept

The initial steep rising parts of the curves in Figures 5.16 and 5.17 have been excluded in the
construction of Figure 5.18 as it is believed that, because the temperatures were changing too
rapidly to record an accurate measurement of the corresponding fluxes, this resulted in a lag in
the measurement of flux relative to the measurement of temperature. A notable feature of the
plot in Figure 5.18 is the non-zero intercept where the flux is zero, although the apparent vapour
pressure driving force is positive. This can be explained as an interaction between the
transmembrane concentration and temperature differences, conductive heat transfer and
temperature polarization (Mariah et al., 2006a). In the case where the pure water and brine
streams are at the same temperature, the brine vapour pressure is depressed by the salt
concentration, causing a reverse flux of water across the membrane - i.e. from the pure water
side to the brine side.

As the brine temperature is raised, its vapour pressure is raised,

counteracting the concentration effect. At the point where the temperature effect balances the
concentration effect exactly, the flux is zero, which is the intercept point on the graph. Because
there is no mass flux at this point, there is no concentration polarisation; however the
temperature difference across the membrane causes a conductive heat flux across the
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membrane, so there is temperature polarisation. This means that the difference between the
bulk temperatures of the brine and water streams is greater than the difference between the
temperatures at the membrane surfaces. Hence the apparent vapour pressure driving force,
calculated from the bulk stream temperatures, is greater than the true driving force based on the
membrane surface temperatures. This effect is usually negligible for dilute solutions, but has
been observed in concentrated solutions by other investigators (Walton et al., 2004).

5.3 PREDICTION OF HIGH WATER RECOVERIES

Having obtained a way to accurately estimate the vapour pressures, it becomes possible to
predict the course of a batch MD by accounting for the continual concentration of salts in the
solution, which subsequently decreases the vapour pressure and hence the driving force. In
Figure 5.19 the starting solution is that of the 1:1 mix with a brine temperature of 55 °C and a
pure water temperature of 20 °C. The solution is modelled so as to calculate the saturation
index (SI) of the salts at each water recovery level according to the experimental findings. Once
crystallisation of sodium chloride begins, i.e. SlNaci = 0, the system is modelled so as to keep the
SI of sodium chloride at 0 (by continual removal of the crystals) while the concentration of
magnesium sulphate increases. The saturation index (SI) of a salt is defined as the logarithm of
the ratio of the ion activity product (IAP) and the solubility product (Ksp), Equation 5.7.

TAP
S7 = log-^H_

[5.7]

sp

If the crystals are continually removed from the re-circulating solution, Figure 5.19 illustrates
how the initial rapid decline in driving force is changed to a subtle decline once crystal
disengagement begins at a concentration factor of approximately 1.2. Previously, when the
crystals were not removed from the re-circulating solution, part of the crystals was re-circulated
back to the membrane module causing the flux to rapidly fall to zero once crystallisation began
and bringing the process to a halt.

Figure 5.19 shows that the continuous removal of the

crystallised salt enables the process to proceed for an extended period of time.
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Figure 5.19: Evolution of flux with the saturation index ofepsomite and sodium chloride
for the 1:1 mix obtainedfrom modelling using PHRQP1TZ

It can be seen that MD can concentrate the solution up to the point of sodium chloride
crystallisation and beyond with approximately 150 g/L of pure crystalline sodium chloride
being recovered and a 74 % water recovery being achieved before epsomite would start to
precipitate, while still maintaining an existent vapour pressure driving force. It was calculated
that in order for RO to produce a positive driving force at these concentrations, a minimum
pressure of approximately 44 MPa has to be applied before the osmotic pressure barrier is
overcome, to obtain a resultant driving force (Mariah et al., 2006b).

5.4 CONCLUSIONS
The investigations performed in this Chapter have revealed one of the mechanisms of the flux
decline that occurs during the MD of concentrated salt solutions described in Chapter 3 - the
key aspect being the difference in the water activities at module inlet and outlet which must be
accounted for when evaluating the driving force for the process. The complexity of performing
thermodynamic calculations such as activity and vapour pressure evaluations on solutions of
strong electrolytes is alleviated by the use of a speciation program incorporating the algorithm
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for these calculations within the program code. This program therefore provides a means of
calculating the fundamental solution parameters for the MD process, i.e. the vapour pressure,
which otherwise cannot be performed during the process itself. PHRQPITZ can model and
predict changes in the MD process.
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6

CONCLUSIONS

6.1 CONCLUDING REMARKS

The investigations performed in this work dealt with the batch membrane distillation of
concentrated mixed brines for the recovery of crystalline products. The main focus of this study
was to evaluate the driving force during the experiments in order to determine whether this
correlated with the declining flux that is experienced during a batch membrane distillation
experiment.

Furthermore, as the measurement of vapour pressures during the membrane

distillation experiment is not a readily accomplishable task, a method to evaluate vapour
pressures and hence driving forces during MD would be invaluable to the membrane researcher.
In terms of the original objectives of this study described in Chapter 1, the following
conclusions can be drawn:

•

The membrane distillation of concentrated solutions of single and mixed salts is
possible. MD was capable of producing water and solid crystalline products
from high ionic strength (exceeding 5 m) solutions and at average feed and
distillate temperatures of 33 °C and 17 °C, respectively and at atmospheric
pressure.

At these high ionic strengths the osmostic pressure would be

approximately 44 MPa and hence a minimum applied pressure of this order and
over would be required to obtain a resultant flux during reverse osmosis
processes (Mariah et al., 2006).

•

Using a geochemical speciation program specific for modelling high ionic
strength electrolyte solutions, the vapour pressures of the concentrated salt
solutions subject to MD can be suitably accurately modelled.

The current

database for this computer program is limited to a temperature range of
0 to 60 °C which is sufficient for our system, and MD in general, as seldom an
operating temperature of 40 °C is exceeded.
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•

The trend of driving force is similar to the distillate flux during a typical batch
MD experiment. We can therefore conclude that one of the reasons for the MD
flux decline is due to the decline in the vapour pressure driving force.
Furthermore, it has been found that for concentrated solutions the activities of
water at outlet and inlet of the membrane module must be accounted for when
attempting to evaluate the driving force for the process. The magnitude of the
ionic strength of the solutions also plays an important role when correlating the
distillate flux with the driving force in that the graph of the latter displays a nonzero intercept due to the effects of simultaneous heat and mass transfer. This
causes the temperatures and vapour pressures at the membrane surface to be
different from those in the bulk thus giving rise to temperature polarisation.
Because of the conductive heat transfer through the membrane, this discrepancy
occurs even when there is no flux of vapour through the membrane, which
accounts for the non-zero intercept. This effect is usually negligible for dilute
solutions, but for concentrated solutions is more pronounced.

The ability to model vapour pressures and hence driving forces during a MD experiment enables
predictions of changes during the MD process and of water and salt recoveries. Preliminary
modelling have revealed that, if the crystallising salt is continuously removed from the
recirculating solution, the driving force for the process can be extend up to very high water and
salt recoveries. Furthermore, these recoveries can be performed by retentate and distillate
temperatures of 55 and 20°C, respectively and, as is the case in many industries, an excess of
low-grade thermal energy could be used for this energy requirement thus making MD a more
economic process as opposed to processes such as RO which would require exceptionally high
applied pressures in order to overcome the osmotic pressure barriers when concentrating
solutions with the same magnitude of ionic strength. Therefore MD fulfils the major concepts
of green chemistry by not making use of hazardous starting materials or reagents, being an
energy conserving process and furthermore, the crystalliser stage enables the recovery of
crystalline products as such both the cost and environmental impacts of brine disposal can be
considerably reduced (as valuable end products could be made from these purified salts or used
as a substitute for raw material process streams) thus moving towards sustainable industrial
growth.
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6.2 RECOMMENDATIONS FOR FUTURE WORK
An evaluation of the kinetics of crystallisation of the salts is necessary to complete the
understanding of the process. These need to be well understood as the process must avoid
crystallisation in the membrane module (which is another proposed mechanism of flux decline,
Tun et al., 2005) while producing a high quality final product which influences the performance
of downstream processes (solid-liquid separation steps, drying and storage).
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Appendix
MODELLING
This Appendix provides a summary of the PHRQPITZ computer programming
procedures. Obtaining the program is described, followed by a description of
options that are available for modelling in the PHRQPITZ database and choice of
appropriate options according to the desired output. Examples of input and
output files are provided together with an explanation of the important results and
how PHRQPITZ could be usedfor solving specific geochemical-related problems.

A.l OBTAINING PHRQPITZ

PHRQPITZ can be downloaded from the USGS website at the following URLs:
http://wwwbrr.cr.usgs.gov/proiects/GWC coupled/phrqpitz/
http://wwwbrr.cr.usgs.gov/proiects/GWC coupled/phreeqc/index.html1

Part of the PHRQPITZ software is an application called PITZINP.exe which allows easy
creation of input files for PHRQPITZ. The following sections serve as an explanation of the
various options available for modelling using PHRQPITZ.

A.2 CREATING AN INPUT FILE IN PITZINPT

The PITZINPT file can be run from Windows Explorer. The program offers a number of
options for data input. It is best to read through the following questions first and decide which
options are appropriate before running the program, as there is no way to undo and the program
has to be rerun from the beginning if one makes a mistake. Italics indicate text shown by the
program.

The PHRQPITZ program itself has become obsolete during the time of writing this thesis as the original PHREEQC
program has been modified to include the Pilzer activity coefficient model in the pitzer.dat database, eliminating
the need for a separate program. New users are directed to PHREEQC version 2.12.
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Name of PHROINPT database file? Default: pitzinpt.dat
Unless there is a reason to change the database file, hit return.

Name of PHRQPITZ database file? Default: phrqpitz.dat
Unless there is a reason to change the database file, hit return.

Enter name of output file (input to PHRQPITZ). Default: phrqpitz.inp
This is the name of the file that PITZINPT will generate and which can be used as an
input file for PHRQPITZ. If you reject to type in a new file name, the existing one will
be overwritten.

Enter reference file name: <hit <cr> to omit>
This option allows you to call up a previous file to use as a reference. Hitting return with
no file name will pass this option.

Input the title
A title which will be displayed on the output file.

The next section covers the various options for modelling:

Input IOPT(l)
Options are:
0

No print of thermodynamic data or coefficients of aqueous species.

1

Print the aqueous model data (which are stored on disk) once during the entire
computer run.

Input IOPT(2)
Options are:
0

Initial solutions are not to be charge balanced. Reaction solutions maintain the initial
charge imbalance.

1

pH is adjusted in initial solutions to obtain charge balance.

2

The total concentration of one of the elements (except H or O) is adjusted to obtain
electrical balance. Neutral input is required.
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Input IOPT(3)
Options are:
0

No reactions modelled. Only the initial solutions are solved.

1

Solution 1 is mixed (a hypothetical constant volume process) with solution 2 in
specified reaction steps. Steps input and a value for nsteps are required. Minerals
input may be included.

2

Solution 1 is titrated with solution 2 in specific reaction steps. Steps input, a value
for nsteps and a value for VO are required. Minerals input may be included.

3

A stoichiometric reaction is added in specified reaction steps. Reaction input, Steps
input, a value for nsteps and a value for ncomps are required. Minerals input may be
included.

4

A net stoichiometric reaction is added in nsteps equal increments. Reaction input,
Steps input, a value for nsteps and a value for ncomps are required. Minerals input
may be included. Only one value for the total reaction is read in Steps.

5

Solution 1 is equilibrated with mineral phases only. No other reaction is performed.
Minerals input is required.

6

A reaction is added to solution 1 until equilibrium is attained with the first phase in
mineral input (equilibrium with other minerals is maintained throughout the reaction).
Reaction input, a value for ncomps, and Minerals input are required. No Steps input
is required. Note: there should be a common element in the reaction and the first
phase in Minerals input.

Input IOPT(4)
Options are:
0

The temperature of the reaction solution is: (a): the same as the initial solution if
adding a reaction, or (b): calculated linearly from the end members if mixing or
titrating. No Temp input is required.

1

The temperature is constant during the reaction steps and differs from that of the
initial solution(s). One value is read in Temp input.

2

The temperature is varied from T(0) to T(F) in nsteps equal increments, during the
reaction steps.

3

The temperature of each reaction step is specified in Temp input, in order. Nsteps
values are needed.

A-3

APPENDIX A - MODELLING

IOPT(5)
This option is automatically set and does not appear but its explanation is as below.
0

The pe of the initial solution (defined to be 4.0 if PITZINPT is used to construct input
sets) is held constant during all the reaction steps for the simulation. Redox reactions
are currently not considered.

IOPT(6)
This option is also automatic.
2

Activity coefficients are calculated according to the Pitzer model. No other options
are available.

Input IOPT(7)
Options are:
0

Do not save the aqueous phase composition at the end of a reaction for additional
simulations.

1

Save the final reaction solution in solution number 1.

2

Save the final reaction solution in solution number 2.

Input IOPT(8)
Options are:
0

The debugging print routine is not called.

1

A long printout is output at each iteration in each problem. This print is to be used
only if there are convergence problems with the program (see subroutine Pbug).

Input IOPT(9)
Options are:
0

No printout of each array inverted.

1

A long printout occurs of the entire array to be inverted at each iteration. This print is
to be used only if there are convergence problems (see subroutine SLNQ).

Input IOPT(IO)
Options are:
0

No convention for activity coefficient is used.

1

Machines convention is used.
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Input nsteps
Number of steps. A value is required if IOPT(3) = 1, 2, 3 or 4 or if IOPT(4) = 2 or 3.

Input VO
Initial volume of solution 1 when modelling a titration. This unit of VO must be the same
as that of nstep (see Steps input) if IOPT(3) = 2. Otherwise VO is not required.

Input ncomps
The number of constituents in a net stoichiometric reaction. A constituent may be any
element with an index number between 4 and 30 inclusive. No aqueous species with
index numbers >30 may be included as reaction constituents except H2 and 0 2 . Any
constituent with index number greater than 30 is assumed to be either H2 or 0 2 and has
the effect of raising or lowering the redox state of the solution depending on the assigned
valence (thmean). A value for ncomps is required if IOPT(3) = 3,4 or 6.

Keyword data blocks
There are 11 keywords which can be used to design the modelling input. These are described
below.

ELEMENTS
Defines a name and index of all elements in the aqueous model database.

Input tname
Alphanumeric name of element. Type LIST to bring up a list of the elements currently in
the database (Table A.l).

Input NELT
Index number assigned to element. Number must be between 4 and 30 inclusive.

Input TGFW
GFW of species used to report analytical data. If solution data is to include alkalinity,
TGFW for element C must be the equivalent weight of the reported alkalinity species.
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Table A. 1: Elements in the PHRQPITZ database

Elements
*****
*****
*****

Index
number
1
2
3
4
5
6
7
8
9
11
12
14
15
16
18
21
22

Ca
Mg
Na
K
Fe
Mn
Ba
Sr
CI
C
S
B
Li
Br

Gram
formula
weight
(GFW)
0
0
18.0152
40.0800
24.3050
22.9898
39.0983
55.8470
54.9380
137.330
87.6200
35.4530
44.0098
96.0600
10.8100
6.9410
79.9040

Input formula
corresponding
to GFW

Master
species

*****
*****
*****
Ca 2+
Mg 2+

*****
*****
*****
Ca 2+
Mg 2+

Na+
K+

Na+
K+

Fe 2+
Mn 2+
Ba 2+
Sr2+

Fe 2+
Mn 2+
Ba 2+
Sr2+

cr
co 22
so4 "

cr
co 322 so4 "

B
Li+

Br"

B(OH)3
Li+
Br"

OPV
+0.00
+0.00
+0.00
+0.00
+0.00
+0.00
+0.00
+2.00
+2.00
+0.00
+0.00
+0.00
+4.00
+6.00
+0.00
+0.00
+0.00

SPECIES
Defines names, index numbers and composition of all aqueous species in the aqueous model
data base.

Input I
Index number assigned to aqueous species. Numbers 4 through 30 are reserved for
master species. 250 is the maximum index number for an aqueous species.
Input SNAME
Alphanumeric species name

Input NSP
Total number of master species in the association reaction that forms this species. Do not
count the species itself unless the species is a master species.

Input KFLAG
Options are:
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0

Van't Hoff expression is used to calculate temperature dependence of the association
constant for this species.

1

An analytical expression is used to calculate temperature dependence of the
association constant.

Input GFLAG
Options are:
0

The extended Debye-Hiickel or Davis expression (according to IOPT(6)) is used to
calculate the activity coefficient for this species.

1

The Wateq-Debye-Huckel expression is used to calculate the activity coefficient for
this species (regardless of the value of IOPT(6)).

Input ZSP
Charge on this aqueous species.
Input DHA
The extended Debye-Hiickel A-0 term.

Input ALKSP
The alkalinity assigned to this aqueous species.

Input LKTOSP
Log K at 25°C where log K = Al + A2(T) + A3/T + (A4 * log(T)) + A5/T2

Input DHSP
Standard enthalpy of association reaction at 25°C (H(R), in kcal/mol).

SOLUTION
Used to define starting solution.

Input solution number
A number, either 1 or 2, indicating the solution number of the following data.

Input solution heading
Title or comments about the solution.
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Input NTOTS
The number of total concentrations to be read from card input, for example, if the
starting solution is MgCl2-NaHC03 solution, NTOTS = 4 (for Mg, CI, Na and C).
Input IALK
Flag which indicates whether total C or total alkalinity is to be input.
0

indicates total concentration of C (not alkalinity) is input in the units specified by
IUNITS.

N 4<N<30 where N is the index number for the element C (in PHRQPITZ.DATA, N =
15), indicates total alkalinity is being entered. Elements input may be required. The
units of alkalinity are specified by IUNITS and if IUNITS > 0, the GFW of the
element C is critically important. The GFW in the case of alkalinity must be the
gram equivalent weight (g/equivalent) of the chemical species in which alkalinity is
being reported. The following is a list of species commonly used for reporting
alkalinity and their corresponding equivalent weight:
CaC0 3 = 50.0446 g/eq
HC03" = 61.0171 g/eq
C0 3 2 ' = 30.0046 g/eq
In PHRQPITZ.DATA, 44.010 is the GFW of C which is suitable for entering C as
total C0 2 . This GFW must be changed via Elements input if alkalinity is to be
entered as mg/1 or ppm (IUNITS = 2 or 3). If IUNITS = 0, alkalinity must be input as
eq/kg H 2 0 and in this case the GFW need not be changed since no conversion is
necessary.

Input IUNITS
Flag describing units of input concentrations. The program makes all of its calculations
in terms of molality and any other allowed concentration units (mmol/f, mg/£, ppm or
mmol/kg) must be converted to molality before calculation may begin. To make the
conversions it is necessary to know the GFW in g/mole of the chemical formula in which
elemental analyses are reported. The GFW is an input parameter under Elements input
and must be in agreement with the analytical units for each solution dataset. (If the units
are molality, no conversion is necessary and the GFW's are not used). Note: All elements
must have the same units. It is not possible to enter mg/1 of one element and molalit}' of
another.
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0

concentration of elements entered as molality of each element, or for alkalinity,
equivalents/kg H 2 0.

1

concentration of elements entered as mmol/f of each element, or for alkalinity meq/L

2

concentration of elements entered as mg/i? of the species which has a GFW given in
Elements input (Elements input may be required).

3

concentration of elements entered as ppm of the species which has a GFW given in
Elements input (Elements input may be required).

4

concentration of elements entered as mmol/kg solution.

Input pH
The pH of the solution (estimate if IOPT(2) = 1)

Input PE (automatic)
Automatically set at 4.0 as PHRQPITZ does not currently treat redox reactions.

Input Temp
Temperature of solution in °C.

Input LT(NTOTS)
LT = index number of element N

Input DTOT(NTOTS)
Total concentration of the element in molality, mmols/kg, mg/£ or ppm according to
Iunits.

MINERALS
Defines phases which will be maintained at equilibrium with each of the reaction solutions.
Pre-constructed mineral data are available. Do you wish to have any of them? (see Table A.2).
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Table A.2: Minerals in the PHRQPITZ database
I. Anhydrite

2. Aragonite

3. Arcanite

4. Bischofite

5. Bloedite

6. Brucite

7. Burkeite

8. Calcite

9. Carnallite

10. Dolomite

II. Epsomite

12. Gaylussite

13. Glaserite

14. Glauberite

15. Gypsum

16. Halite

17.Hexahydrite

18. Kaimte

19. Kalcinite

20. Kieserite

21. Labile S

22. Leonhardite

23. Leonite

24. Magnesite

25. Mirabilite

26. Misenite

27. Nahcolite

28. Natron

29. Nesquehonite

30. PC02

31. Pentahydrite

32. Pirssonite

33. Polyhalite

34. Portlandite

35. Schoenite

36. Sylvite

37. Syngenite

38. Trona

39. Borax

40. B-Acid, S

41.KB5084W

42. K2B4074W

43. NAB024W

44. NAB5085W

45. Teepleite

More minerals to be typed in from the terminal?
Input MNAME
Alphanumeric name of mineral

Input NMINO
Number of different species in the mineral dissociation reaction (including H+, e". and
H 2 0). NMINO must be < 10.

Input LKTOM
Log of the equilibrium constant at 25°C for reaction

Input DHMIN
Delta Hr° (Kcal/mol) for the Van't Hoff expression
Input MFLAG
0

The Van't Hoff expression is used to calculate the temperature dependence of the
equilibrium constant.

1

The analytical expression is used to calculate the temperature dependence of the
equilibrium constant.
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Input SIMIN
Saturation index (log IAP/Ksp) desired in the final solution. SIMIN — 0.0 would result in
equilibrium with the mineral while 1.0 would produce a solution 10 times supersaturated
(SI = 1.0). This variable is useful in specifying the partial pressure of a gas. The Henry's
Law constant for the gas would be entered using the Van't Hoff (LKTOM) or analytical
expression (AMIN) and the log of the partial pressure would be entered for SIMIN.

Input LMIN(NMINO)
Index number of species (not necessarily master species) in the dissociation reaction for
this mineral.

Input CMIN(NMINO)
Stoichiometric coefficient of species in dissociation reaction.

LOOKMIN
Provides information on the saturation state of aqueous phases with respect to desired minerals.
Minerals in this block of input do not affect calculations of initial solution or any of the reaction
solutions. Never mandatory.

Do you want to delete all old minerals?
Input variables as for Minerals keyword block.

TEMP
Varies temperature during reaction steps. It is not required when IOPT(4) = 0.

Input XTEMP(NSTEP)
Temperature in degrees C.

STEPS
Defines steps of reaction process. Not required when IOPT(3) = 0, 5 or 6.

Input XSTEP(NSTEP)
The value of XSTEP will vary depending on IOPT(3).
1

The fraction of solution 1 to be mixed with solution 2
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2

Volume of solution 2 to be titrated into solution 1. Units must be the same as VO

3

The moles of reaction to be added to solution 1.

4

Total number of moles of reaction to be added in NSTEPS steps. NSTEPS reaction
solutions will be calculated. The r solution will have / XSTEP/NSTEPS moles of
reaction added to solution 1.

REACTION
Describes the stoichiometry and valence of elements to be added as reaction.

Input LREAC(l)
Index number of element for the reaction. LREAC must be between 4 and 30 inclusive.
If LREAO30 the program considers this constituent to be H2 or 0 2 and only uses CREAC
and THMEAN to change the oxidation state of the reaction solution.

Input CREAC(l)
Stoichiometric coefficient of element in reaction.

NEUTRAL
Thus input defines elements to be used to adjust the initial solutions to electrical neutrality (i.e.
IOPT(2) =2).

Input LPOS
Index number of an element with a cation master species.

Input LNEG
Index number of an element with an anion master species.

SUMS
Sums the molalities of aqueous species which are then printed in the output of reaction. These
sums do not affect the calculations in any way and are never mandatory.

Do you want to delete all old sums?
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Input SUNAME
Alphanumeric name to be printed to identify reaction.

Input NSUM
The number of index numbers to be read (<50)

Input LSUM(NSUM)
Index numbers of species in sum.

END
Terminates input operations for a single simulation. Any computer run has at least one end line.

More simulations?
If yes...
Do you wish to define the previous output as your new reference?
Enter reference file name? Etc, etc

A.3 EXAMPLE OF PHRQPITZ INPUT FILE
Table A.3 shows a typical input file for a basic speciation of a solution of magnesium sulphate
and sodium chloride. Below is an explanation of each line.

Table A.3: Input file for PITZINPT
MD process for retentate temperatures
0000020000 0 0
0.0
SOLUTION 1
time=0
4 0 0
7.
4.0
29.2
1.0
5 1.164
16 1.164
6 4.926
END

14 4.926

Where: Line(l):Title
Line(2):

Iopt(l); Iopt(2); Iopt(3); Iopt(4), Iopt(5), Iopt(6), Iopt(7), Iopt(8),
Iopt(9), Iopt(10), Nsteps; Ncomps V.O.

Line(3)

Keyword "Solution" plus solution number

Line(4)

Solution heading

Line(5)

Ntots; Ialk; Iunits; pH; pe; Temp; Solution number
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Line(6):

Concentration input in format: Index number of element (from
Table Al); Total concentration of element in units according to lunits

Table A.4 lists the corresponding output file associated with this run followed by an
explanation.

Table A.4: Output file from PHRQPITZ
DATA READ FROM DISK
ELEMENTS
SPECIES
LOOK MIN
MEAN GAM
1MD process for retentate temperatures
0000020000 0 0
0.00000
SOLUTION 1
time=0
4 0 0
7.00
4.00
29.2
1.00
5 1.164D+00 16 1.164D+00
6 4.926D+00 14 4.926D+00
1SOLUTION NUMBER 1
time=0
TOTAL MOLALITIES OF ELEMENTS

ELEMENT

MOLALITY

MG
NA
CL
S

LOG M<DLALI
0 .0660
0 .6925
0 .6925
0 .0660

1 .164000D+00
4 .926000D+00
4 .926000D+00
1 .164000D+00

-DESCRIPTION OF SOLUTION--PH
ACTIVITY H20
OSMOTIC COEFFICIENT
IONIC STRENGTH
TEMPERATURE
PRESSURE
DENSITY OF H20
ELECTRICAL BALANCE
TOTAL ALKALINITY
ITERATIONS

7.0000
0.7379
1.3853
9.5819
29.2000
1.0000 ATM
0.9959 G/CC
-8.2610D-05
8.2911D-05
1

DISTRIBUTION OF SPECIES

I

SPECIES

1
3
5
6
14
16

H+
H20
MG+2
NA+
CLS04-2

Z

1 .0
0 .0
2 .0
1 .0
-1 .0
•-2 0

MOLALITY
3 .000E-08
7.379E-01
1.164E+00
4.926E+00
4.926E+00
1.164E+00

UNSCALED
LOG MOLAL ACTIVITY LOG ACT
-7 .523
-0 .132
0 .066
0 .692
0 .692
0 .066

1.000E-07
7.379E-01
1.164E+00
3.934E+00
8.118E+00
2.985E-02

-7.000
-0.132
0.066
0.595
0.909
-1.525

UNSCALED
GAMMA
LOG GAM
3.334E+00
1.000E+00
1.000E+00
7.985E-01
1.648E+00
2.565E-02

0
0
0
-0
0
-1

.523
.000
.000
.098
,217
.591
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31 OH40 HS0485 MGOH+

-1.0
-1.0
1.0

2.926E--07
2.707E--07
8.262E--05

-6.534
-6.568
-4.083

1.014E-07
3.199E-07
1.914E-05

-6.994
-6.495
-4.718

3.464E-01
1.182E+00
2.317E-01

SPECIES

TOTAL MOL

UNSCALED
ACTIVITY

UNSCALED
TOTAL GAMMA

H+
MG+2
NA+
CLS04-2
OH-

3.0069D-07
1.1640D+00
4.9260D+00
4.9260D+00
1.1640D+00
8.2911D-05

1.0000D-07
1.1641D+00
3.9336D+00
8.1182D+00
2.9851D-02
1.0136D-07

3.3257D-01
1.0001D+00
7.9855D-01
1.6480D+00
2.5645D-02
1.2225D-03

-0 .460
0 .072
-0 .635

MEAN ACTIVITY COEFFICIENT
FORMULA

MEAN GAMMA

MGCL2
MGS04
MG(OH)2
NACL
NA2S04
NAOH
HCL
H2S04

1.3953D+00
1.6015D-•01
1.1434D-•02
1.1472D+00
2.5383D-•01
3.1245D- 02
7.4032D-•01
1.4155D-•01

LOOK MIN IAP ---

•

PHASE
BISCHOFI
BLOEDITE
BRUCITE
EPSOMITE
HALITE
HEXAHYDR
KIESERIT
LEONHARD
MIRABIL
PENTAHYD

-

LOG IAP

LOG KT

LOG IAP/KT

1.0929
-2.3225
-13.9223
-2.3831
1.5043
-2.2511
-1.5911
-1.9871
-1.6556
-2.1191

4.4421
-2.3470
-10.8753
-1.8309
1.5759
-1.5850
-0.1230
-0.8870
-1.0286
-1.2850

-3 .3493
0..0245
-3..0469
-0 .5523
-0.,0717
-0..6662
-1 .4681
-1..1001
-0 .6270
-0 .8341

The first four keywords that appear, ELEMENTS, SPECIES, LOOK MIN and MEAN GAM
were printed as appropriate data from the PHRQPITZ.DATA were read. The computed output
begins with a print of the total molalities of all elements in Solution 1 followed by a description
of the solution and distribution of species. Computed variables under the heading "Description
of Solution" include the activity of water, osmotic coefficient, ionic strength, pressure (in
atmosphere) together with the vapour pressure line of pure water (if the temperature is greater
than 100 °C), the density of pure water at the given temperature and pressure, the electrical
imbalance (in equivalents per kilogram H 2 0), and the total concentration of inorganic carbon
(moles per kg H 2 0). The "Distribution of species" lists the molality, activity, and activity
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coefficient (and log values) of all aqueous species in the PHRQPITZ.DATA file for which an
input concentration was given. This output is followed by tables of total molalities, activities,
activity coefficients, mean activity coefficients and saturation indices. The saturation indices
are given under the heading LOOK MLNIAP as log(IAP/KT).

A.4 EVAPORATION MODELLING IN PHRQPITZ
PHRQPITZ can be used to determine the amount of water that needs to be extracted from a
given starting solution in order to reach a stipulated mineral phase boundary (in this example the
mineral phase is halite). For our series of experiments it is useful to know at what stage or
exactly how much of water needs to be removed (by MD) before the crystallisation will begin.
In PHRQPITZ evaporation of the solution is achieved by setting IOPT(3) = 6, i.e. specifying
that a reaction will be added until the first mineral of MINERALS input is just saturated, and
defining the reaction under REACTION input as water (LREAC(l) = 3 and CREAC (1) - 1.0).
PHRQPITZ identifies this combination of input as the special case of evaporation (or dilution, if
the starting solution is oversaturated with the first mineral of MINERALS input) and additional
output is provided as seen in Table A.5 for the evaporation of a solution of magnesium sulphate
and sodium chloride until the halite phase boundary is reached.

Table A.5: Output from PHRQPITZ for the evaporation of a solution ofNaCl and MgS04 until
the halite phase boundary is reached
DATA READ FROM DISK
ELEMENTS
SPECIES
LOOK MIN
MEAN GAM
levaporation with halite saturation of 1:1 mix, 225g/l
0060020000 0 1
0.00000
SOLUTION 1
MgS04:NaCl, 1:1
4 0 0
7.00
4.00
33.0
1.00
5 1.869D+00 16 1.869D+00
6 3.850D+00 14 3.850D+00
MINERALS
HALITE
2
0.00
1.6
0.00
1
6
1.00
14
1.00
-7.1346E+02 -1.2012E-01 3.7302E+04 2.6246E+02 -2.1069E+06
0
0.00
0.00
0.00
0
REACTION
3
1.000
0.000
ISOLUTION NUMBER 1
MgS04:NaCl, 1:1

0.000

0.000
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TOTAL MOLALITIES OF ELEMENTS

ELEMENT

MOLALITY

LOG MOLALITY
0.2716
0.5855
0.5855
0.2716

1.869000D+00
3.850000D+00
3 .850000D+00
1.869000D+00

MG
NA
CL
S

DESCRIPTION OF SOLUTION-PH
ACTIVITY H20
OSMOTIC COEFFICIENT
IONIC STRENGTH
TEMPERATURE
PRESSURE
DENSITY OF H20
ELECTRICAL BALANCE
TOTAL ALKALINITY
ITERATIONS

7.0000
0.7488
1.4037
11.3258
33.0000
1.0000 ATM
0.9947 G/CC
-1.1625D-04
1.1668D-04
1

DISTRIBUTION OF SPECIES

SPECIES
1
3
5
6
14
16
31
40
85

H+
H20
MG+2
NA+
CLS04-2
OHHS04MGOH+

Z
1.0
0.0
2.0
1.0
-1.0
-2.0
-1.0
-1.0
1.0

MOLALITY LOG MOLAL
3 .839E-08
7 .488E-01
1 .869E+00
3 .850E+00
3 .850E+00
1 .869E+00
4 .973E-07
3 .935E-07
1..162E-04

-7.416
-0.126
0.272
0.585
0.585
0.272
-6.303
-6.405
-3.935

SPECIES

TOTAL MOL

H+
MG+2
NA+
CLS04'-2
OH-

4. 3189D-07
1. 8690D+00
3. 8500D+00
3. 8500D+00
1. 8690D+00
1. 1668D-04

UNSCALED
ACTIVITY
LOG ACT

UNSCALED
GAMMA
LOG GAM

1.000E-07
7.488E-01
1.021E+00
2.635E+00
8.217E+00
5.995E-02
1.355E-07
7.155E-07
2.343E-05

-7.000
-0.126
0.009
0.421
0.915
-1.222
-6.868
-6.145
-4.630

UNSCALED
ACTIVITY

UNSCALED
TOTAL GAMMA

1.0000D-07
1.0210D+00
2.6354D+00
8.2172D+00
5.9951D-02
1.3552D-07

2.605E+00
1.000E+00
5.463E-01
6.845E-01
2.134E+00
3.208E-02
2.725E-01
1.818E+00
2.017E-01

0 .416
0 .000
-0 .263
-0 .165
0 .329
-1 .494
-0 .565
0 .260
-0 .695

2.3154D-01
5.4629D-01
6.8451D-01
2.1343D+00
3.2076D-02
1.1614D-03

MEAN ACTIVITY COEFFICIENT
FORMULA

MEAN GAMMA

MGCL2
MGS04
MG(OH)2
NACL
NA2S04
NAOH
HCL
H2S04

1 .3551D+00
1 .3237D-01
9 .0325D-03
1 .2087D+00
2 .4678D-01
2 •8196D-02
7 .0299D-01
1..1981D-01
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LOOK MIN IAP -•
PHASE
BISCHOFI
BLOEDITE
BRUCITE
EPSOMITE
HALITE
HEXAHYDR
KIESERIT
LEONHARD
MIRABIL
PENTAHYD

LOG IAP

LOG KT

LOG IAP/KT

1.0848
-2.0962
-13.7270
-2.0925
1.3356
-1.9669
-1.3388
-1.7157
-1.6367
-1.8413

4.4307
-2.3470
-10.8677
-1.7868
1.5803
-1.5396
-0.1230
-0.8870
-0.8721
-1.2850

-3.3460
0.2508
-2.8593
-0.3057
-0.2448
-0.4273
-1.2158
-0.8287
-0.7646
-0.5563

1

1STEP NUMBER
0

TOTAL MOLALITIES OF ELEMENTS

MOLALITY

ELEMENT

1.869000D+00
3.850000D+00
3.850000D+00
1.869000D+00

MG
NA
CL
S

LOG MOLALITY
0.2716
0.5855
0.5855
0.2716

PHASE BOUNDARIES
MASS PRECIPITATED/DISSOLVED FROM INITIAL KILOGRAM WATER
PHASE

DELTA PHASE*

LOG IAP

HALITE

O.OO0O00D+00

1.5803

LOG KT
1.5803

LOG IAP/KT
0.0000

* NEGATIVE DELTA PHASE INDICATES PRECIPITATION
AND POSITIVE DELTA PHASE INDICATES DISSOLUTION.
**

1.138248D+00 IS THE EVAPORATION FACTOR NECESSARY TO REACH THE
HALITE PHASE BOUNDARY.

MOLES OF ELEMENTS REMAINING AFTER REACTION

ELEMENT
MG
NA
CL
S

MOLES
1.869000D+00
3.850000D+00
3.850000D+00
1.869000D+00

LOG MOLES
0.2716
0.5855
0.5855
0.2716

8.785435D-01 KILOGRAMS OF WATER REMAINING
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•-- LOOK MIN IAP
PHASE
BISCHOFI
BLOEDITE
BRUCITE
EPSOMITE
HALITE
HEXAHYDR
KIESERIT
LEONHARD
MIRABIL
PENTAHYD

LOG IAP

LOG KT

1.4534
-1.6348
-14.0297
-1.9815
1.5803
-1.8262
-1.0501
-1.5158
-1.6712
-1.6710

4.4307
-2.3470
-10.8677
-1.7868
1.5803
-1.5396
-0.1230
-0.8870
-0.8721
-1.2850

LOG IAP/KT
-2
0
-3
-0
0
-0
-0
-0
-0
-0

.9773
.7122
.1620
.1946
.0000
.2866
.9271
.6288
.7991
.3860

TOTAL MOLALITIES OF ELEMENTS

MOLALITY

ELEMENT
MG
NA
CL
S

2
4
4
2

LO MOLALITY
LOG

3278
6417
6417
3278

.127385D+00
.382253D+00
.382253D+00
.127385D+00

-DESCRIPTION OF SOLUTION--PH =
ACTIVITY H20 =
OSMOTIC COEFFICIENT =
IONIC STRENGTH =
TEMPERATURE =
PRESSURE =
DENSITY OF H20 =
ELECTRICAL BALANCE =
TOTAL ALKALINITY =
ITERATIONS =

6 .7613
0..6995
1 .5238
12 .8916
33..0000
1 .0000 ATM
0 .9947 G/CC
-1..1625D-04
1..1700D-04
5

DISTRIBUTION OF SPECIES

I

SPECIES

1
3
5
6
14
16
31
40
85

H+
H20
MG+2
NA+
CLS04-2
OHHS04MGOH+

Z
1 .0
0 .0
2 .0
1 .0
-1 .0
-2 .0
-1..0
-1 .0
1 .0

MOLALITY
4.671E-08
6.995E-01
2.127E+00
4.382E+00
4.382E+00
2.127E+00
2.738E-07
7.057E-07
1.167E-04

LOG MOLAL
-7.331
-0.155
0.328
0.642
0.642
0.328
-6.563
-6.151
-3.933

UNSC;ALED
GAMMA
LOG GAM

UNS CALED
ACTIVITY LOG ACT
1.733E-07
6.995E-01
1.750E+00
3.232E+00
1.177E+01
7.279E-02
7.306E-08
1.505E-06
2.165E-05

-6.761
-0.155
0.243
0.509
1.071
-1.138
-7.136
-5.822
-4.665

3
1
8
7
2
3
2
2
1

.709E+00
.OOOE+00
.226E-01
.375E-01
.686E+00
.422E-02
.669E-01
.133E+00
.854E-01

0.569
0.000
-0.085
-0.132
0.429
-1.466
-0.574
0.329
-0.732
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SPECIES

TOTAL MOL

UNSCALED
ACTIVITY

H+
MG+2
NA+
CLS04-2
OH-

7.5242D-07
2.1274D+00
4.3823D+00
4.3823D+00
2.1274D+00
1.1700D-04

1.7327D-07
1.7498D+00
3.2319D+00
1.1772D+01
7.2793D-02
7.3056D-08

UNSCALED
TOTAL GAMMA
2.3029D-01
8.2253D-01
7.3750D-01
2.6864D+00
3.4217D-02
6.2441D-04

MEAN ACTIVITY COEFFICIENT
FORMULA

MEAN GAMMA

MGCL2
MGS04
MG(OH)2
NACL
NA2S04
NAOH
HCL
H2S04

1.8106D+00
1.6776D-01
6.8449D-03
1.4076D+00
2.6501D-01
2.1459D-02
7.8655D-01
1.2197D-01

The first paragraph in the initial section of the output (which actually is a portion of the input
file) is the same as described above. The difference occurs in the second paragraph as a
MINERALS input has been included. These lines described the characteristics of the mineral
that has been defined. A REACTION has also been specified as described above and this is
shown in the last few lines of the first section of the output file. PHRQPITZ performs the usual
calculations on the initial solution and is described in the output under the various headings as
before. However, in this case, the saturation step with halite appears under the heading "step
number 1". After the print of mass transfer under the heading "phase boundaries", PHRQPITZ
prints the evaporation factor necessary to reach saturation with the first mineral in the
MINERALS input (halite). In this case the evaporation factor is 1.138 which means that the
concentration of an inert component in the initial solution would increase by a factor of 1.138
upon evaporation to the phase boundary. PHRQPITZ also furnishes the output with the total
moles of elements remaining with regards to the initial solution defined in solution 1 together
with the amount of water remaining. The output is completed with a full description of the
resulting solution.
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This appendix provides the raw data that were used to process the results featured
in Chapter 3 and Chapter 5 of this thesis. The data recorded during the MD of the
salt mixes are presented first followed by that of the experiments performed using
the VLE still The method of linear regression using Antoine's equation to fit the
experimental vapour pressure data is shown, together with the comparisons
between literature and measured vapour pressures. Data used during the
evaluation of the flux and driving force are also listed.

B.1 MEMBRANE DISTILLATION DATA

Table B.l to B.5 provide the data that were collected during the membrane distillation of the
individual and mixed salt solutions.

Table B.l: MD of a 375 g/£ magnesium sulphate solution (initial solution volume • 31)
Time

00
0.15
0.85
1.58
12.77
13.45
13.80
15.08
15.50
15.85
15.97
18.60
19.83

H 2 0 Ret. in temp.
(°C)
removed (g)
28.8
18.9
151.4
28.8
289.6
31.9
1900.2
30.3
31.2
1992.7
2027.6
31.1
2163.2
30.0
2181.9
30.0
2202.6
30.2
. 2206.3
30.1
2194.0
17.6
2196.8
17.9

Dist. in
temp. (°C)
8.9
14.1
17.4
20.6
20.5
20.3
20.0
19.8
19.7
19.7
13.0
11.2

Flux
(g/hm2)
630.0
946.4
942.3
720.1
676.8
498.6
259.6
224.4
166.7
158.6
56.1
11.4

[MgS04]

(g/t)
377.4
395.0
415.1
1022.9
1116.9
1156.9
1344.4
1375.1
1410.8
1417.4
1395.8
1400.7
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Table B.2: MD of a 625 g/i magnesium sulphate solution (initial solution volume = 2 i)
Time
(h)
0.10
0.43
1.15
1.93
2.55
3.82
4.67
5.55
5.83
6.45
7.18
7.93

H20
removed (g)
11.8
53.7
141.4
224.4
285.9
390.5
463.5
525.6
544.6
579.1
619.7
660.0

Ret. in
temp. (°C)
38.2
47.2
44.3
44.3
44.4
44.6
44.3
44.2
44.1
44.1
44.0
44.1

Dist. Out
temp. (°C)
16.0
17.7
20.6
22.1
22.9
23.0
24.0
24.1
24.2
24.1
23.8
23.6

Flux
(g/hm2)
590.0
628.5
611.9
529.8
498.6
412.9
376.4
351.5
335.3
279.7
276.8
268.7

[MgS0 4 ]

W
628.7
642.2
672.6
704.0
729.3
776.6
813.5
847.8
858.9
879.7
905.6
932.8

Table B.3: Data from theMD of a 1:1 salt mix
Time

H20
removed

Retin
temp.

Retout
temp.

Distin
temp.

Dist.out
temp.

Flux

[NaCl]

[MgS04]

(min)

(g)
3.6
7.3
13.4
27.1
44.8
63.4
83.6
157.7
196.3
274.9
309.6
346.3
363.6
374.8

(°Q
29.2
30.2
31.8
32.5
32.8
33.0
33.3
33.3
33.5
33.7
33.5
33.7
33.6
33.8

(°Q
26.7
28.1
28.7
29.5
29.7
30.0
30.0
30.1
30.1
29.3
30.0
30.1
30.4
30.1

(°Q
14.9
15.2
15.7
15.9
16.1
16.0
16.1
16.1
16.2
16.3
16.4
16.6
16.4
16.5

(°C)
15.5
16.0
16.0
17.0
17.0
17.0
17.0
17.0
17.3
17.5
17.5
17.7
17.5
17.5

(g/hm2)

(m)

(m

102.0
111.0
132.0
205.5
265.5
279.0
303.0
290.6
269.3
238.2
216.0
188.0
173.0
156.0

4.93
4.96
5.02
5.09
5.16
5.23
5.30
5.61
5.79
6.25
6.51
6.86
7.04
7.17

10
20
40
60
80
100
120
200
243
342
390
450
480
500

1.16
1.17
1.17
1.18
1.20
1.21
1.23
1.29
1.33
1.41
1.45
1.49
1.51
1.52

B-2

I

•—

to

l

a

U

l

J

k

U

M

I

O

H

O

O

O

N>

N>

N)

N)

^

>->

4^

o

O o
o
o

o
o

'|\

'|X

'[X

'|X

'[X

'[X

'[X

'[X

'[X

\ o v o o o o o O N C n l / > u i v i t - A
U l > - » L H O > - ' 0 0 0 N l > J > - ' O

-fx

p o o p o p p p o p

t O 0 N O U > 0 0 V i l O 0 0 < - » i 4 ^
O N N O ^ t O - o . t O O N O O O t x J

O N O N O N O N V / l d t ^ l t / l U l t ^ l

ON

to O
NO o

• — O 4 ^ - ~ J ^ J 4 ^ ^ O 0 0 U >
O N D K ) < - ' i 0 0 t O N 0 ~ 0 . N 0 0 0

H - H - H ^ I — >

W l U O l O \ 4 i L 4 i . ^ ^ W W

v

ffi

re

B
O
<!

re

1-t

13

B

3

O

era
C/J

2

11

£

ft

o

8f

30 B
«3

^

U> 00 OO > — ' O O i — •
Ji, i_i _ o o tfd
O N >—

--J O

w w w w w w u w u t o

-J

OJ K ) KJ to i—'
<—' 00 4^ i—• 00~-J O N U I K> i—i
>—' 1>J tyi O
O K> O
O
O
O

U>

^J

O
O

OJ

OJ

O

ON

(-o
-J

OJ

OJ

to to
< - / l K
O
J^
O
P—

OJ

y
J O
-^J
00
K)

to y\
w i j i ui l o ^
b

>—•
N O N O O O d U >
NO NO NO NO
U) 4^

H^

l-»

H^

H^

H^

I — ' O O O O V 0 N 0 0 0

o

o

OJ

In o

o

o

o

o

o

o

o

p

p

p

p

p

p

p

p

p

p

p

p

p
0 0 - 0 ~ 0 . ~ O O ^ J O N O N O N O N O N O N O N O N

p

- J - J O N O N O N O N O N , p \ O N O N y i U I y > l^i
4 ^ 0 N o b o : - j ' 4 > t N j > - ' > — ' O b o b o b o b o
0 0 N D 0 N < - 0 O - f c > . O 0 N N ) O N 0 0 N 0 J O

oo o

K > t O t O t O t O t O t O U > O J W t O t O t O > - '
t 0 4 ^ 0 N ^ - 0 . - O . N O O > - ' 0 0 0 - - o . U > 0
i — ' ^ J O N O t O N © ^ o . w t _ f i U ) O O O N > — '
t/i

O o t n O O v o l A t n u t o o t t l / i C A

M M ( ) 0 0 O O O s | x l v l ' g N j - s l O \ m O \

M t o u i i o i i N ^ b l o i ^ u i w w b

b i o i i j i w w b ( » ! e i i b b \ M ! | i

•_.

u> u> O J O J O J O J U J U J O J K J i — - I — ' O O
4^- L* ^-j l/> ON * » w ^ b ' w i b o u i b o w

U)

to

ON
NO

1>J

K > U > 0 ~ 0 . 4 ^ 0 0 K > ^ 0 - - J 4 ^ 0 J K > . — •
i — ' O O O O O O O O O O O O O

a

|

s?

d

H-™

3

' j

0

a
h>

re

B
V

re

Ki

b

6

TO

b
a
&
S,
3

4^

td

H
»
a;

h^»

o §.
>i

o
c

O

era

n

2

e

a

*4

o
c

?•+•

v/i

O

P»

3
5*
7

C6

<-»•

s

!•+ re
re <-•

»

re re
H **V
B"

»
a

a©

re

*i

iV

^

3

s?
3S

c.
^D,

H
3

:2 salt
•
M
Z
O
S3
td
I
0
>
>

•o
*8

APPENDIX B - DATA

B.l.l

Crystal Size Distribution

The data sets that were used in order to obtain the CSD for the MD and crystallisation of a
375 g/£ magnesium sulphate solution are listed in Tables B6a to B6d. This data was used
according to Equation 3.2 and the general approach of characterisation of size distribution, in
order to obtain the overall CSD as shown in Figure 3.3.

Table B.6a: CSD for sample 1 for the MD of a 375 g/£ magnesium sulphate solution
Length (cm)
0
5.5
8.5
11.5
14.5
17.5

Range
0.1-0.4
0.4-0.7
0.7-1.0
1.0-1.3
1.3-1.6
1.6-1.9

N (cm)
0
7
26
32
28
6

20.5

1.9-2.2

5

SUM
MEDIAN

% distribution
6~
6.73
25.00
30.77
26.92
5.77
4.81

104

11.9

Table B.6b: CSD for sample 2 for the MD of a 375 g/£ magnesium sulphate solution
Length (cm)
0
8.5
11.5
14.5
17.5
20.5
23.5
26.5
29.5
32.5
SUM
MEDIAN

Range
0.4-0.7
0.7-1.0
1.0-1.3
1.3-1.6
1.6-1.9
1.9-2.2
2.2-2.5
2.5-2.8
2.8-3.1
3.1-3.4

N(cm)
0
30
71
90
56
36
23
15
6
5

% distribution
0
9.04
21.39
27.11
16.87
10.84
6.93
4.52
1.81
1.51

332

16.2
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Table B.6c: CSDfor sample 3 for the MD of a 375 g/Z magnesium sulphate solution
Length (cm)
0
8.5
11.5
14.5
17.5
20.5
23.5
26.5
29.5
32.5
35.5
38.5

Range
0.4-0.7
0.7-1.0
1.0-1.3
1.3-1.6
1.6-1.9
1.9-2.2
2.2-2.5
2.5-2.8
2.8-3.1
3.1-3.4
3.4-3.7
3.7-4.0

SUM
MEDIAN

~

cm)
0
5
41
63
37
25

% distribution
0
2.14
17.52
30.00
15.81
10.68
11.11
4.70
4.70
3.42
2.14
0.85

26
11
11
8
5
2
234

19U

Table B.6d: CSDfor sample 4 for the MD of a 375 g/l magnesium sulphate solution
Length (cm)
0
8.5
11.5
14.5
17.5
20.5
23.5
26.5
29.5
32.5
35.5
38.5
41.5
44,5
47.5
50.5

Range
0.4-0.7
0.7-1.0
1.0-1.3
1.3-1.6
1.6-1.9
1.9-2.2
2.2-2.5
2.5-2.8
2.8-3.1
3.1-3.4
3.4-3.7
3.7-4.0
4.0-4.3
4.3-4.6
4.6-4.9
4.9-5.2

cm)
0
6
15
31
21
23
24
24
27
17
17
7
6
5
4
3

% distribution
0
2.58
6.44

53.5

5.2-5.5

3
233

1.29

SUM
MEDIAN

13.30
27.00
14.87
12.30
10.30
11.59
7.30
7.30
3.00
2.58
2.15
1.72
1.29

30!b"
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B.2 VAPOUR PRESSURES OBTAINED USING PHRQPITZ

The modelling of vapour pressures performed using the PHRQPITZ computer program for each
of the streams during the MD of the 1:1 and 1:2 salt mixes are listed in Table B.7 and 8. The
log mean vapour pressures (AP]m), calculated from the difference between the inlet and outlet
retentate and distillate streams, are also shown.

Table B.7: Vapour pressures of various streams during MD of 1:1 mix together with calculated
log mean vapour pressure
Ret. in

Ret.
out

Pure
Ret. in

Distln

Dist.
Out

APi

AP2

(kPa)

Pure
Ret.
out
(kPa)

(kPa)

(kPa)

(kPa)

(kPa)

4.06
4.30
4.71
4.90
4.98
5.04
5.12
5.12
5.18
5.24
5.18
5.24
5.21
5.27

3.51
3.81
3.94
4.13
4.17
4.25
4.25
4.27
4.27
4.08
4.25
4.27
4.35
4.27

1.70
1.73
1.78
1.81
1.83
1.82
1.83
1.83
1.84
1.84
1.87
1.89
1.87
1.88

1.76
1.82
1.82
1.94
1.94
1.94
1.94
1.94
1.98
2.00
2.00
2.03
2.00
2.00

(kPa)
1.23
1.34
1.63
1.63
1.67
1.69
1.72
1.62
1.55
1.41
1.28
1.18
1.13
1.12

(kPa)
0.89
1.07
1.10
1.20
1.19
1.23
1.20
1.13
1.06
0.80
0.82
0.71
0.73
0.64

2.99
3.16
3.45
3.57
3.61
3.63
3.66
3.55
3.53
3.41
3.28
3.21
3.13
3.12

2.59
2.80
2.88
3.01
3.02
3.05
3.03
2.96
2.90
2.64
2.68
2.60
2.60
2.52

AP,

(-)

1.05
1.20
1.35
1.40
1.42
1.45
1.45
1.36
1.29
1.08
1.03
0.93
0.92
0.86
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Table B.8: Vapour pressures of various streams during MD of 1:2 mix together with calculated
log mean vapour pressure
Ret. in

Ret.
out

Pure
Ret. in

(kPa)

(kPa)

3.15
3.23
3.35
3.40
3.51
3.57
3.58
3.59
3.56
3.52
3.46
3.46
3.38
3.24

2.82
3.12
3.13
3.14
3.23
3.26
3.24
3.22
3.20
3.10
3.05
3.04
3.00
2.91

(kPa)
4.32
4.45
4.63
4.71
4.90
5.04
5.06
5.09
5.15
5.21
5.18
5.24
5.18
5.15

Pure
Ret.
out
(kPa)
3.87
4.30
4.32
4.35
4.47
4.55
4.57
4.55
4.60
4.55
4.52
4.55
4.55
4.50

Distln

Dist.
Out

AP,

AP2

(kPa)
1.82
1.88
1.89
1.89
1.93
1.94
1.96
1.96
1.96
1.96
1.95
1.95
1.96
1.95

(kPa)

(kPa)
1.27
1.29
1.42
1.47
1.51
1.56
1.53
1.53
1.50
1.46
1.40
1.39
1.32
1.17

(kPa)
1.00
1.24
1.24
1.25
1.31
1.32
1.28
1.25
1.23
1.14
1.10
1.08
1.03
0.96

1.88
1.94
1.94
1.94
2.00
2.01
2.05
2.07
2.07
2.07
2.07
2.07
2.07
2.07

AP,

(-)

1.13
1.27
1.33
1.36
1.41
1.44
1.40
1.39
1.36
1.29
1.24
1.23
1.17
1.07

B.3 VLE EXPERIMENTS

The experimental VLE data are listed below. The non-linear regressions for fitting Antoine's
constants to the experimental data are also shown. Section B3.1 lists the results obtained for the
pure sodium chloride solutions that were investigated as a test of the suitability of the VLE still
to measure vapour pressures of inorganic salts. This is confirmed by a comparison of the
experimental vapour pressures to those obtained from literature. Section B.3.2 then lists the
vapour pressures that were measured for each of the salt mixes.

B.3.1 Suitability of VLE to measure vapour pressures of inorganic salts

Table B.9 to B.ll lists the measured vapour pressures for three sodium chloride solutions that
were studied together with the Antoine's regression that was used to fit the experimental points.
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Table B.ll: Non-linear regression for fitting Antoine's constants to experimental VLE data for
280 g/i NaCl solution

Temp. (K)
298
303
313

" expt (kPa)

323
333
343
353
363
373

8.71
14.3
22.5
34.0
50.5
73.5

2.24
2.97
5.38

A
18.0

B
4996

C
-7.87

Pca.c (kPa)
2.21
2.95
5.14

lnPexp,
0.806

lnPcaic
0.791
1.08
1.64

2.41X10-4
2.41xl0"5
2.18xl0"3

8.63
14.1

2.17
2.66
3.11
3.53

2.16
2.64

8.96xl0-5
2.71X10-4

3.10
3.53
3.94
4.33

1.50X10"4
2.46xl0"5
2.96X10"4
7.18x10^

22.2
34.2
51.4
75.5

1.09
1.68

3.92
4.30

Zi» J
1.33xl0"2
r

The experimental vapour pressures were compared to those calculated using the empirical
equations derived by Sparrow (2003) for the calculation of thermodynamic properties of
aqueous sodium chloride solutions. The results obtained using Equation 5.4 are listed in
Tables B. 12 to B. 14 for each sodium chloride concentration.

Table B.12: Calculation of vapour pressures from Sparrows (2003) equations for comparison
to experimental VLE data for 20 g/i NaCl solution
Temperature (K)
298
303
313
323
333
343
353
363

Constants
0 A
-6.58xl0"5 B
7.44xl0"6 C
-9.09x10"8 D
1.22xl0"9 E

Pressure (kPa)
2.96
4.15
7.48
12.5
19.9
30.9
46.7
69.1
100
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Table B.13: Calculation of vapour pressures from Sparrows (2003) equations for comparison
to experimental VLE data for 200 g/£ NaCl solution
Temperature (K)

298
303
313
323
333
343
353
363
373

Constants
7.93X10-

4

-6.01 xlO"

5

6.64x10-6
-8.22xlO"8
1.08xl0"9

Pressure (kPa)

A
B
C
D
E

2.59
3.65
6.58
11.0
17.6
27.2
41.2
60.9
88.1

Table B.14: Calculation of vapour pressures from Sparrows (2003) equations for comparison
to experimental VLE data for 280 g/t NaCl solution
Temperature (K)

298
303
313
323
333
343
353
363
373

Constants
7.41 x l O ^
5

-6.01xl06.34x10"6
-7.97x10"8
1.02xl0"9

Pressure (kPa)

A
B
C
D
E

2.35
3.31
5.98
9.97
15.9
24.7
37.3
55.3
80.1

The second set of comparisons of was to the data of Lui and Lindsay (1972). However, their
data had first to be extrapolated to the appropriate concentrations and temperatures of our
experiments. These were performed by calculating Antoine's constants for their data and
extrapolating for the values used in this work. The data are listed in Tables B.15 to B.17.
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Table B.15: Non-linear regression for fitting Antoine's constants to literature data for 20 g/i
NaCl solution (Lui and Lindsay, 1972)

Temp. (K)
348
373
398
423
448

Pexpt ( k P a )

39.2
101.8
231.6
473.2
882.7

A

B

C

17.8

4999

5.50

Pcalc (kPa)
39.69
100.9
228.7
470.9

InPexp,

InP ca i c

3.67
4.62

3.68
4.62

5.45
6.16

895.5

6.78

5.43
6.16
6.80

YrT
6.20x10^
r
1.48x10**
7.79xl0"5
1.62X10-4
2.47xl0' 5
2.07X10-4

Table B.16: Non-linear regression for fitting Antoine's constants to literature data for 200 g/i
NaCl solution (Lui and Lindsay, 1972)
-

Temp. (K)
348
373
398
423
448

Pexp. ( k P a )

33.3
87.6
200.5
411.6
772.8

-

-

_ -

17.7

4996

3.50

6.79X10"4

Pca.c (kPa)
33.7
86.6
197.8
410.0
783.9

lllPexpt

InPcaic

3.51
4.47
5.30
6.02
6.65

3.52
4.46
5.29
6.02
6.67

r

r
1.75X10"4
1.09X10"4
1.75X10-4
1.49xl0"5
2.05X10-4

Table B.17: Non-linear regression for fitting Antoine's constants to literature data for 280 g/t
NaCl solution (Lui and Lindsay, 1972)

~
Temp. (K)
348
373
398
423

Pexpt (kPa)
30.5
80.5
185.1

448

718.5

381.2

5

c

sTT

17.7

4996

2.55

Pca.c (kPa)
30.9
79.7
182.7
379.9
728.4

InPexpt

InPcaic

3.42
4.39
5.22
5.94

3.43
4.38
5.21

1.61X10-4
9.74x10"5
1.69X10"4

5.94

1.17xl0"5

6.58

6.59

1.86X10"4

6.25x10^
r

B-ll

APPENDIX B - DATA

Figure B.l shows the plots of vapour pressure against concentration for each of the temperatures
studied by Lui and Lindsay from which our conditions were extrapolated using Antoines
constants. The data are showed in Table B.18.
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Figure B.l: Standard plots of Lui and Lindsays concentrations at varying
temperatures used to extrapolate our concentrations

Table B.18: Extrapolated literature values for vapour pressures ofNaCl solutions
NaCl concentration (g/t)
Temperature (K)

20

298

3.87

303

5.05

313

8.40

323

13.5

333

21.2

343

32.4

353

48.3

363

70.6

373

100.9

200
3.20
4.20
7.02
11.4
18.0
27.5
41.2
60.3
86.6

280
2.89
3.79
6.36
10.3
16.3
25.1
37.7
55.4
79.7
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B.3.2 Experimental vapour pressures of salt mixes
Tables B.19 to B.21 lists the vapour pressures that were measured for each of the salt mixes
using the VLE still.

Table B.19: Non-linear regression for fitting Antoine's constants to experimental VLE data for
1:1 mix

Temp. (K)
298
303
313
323
333
343
353
363
373

Pexpt (kPa)
2.94
3.17
5.06
8.65
14.2
22.1
34.0
51.0
73.5

B
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A
16.1
Pcaic (kPa)
2.55
3.38
5.75
9.44
15.0
23.1
34.7
50.7
72.6

C
-34.5
lnPca|C
0.936
1.22
1.75
2.25
2.71
3.14
3.55
3.93
4.29

InPexpt

1.19
1.26
1.69
2.20
2.68
3.12
3.54
3.94
4.31

If/
7.97xl0"2
r
6.36xl0-2
1.72xl0"3
3.55xl0"3
2.01 xlO-3
8.74xl0-4
6.29X10-4
2.90x10"5
2.90X10-4
4.80X10"4

Table B.20: Non-linear regression for fitting Antoine's constants to experimental VLE data for
1:2 mix

Temp.(K)
298
303
313
323
333
343
353
363
373

Y~rJ

A

B

C

1^0
Pexp, (kPa)
Pcalc (kPa)
2.90
2.34
3.01
3.11
4.73
5.30
8.19
8.70
13.1
13.8
21.3
21.4
32.9
32.1
47.4
47.0
69.3
67.3

4002

-34.3

7.06xlQ-2
r

0.851
1.13
1.67
2.16
2.63
3.06
3.47
3.85
4.21

4.51xl0"2
1.07xl0"3
1.30xl0'2
3.76xl0"3
2.61xl0"3
1.66xl0"5
6.57xl0"4
9.18xl0"5
8.92X10-4

lnPexp,

lnPcalc
1.06
1.10
1.55
2.10
2.58
3.06
3.50
3.86
4.24
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Table B.21: Non-linear regression for fitting Antoine's constants to experimental VLE data for
1:3 mix

Temp. (K)
298
303
313
323
333
343
353
363
373

B.4

Pexpt (kPa)
2.91
3.00
5.02
8.48
13.7
21.9
33.5
49.5
71.8

COMPARISON

A
16.0
Pca.c (kPa)
2.43
3.22
5.48
8.99
14.3
22.0
32.9
48.2
69.0

BETWEEN

E/r7

InPexpt

C
-34.3
lnPcaic

5.41xl0"2
r

1.07
1.10
1.61
2.14
2.62
3.09
3.51
3.90
4.27

0.888
1.17
1.70
2.20
2.66
3.09
3.50
3.88
4.23

3.18xl0"2
5.24xl0"3
7.56xl0"3
3.48xl0"3
1.73xl0"3
1.12xl0"5
3.32X10"4
7.63 xlO"4
1.66xl0"3
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MEASURED

AND MODELLED

VAPOUR

PRESSURES
Tables B.22 to B.24 list the experimental and modelled vapour pressures obtained from VLE
experiments and PHRQPITZ modelling, respectively, for each of the salt mixes.

Table B.22: Measured and modelled vapour pressures to test accuracy of modelling for 1:1 mix
ture
(K)
303
313
323
333
343
353
363

Expt. PS0|„
(kPa)

Expt.

3.17
5.06
8.65
14.2
22.1
34.0
51.0

373

73.5

0.811
0.739
0.750
0.756
0.750
0.755
0.762
0.756

«H20

Modelled
* soli (kPa)
2.90
5.09
8.61
14.1
22.2
34.1
51.1
74.6

Modelled

* measured'* modelled

0CH2O

0.740
0.743
0.747
0.751
0.755
0.759
0.763
0.768

1.096
0.994
1.01
1.01
0.994
0.995
0.999
0.984
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Table B.23: Measured and modelled vapour pressures to test accuracy of modelling for 1:2 mix
Temperature
(K)

Expt. Ps0]„
(kPa)

Expt.
0CH2O

Modelled
Pso.„(kPa)

Modelled
aH2o

Pmeasured/Pmodeiied

303
313
323
333
343
353
363
373

3.00

0.768

2.85

0.729

1.05

4.73

0.690

5.01

0.732

0.942

8.19

8.47

0.735

0.966

13.2

0.710
0.702

13.8

0.738

0.951

21.3

0.722

21.8

0.742

0.974

32.9

0.731

33.5

0.746

0.981

47.4

0.709

50.2

0.945

69.3

0.713

73.3

0.750
0.754

0.946

Table B.24: Measured and modelled vapour pressures to test accuracy of modelling for
1:3 mix
Temperature

Expt. Psoi„

rwr\

/-i T» \

(K)

(kPa)

CXIGO

2.99

0.765

5.02
8.47
13.7

303
313
323
333
343
353
363
373

Expt.

Modelled
n

Modelled

si n \

P soln (kPa)

•* measured'* modelled

aH2o

2.91

0.745

1.03

0.733

5.12

0.747

0.982

0.735

0.749

0.982

0.731

8.63
14.1

0.751

0.973

21.9

0.744

22.2

0.754

0.986

33.6

0.746

34.1

0.757

0.985

49.5

0.740

50.9

0.760

0.974

71.8

0.738

74.2

0.764

0.967
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(E-mail: e.drioli@itm.cnr.it; e.curcio@itm.cnr.it')
Abstract
Membrane distillation for the desalination of sea water and purification of other effluent streams
has been explored to quite an extent over the last years. Many theories have been postulated to
account for the decline in flux that is experienced during a batch membrane distillation run, the
majority of which are with respect to low concentration solutions. This paper demonstrates the
importance of taking into account the activities of water during the membrane distillation of
concentrated solutions of mixed electrolytes, which, in the case of dilute solutions, are often
neglected. The geochemical equilibrium speciation program, PHRQPITZ, provides a means of
accurately modeling these activities. The suitability of the program for this application was
verified by experiments performed with the aid of a dynamic vapour liquid equilibrium (VLE)
still. This accountability of water activities showed how the trend of decreasing flux fitted with
that of the driving force for the distillation process. These effects are particularly important in the
membrane distillation of concentrated brines for the recovery of crystalline products from brine
effluents.
Keywords
Brines, membrane distillation/crystallization, desalination, activities, vapour pressure

INTRODUCTION
Salinity is one of South Africa's most critical environmental problems, threatening economic and
social consequences. Industries such as Sasol and Eskom currently have reverse osmosis (RO)
plants producing waste brine, but brine disposal is a problem. If there is no intervention, the
completed mining operations will produce saline aqueous effluents for hundreds of years.
Exploiting the fact that inorganic concentrates can be separated into high value chemicals and
reusable water, membrane distillation (and crystallization) is a technique which potentially leads to
a 100 % water recovery and the elimination of the brine disposal problem. This is achieved by the
production of pure water by concentrating aqueous solutions through the existence of a vapour
pressure difference induced by a transmembrane temperature gradient resulting in highly
concentrated mother liquors in which nucleation and crystal growth occurs (Lawson and
Lloyd, 1997; Curcio et al, 2001). This process does not have the limitations of processes such as
reverse osmosis and thermal evaporation as this process can operate at higher concentrations, at low
concentration gradients, moderate temperatures and atmospheric pressure. Despite the fact that
much work has been performed in the field of membrane distillation over the last years, this work
still suffers from inadequate or speculative accounting for the subsequent decrease in
transmembrane flux observed during a typical membrane distillation run. Some authors (Franken et
al, 1987; Calabro et al, 1994; Hsu et al, 2002; Tzahi et al, 2004) have attributed the decrease to
membrane wettability or membrane fouling. These accounts, however, dealt with solutions of low
concentrations, or at least not up to concentrations at saturation levels. When considering such
solutions, it becomes necessary to take into account the activities of water on either side of the

membrane. It is not possible to measure the transmembrane vapour pressures directly during a
membrane distillation process. Hence the aim of this work is to provide a means of accurately
evaluating activity changes during the membrane distillation of concentrated mixed brines, and to
show how these activities contribute to the overall trend of decreasing flux.
METHODS
A series of methods was used to achieve the overall goal.
• Membrane distillation was used to evaluate the production of sodium chloride and magnesium
sulphate from an aqueous solution of these salts.
• Vapour pressure measurements on brines with compositions similar to those used in the
membrane experiments were conducted using a dynamic vapour liquid equilibrium (VLE) still
and these data were compared to those calculated using the thermodynamic geochemical
speciation program in order to test its accuracy.
• The vapour pressure driving force during the membrane distillation experiments was calculated
and correlated with the distillate flux.
Membrane distillation
Figure 1 is a schematic diagram of the membrane distillation plant and crystalliser used during these
series of experiments. In the process, saline water is heated to induce vapour production (retentate
line), and this vapour is exposed to a membrane that can typically pass vapour but not water. After
the vapour passes through the membrane, it is condensed in the cooler distillate stream, producing
pure water. In the fluid phase, the fresh water cannot return through the membrane, so it is trapped
and collected at the output of the plant.
Concentrated Brine
Heater

Crystal discharge

Pure water
X
Cooler

©

MD module -

Distillate line

Figure 1: Schematic representation of the membrane distillation and crystallisation process

The performance of the membrane was evaluated by calculating the water flux or permeation rate.
This is defined as the mass flowing through the membrane per unit area per unit time interval,
mass of water extracted (g)
unit area (m2) x time interval (h)

Flux = •

[1]

Experimental. Aqueous solutions of analytical grade magnesium sulphate and sodium chloride
were prepared in mass ratios of 1:1 and 1:2, respectively, with initial concentrations of 22.5 g and
27.5 g of NaCl/lOOg of H 2 0 and the corresponding ratio of magnesium sulphate,
respectively (hereafter referred to as 1:1 mix and 1:2 mix). These were fed into the distillation plant

which was operated in a batch concentration mode where the recirculating permeate stream,
consisting of deionized water, and the retentate stream flowed countercurrent through the
membrane module. The membrane module, MD020CP-2N, supplied by Microdyn, contains 40
hydrophobic polypropylene hollow fibres of 0.1 m total interfacial area. The nominal pore size of
the polypropylene membranes was 0.2 urn and the external diameter was 1.8 mm. The
crystallisation vessel operated at 25 °C and atmospheric pressure. The average temperatures at
module inlet on retentate and distillate sides were 33 ± 2 °C and 17 ± 1 °C, respectively. The water
flux was evaluated by measuring the amount of water extracted at time intervals during the course
of the experiment.
Vapour liquid equilibrium still
The vapour liquid equilibrium (VLE) still developed by Raal and Miihlbauer (1998) was used to
measure the vapour pressures as a function of the temperature of aqueous solutions of pure sodium
chloride and solutions of mixtures of sodium chloride and magnesium sulphate corresponding to the
range of compositions of those used during the distillation process. The design and operation of the
still is described by Joseph et al (2001). The vapour pressures are related to temperature by the
Antoine equation.

where P is the pressure in pascal, T is the temperature in Kelvin and A, B and C are constants
which vary from substance to substance. The Antoine equation was used in a regression procedure
to determine parameters to fit the experimental vapour pressure data.
Experimental. The preparation of the solutions followed the same procedure as that used for
membrane distillation. Varying concentrations of aqueous solutions of pure sodium chloride were
prepared in order to gain data for comparison with literature to substantiate the progression of
investigations into our systems. The temperature and pressure in the still were computer controlled.
The desired temperature was set and once vapour-liquid equilibrium was established, the
corresponding pressure was recorded.
Geochemical equilibrium speciation program, PHRQPITZ
PHRQPITZ is a computer program which enables geochemical calculations in brines and other
electrolyte solutions at high concentrations by making use of the Pitzer-virial coefficient approach
for activity coefficient corrections (Plumrner et al, 1988). In addition to being able to calculate the
activity coefficients for the above solutions with temperature, the program is also able to model
mineral solubility thus predicting the evaporation factor needed in order to reach supersaturation
and crystallisation. For the purposes of this paper, this program was used to test its applicability for
modeling vapour pressures by comparison to the data obtained from the VLE experiments. The
effective vapour pressure of a solution is the product of the vapour pressure of pure water at the
same temperature as the solution and the activity of water in the solution.
There does, however, exist some limitations concerning the use of this code for modeling purposes.
One which applies to our system is that the temperature range for equilibria in the PHRQPITZ
database is variable and is within the range 0 to 60 °C but the sodium chloride system is valid up to
approximately 350 °C.

RESULTS AND DISCUSSION
Membrane Distillation
The performance of the membrane distillation was evaluated by examining the water flux trend as
illustrated in Figure 2. This trend represents that of a solution containing equal amounts of each salt
per 100 g H 2 0 (1:1 mix).

£
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Time(min)

Figure 2: Trends of the water transmembrane flux and the concentration of magnesium sulphate and sodium chloride
with time for a solution containing equal masses of each salt per 100 gram of water

Typically, if a crystallisation run is carried out in a batch concentration mode i.e. the retentate line is
not continuously replenished with fresh feed solution, the flux will decrease with time as the
solution becomes more concentrated. A similar trend was obtained for the 1:2 MgSO^NaCl
solution.
Vapour-liquid equilibrium still
In order to test the performance of the still the vapour pressure of aqueous solutions of pure sodium
chloride was measured as a function of temperature and was found to be in good agreement with
those of previous authors (Lui and Lindsay, 1971; Sparrow, 2003). The vapour pressures obtained
for the subsequent mixes of salt solutions, in addition to that of pure water are shown in Figure 3. It
can be clearly seen that the difference in vapour pressure between the hot (brine) and
cold (pure water) sides drives the separation process.

40

60

Temperature (°C)

Figure 3: Vapour pressures of salt mixes containing magnesium sulphate and sodium chloride 1:1 solution, 1:2 solution
and pure water

PHRQPITZ
PHRQPITZ was used to obtain the activity coefficients, hence the vapour pressures, of the two
mixes of salt solutions at the range of temperatures used during the VLE experiments. Figure 4
shows the comparison of the vapour pressure trend obtained from both methods and Figure 5
compares the activities calculated in both cases. The slight deviation of the experimental results
from those of PHRQPITZ at increasing temperatures in Figure 5 is attributed to the uncertainty in
PHRQPITZ calculations above 60 °C. This uncertainty, however, does not effect the outcome of
the results in this study as the membrane distillation plant operates at an average retentate
temperature of 33 °C. It therefore appears that the vapour pressure can be sufficiently accurately
modeled using PHRQPITZ for the analysis of the experimental membrane distillation results.
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VLE experiments
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Figure 4: Vapour pressures obtained for 1:1 salt mix from PHRQPITZ calculations and VLE experiments.
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Figure 5: Comparison of activities calculated from PHRQPITZ and VLE experiments for each of the salt mixes

This then led to a further investigation into the decline of flux experienced during the membrane
distillation run. The speciation program was used to calculate the activities from the temperature of
the retentate and distillate streams and concentration of the solutions at time intervals during the
separation process. Appropriate treatment of these data yielded the driving force at these time
intervals. Figure 6 shows the variation of the vapour pressures of each of the streams as indicated
in the legend. It emphasises the significant change in activities between the inlet and outlet
retentate and permeate streams and the negligible change in the pure water vapour pressure between
the inlet and outlet streams.

Time (min)

Figure 6: Vapour pressures of respective streams in membrane distillation of a 1:1 mix

The driving force, expressed as the log mean vapour pressures differences (APim), where calculated
and plotted on the same graph as the transmembrane flux time relationship. Figure 7 demonstrates
the similarity in trend between the driving force and transmembrane flux for the distillation of the
1:1 mix revealed by accounting for the change in water activities at either ends of the membrane.
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Figure 7: Variation of transmembrane flux with the driving force as a function of time for the 1:1 mix

In Figure 8 the data are replotted to show the relationship between flux and vapour pressure driving
force. A notable feature of this plot is the non-zero intercept, which can be explained in terms of
the simultaneous heat and mass transfer through the membrane, which causes the temperatures and
vapour pressures at the membrane surfaces to be different from those in the bulk liquid. Because of
the conductive heat transfer through the membrane, this discrepancy occurs even when there is no
flux of vapour through the membrane, which accounts for the observed non-zero intercept. This
effect is usually negligible for dilute solutions, but has been observed elsewhere for concentrated
solutions (Walton et al, 2004).
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Figure 8: Transmembrane flux as a function of driving force during the distillation of 1:1 and 1:2 magnesium sulphate
and sodium chloride solutions

Conclusions
The water activities during the membrane distillation of concentrated solutions of varying ratios of
magnesium sulfate and sodium chloride were sufficiently accurately modeled using a computer
program specific for geochemical calculations in concentrated brines. This program is limited to
calculations within a temperature range of 0 to 60 °C which is inconsequential to our system, and
membrane distillation in general, being an energy economic separation process which, within the
norm, seldom exceeds an operating temperature of 40 °C. The resulting vapour pressure driving
force showed notable similarity with the flux trend thus rationalizing the behaviour of the latter
during the membrane distillation process.
An evaluation of the kinetics of crystallisation of the salts is
understanding of the process. These need to be well understood
crystallisation in the membrane module while producing a high
influences the performance of downstream processes (separation of
drying, storage etc.)

necessary to complete the
as the process must avoid
quality final product which
crystals from mother liquor,
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Abstract
Water scarcity already represents the major problem in many countries. Considerable progresses
have been reached by introducing pressure driven membrane operations as alternative to thermal
desalination systems. Today, a large part of new desalination plants are almost completely based on
Reverse Osmosis, eventually integrated with Microfiltration and Nanofiltration for pre-treatment.
The introduction of these technologies has already evidenced interesting cost reduction and
operational flexibility. However, membrane desalination technology still requires further
improvements in the direction of: higher water recovery factors,
further cost reduction,
implementation of innovative strategies for brine disposal, improved process flexibility with respect
to feed water composition, better quality of produced water for different potential end-users
(ultrapure water, drinking water, agricultural and industrial water). In order to achieve these goals,
the strategy of Process Intensification - that represent, today, one of the most realistic answer to a
sustainable industrial growth - should be extended to the industrial segment of desalination. In this
respect, fully integrated membrane operations seem to offer, in principle, interesting perspectives.
In this work, authors present the energetic and exergetic analysis of an integrated membrane
desalination system and discuss some appropriate parameters for improving the performance of the
desalination plant in the logic of process intensification. A preliminary cost analysis based on
different combinations of the membrane units, including the possibility to produce crystals from
brines, is also provided.
Keywords: Integrated membrane systems; process intensification; desalination

Introduction
Water shortage is now becoming acute in many countries so challenging governments to find
solutions to the conflict over available water resources and rapid population increasing. In many
arid zones, coastal or inland, desalination of sea or brackish water is the only solution to supply of
fresh water. Due to the strategic nature of the product, several countries have drastically expanded
the investments on desalination technologies. At the beginning of this millennium, the world
production capacity was above 10 m3/d and the number of operating units was more than 12,500.
Desalination plants are today present in more than 120 countries and the current production capacity
is almost twice what it was a decade ago [Drioli, E. and Romano, M., 2001]. Mediterranean
countries, including Spain, Malta and Cyprus, as well as Israel, have reverted from traditional MSF
to the RO method during the past two decades. Despite the great success of membrane systems in
water treatment, some critical problems still remain open: improve the water quality, enhance the
recovery factors in high-pressure membrane systems, reduce the global costs, minimize the brine
disposal impact. In this work, authors aim to demonstrate that integrated membrane operations
might be a solution for improving desalination and water treatment systems in the logic of Process
Intensification (PI). Process Intensification represents today one of the most promising strategy
believed to bring drastic improvements in manufacturing and processing, substantially decreasing
equipment-size/production-capacity ratio, reducing raw materials, saving energy input, replacing
1

and reducing hazardous, recycling waste materials [Stankiewicz, A. and Moulijn, J.A., 2002]. In
this contest, membrane science and technology is expected to give a substantial contribution to
satisfy the PI goal and to develop sustainable pathways, thus providing reliable options for both
industrial growth and environmental protection.
Membrane operations, with their intrinsic characteristics of efficiency and operational simplicity,
high selectivity and permeability for the transport of specific components, compatibility between
different membrane operations in integrated systems, low energetic requirements, good stability
under operative conditions, environment-compatibility, easy control and scale-up, and large
flexibility, can offer an interesting answer for the rationalisation of the chemical production. At
present, the possibility to redesign important industrial production cycles by combining various
membrane operations available in the separation and conversion units, so realizing highly integrated
membrane processes, is an attractive opportunity because of the synergic effects that can be
reached.
It is today well accepted that costs related to conventional pre-treatments can be minimized using
pressure driven processes such as Microfiltration (MF), Ultrafiltration (UF) and Nanofiltration
(NF). MF is a low energy-consuming technique extensively used to remove suspended solids and to
lower COD/BOD and Silt Density Index (SDI) to values below 5. UF retains suspended solids,
bacteria, macromolecules and colloids; although operating at higher pressure than MF, UF remains
competitive against conventional pre-treatment. The use of NF leads to significant improvement in
the reliability of Reverse Osmosis (RO): turbidity, microorganisms and hardness are strongly
reduced, as well as the most part of multivalent ions; monovalent species are also retained by 1050% depending on the membrane properties. As consequence, the osmotic pressure of the RO feed
stream is decreased, thus allowing the unit to operate at high recovery factors without scaling
problems.
Alternative designs and engineering approaches need to be developed not only to drive down the
cost of water and to ensure the quality of water supply. Cost effective and environmentally sensitive
concentrate management is today recognized as a significant hurdle to extensive implementation of
desalination technologies. At present, a large part of desalination facilities discharge their
concentrate waste stream back to surface waters or oceans. This disposal methods represents
currently the least expensive option for both small systems and for larger systems located near
coastal regions. However, the promulgation of more and more stringent environmental protection
regulations will reduce progressively this opportunity. Recently, the R&D activity about
concentrate disposal subject has been considered in the U.S. Roadmap on Desalination & Water
Purification Technology [U.S. Bureau of Reclamation, 2003] as a research area of strategic
importance, and alternative design pathways for brine concentration is encouraged as viable
opportunity to obtain value from saline waste streams, with consequent benefits in terms of overall
costs reduction. In this respect, authors of the present paper consider an innovative Membrane
Crystallization device [Curcio, E. et al., 2001] as additional option for integrated membrane
desalination systems able to recover dissolved salts present in seawater (NaCl, MgS04-7H20), and
to increase the yield of desalted water.
Membrane Crystallization (a schematic representation is reported in figure 1) has been recently
proposed as one of the most interesting and promising extension of the MD concept: solutions,
concentrated above their saturation limit, achieve a metastable state (supersaturation) in which
crystals nucleate and grow. The driving force of the process, the vapour pressure gradient between
both sides of the membrane, can be activated by a temperature or concentration gradients.
Membrane Crystallizers, when working under forced solution flow regime, are characterized by an
axial flux, in laminar regime, of the crystallizing solution through the membrane fibres. This is
expected to promote a well ordered organization of the molecules, finally resulting in the formation
of crystals with better structural properties. One of the main features of the MCr systems is that the
membrane does not act simply as support for the solvent evaporation, but it also induces
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heterogeneous nucleation starting at low supersaturation ratios, depending on the surface
characteristics of the membrane.
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Figure 1- a) Scheme of a Membrane Crystallizer; b) crystalline products of interest.
Energy and exergy analysis for quantifying the energetic requirements of the various membrane
systems and their efficiency - evaluated in terms of entropic losses - is carried out. The feasibility
of different integrated flow sheets are discussed in terms of energy demand, productivity and
quality of fresh water, brine disposal reduction and cost analysis.
Energy and exergy analysis
Three different flow sheets have been analysed; starting form the case study (FS1) that concerns the
combination MF/NF/RO (figure 2), additional schemes include a Membrane Crystallization unit
working: i) downstream the NF retentate (FS2, figure 3); ii) downstream the RO retentate (FS3,
figure 4). In all cases, the same feed water flowrate (1000 kg/h) and composition (table 1) is
considered. Flowrate: 1050 mVh
Flowrate: 750 rrt/h
Flowrate. 378 mVh
Cl:19.345ppm
Na-:10.752 ppm
- S O / : 2,701 ppm
Mg2*: 1,295 ppm
Ca-*: 0.416 ppm
HCOj-: 0.145 ppm

Cl:16,830 ppm
Na*:8.378 ppm
- S O / : 0.270 ppm
Mg2*: 0.142 ppm
Ca2*: 0.048 ppm
HC0 3 " 0.055 ppm

Cl:0.177ppm
Na*:0,091 ppm
- S O / : 0,0010 ppm
Mg 2 -: 0.0006 ppm
Ca2*: 0.0001 ppm
HC0 3 " 0.008 ppm

O)
Flowrate: 372 mVh
0:33,800 ppm
Na*: 16,840 ppm
SO,,1*: 0,544 ppm
Mg2": 0,287 ppm
C i r : 0.0973 ppm
HC03-: 0.110 ppm

Figure 2- Flow sheet 1 (FS1): an integrated MF/NF/RO system.
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Figure 3- Flow sheet 2 (FS2):the additional Membrane Crystallizer working downstream NF retentate
completes FS1.
from
RO
PERMEATE

#

r\

MCrys

FRESH WATER

NaCI

Figure 4 - Flow sheet3 (FS3):the additional Membrane Crystallizer working downstream RO retentate
completes FS1.

Ion

cr

Na+
SO/"
Mgi+

Ca

Hco.r

Concentration (ppm)
19,345
10,752
2.701
1,295
0.416
0.145

Table 1 — Feed water composition
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Water recovery factors of the different pressure-driven membrane units are: 94.7% for
Microfiltration, 75.3% for Nanofiltration, [Drioli, E. et al., 2004] and 50.5% for Reverse Osmosis
(Nanofiltration reduces the scaling potential due to bivalent ions Ca + and Mg2+ and allows to
operate RO at higher recovery factor). For what concerns the performance of a Membrane
Crystallizer, the possibility to reduce up to 95% Ca2+ ions by reactive unseeded precipitation of
calcium carbonates, to crystallize 78% of dissolved sodium chloride, and to produce 8.4 kg
MgSO^FbO per cubic meter of NF retentate was experimentally verified in a previous work
[Drioli, E. et al, 2004]. The fresh water coming out from RO is used as cold water stream in the
Membrane Crystallizer.
The basic equations for energy and exergy analysis are below described [Criscuoli, A. et al., 1999].
Exergy (Ex), defined as the maximum useful work that a system can do when it passes from an
actual state to the reference state where it is in equilibrium with the surroundings, is calculated as
sum of three contributions:
Ex - ExT + ExF + Exc
(1)
Temperature exergy term ExT = G[(h - h0)- T0 (s - s0)]
(La)
Pressure exergy term Exp = G[(P - P0)/ p]
(l.b)
c
• Concentration exergy term Ex = -G(NSRT0 In x,)
(1 .c)
where G is the mass flowrate, s the specific entropy, h the specific entalpy, P the pressure, T the
temperature, (subscript 0 indicates the reference status), p the density, R the gas constant, xi the
molar fraction of the solvent, and Ns is:
Ns = ( l 0 0 0 - I c , / p ) / M F
(l.d)
+l\pici/{pMWi)}
(l.e)
Xl=Ns/{Ns
In equations (l.d-e), Cj concentration of i-th component, p is the number of particles formed by
dissociation of i-th component in solution, MW the molecular weight.
The exergy balance is expressed as:
RsT0=Wu-Wu-AEx
(2)
where RsTo is the entropy production, AEx is the exergy variation between inlet and outlet streams,
Wu is the electrical exergy supplied to the cycle, W'u is the thermal exergy supplied to the cycle,
calculated assuming that saturated vapour loses its latent heat transferring exergy to the fluid to be
heated:

K=Gv[(hv-he)-T0(sv-se)]

(2.1)

Stream
G (kg/h)
e{g/l)
P(MPa)
T(K)
Ex* (kJ/h)
Exp (kJrti)
ExT (kJ/h)

1

2

3

4

5

6

7

03

Gv is the steam mass flow rate; subscripts v and c refer to vapour and condensed steam, respectively.
Primary energy (PE), defined as the energy supplied by fuel combustion to produce energy, is
evaluated as:
PE = GV- 0.8
(3)
Mass flowrate, total concentration of ionic species, pressure and temperature and exergy terms of
each stream in FS1-3 are reported in tables 2-4.
9

10

11

12

1,050.000

1.050.000

55.000

995,000

995.000

245.000

245,000

750,000

750,000

372000

372,000

378.000

34.654

34.654

34.654

34.654

34.654

61.852

61.852

25.733

25.733

51.679

51.679

0.270

0.1

0.2

0.1

0.1

1.1

1.0

0.1

0.1

6.9

6.8

0.1

0.1

293

293

293

293

293

293

293

293

293

293

293

293

2,808,300

2,808,300

148,800

2,659,500

2.659.500

1,113,400

1,113,400

1.541,300

1,541,300

1,520,500

1,520,500

8,280

0

105.000

0

0

995,000

2,213,000

0

0

5,097.000

2.476,000

18,600

0

0

0

0

0

0

0

0

0

0

0

0

0

Table 2 - Stream properties in FS1.
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Stream
G<kg/h)
c (g/i)
P (MPa)
T(K)

1*

2*

2"

3'

4"

894

244,100

244,100

233,300

10,800

-

62.270

62.270

0

-

0.1

0.1

0.1

0.1

0.1

293

323

313

293

1,138,000

1,138,000

0

-

293

Ex^kJ/h)
Ex p (kJ/h)
! ExT (kJ/h)

-

0

0

0

0

0

1,432,000

638,000

0

Table 3 - Stream properties in FS2.

Stream
G (kg/h)
c (g/l)
P (MPa)
T(K)
Ex^kJ/h)
Ex^M/h)
Ex T (kJ/h)

V

2*

2"

3'

4'

85.4

371,900

371,900

359.400

12,500

-

51..705

51.705

0

-

0.1

0.1

0.1

0.1

0.1

293

293

323

313

293

-

1,521,000

1,521,000

0

-

0

0

0

0

0

2,170,000

963,000

0

Table 4 - Stream properties in FS3.
Tables 5-7 report the results of the analysis for the three different flow sheets in terms of product
characteristics, energy and exergy.
Brine flow rate
Brine concentration
Fresh flow rate
Fresh flow rate concentration

wu
w;
R

T

S 0

Electrical energy
G
y
PE

672 m3/h
53.986 g/l
378 m3/h
0.270 g/l
6,523,600 kJ/h
OkJ/h
6,522,300 kJ/h
1,812 kWh
Okg/h
0 Mcal/h

Brine flow rate
Brine concentration
Fresh flow rate
Fresh flow rate concentration
W

w;
K\
Electrical energy
Gv
PE

Table 5 - Product characteristics and
thermodynamic characteristics ofFSl.

426 m3/h
49.457 g/l
624 m3/h
0.166 g/l
6,524,000 kJ/h
7,129,000 kJ/h
14,764,000 kJ/h
1,812 kWh
13,400 kg/h
10,750 Mcal/h

Table 6 - Product characteristics and
thermodynamic characteristics o/FS2.

Brine flow rate
Brine concentration
Fresh flow rate
Fresh flow rate concentration
W
M

w;
RJ0
Electrical energy
G
V
PE

312m3/h
56.827 g/I
738 m3/h
0.138 g/l
6,524,000 kJ/h
10,803,000 kJ/h
18,864,000 kJ/h
1,812 kWh
20,350 kg/h
16,300 Mcal/h

Table 7 - Product characteristics and
thermodynamic characteristics qfFS3.
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The opportunity to improve the water recovery factor by using Membrane Crystallization is evident
in both FS2 and FS3. In the latter case, fresh water flowrate increases by 95%,whereas brine
flowrate decreases by 53% with respect to data from FSl. Globally, the recovery factors are of 36%,
59% and 7 1 % in FSl, FS2 and FS3, respectively. A progressive enhancement of the fresh water
quality, evaluated in terms of amount of dissolved salts, is also observed when analysing FS2 and
FS3.
In addition to drinking water, FS2 offers the possibility to recover from NF retentate 8.7 tons NaCl/h
and 2.1 tons MgSC>4-7H20/h in crystalline form. Before the crystallization stage, a reactive
precipitation is needed in order to eliminate calcium ions and related scaling problems due to
gypsum precipitation. Because of bivalent ions are retained by NF, a Membrane Crystallizer
working on RO retentate (FS3) is able to produce only NaCl crystals in larger quantity (12.5 tons/h).
From an energetic point of view, the integrated system related to FSl is the most convenient: only
electrical energy is requested to drive the medium- and higher- pressure pumps (1,812 kWh). The
exergetic efficiency is also interesting and the entropic losses are moderate. With respect to
conventional RO desalination plants, NF units allows to pre-pressurize the feed to RO train, leading
to a reduction of the electrical power requested to drive the RO pumps. NF offers further benefits in
terms of reduction of membrane fouling and, consequently, of related maintenance and replacement
costs.
The integration of Membrane Crystallization in FS2 and FS3 introduces a thermally energy
requirement which increases the globally energy demand; as from tables 6 and 7, additional 10,750
Mcal/h and 16,300 Mcal/h are needed for heating the NF retentate and RO retentate streams,
respectively, up to 323K (inlet temperature to Membrane Crystallization modules). Entropic losses
are also increased.
Although the estimation of energy saving is an important parameter, it could not be the determining
factor in the selection of the more appropriate flow sheet. Plant economics and productivity, drinking
water quality and disposal are additional key issues to be taken into account.

Cost analysis
Capital and operating costs for seawater and brackish water desalting tend to be high for smallcapacity plants and to decrease for plant capacities above 3 MGD.
Principal components to direct costs are represented by membranes ($90/m2 for Microfiltration
membranes, also suitable for application in Membrane Crystallization, $30/m2 for Nanofiltration and
Reverse Osmosis membranes) and equipments (high-pressure pumps, tubes, controllers, heat
exchangers etc.).
Additional costs must be included for chemicals, brine disposal, steam and electric power, labor and
membrane replacement.
Cost analysis has been carried out using the following financial factors [Ettouney, H.M. et al., 2002;
Peters, M.S. etal., 2002]:
• interest rate: 5%;
• plant life: 30 yr;
• amortization factor: 0.0651 yr"1 ;
• plant availability: 0.9;
• electric cost: 0.09 $/KWh;
• heating steam cost: 0.0032 $/lb;
• specific chemicals cost: 0.025 $/m3;
• specific cost of operative labor: 0.05 $/m J ;
• specific cost of brine disposal: 0.0015 $/m 3 ;
The obtained results are summarised in tables 8-10.
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Direct Capital Cost
Plant Capacity
EJectric Power Consumption
Fixed Charges
Steam
Electric Power
Chemicals
Brine Disposal Cost
Labor
Membrane Replacement
Total Annual Cost
Unit Cost Water Production
Basts

Direct Capital Cost
Plant Capacity
I Electric Power Consumption
Fixed Charges
Steam
Electric Power
Chemicals
Brine Disposal Cost
Labor
Membrane Replacement
Total Annual Cost
Unit Cost Water Production
Basis

$ 2,594,000
9.080 m3/d
4.79 kWh/m3
$ 100,900 /yr

$ 1,290,000/yr
$ 74,600 /yr
$ 7,930 /yr
$ 149,000 /yr
$ 188,300/yr
$ 1,810,730/yr
S 0.61 /m*

Table 8 - Cost analysis of FSl.

$ 5,898,000
14.800 m3/d
2.94 kWh/m3
$ 108,000/yr
$ 738,400 /yr
$ 1,286,000/yr
$ 655,600 /yr
$ 5,030 /yr
$ 243,000 /yr
$ 827,700/yr
$ 3,863,730 /yr
$ 0.80 /m3

Table 9 - Cost analysis ofFS2.

Direct Capital Cost
Plant Capacity
Electric Power Consumption
Fixed Charges
Steam
Electric Power
Chemicals
Brine Disposal Cost
Labor
Membrane Replacement
Total Annual Cost
Unit Cost Water Production
Basis

$ 7,563,000
17.700 rrrVd
2.46 kWh/m3
$ 110,000 /yr
$1,119,000 /yr
$ 1,286,000/yr
$ 196,400/yr
$ 3,500 /yr
$ 291,000/yr
$ 1,154,000 /yr
$ 4,159,900/yr
$ 0.72 /m 3

Table 10 - Cost analysis ofFS3.
Conclusions
Three different flow sheets have been analysed for desalination purpose. In FSl, pre-treatment by
MF and NF allows to increase the recovery factor of the RO stage up to 50.5%; the global recovery
of fresh water is 36% with a unit cost water production of $ 0.61/m3.
FS2 and FS3 require higher energy consumption due to the additional thermal demand; however, the
increased overall performance makes them an attractive alternative with respect to conventional
desalination schemes.
The introduction of a Membrane Crystallization unit downstream the NF retentate (FS2) enhances
the global water recovery factor of water up to 58.6%, although the unit cost increases up to
$0.80/m3 as consequence of additional expenses for membrane replacement, chemicals and steam.
However, this gap can be potentially offset by 8.4 M$/yr resulting form the production of 8.7 tons
NaCl/h (0.044$/kg) and 2.1 tons Epsomite/h (0.33$/kg). In FS3, the membrane crystallizer works on
RO retentate: the global water recovery factor of water increases up to 70.1%, and both cost and
environmental impact of brine disposal operations are drastically reduced. Once more, the additional
production of 12,5 tons NaCl/h might counterbalance the higher unit cost of water production (4.3
M$/yr, $0.72/m3).
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Abstract
Membrane distillation crystallisation (MDC) can be used to recover crystalline products from solutions. MDC of a concentrated solution of
magnesium sulphate of 375 g/1 was investigated. It was found that the MDC of epsomite was achievable at a feed temperature of only 33 °C and a
distillate temperature of approximately 17 °C. The orthorhombic crystals were formed at a growth rate of 1.6 x 10"8 ms"'. The transmembrane flux
was then measured for the membrane distillation (MD) of two concentrated solutions of mixed electrolytes, MgS04 and NaCl with concentrations
of 225 and 225 g/1, respectively, for one mix; and 275 and 137.5 g/1, respectively, for the other mix. For the mixtures of salts, only sodium chloride
was precipitated while magnesium sulphate remained in solution but increased in concentration. The geochemical equilibrium speciation program,
PHRQPITZ, was used to determine solution activities. These results were verified by experimental vapour pressure values determined by dynamic
vapour-liquid equilibrium (VLE) experiments to calculate the vapour pressures of the solution (and hence driving force) at each stage during the
distillation. The accountability of water activities showed how the trend of decreasing flux fitted with that of the driving force for the distillation
process. When operated in batch concentration mode the flux and driving force showed a constant initial rise (due to stabilisation of temperature and
concentration profiles and fluid dynamics inside the module) after which it plateaus off before rapidly declining. Preliminary computer modelling
has demonstrated how the understanding of membrane distillation processes can be improved by being able to predict driving forces.
© 2006 Elsevier B.V. All rights reserved.
Keywords: Membrane distillation; Crystallisation; Flux decline; Vapour pressure

1. Introduction
Salinity is one of the most critical environmental problems for water scarce countries, deteriorating water quality and
threatening economic and social consequences. Some industries
and mines currently have reverse osmosis (RO) and other plants
producing usable water and waste brine, but brine disposal is
a problem. If there is no intervention, the completed mining
operations will produce saline aqueous effluents for hundreds of
years. Exploiting the fact that inorganic concentrates can be sep-

* Corresponding author. Tel.: +27 33 3861007/+27 824539873.
" Co-corresponding author. Tel.: +27 31 2603131.
E-mail addresses: lynette.mariah@sasol.com (L. Mariah),
buckley@ukzn.ac.za (C.A. Buckley).
0376-7388/$ - see front matter © 2006 Elsevier B.V. All rights reserved.
doi:10.1016/j.memsci.2()06.03.0l4

arated into high value chemicals and reusable water, membrane
distillation (MD) (and crystallisation) is a technique which
potentially leads to an almost complete water recovery and the
elimination of the brine disposal problem. Chemical manufacturing complexes frequently have an excess of low-grade heat.
This energy can be used to create a temperature gradient across
a hydrophobic microporous membrane. The resulting vapour
pressure difference produces a flux of water vapour through the
membrane thus aqueous brine solutions can be concentrated and
crystallised [1,2]. Some ofthe main features of membrane distillation which distinguishes this process from more conventional
desalination processes such as reverse osmosis and thermal
evaporation are that this process (i) can operate at lower operating pressure and lower temperatures than the boiling temperature
of the feed solutions [3-5], (ii) requires lower vapour space
as the vapour-liquid interface is developed by a hydrophobic
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membrane in MD as opposed to conventional distillation which
relies on high vapour velocities to establish a vapour-liquid
interface. Large membrane areas can be densely packed into a
compact volume [6], (iii) is not limited by high osmotic pressure
constraints and fouling as the membrane works at atmospheric
pressure and is not directly involved in the separation process
but acts merely as a support [7], (iv) has low sensitivity to
feedwater concentrations therefore has potential applications
for concentrating aqueous solutions or producing high-purity
water even at very high feedwater concentrations [8,9] and (v)
does not require elevated temperatures therefore the heat can be
supplied by solar collectors or other forms of heat such as lowgrade waste heat from factories or geothermal energy [10,11].
For these reasons MD has gained much popularity and its
applications have grown in recent years. Amongst others, some
of the main applications of MD include desalination, using lowgrade thermal energy, the treatment of wastewater in the textile
industry, the concentration of fruit juice and milk in the food
industry and separation of alcohol-water mixtures [12-16]. MD
is one of the membrane processes in which the membrane is not
directly involved in the separation. The membrane acts only as
a support for a vapour-liquid interface and does not contribute
to the separation mechanism. Selectivity is determined by the
vapour-liquid equilibrium involved. Hence the component with
the highest partial pressure will show the highest permeation
rate [ 17]. Solute with very low vapour pressures (or pressure differences) will have a low permeation rate. For this reason water
with a very high purity can be separated from salt solutions by
MD. This is because in water-NaCl mixtures, only water has a
significant vapour pressure (the vapour pressure of NaCl can be
neglected), which implies that only water can permeate through
the membrane hence achieving very high selectivities [17].
During the late 1980s, advances in MD have lead to the extension of this process to the crystallisation stage. Crystallisation
from solution is a widely used concentration and purification
technique and is capable of producing large amounts of pure
solid product, usually in a single processing step. However,
some crystallisation techniques may require large energy inputs
and process requirements in order to yield good product quality. Realising the importance of crystallisation as a purification
technique the innovative technology of membrane crystallisation (MCr) was introduced by Wu and Drioli [ 18] who undertook
investigations on MCr to produce crystals from solutions. As
opposed to conventional crystallisers such as the circulatingmagma crystalliser, in membrane crystallisers the solvent evaporation and solute crystallisation takes place at separate locations,
i.e. the solvent evaporation takes place inside the membrane
module (where the solution is below supersaturation) and crystallisation takes place in a separate tank (where the solution is
in a metastable phase of supersaturation) [19,2]. This apparently induces a well organisation of the molecules thus resulting
in crystals with improved quality and size distribution. This is
important when crystals need to undergo further treatment or
reactions. Wu et al. [20] used MCr for treating the wastewater of taurine. Tomaszewska [21] used MDC to concentrate
sulphuric acid solutions subsequent to the extraction of apatite
phosphogypsum. After concentrating the solution up to 40%

he was able to recover the lanthane compounds which spontaneously precipitated under these conditions. Gryta [22] used
MDC to concentrate sodium chloride solutions. Recently, Curcio
et al. [23] used this emerging technology in the field of protein
science for the crystallisation of lysozyme from supersaturated
solutions. Another recent study performed by Drioli et al. [24]
used the MCr to obtain epsomite (MgSO"4-7H20) and sodium
chloride as solid products from NF retentate streams. The kinetics of crystallisation for sodium chloride was well defined by
Drioli et al. and in an earlier investigation by Curcio et al. [2].
The crystallisation of epsomite, has been performed but only
preliminary data concerning the growth rate and morphological quality of the crystals has been evaluated. The addition of
a crystalliser stage after the MD stage reduced both the cost
and environmental impacts of brine disposal operations [19,25].
These results are consistent with the trend towards green chemistry and sustainable industrial development.
Despite the fact that much work has been performed in
the field of membrane distillation within the last decade, the
quantitative description of the decrease in transmembrane flux
observed during a typical batch MD experiment has not been
reported. Some authors have attributed the decrease to membrane wettability or membrane fouling [26,9,27]. Very few
researchers have performed long-term experiments in order to
quantify and characterise this phenomenon [28-31]. During
their investigations the main drawback was the inability to evaluate the feed and permeate vapour pressures and hence driving
force during the distillation process. To overcome this, theoretical approaches have been adopted in which a series of equations,
derived from theoretical models of heat and mass transfer, were
used to infer the flux [32,1]. Furthermore, for direct contact
membrane distillation (DCMD), the theoretical analysis holds
for solutions of low concentrations, certainly lower than saturation concentrations. A recent study undertaken by Tun et
al. [33] which investigated the MDC of concentrated solutions
of sodium sulphate and sodium chloride, found that the flux
decreased gradually up to a critical saturation. They proposed
a way of predicting the flux, only up to the critical condition,
by interactive heat and mass transfer models. In our study it
was realised that when dealing with solutions of extremely high
concentration (close to saturation), it becomes necessary to take
into account the activities of water on either side of the membrane. Seeing that literature does not contain extensive vapour
pressure data for mixtures of electrolytes, the aim of this work
was to accurately evaluate activity changes during the MD of
concentrated mixed brines, and to show how these activities
contribute to the overall trend of decreasing driving force and
hence permeate flux.
2. Materials and methods
A series of methods was used to achieve the overall goal:
(1) MDC wasfirstused to evaluate the production of solid magnesium sulphate heptahydrate (MgS04-7H20, epsomite)
from a concentrated solution of this salt. Thereafter, the
MDC of mixed salt solutions of magnesium sulphate and
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sodium chloride in varying ratios were investigated. The initial concentrations of the salts were chosen so that sodium
chloride would precipitate while epsomite would remain in
solution although increased in concentration.
(2) Vapour pressure measurements were conducted using a
dynamic vapour-liquid equilibrium (VLE) still on brines
with similar compositions of those studied in the MD experiments.
(3) The accuracy of a thermodynamic geochemical speciation program was evaluated by comparing the predicted
vapour pressures with the experimentally derived values.
The vapour pressure driving force during the course of the
MD experiments was calculated using the geochemical speciation program and correlated with the distillate flux.
2.1. Membrane distillation crystallisation
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ation initialising at low supersaturation ratios, depending on the
surface characteristics of the membrane [19]. Samples were
routinely withdrawn from the crystallisation tank and visually examined and photographed using a video-camera model,
Axiovert 25, equipped with optical head 25X, to determine
the crystal size distribution. Nucleation rate has been evaluated
by microscopic visualization, i.e. monitoring the evolution in
time of the crystal size distribution. The crystals obtained show
good quality and size distribution which is important for the
determination of the final product quality and influences the performance of downstream processes such as separation of crystals
from mother liquor, drying and storage [24], The performance
of the membrane was evaluated in terms of transmembrane flux.
It has been shown [32] through a series of mass transfer models, that the mass flux, J, across the membrane in MD can be
approximated to:
CA/V

The MDC unit (Fig. 1) induces supersaturation by removing
pure water from the brine; thus creating a metastable state which
leads to nucleation and crystal growth. The retentate (hot brine)
and permeate (cold water) streams are held at different temperatures on either side of a hydrophobic microporous membrane.
The membrane module, MD020CP-2N, supplied by Microdyn,
contains 40 hydrophobic polypropylene hollow fibres of 0.1 m2
total interfacial area. The nominal pore size of the polypropylene
membranes was 0.2 p.m and the external diameter was 1.8 mm.
The water flux was evaluated by measuring the amount of water
extracted at time intervals during the course of the experiment.
Crystallisation occurs in the brine recirculation tank from
which the mother liquor was recirculated to the membrane
module. A significant feature of membrane crystallisers is that
the membrane does not merely serve as a support for the
vapour-liquid interface, but it also induces heterogeneous nucle-

(1)

where C is a membrane mass transfer coefficient for the system (obtained from a combination of flow models) and APm is
the vapour pressure difference across the membrane. C is only
slightly temperature-dependent and it is a function of the membrane pore geometry or the mole fraction of air within the pores,
the discriminating factor being whether convective or diffusive
transport, respectively, is dominant. Furthermore, as the vapour
pressures within the membrane are not directly measurable it
is more convenient to express Eq. (1) in terms of temperature
[7,32]:

m

*(£)<"•->

where A7"m is the temperature gradient across the membrane.
When A7"m < 15 °C (dilute solutions), then dP/d7can be approxFeed solution tank

Crystal formation

Permeate line

Cooler

Fig. 1. Schematic of the membrane distillation-crystallisation experimental setup.
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imately evaluated using the Clausius-Clapeyron equation:
d P _ PAtf va pM

29.3 ± 1 . 4 and 16.9 ± 0.7 °C, respectively, and 30.5 ± 1 . 0 and
17.4 ± 0.7 °C for the 1:2 mix, respectively.
(3)
2.2. Vapour-liquid equilibrium still

where A// v a p is the molar heat of vapourisation and P can be
evaluated from the Antoine equation:
In P = A +

B

(4)

T + CA

where P is the pressure in Pa, 7" the temperature in Kelvin and/t,
B and CA are constants which vary from substance to substance.
It has been shown by Sarti et al. [4] that Eq. (2) must be
modified to account for the reduction in vapour pressure caused
by dissolved species before it can be used for more concentrated
solutions. Eq. (2) then becomes
J = C f^

j [A7 m - A7 t h ](l

-xm)

(5)

where A7"th is a threshold temperature defined as
A7; h

RTl

MAH. vap 1

-x„

The vapour-liquid equilibrium (VLE) still developed by Raal
and Miihlbauer [34] was used to measure the vapour pressures
of the mixtures of sodium chloride and epsomite corresponding
to the range of compositions of those used during the distillation
process at different temperatures. The vapour pressures of pure
sodium chloride as a function of temperature were also evaluated
in order to test the accuracy of the procedure by comparison to
literature.
The VLE still is shown in Fig. 2. The vapour-liquid mixture that is generated in the boiling chamber is forced upward
through the Cottrell tube. The mixture then flows down through
a stainless steel wire mesh packing onto the temperature sensing Pt-100 element. The packed section allows close contact
between the vapour and liquid so the attainment of equilibrium
is rapid. The equilibrium chamber consists of small holes at the

(6)

wherex is the mole fraction of dissolved species. If A7"m < AT m ,
a negative driving force will be observed, giving rise to a dilution
of the brine solution.
2.I.J. Experimental
For the single electrolyte system, experiments were performed with concentrated solutions of magnesium sulphate of
375 g/1 by dissolving analytical grade magnesium sulphate heptahydrate (MgS04-7H20) in demineralised water. A volume of
2.761 of a 375 g/1 solution was initially fed into the distillation
plant which operated for approximately 15 h for the course of
the experiment. For the mixed electrolyte system, solutions of
magnesium sulphate and sodium chloride were prepared in mass
ratios of 1:1 and 1:2, respectively, by dissolving the appropriate
amount of analytical grade magnesium sulphate heptahydrate
and sodium chloride in demineralised water. Concentrations of
MgSC>4 and NaCl of 225 and 225 g/1, respectively, were prepared for the 1:1 mix; and concentrations of MgSC>4 and NaCl
of 137.5 and 275 g/1, respectively, were prepared for the 1:2
mix. The volume of solution fed to the plant was 3 1 and the
duration of the experiment was, on average, 8 h. The system
was operated in a batch concentration mode where the recirculating permeate stream was deionized water, and the retentate
stream flowed countercurrent through the membrane module
at a flowrate of the order 1001/h. The temperature was set to
an approximate value for the feed solution and the solution
gradually heated before starting the MDC process. Once the
appropriate temperature was reached the process was initialised.
However, the temperature did fluctuate during the initial stages
of the process as the temperature difference across the membrane
was established. The average temperatures at module inlet on
retentate and distillate sides for the 1:1 mix was 32.6 ± 1.7 and
16.0 ± 0.5 °C, respectively, and 32.6 ± 1.2 and 16.8 ± 0.4 °C for
the 1:2 mix, respectively. The average temperatures at module outlet on retentate and distillate sides for the 1:1 mix was

Fig. 2. Schematic diagram of vapour-liquid equilibrium still. A: SS wire mesh
packing; B: drain holes; C: Pt-100 bulb; D: vacuum jacket; E: magnetic stirrer;
F: SS mixing spiral; G: insulated Cottrell pump; H: vacuum jacket; I: internal heater, J: capillary; K: drain valves; SI: liquid sampling point; S2: vapour
sampling point; L: condenser is attached here [34].
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Table 1
Antoine's coefficients obtained for the pure magnesium sulphate solution and
the binary systems, 1:1 and 1:2 mixes
Solution

B

MgS04 (375 g/l)
1:1 mix
1:2 mix

16.552
16.019
16.058

4000.0
4001.9
3986.9

CA

-40.123
-34.319
-34.506

E^

5.11 x 10- 4
7.06 x 10"2
7.97 x 10"2

bottom which allows for the exit of the equilibrium mixture. Part
of the equilibrium liquid is caught in a liquid trap before returning to the boiling chamber. The disengaged equilibrium vapour
flows around the equilibrium chamber before being condensing
in the condensate receiver [35].
The Antoine equation (Eq. (4)) was fitted to the experimental vapour pressure data by using a regression procedure to
determine the parameters. The parameters for the solutions of
importance are listed in Table 1.
2.2.1. Experimental
The preparation of the solutions followed the same procedure
as that used for MD. The suitability of the VLE still to measure
vapour pressures of concentrated salts was evaluated by comparing the experimental vapour pressure values of sodium chloride
with those in literature. The temperature and pressure were measured with a multimeter (which measured the resistance of the
Pt-100 bulb) and pressure transducer, respectively. The accuracies of temperature and pressure measurements were estimated
to be ±0.02 K and ±0.03 kPa, respectively. The desired temperature was set and once vapour-liquid equilibrium was established,
the corresponding pressure was recorded. The control of temperature was within 0.01-0.05 K, depending on the composition of
the solution, according to a technique developed based on pulsewidth modulation of the two solenoid valves with the aid of a
computer [35].
2.3. Modelling using the geochemical
speciation program, PHRQPITZ
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vapour pressure of a solution is then defined as the product of
the vapour pressure of pure water at the same temperature as the
solution and the activity of water in the solution (Eq. (8)):
(8)

^soln = ^ H 2 0 a H 2 0

There are some limitations concerning the use of this program for modelling purposes. One such limitation is that the
temperature range for equilibria in the PHRQPITZ database is
variable and is within the range 0-60 °C but the sodium chloride
system is valid up to approximately 350 C C. However, this limitation did not apply to our MD system as the maximum retentate
temperature did not exceed 33 CC.
3. Results and discussion
3.1. Membrane distillation
Crystals of epsomite and sodium chloride were obtained from
crystallisation experiments on single electrolyte solutions of
magnesium sulphate and mixed solutions of magnesium sulphate and sodium chloride, respectively. The epsomite crystals obtained (Fig. 3), at a supersaturation of 1.34 kg/1, display the typical orthorhombic geometry characteristic of this
salt.
For the crystallisation of a single salt solution of epsomite,
data in Fig. 4 show that the peak of particle size distribution
progressively migrates towards increasing crystal size due to
the crystal growth process. The indicated times (/) refer to the
time passed after the first visual appearance of crystals.
The shape of the particle size distribution is governed by a
coefficient of variation, CV, which is defined according to the
following equation [38]:
CV

F$o% - ^20%

x 100

(9)

where F is the cumulative crystal size distribution. Analysis of the experimental cumulative size distribution functions

equilibrium

PHRQPITZ is a computer program which enables geochemical calculations in brines and other electrolyte solutions at high
concentrations by making use of the Pitzer-virial coefficient
approach for activity coefficient corrections [36]. In addition
to being able to calculate the activity coefficients for the above
solutions with temperature, the program is also able to model
mineral solubility thus predicting the evaporation factor needed
in order to reach supersaturation and crystallisation. For the
purposes of this paper, this program was used to test its applicability for modelling vapour pressures by comparison to the
data obtained from the VLE experiments. The activity of water,
QfH20. in PHRQPITZ is computed from the osmotic coefficient,
4> (estimated from the Pitzer equation [37]) according to:
lnaH2o = -

<P>Zimi

55.50837

(7)

where m,- is the molality of the ;th ion in solution and 55.50837 is
the number of moles of water per ki logram of water. The effective

Fig. 3. Epsomite crystals obtained from the MDC of a single salt solution of
an initial concentration of 375 g/l, sampled approximately 17 h from the start
of the MD process. Concentration of magnesium sulphate at precipitation was
1.34 kg/1.
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Fig. 4. Particle size distribution for the crystallisation of epsomite from a concentrated single electrolyte solution of magnesium sulphate using MDC. The
indicated times refer to the experimental sampling times after the first visual
appearance of crystals.

enabled CV values to be calculated and was found to be in the
range of 10-30%. A crystal growth rate of 1.6 x 10~ 8 ms _ 1
was observed for the crystallisation of epsomite. Al-Jibbouri
et al. [39] reported a growth rate of 2.82 x 10 _ 7 ms _ 1 for
the crystallisation of epsomite at 24 °C at a supersaturation
of 0.64gepsomite/100gH2O. Ramalingom et al. [40] showed
that epsomite, in the presence of urea, crystallised at a rate of
1.85 x 10~ 8 ms~' through seeded crystallisation. Drioli et al.
[24] reported a growth rate of 5 x 10~7 m s - 1 of epsomite at
25 °C from a solution containing a mixture of salts representing that of seawater. Apart from the distinct highly concentrated
solutions used in this work, the techniques and experimental
conditions under which the mentioned crystallisations were performed differ from those used in this work. The kinetics of
crystallisation as well as crystal morphology is strongly related
to the different components present in the crystallising solution,
degree of supersaturation, temperature and hydrodynamic conditions [39]. It is difficult to draw any meaningful conclusions
from the comparison between the crystallisation rate observed
in this study and those from the literature, because of the different composition of the solutions. For example, Al-Jibbouri et al.
[39] showed that the presence of NaCl in the crystallising solution tends to increase the growth rate of epsomite which explains
the increased growth rate observed by Drioli et al. [24] for the
crystallisation of epsomite from a solution in which NaCl was
present in an appreciable amount as opposed to that observed
in this experiment where magnesium sulphate existed alone in
solution.
For the mixed electrolyte systems, when MD was run in batch
concentration mode with the crystalliser, sodium chloride crystals were precipitated from solution. This is featured in Fig. 5
which shows the characteristic cubic geometry displayed by this
salt.
For the evaluation of the transmembrane flux, MD was run
in a batch concentration mode, without the crystalliser, with the
mixed electrolyte salt solutions at feed concentrations below
saturation. The performance of the MD was evaluated by examining the water flux as illustrated in Fig. 6. This trend represents
that of the 1:1 mix.

Fig. 5. Sodium chloride crystals obtained from the MDC of a mixed solution
(1:1 mix) of sodium chloride and epsomite sampled at approximately 13 h after
the start of the MD process.

The experiments were performed in a closed (noncontinuous) membrane system evolving with time. At the beginning of the experimental run depicted in Fig. 6, the brine heater,
the permeate cooler and the circulating pumps for both streams
were switched on. There was an initial rise in flux as the temperature difference across the membrane was established. Thereafter
the flux declined as the brine concentration increased. Thus
the initial rise in the flux that is observed in Fig. 6 is due to
the stabilisation of concentration and temperature profiles as
well as fluid dynamic conditions inside the membrane module.
In general, it is typical that when a crystallisation run is carried out in a batch concentration mode i.e. the retentate line
is not continuously replenished with fresh feed solution, the
flux will decrease with time (once the system has stabilised)
as the solution becomes more concentrated. A similar decrease
in flux was obtained for the 1:2 mix. This has been variously
attributed to the growth of crystals on the membrane thus blocking the membrane pores [33] and to the reduction of vapour
pressure gradient due to the increase of the concentration of
salts in the solution [24]. The latter explanation was investigated further by measuring these vapour pressures of these
solutions.

200
300
Time (rr,in)

Fig. 6. Water transmembrane flux and the concentration of magnesium sulphate
and sodium chloride with time for the 1:1 rrix, up to the metastable state, just
before crystallisation.
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Fig. 7. Comparison of experimental vapour pressures obtained using VLE and
those of literature.

3.2. Vapour-liquid equilibrium still
In order to test the performance of the VLE still the vapour
pressure of aqueous solutions of pure sodium chloride was measured as a function of temperature and was compared to two
literature sources. Liu and Lindsay [41] performed vapour pressure lowering experiments on concentrated solutions of sodium
chloride (from 4 m to saturation) and at temperatures from 75
to 300 °C. The vapour pressure measurements performed in this
work on the concentrated sodium chloride solutions were performed at temperatures from 25 to 100 °C and concentrations of
20, 200 and 280 g/1. As no literature data was found containing
actual measurements of NaCl solutions within these precise concentration and temperature ranges, the data of Liu and Lindsay
[41] wasfittedto the Antoine equation (Eq. (4)) and then extrapolated to lower temperatures. The empirical equations presented
by Sparrow [42] for thermodynamic properties of aqueous NaCl
was used as a second comparison with the data obtained form
these VLE experiments. The comparisons between the experimental vapour pressure measurements and those extrapolated
from the data of Lui and Lindsay and those calculated from the
empirical equations of Sparrow are shown in Fig. 7.
The relative error between the VLE experimental data and
those extrapolated from literature range between —0.030 and
-0.192 for the 20 g/1 solution, -0.057 and -0.188 for the 200 g/1
solution and -0.065 and -0.179 for the 280 g/1 solution. Considering the accumulated error that would have occurred during
the extrapolation procedures, it can be concluded that there is
good agreement between the experimental and literature data.
The relative error between the VLE experimental data and
those calculated from the empirical equations of Sparrow range
between -0.021 and -0.107 for the 20 g/1 solution, 0.003 and
-0.105 for the 200 g/1 solution and -0.035 and -0.100 for the
280 g/1 solution. There is therefore good agreement between the
measured vapour pressures and those calculated from literature.
From the above work, the agreement between literature and
the measured vapour pressures for each of the sodium chloride solutions was substantial to acknowledge VLE as a suitably
accurate apparatus for obtaining the vapour pressures of inorganic salt solutions. This apparatus was then used to measure the
vapour pressures of the solutions of the mixed salts. The vapour

50
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110

Fig. 8. Vapour pressures of the 1:1 and 1:2 salt mixes from VLE experiments
together with the fitted Antoine curve and the vapour pressure curve of pure
water.

pressures obtained for the subsequent mixes of salt solutions
together with the Antoine fit, in addition to that of pure water
are shown in Fig. 8. The values of the Antoine coefficients A,
B and CA obtained from the regression procedure are listed in
Table 1.
It can be seen from Fig. 8 that the difference in vapour pressure between the hot (brine) and cold (pure water) sides drives
the separation process.
3.3. PHRQP1TZ
This program is designed to execute a series of simulations
in a single computer run by solving two separate problems: (i)
processing of an initial solution/s and (or) (ii) modelling of a
reaction [36]. There are varieties of reactions that can be modelled but in each type of reaction the initial solutions must be
specified. The total concentrations of elements as well as information such as pH and temperature are input into a specific
solution given a unique number. Any further reactions or mineral
equilibrations are then performed on this solution. The output
of the calculations performed with PHRQPITZ includes the
osmotic coefficient, water activity, mineral saturation indices,
mean-activity coefficients, total-activity coefficients, and scaledependent values of pH, individual ion activities and individual
ion activity coefficients. For our purposes the activity of water
was the crucial output required from PHRQPITZ which was then
used to obtain the solution vapour pressures directly (Eq. (8)),
of the two mixes of salt solutions at the range of temperatures
used during the VLE experiments.
Fig. 9 shows the comparison of the vapour pressure trend
obtained from both methods. The deviation of approximately
1.4% at a temperature of 100 °C of the experimental results
from those of PHRQPITZ is attributed to the uncertainty in
PHRQPITZ calculations above 60 °C. This uncertainty, however, does not affect the outcome of the results in this study as
discussed above. It therefore appears that the vapour pressure
can be sufficiently accurately modelled using PHRQPITZ for
the analysis of the experimental MD results.
Knowing the temperature and concentration of the retentate
and distillate streams during the course of a batch concentration, the vapour pressures of these streams was calculated using
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Fig. 9. Vapour pressures obtained for 1:1 salt mix from PHRQPITZ calculations
and VLE experiments.

data from the speciation program. Fig. 10 shows the variation
of the vapour pressures of each of the streams as indicated in
the legend. The pure retentate (hot water) in and out streams,
refers to the vapour pressure of pure water at the temperature
of the brine at module inlet and outlet. Fig. 10 emphasises the
significant change in these water activities at either end of the
module. This is contrasted to the negligible change in the pure
water vapour pressure for the distillate between the module inlet
and outlet. For the pure water streams the vapour pressures do
not change during the course of the distillation as opposed to
the brine streams which decrease in vapour pressure due to an
increase in the activity coefficients as the solution is concentrated. However, the curves in Fig. 10 all show a slight increase
at the beginning of the distillation process. As mentioned above,
this is again due to the instability in temperature during the start
of the process.
The driving force, expressed as the logarithmic mean vapour
pressure differences (AP\m) between the high temperature and
low temperature sides of the module, were calculated and plotted
on the same graph as the transmembrane flux-time relationship. The logarithmic mean is generally considered as the most
appropriate average driving force in a counter-current mass or
6i
Pure retentate (hot water) in

Fig. 11. Variation of transmembrane flux with the driving force as a function of
time for the 1:1 mix indicating that the flux decline is due to a decline in driving
force as seen from the similarity in these trends trend.

heat transfer device. Fig. 11 demonstrates the similarity in trend
between the driving force and transmembrane flux for the distillation of the 1:1 mix after accounting for the change in water
activities of both the streams at either end of the membrane. The
flux and driving force show a constant rise after which it plateaus
off before rapidly declining. As explained above, the initial rise
in flux is due to the stabilisation of the system in terms of fluid
dynamics and temperature profiles. However, Figs. 11 and 12
also demonstrate that a simultaneous rise in the driving force
occurs during this period hence the relationship between flux
and driving force also holds during this phase.
A similar trend is observed for the 1:2 mix (Fig. 12). As the
initial salt content of this solution is lower than that of Fig. 11,
the flux decline is less profound than before.
In Fig. 13 the data are replotted to show the relationship
between flux and vapour pressure driving force.
The initial steep rising parts of the curves in Figs. 11 and 12
have been excluded in the construction of Fig. 13 as we believe
that, because the temperatures were changing too rapidly to
record an accurate measurement of the corresponding fluxes,
this resulted in a lag in the measurement of flux relative to
the measurement of temperature. A notable feature of this plot
is the non-zero intercept where the flux is zero, although the
apparent vapour pressure driving force is positive. This can be
explained as an interaction between the transmembrane con-
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Fig. 10. Vapourpressuresofrespectivestreamsinmembranedistillationofa 1:1
mix emphasising the significant change in activities of the pure water retentate
streams at outlet and inlet of the membrane module. The data are plotted against
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centration and temperature differences, conductive heat transfer
and temperature polarization [43]. In the case where the pure
water and brine streams are at the same temperature, the brine
vapour pressure is depressed by the salt concentration, causing a reverse flux of water across the membrane—i.e. from
the pure water side to the brine side. As the brine temperature is raised, its vapour pressure is raised, counteracting the
concentration effect. At the point where the temperature effect
balances the concentration effect exactly, the flux is zero, which
is the intercept point on the graph. Because there is no mass
flux at this point, there is no concentration polarization; however the temperature difference across the membrane causes
a conductive heat flux across the membrane, so there is temperature polarization. This means that the difference between
the bulk temperatures of the brine and water streams is greater
than the difference between the temperatures at the membrane
surfaces. Hence the apparent vapour pressure driving force, calculated from the bulk stream temperatures, is greater than the
true driving force based on the membrane surface temperatures.
This effect is usually negligible for dilute solutions, but has
been observed in concentrated solutions by other investigators
[11].
Having obtained a way to accurately estimate the vapour pressures, it becomes possible to predict the course of a batch MD
by accounting for the continual concentration of salts in the
solution which subsequently decreases the vapour pressure and
hence the driving force. Fig. 14 represents a MD concentration
of a mixture of sodium chloride and magnesium sulphate each at
a concentration of 225 g/1 (1:1 mix described above). The solution is modelled so as to calculate the saturation index (SI) of the
salts at each water recovery level according to the experimentalfindings.Once crystallisation of sodium chloride begins, i.e.
SlNaCi = 0. the system is modelled so as to keep the SI of sodium
chloride at 0 (by continual removal of the crystals) while the
concentration of magnesium sulphate increases. The saturation
index (SI) of a salt is defined as the logarithm of the ratio of the
ion activity product (IAP) and the solubility product (A"sp):
SI = log

IAP

1Qr

(10)

Fig. 14. MD process showing evolution of driving force and solid NaCI recovery
for the 1:1 mix obtained from PHRQPITZ modelling, where concentration factor
is the ratio between the initial volume of the solution and the amount of water
remaining after each concentration step (or water recovery level).

With a brine temperature of 55 °C and a pure water temperature of 20 °C, if the crystals are continually removed from the
recirculating solution, Fig. 14 illustrates how the initial rapid
decline in driving force plateaus and then gradually declines
when the crystal disengagement occurs thus enabling the process to proceed for an extended period of time. It can be seen
that MD can concentrate the solution up to the point of sodium
chloride crystallisation and beyond with approximately 150 g/1
of pure crystalline sodium chloride being recovered and a 74%
water recovery being achieved before epsomite would start to
precipitate, while still maintaining an existent vapour pressure
driving force.
This modelling stage, however, requires further development
and experimental verification.
3.4. Conclusions
The water activities of the brine and distillate streams were
sufficiently accurately modelled using a computer program specific for geochemical calculations in concentrated brines during
the MD of concentrated solutions of varying ratios of epsomite
and sodium chloride. The current database for this computer
program is limited to a temperature range of 0-60 °C which is
sufficient for our system, and MD in general, as seldom an operating temperature of 40 °C is exceeded. The calculated vapour
pressure driving force was able to explain the flux trend during
batch concentrations. Furthermore it has been found that, particularly in the case of concentrated solutions, the relationship
between driving force and transmembrane flux is governed by
interactions between the transmembrane concentration and temperature differences, conductive heat transfer and temperature
polarization. Overall, the novel approach to predicting driving
forces can enhance the understanding of MD experiments.
An evaluation of the kinetics of crystallisation of the salts is
necessary to complete the understanding of the process. These
need to be well understood as the process must avoid crystallisation in the membrane module while producing a high quality
final product which influences the performance of downstream
processes (solid-liquid separation steps, drying and storage).
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Nomenclature
A,B, C\
C
CV
Atfvap
IAP
J
^"sp
m
M
P
AP
R
SI
T
7*
-^m

Antoine equation coefficients
membrane transfer coefficient
coefficient of variation (%)
molar enthalpy of vapourisation (kJ m o P ' )
ion activity product
transmembrane flux ( g h _ l m - 2 )
solubility product
molality (mol/kgH20)
molar mass (g m o P )
pressure (kPa)
vapour pressure difference between the feed and
permeate streams (kPa)
gas constant (J K~' m o P ' )
saturation index
temperature (°C)
threshold temperature (K)
mole fraction

Greek letters
a
activity
r
temperature polarization coefficient
osmotic coefficient
<P
Subscripts
b
bulk
log mean
lm
membrane surface
m
Superscripts
f
feed
permeate
P
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Membrane distillation and crystallisation (MDC) is a useful adjunct to seawater and other
desalination processes in order to further process the resulting brine streams. MDC becomes
particularly valuable when treating solutions of extremely high concentration which other
processes such as reverse osmosis are incapable of handling. The process uses low grade
heat and operates at about atmospheric pressure. This work demonstrates how membrane
distillation and crystallisation is used to obtain pure crystalline products and pure water from
solutions of sodium chloride and magnesium sulphate of concentrations near to saturation.
Furthermore, a new approach to the modelling of the MDC process has been achieved which
enables the prediction of driving force for the process by estimating the vapour pressure from
chemical speciation calculations.. These modelling procedures are used to illustrate the
gradual decline in the driving force during the membrane distillation process of solutions
containing high concentrations of salt in contrast to the drastic decline in driving force in
reverse osmosis. Further simulations are performed which illustrate how membrane
distillation could be used to recover solid products from a mixed solution of salts whilst
maintaining a driving force at extremely high solute concentrations.

1. BACKGROUND
Salinity is one of South Africa's most critical environmental problems, threatening economic
and social consequences. Industries such as Sasol and Eskom currently have reverse
osmosis (RO) plants producing waste brine, but brine disposal is a problem. If there is no
intervention, the completed mining operations will continue to produce saline aqueous
effluents for hundreds of years after mine closure. In the past most of the waste streams
arising from the various mining and manufacturing activities were discharged to surface
waters or the ocean. However, more rigid current and future environmental regulations will
make these disposal routes less feasible therefore other disposal options need to be sought.
It seems that technologies that are available for managing these waste products are either
prohibitively uneconomic (exceeding the cost of water treatment or desalination) or
unsatisfactory because of long term liabilities and associated risks they pose to water
resources. Evaporation ponds appear to be one of the widely used means of disposal.
However, low rates of evaporation due to highly concentrated waste streams or insufficient

driving force for evaporation, especially in areas where the humidity is relatively high, has
resulted in a build-up in the inventory of these facilities. Much work has been performed on
being able to solve this salinity crisis. However, bearing in mind the concept of sustainable
development, we can deem these saline waters an environmental problem or we can turn this
environmental problem into an economic resource by viewing these saline waters as a
sustainable resource of salts. Several of the waste streams contain potentially recoverable
and saleable products. Some of these include calcium carbonate, magnesium sulphate and
calcium sulphate. Sustainable salt sinks can be achieved by considering the formation of
valuable salts when designing a saline water circuit and the composition of the streams that
enter the circuit. The separation and concentration processes need to be combined to
produce high-value products. The chlor-alkali salt preparation circuit is an example of a
process that requires a pure sodium chloride feed for a subsequent synthesis step
(electrolysis) (1). Suitably purified and concentrated brine streams could substitute for the
imported raw salt which is used as the feed chemical. A technique is therefore required in
order to separate and recover these concentrates with the concomitant release of pure water.
Many techniques have been investigated for the desalination of water and separation of salts.
The most commonly used is that of reverse osmosis although other techniques such as
thermal desalination and evaporation have been investigated (2). The main shortcoming of
reverse osmosis is the high osmotic pressure of the feed stream at high solute
concentrations. In reverse osmosis an excess pressure is required to overcome the solution
osmotic pressure in order to concentrate the feed. In processes such as thermal evaporation,
for example, elevated temperatures are required in order to achieve evaporation and salt
recovery. Large heat transfer areas are required and scaling of the heat transfer surfaces
reduces the efficiency of the process. There is a need for a process which would achieve the
recovery of crystalline products and pure water and is capable of operating at high solute
concentrations.. Exploiting the fact that inorganic concentrates can be separated into high
value chemicals and reusable water, membrane distillation and crystallization (MDC) is a
technique which potentially leads to a 100 % water recovery and the elimination of the brine
disposal problem (3). This is achieved by the production of pure water by concentrating
aqueous solutions through a vapour pressure difference induced by a transmembrane
temperature gradient resulting in highly concentrated mother liquors in which nucleation and
crystal growth occurs in a controlled fashion. This process does not have the limitations of
reverse osmosis as this process can operate at higher concentrations, at low concentration
gradients and atmospheric pressure. The advantage over distillation is that the mass transfer
and heat transfer surfaces are combined, they consist of polymer fibres which have a higher
packing density and lower cost that conventional corrosion resistant heat transfer surfaces.
This paper therefore proposes the technique of membrane distillation crystallisation (MDC) for
the recovery of crystalline products from brine concentrates and the production of pure water.
The benefits of MDC as opposed to other membrane processes such as RO are discussed.
Furthermore, a step is taken which is new to the MDC process is that of being able to
computational model the process in terms of the evaluation of driving force and to examine
some of the constraints of the latter.
2. MEMBRANE DISTILLATION
As the name implies, the process combines both the use of distillation and membranes. In the
process, saline water is heated to increase the vapour of water, and this vapour is exposed to

a hydrophobic polymeric membrane that can pass water vapour but not water. After the
vapour passes through the membrane, it is condensed on a cooler surface (or in a cold water
stream) to produce fresh water. In the liquid form, the fresh water cannot pass back through
the membrane, so it is trapped and collected at the output of the plant. The main advantages
of membrane distillation lie in its simplicity and the need for only small temperature
differentials. One important advantage of membrane distillation in contrast to reverse
osmosis, is because of the independence of the quality of the permeate from the feed solution
concentrations, membrane distillation can handle highly concentrated feed solutions without a
reduction in membrane selectivity. Reverse osmosis, however, is strongly affected by the
osmotic pressure if the feed solution is highly concentrated resulting in higher applied
pressure demands furthermore, increasing the susceptibility of the membrane to fouling.
Recent innovative designing of integrated membrane systems (IMS) have lead to process
intensification and reduction in pre-treatment costs (4). Integration of various single
membrane units might assist in overcoming the shortfalls otherwise experienced if these units
operate independently, i.e. many specialised separations as opposed to one big
concentration step. Figure 1 shows an integrated system proposed by Drioli et al. (5). This
system consisted of a pre-treatment stage which included MF/UF-NF-MC and a processing
stage consisting of RO-MD. The pre-treatment stage included a gas-liquid membrane
contactor unit (MC). This MC operation serves to reduce the amount of dissolved gases such
as CO2 and O2 that is present in the feed solution, if deemed necessary. An energetic and
exergetic analysis of this IMS indicated that the recovery factor of the MD unit was 77 % and
the RO unit alone yielded a recovery factor of 40 %. However, by coupling these two
membrane units the global recovery factor was a high of 87.6 % (6).
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Figure 1: Proposed ideal integrated membrane system for seawater desalination (5)
Furthermore, from their analyses it was found that by placing NF ahead of RO the osmotic
pressure of the feed solution is lowered and hence a lower applied pressure is required to
move water through the membrane. The added electrical energy that is required to operate
the NF as a pre-treatment to RO can be offset by using the NF concentrate to pre-pressurise
the feed water thus reducing the RO electrical energy requirements. For the coupling of RO
with MD a higher thermal demand arises because of MD. However, when these two units are
further coupled with NF it was found that this energy demand is lowered. If excess thermal
energy is already present in the plant (as is the case in most industries such as Sasol where

there is an excess of low-grade thermal energy), then the surplus energy required by this
system can be offset.
Following the proposal of the ideal integrated system of Figure 1, later work performed by
Drioli et al (4) incorporated a membrane crystalliser to form the NF-RO-MCr integrated
system. The membrane crystalliser achieves the complete recovery of desalted water and
solid salts. Feeding the MD unit with RO retentate represents the brine as the concentrated
mother liquor which promotes nucleation and crystal growth. Curcio et al. (7) performed an
energetic, exergetic and cost analysis on the systems MF-NF-RO and NF-MC-RO-MCr. In
one instance, the NF retentate from the integrated system represented in Figure 1 was mixed
with Na2CC>3, produced from the reactive adsorption of C0 2 via MC, for the removal of Ca2+
ions as CaC03, before entering the MCr unit. In the second instance the RO retentate was
subjected to CaC03 precipitation before reaching the crystalliser. In the former case a global
recovery factor of water of up to 58.6 % is achieved and in the latter case a 70.1 % global
water recovery is achieved. Although the membrane crystalliser system represents a higher
thermal energy requirement, it does, however, considerably reduce both the cost and
environmental impacts of brine disposal operations thus favouring the concepts of green
chemistry and moving towards sustainable industrial growth and, as already stated, if there is
excess thermal energy already available within the plant, it could be used to supplement this
added energy demand of the MCr unit making the overall energy requirement then
comparable to an NF-RO coupled system (4).
The main advantages of MD over conventional membrane and distillation processes can be
summarised as follows:
Membrane distillation,
Q Can be performed at lower operating pressure and lower temperatures than the boiling
point of the feed solutions (8-10) and a relatively low temperature difference between
the two liquids in contact with the membrane surface gives relatively high fluxes.
a Requires lower vapour space as the vapour-liquid interface is developed by a
hydrophobic membrane in membrane distillation as opposed to conventional distillation
which relies on high vapour velocities to establish a vapour-liquid interface (11). As
such they are very compact and very little equipment space is required. Furthermore,
the possibility to overcome corrosion problems by using plastic equipment exists (12).
• Is unlimited by high osmotic pressure and fouling as the membrane works at
atmospheric pressure and is not directly involved in the separation process but acts
merely as a support. As such there is reduced chemical interaction between the
membrane and process solution (13). Furthermore, due to this characteristic
membranes can be fabricated from a variety of chemically resistant polymers (14).
• Displays selectivity higher than any other membrane process (15). MD therefore
allows very high separation factors for ions, macromolecules, colloids, cells and other
non-volatile solutes in comparison to UF, NF and RO processes (16,17)
• Has low sensitivity to feedwater concentrations and has potential applications for
concentrating aqueous solutions or producing high-purity water even at very high
feedwater concentrations (15, 18, 19)
• Does not require elevated temperatures therefore the heat can be supplied by solar
collectors or other forms of heat such as low-grade waste heat from factories or
geothermal energy (20).

Membrane distillation is one of the membrane processes in which the membrane is not
directly involved in the separation. The membrane acts only as a support for a vapour-liquid
interface and does not contribute to the separation mechanism. Selectivity is determined by
the vapour-liquid equilibrium involved.
One of the most important applications of MD is in the production of pure water. Studies have
shown that a high quality permeate can be obtained during MD. This feature of MD makes
this process invaluable in the desalination of seawater, in industry for boiler feedwater and in
the semiconductor industry (21). Other areas in which MD is used to treat waste water is in
the textile industry (22-23). In the case of a solution containing non-volatile components, e.g.
NaCI, only water vapour flows through the membrane. Therefore, the retention degree of
solutes in MD is close to 100 % (24). This allows the concentration of solutions up to solute
saturation. The concentrating process of MD may be exploited in the food industry for the
concentration of fruit juices and milk (25-27). Gostoli and Sarti (28) and later Sarti et al. (29)
have found vacuum membrane distillation to be very useful for the separation of alcohol-water
mixtures such as the extraction of organic components, ethanol and methylterbutyl from
aqueous streams. Criscuoli et al. (30) evaluated MD for the treatment of uraemia by
employing this process for the purification of human plasma ultrafiltrate and the re-circulation
of the purified water to the patients. The feasibility of breaking down azeotropic mixtures by
the removal of water using MD has been explored by Udriot et al. (31). Gryta et al. (24) used
MDC for the treatment of NaCI solutions subsequent to use in the food industry. The concept
was to produce pure water together with a concentrate containing substances present in the
initial solution which could be separated by crystallisation thus facilitating their disposal and
potential recycling of the water produced.
3.

EXPERIMENTAL

The experimental plant design that was used during these series of MDC experiments is
depicted in Figure 2. The distillation plant was operated in a batch concentration mode where
the recirculating permeate stream, consisting of deionised water, and the retentate stream
flowed counter current through the membrane module.
The membrane module,
MD020CP 2N, supplied by Microdyn, contained 40 hydrophobic polypropylene hollow fibres
of 0.1 m2 total interfacial area. The nominal pore size of the polypropylene membranes was
0.2 |xm and the external diameter was 1.8 mm. During the process the solution in the
retentate line is heated and flows toward the membrane and converges in a counter current
manner with the cold permeate stream. A vapour-liquid interface is established at the
membrane surface and water vapour molecules from the retentate stream diffuse across the
membrane and condenses in the cold permeate. Continual removal of water in the retentate
line leads to the concentration of the remaining solution resulting in a mother liquor in which
nucleation and crystal growth is initialised. Crystallisation occurs in a vessel in which a
centrifugal pump receives and returns the mother liquor to the membrane module on the
retentate line. The crystallisation vessel operated at room temperature and atmospheric
pressure. Samples were routinely withdrawn from the crystallisation tank and visually
examined and photographed using a video-camera model, Axiovert 25, equipped with optical
head 25 X, to determine the crystal size distribution.
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Figure 2: Experimental setup for membrane distillation-crystallisation

of concentrated salts

For the series of MDC experiments, two types of systems were investigated. Although some
work has been done concerning the MDC of epsomite for the recovery of crystalline product
(32), solutions of high concentration (close to saturation) have not been performed.
Therefore, the first part of this work investigates the MDC of concentrated solutions of
epsomite of concentrations 375 g/t and 625 g/t. This is then followed by the MDC of
concentrated solutions of a mixture of sodium chloride and epsomite, in varying ratios, aimed
at the crystallisation of sodium chloride. For this purpose aqueous solutions of analytical
grade epsomite and sodium chloride were prepared in mass ratios of 1:1, 1:2 and 1:3,
respectively, with initial concentrations of 225 g/l of epsomite and NaCI for the 1:1 mix;
137.5 g/l and 275 g/l of epsomite and NaCI, respectively, for the 1:2 mix; and 93.3 g/l and
280 g/t of epsomite and NaCI, respectively for the 1:3 mix. The average temperatures at
module inlet on retentate and distillate sides were 29.8 +1.6 °C and 17.6 ±4.4 °C,
respectively, for the MD of the pure magnesium sulphate solutions.
The average
temperatures at module inlet on retentate and distillate sides for the 1:1 mix was 32.6 ± 1.7 °C
and 16.0 ± 0.5 °C, respectively; for the 1:2 mix 32.6 ± 1.2 °C and 16.8 ± 0.4 °C, respectively;
and for the 1:3 mix 33.6 ± 2.6 °C and 14.8 ± 0.5 °C, respectively. The average temperatures
at module outlet on retentate and distillate sides for the 1:1 mix was 29.3 ± 1.4 °C and
16.9 ± 0.7 °C, respectively; for the 1:2 mix 30.5 ± 1.0 °C and 17.4 ± 0.7 °C, respectively; and
for the 1:3 mix 27.6 ± 1.0 °C and 16.1 ± 0.6 °C, respectively. The water flux was evaluated by
measuring the amount of water extracted at time intervals during the course of the
experiment. The flux of pure water through the membrane is more fully described in (33) but
ranged from 0.1 to 0.3 L/m2h for temperatures of 55 and 20 °C.

4. RESULTS
The detailed results of the MD experiments have been described in a previous work by the
authors (33). Therefore only a brief discussion of the results will be considered here.
Figure 3 shows the photographs of the crystals that were taken during the crystallisation of
magnesium sulphate from a pure solution of this salt and the crystallisation of sodium chloride
from a mixture of sodium chloride and magnesium sulphate in equal mass ratios. The
crystals display the characteristic geometries associated with their crystal forms, i.e.
orthorhombic magnesium sulphate and cubic sodium chloride crystals.

Figure 3: Magnesium sulphate and sodium chloride crystals obtained from MDC
For the crystallisation of magnesium sulphate the evolution of the particle size distribution
shows that the initial peak progressively migrates towards increasing crystal size due to the
crystal growth process. The shape of the particle size distribution is governed by a coefficient
of variation, CV, which is defined according to Equation 1,

IF

where F is the cumulative particle size distribution. Analysis of the experimental cumulative
size distribution functions enabled CV values to be calculated and was found to be in the
range of 1 0 - 3 0 %.
5. MODELLING
A computer program, PHRQPITZ, is able to perform geochemical calculations in brines and
other electrolyte systems to high concentrations (34). This is possible as the main code of
this program uses the Pitzer virial coefficient approach for activity coefficient corrections
according to the works of Harvie (35) and Harvie et al. (36) for the prediction of mineral
solubilities in natural waters for the Na-K-Mg-Ca-H-CI-S04-OH-HC03-C03-C02-H20 system
to high ionic strengths. The water activity values can be used to calculate water vapour
pressures and osmotic pressures. The computer program PHRQPITZ was tested for its
suitability of modelling vapour pressures. The details of the program and modelling and
measurement procedures of vapour pressures have been described in a previous work by the

authors (37). The suitability of the program for modeling vapour pressures was verified by
experiments performed with the aid of a dynamic vapour liquid equilibrium (VLE) still. A fit of
the modelled vapour pressures to those measured experimentally is shown in Figure 4.
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Figure 4: Comparison between modeled and measured vapour pressures
The relative errors between the vapour pressures modelled and those obtained
experimentally range between -0.0014 to 0.0956 for the 1:1 mix, -0.0191 to -0.0576 for the
1:2 mix and -0.0136 to -0.0333 for the 1:3 mix. There therefore appears to be excellent
agreement between the modelled and measured vapour pressures. The larger deviations are
those at higher temperatures. This is due to the limitation of the input data to PHRQPITZ,
with regards to the uncertainty in PHRQPITZ calculations above 60°C. Hence, the program
PHRQPITZ was deemed suitably accurate for modelling vapour pressures.
Having a program capable of modelling the vapour pressures and osmotic pressures and
hence driving force during MD (and RO) is a powerful tool which enables the prediction of the
MD process. Figure 5 represents the vapour pressure driving force that was modelled for a
solution containing approximately 100 g/i of sodium chloride. This is compared to a driving
force that would be obtained using RO on the same solution. The net driving force in RO is
calculated as the difference in the applied pressure and that of the osmotic pressure of the
solution calculated from the water activity according to Equation 2 (38, 39).
RT,
7i = - —

\nav

[2]

where 7ris the osmotic pressure in kPa, aw the activity of water, R the universal gas constant
(= 8.314 £.kPa.mol"1rC1), Tis the absolute temperature in Kelvin and Vw is the molar volume
of water in £.mol"1.

The vapour pressure of the initial solution was 14.75 kPa and the osmotic pressure was
9.86 MPa. Thus a minimum applied pressure of approximately 10MPa is required in order to
exceed the osmotic pressure. In Figure 5 an initial pressure of 10.5 MPa was applied. This
applied pressure however, becomes insufficient at a concentration factor of less than 1.13 %
whereas MD (with a brine temperature of 55 °C and a pure water temperature of 20 °C)
maintains a vapour pressure driving force of approximately 12.3 kPa which extends to very
high concentration factors with only a gradual decline. It has been calculated that in order for
RO to maintain a positive driving force at higher concentration factors, pressures of up
to12 MPa and over would have to be applied.
3.0-

- » - RO net pressure driving force
- * - MD vapour pressure driving force

2.5-

3 driving

J""
2

1.0\
\
0.5-

0.0 -

1

1

1.02

1.04

1

:

1.06
1.08
Concentration factor

1

1

1.1

1.12

1

1.14

Figure 5: Comparison of RO and MD driving force for a 100 g/£ sodium chloride solution
In order to further illustrate the capability of MD to concentrate a solution up to saturation and
crystal formation is shown in Figure 6. This plot represents a MD concentration of a mixture
of sodium chloride and magnesium sulphate each at a concentration of 225 g/£ (1:1 mix
described above). The initial vapour pressure of this solution is 11.8 kPa and the osmotic
pressure is 43MPa. With a brine temperature of 55 °C and a pure water temperature of
20 °C, it can be seen that MD can concentrate the solution up to the point of sodium chloride
crystallisation and beyond with approximately 150 g/L of pure crystalline sodium chloride
being recovered and a 74 % water recovery being achieved before magnesium sulphate
would start to precipitate, while still maintaining an existent vapour pressure driving force. It
was calculated that in order for reverse osmosis to perform at these levels of concentration,
an enormously elevated applied pressure of approximately 50 MPa is required in order to
obtain a positive driving force. Furthermore, this applied pressure would become insufficient
at an extremely low water recovery factor.

Figure 6: MD process showing evolution of driving force and solid NaCI recovery with water
recovery
6.

CONCLUSION

The computer program PHRQPITZ has facilitated the modelling of driving forces in MD and
RO processes thereby illustrating the incapacity of the latter to operate at extremely high
solute concentrations without the application of excessively high pressures. Furthermore, the
vapour pressure driving force during MD allows a solution to be concentrated up to saturation
and beyond thus facilitating the recovery of crystalline products. MD is a relatively new
technique and its applications are imminent.
7.

ACKNOWLEDGEMENTS

The financial support of Sasol (Pty) Ltd., the National Research Foundation (NRF) and the
Technology and Human Resources for Industry Programme (THRIP) which made the
investigations possible is gratefully acknowledged.
8.
1.

2.
3.
4.
5.
6.

REFERENCES
P Giannadda, The development and application of combined water and materials pinch
analysis to a chlor-alkali plant PhD thesis, Pollution Research Group, University of Natal,
South Africa (2002).
J Kurbiel, W Balcerzak, MS Rybicki and K Swist, Desalination, 106 p.415 (1996).
E Curcio, A Criscuoli and E Drioli, Ind. Eng. Chem. Res., 40, p.2679 (2001).
E Drioli, A Criscuoli and E Curcio, Desalination, 147, p.77 (2002).
E Drioli, F Lagana, A Criscuoli and G Barbieri, Desalination, 122, p.141 (1999).
A Criscuoli and E Drioli, Desalination, 124, p.243 (1999).

7.
8.
9.
10.
11.
12.
13.
14.
15.
16.
17.
18.
19.
20.
21.
22.
23.
24.
25.
26.
27.
28.
29.
30.
31.
32.
33.
34.
35.
36.
37.

38.
39.

E Curcio, G Di Profio, L Mariah and E Drioli, Proc. 7 World Conference for Chemical
Engineers, Glascow, 2005.
SI Andersson, N Kjellander and B Rodesjo, Desalination, 56, p.345 (1985).
M Khayet, MP Godino, and Jl Mengual, Desalination, 157, p.297 (2003).
GC Sarti, C Gostoli and S Matulli, Desalination, 56, p.277 (1985).
AS Jonsson, R Wimmerstedt and AC Harryson, Desalination, 56, p.237 (1985).
FA Banat and J Simandl, Desalination, 95, p.39 (1993).
ST Hsu, KT Cheng and JS Chiou, Desalination, 143, p.279 (2002).
V Gekas and B Hallstrom, J. Membr. Sci., 30, p.153 (1987).
AM Alklaibi and N Lior, Desalination, 171, P-111 (2004).
L Martinez-Diez and FJ Florida-Diaz, Desalination, 137, p.267 (2001).
KW Lawson and DR Lloyd, J. Membr. Sci., 124, p.1 (1997).
Y Wu, Y Kong, J Liu, J Zhang and J Xu, J. Membr. Sci., 69, p.72 (1992).
A Kubota, K Ohta, I Hayana, M Hirai, K Kikuchi and Y Murayama, Desalination, 69, p.19
(1988).
PA Hogan, Sudjito, AG Fane and GL Morrison, Desalination, 81, p.81 (1991).
M Mulder, Basic principles of membrane technology, Kluwer Academic Press, p. 48
(1996).
V Calabro, E Drioli and F Matera, Desalination, 83, p.209 (1991).
Y Wu, Y Kong, J Liu, J Zhang and J Xu, Desalination, 80, p.235 (1991).
M Gryta, M Tomaszewska, J Grzechulska and AW Morawski, J. Mebr. Sci., 181, p.179
(2001).
S Kimura and S-l Nakao, J. Membr. Sci., 33, p.285 (1987).
F Lagana, G Barbieri and E Drioli, J. Membr. Sci., 166, p.1 (2000).
V Calabro, BL Jiao and E Drioli, Ind. Eng. Chem. Res., 33, p.1803 (1994).
C Gostoli and GC Sarti, J. Membr. Sci., 4_1, p.211 (1989).
GC Sarti, C Gostoli and S Bandini, J. Membr. Sci., 80, p.21 (1993)
A Criscuoli, E Drioli, A Capuano, B Memoli and VE Andreucci, Desalination, 147, p.147
(2002).
H Udriot, A Araque and U Von Stockar, The Chemical Engineering Journal, 54, p.87
(1994).
E Drioli, E Curcio, A Criscuoli and G Di Profio, J. Membr. Sci., 239, p.27 (2004).
L Mariah, CA Buckley, CJ Brouckaert, E Curcio, E Drioli, D Jaganyi and D
Ramjugernath, submitted J. Membr. Sci (2005)
LN Plummer, DL Parkhurst, GW Fleming and SA Dunkle, US Geological Survey, WaterResources Investigations Report 88-4153, Reston, Virginia (1988).
CE Harvie and JH Weare, Geochimica et Cosmochimica Acta, 44, p.981 (1980).
CS Harvie, N Moller and JH Weare, Geochimica et Cosmochimica Acta, 48, p.723
(1984).
L Mariah, CA Buckley, CJ Brouckaert, E Curcio, E Drioli, D Jaganyi and D
Ramjugernath, Proc. IWA/WISA Conference: Management of Residues Emanating from
Water and Wastewater Treatment, Johannesburg, South Africa (2005).
RA Robinson and RH Stokes, Electrolytes Solutions, 2 nd Edition, Butterworths Scientific
Publications, London (1959).
CJ Brouckaert, S Wadley and QE Hurt, Research on the Modelling of Tubular Reverse
Osmosis, WRC Report No 325/1/95 (1995).

